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A B S T R A C T

Decarbonising industrial processes remains a critical challenge, particularly in gas-to-liquid (GTL) and chemical 
manufacturing sectors. This study conducts a comprehensive techno-economic assessment of an integrated GTL- 
urea facility that leverages hydrogen from Fischer-Tropsch (FT) tail gas and green hydrogen via proton exchange 
membrane (PEM) electrolysis. Using ASPEN Plus simulations, process synergies, emission reductions, and 
profitability are analysed across multiple configurations. Key findings indicate that utilising internally generated 
hydrogen is more cost-effective, achieving a 4 % reduction in equipment costs, lowering total equipment cost 
from $2.58 billion in the base case to $2.47 billion. This results in a total annualised cost saving of $225 million 
and a 32 % increase in profitability, raising annual profits from $412 million in the base case to $543 million.

The integration efficiently repurposes CO₂ emissions and nitrogen-rich waste streams to produce urea, 
demonstrating strong potential for promoting circularity . It enhances carbon efficiency to 84 % reducing overall 
emission from 180 tonnes CO2e/h in the business-as-usual case to 135 tonnes CO2e/h while PEM-based hydrogen 
reduces emissions by 14 tonnes CO2e/h compared to internally generated hydrogen. The high capital and 
operational costs due to electricity demands for PEM-based hydrogen process limit its viability. The study 
identifies the 9 tonnes/h internally generated hydrogen configuration as the optimal solution, offering significant 
emission reductions and financial benefits. These findings highlight the importance of process integration, 
renewable energy, and advanced hydrogen strategies for industrial decarbonisation, providing a sustainable 
pathway for GTL and urea production in line with global net-zero goals.

1. Introduction

Global industrial sectors, particularly energy, transportation, and 
manufacturing, contribute significantly to anthropogenic greenhouse 
gas (GHG) emissions, with accounting for nearly 79 % of the total global 
CO2 emissions [1]. Carbon capture and utilisation (CCU) strategies have 
emerged as promising alternatives to mitigate emissions, converting CO₂ 
into valuable products like methanol, urea, and synthetic fuels. Despite 
ongoing innovations, critical gaps remain in integrating these strategies 
into industrial processes while maintaining economic feasibility [2].

Green hydrogen production through renewable-powered electrolysis 
has emerged as a critical technological intervention, demonstrating 
significant potential for industrial decarbonisation. Advanced electrol
ysis technologies have systematically addressed historical challenges, 
including reducing capital investment costs, enhancing energy conver
sion efficiency, and improving reliability. Hydrogen purification 

technologies have simultaneously advanced, developing novel mem
brane and adsorption methodologies capable of achieving exceptional 
purity levels exceeding 99.99 % [3–6]. These innovations represent 
transformative breakthroughs in industrial gas processing, enabling 
more sophisticated hydrogen utilisation strategies across multiple in
dustrial sectors, including GTL [3–6].

Previous studies have explored various approaches to improve GTL 
processes and ammonia-urea synthesis. For instance, the research by 
Rafiee et al. [7] examines integrating an FT GTL plant with a co-located 
power station using captured CO2 from the power plant in steam or 
auto-thermal reformers. The simulation prioritised wax production, 
showing that while the ATR (auto thermal reformer) process has mini
mal CO2 intake flexibility, the Steam Methane Reforming (SMR) process 
can fully utilise the additional 105.5 tonnes/h CO2. Similarly, Ziaei and 
colleagues [8] demonstrated the potential of ammonia-urea integration 
to reuse CO2 and improve process economics. Using solar-powered 
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hydrogen production, optimisation showed that the iron-based setup 
produces 48 t/h of urea with consumption of 35 t/h of CO2. In contrast, 
the cobalt-based setup offers higher profitability, carbon efficiency, and 
urea output but lower wax production. Panahi et al. [2] integrated the 
GTL process with ammonia and urea synthesis units to utilise CO2 
emissions from the GTL process for urea production. Optimisation 
maximises carbon efficiency and wax production, using variables such 
as gas recycling ratios and CO2 intake. The integration produces 434,000 
tonnes of urea annually, utilising 37 tonnes of GTL CO2 emissions per 
hour, and enhances profitability by 8 %. Rafiee et al. [9,12] examine 
CO2 hydrogenation to methanol, optimising reactor productivity, CO2 
utilisation, and hydrogen conversion. Results show that an inlet H2/CO2 
ratio of 3 improves methanol production by 59 % and boosts hydrogen 
and CO2 conversion compared to a ratio of 2. However, a higher H2/CO2 
ratio increases natural gas consumption and CO2 emissions in conven
tional processes. If hydrogen is sourced via water electrolysis, the CO2 
hydrogenation process achieves negative emissions.

Autothermal reforming with carbon capture and storage (CCS) en
ables efficient, low-carbon hydrogen production from hydrocarbons by 
capturing associated CO2 emissions, it can be integrated with alkaline 
electrolysis to provide complementary renewable-powered hydrogen 
generation during peak electricity periods. This integrated approach 
combines the reliability of conventional reforming with the flexibility of 
electrolytic systems, offering a scalable pathway toward sustainable 
hydrogen economy implementation.

Previous studies have explored using green hydrogen from electrol
ysis and external CO2 from co-located facilities to generate urea. While 
green hydrogen production via electrolysis is heralded as a sustainable 
solution, its high energy demands, and infrastructure costs present 
considerable economic challenges [10]. Additionally, integrating 
externally sourced CO2 into a GTL facility can be prohibitively expensive 
if the facilities are not nearby. This study addresses these gaps by pre
senting an integrated GTL-urea facility that utilises waste streams from 
GTL, like hydrogen from FT tail gas (Internally generated hydrogen), 
waste nitrogen from Air separation unit (ASU) and CO2 in tail gas to 
produce ammonia and urea. By comparing internally generated 

hydrogen with PEM-based green hydrogen, the research evaluates the 
techno-economic implications of both configurations. The solution in
tegrates circular carbon principles, using waste nitrogen and CO₂ 
streams from GTL processes to optimise resource utilisation. The anal
ysis focuses on reducing emissions, maximising profitability, and over
coming cost barriers associated with green hydrogen, thereby advancing 
a pathway for sustainable industrial operations, this work did not 
examine other sustainable pathway for hydrogen production like 
biomass-to-hydrogen [40,41].

1.1. Process description

Process boundary conditions from the 34,000 bbl/day Oryx GTL 
plant in Qatar were used as the basis for the ASPEN PLUS process 
simulation of the GTL ASU, FT reactor, ATR, and utility steam furnace. A 
rich FT overhead tail gas composition was assumed. The simplified 
process flow schematic for the integrated GTL and Ammonia/Urea 
production system is shown in Fig. 1.

Ambient air is compressed, liquefied, and cryogenically distilled to 
produce high-purity gaseous oxygen required to oxidise natural gas in 
the ATR reactor partially. The cryogenic distillation cold box separates 
air at temperatures around −160◦C, exploiting the difference in lique
faction temperatures of O₂ and N₂ [11]. A slipstream of the N2 produced 
by the ASU is utilised as seal gas, process purge for inerting, and startup 
heating medium. Over 94 % of the nitrogen is vented as waste. However, 
the integrated GTL facility repurposes this waste nitrogen for ammonia 
production.

The syngas generation unit employs the ATR process, which com
bines SMR and Partial Oxidation (POx) to convert natural gas into a 
mixture of hydrogen (H₂) and carbon monoxide (CO) in a 2:1 ratio, 
known as synthesis gas (syngas). The natural gas (NG) feed for the ATR 
unit is initially heated to approximately 355◦C in the ATR furnace 
chamber. This facilitates the conversion of organic sulphur compounds 
in the NG feed into inorganic sulphur (H₂S) in the presence of hydrogen 
and a hydrogenation catalyst. The desulphurisation unit then adsorbs all 
the produced H₂S to prevent sulphur-induced deactivation of catalysts in 

Fig. 1. Simplified process flow diagram for urea production via an integrated GTL.
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downstream Fischer-Tropsch (FT) and hydro-processing units.
The desulphurised NG is subsequently pre-reformed to remove the 

C₂+ fraction in the NG feed through SMR Eq. 1 and water-gas shift 
(WGS) Eq. 2 reactions in the presence of high-pressure superheated 
(HPSH) steam. The pre-reformer operates as an adiabatic reactor, 
modelled at a temperature of 455◦C [15]. 

for n ≥ 2 : CnHm +nH20→(n+ 0.5m)H2 +nCOΔH298K

= −1175kJmol−1 (1) 

CO+H2O ↔ CO2 +H2 ΔH298K = 41kJmol−1 (2) 

The ATR reactor automatically ignites the pre-reformed NG in pure 
O₂ and HPSH steam. The combustion of NG with oxygen as the limiting 
reactant, as shown in Eq.3, is referred to as POx. This exothermic re
action is accompanied by the endothermic reforming reaction Eq. 4 and 
the water-gas shift (WGS) reaction Eq. 2. To prevent the unwanted 
Boudouard soot formation reaction Eq. 5, a commercially proven overall 
steam-to-carbon ratio of 0.6 is maintained. This ratio includes steam 
supplied to the pre-reformer, ATR, and burner protection systems rela
tive to the total carbon in the NG and recycled FT overhead stream. 

CH4 +1.5O2 ↔ CO+2H2OΔH298K = 520kJmol−1 (3) 

CH4 + H2O ↔ CO+ 3H2 ΔH298K = −206kJmol−1 (4) 

2CO ↔ CO2 +CΔH298K = 172.5kJmol−1 (5) 

Further pre-heating of the pre-reformer outlet using a furnace is 
necessary to achieve the desired ATR feed inlet temperature of 
620–675◦C. The ATR feed temperature directly influences the oxygen 
flow rate; lower feed temperatures require higher oxygen input to attain 
the target ATR outlet temperature of 1020–1050◦C [13–15].

Pre-heating is achieved via a dual chamber furnace in Fig. 2
Approximately 1 % of methane is left unconverted to ensure com

plete oxygen conversion within the reactor. The H₂:CO ratio in the 
syngas is adjusted by increasing the flow of the FT overhead uncon
verted tail gas stream, which contains CO and CO₂. To enhance overall 
thermal efficiency, waste heat from the syngas exiting the ATR is utilised 
to heat boiler feed water (BFW) in a waste heat boiler and steam drum 

configuration. This process generates high-pressure saturated steam 
(HPSS), which is further heated to produce high-pressure superheated 
(HPSH) required to drive turbines and support the ATR process. The 
syngas is then cooled further to facilitate the removal of water produced 
during the ATR POX reaction Eq. 3 using a knockout drum (KOD). The 
presence of water in the syngas supplied to the FT process can damage 
the FT catalyst.

The cobalt-based FT reactor was modelled using a continuous stirred 
tank reactor (CSTR) and Iglesia’s kinetic model, operating at 210◦C and 
21 bar, within the process’s valid range. The exothermic reaction be
tween the syngas feed and the FT catalyst produces hydrocarbons, with 
chain length determined by the oligomerisation reaction Eq. 6, yielding 
long-chain paraffin and olefins—the methanation reaction Eq. 7 also 
generates methane as a by-product. 

nCO+2nH2 → (− CH2)n+ nH2O (6) 

CO+ 3H2 ↔ CH4 +H2O (7) 

Wn = n(1− α).2αn−1 (8) 

α =
K1PCO

K1PCO + K2PH2 + K3
(9) 

The WGS reaction is a crucial step in FT synthesis, serving as a 
reliable indicator of CO conversion, as one mole of CO reacts to produce 
one mole of water. The distribution of products between paraffin and 
olefins, along with the chain length, follows the Anderson-Schultz-Flory 
(ASF) model, as shown in (Eq.8), where n represents the number of 
carbon atoms, and Wn is the weight fraction. The probability of chain 
termination is (1-α), while α is the chain growth probability. As the H2: 
CO (hydrogen to carbon monoxide) ratio in the syngas increases, α de
creases, leading to the formation of shorter hydrocarbon chains in the 
LPG (C3-C4), Gasoline/Naphtha (C5-C11), Jet (C8 to C16) and Diesel 
(C12-C20) ranges. This reduces the weight fraction of heavier products 
in the wax range (C21 +). To enhance the profitability of the GTL pro
cess, longer-chain hydrocarbons in the wax range are preferred, as they 
can be cracked or hydrotreated to produce higher-value diesel products. 
The process of chain growth propagation is illustrated in Fig. 3.

The kinetic model in Eq. 9 determines the chain growth probability, 

Fig. 2. The schematic of the dual chamber forced draft furnace.
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which uses the partial pressure of H2 and CO and the K factors, which are 
functions of the operating temperature.

Nitrogen, hydrogen, and CO2 are key feedstocks for urea production, 
a significant component of nitrogen-based fertilisers. In a GTL facility, 
all three feedstocks are internally generated. The integrated process 
generates these feeds: nitrogen is recovered from the ASU vent, and 
hydrogen is produced from the FT tail gas (TG) via the WGS reaction. 
This reaction shifts the CO conversion in the TG to CO2, resulting in a 
56 % increase in the hydrogen mole fraction, as shown in Eq. 2. The 
internally generated hydrogen is then separated from the TG stream 
using pressure swing adsorption, while the CO2-rich tail gas is directed 
to a solid-based carbon capture adsorbent for further CO2 capture.

Ammonia, produced via the Haber-Bosch process Eq. 10, is then 
combined with the captured CO2 from the TG stream in the urea plant. 
The CO2 reacts with ammonia to form carbamate Eq. 11, which is further 
converted into urea Eq. 12 [16]

3H2 +N2 →2NH3 ΔH298K = −91.8kJmol−1 (10) 

2NH3 +CO2 ↔ H2N−COOONH4 ΔH298K = −117kJmol−1 (11) 

H2N−COOONH4 ↔ NH2CONH2 +H2OΔH298K = 16kJmol−1 (12) 

The alternate hydrogen route is via water electrolysis using a PEM 
electrolyser module. The integrated GTL and urea plant would produce 
GTL (Diesel, SAF, light Naphtha in the (C5 to C9 range with the naphtha 
backend and diesel front end cut into jet fuel), LPG), ammonia, and urea.

1.2. Case configuration

Three distinct cases were evaluated: the business-as-usual base case, 
the integrated GTL with internally generated hydrogen case, and the 
integrated GTL with hydrogen from the PEM case for both GTL trains.

Business as usual (BAU)This case involves a standalone GTL and 
urea plant, as shown in Fig. 4. The GTL plant uses FT tail gas (TG) to 
reduce the H2:CO ratio in the ATR syngas, flaring the remaining TG. 
Additionally, 94 % of the nitrogen produced by the ASU is vented to the 
atmosphere.

Fig. 3. Probability of chain growth progression from olefins to paraffins.

Fig. 4. BAU Standalone GTL and Urea Plant with no TG use in Furnace.
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1.3. Base case

This case consists of a standalone GTL and Urea plant, as shown in 
Fig. 5. Flared TG in the BAU case is utilised in ATR and Steam generation 
furnaces. The GTL plant also utilises FT TG to reduce the ATR syngas H2: 
CO ratio. 94 % of the nitrogen produced from ASU is vented to the 
atmosphere.

1.3.1. Integrated GTL with internally generated PSA hydrogen case (Case 3 
to Case 8)

The GTL facility is integrated with the ammonia urea plant as shown 
in Fig. 6, with (6−9) t/h of hydrogen removed from the TG stream to 
furnace. The incremental steam required to fully convert the CO to CO2 
in the WGS reactor for additional hydrogen production is 40t/h, the 
WGS reaction would be needed if internally generated hydrogen 
requirement exceeds 6t/h. Case 3 to Case 8 evaluates the internal 
hydrogen case with varying TG flow to the ATR.

1.3.2. Integrated GTL with hydrogen from PEM case
This case integrates green hydrogen from PEM with the GTL facility 

as shown in Fig. 7.

1.4. Model development

For this study, the steady-state models for the ATR, FT, and steam 
generation furnaces were developed using Aspen Plus. The Peng- 
Robinson property method was applied to model the ATR and inte
grated processing unit, while the STEAMNBS steam table was used for 
the BFW/steam stream. Furnace heat, NG fuel, TG fuel, CO2 composition 
in the furnace flue gas, and the pre-reformer composition were modelled 
using a Gibbs reactor to simulate thermodynamic equilibrium. The fuel 
sources (NG/TG) and combustion air were adjusted to maintain an 
excess O2 target of 2.5–3 % in the flue gas and minimise the flue stack 
temperature, thereby improving overall thermal efficiency. The FT 
reactor was modelled as an isothermal CSTR, using the reaction rate 

proposed by Iglesia et al. [17,18] in combination with the ASF mass 
balance to simulate the reaction scheme and chain length propagation 
for C1, C2, LPG, Gasoline/Naphtha, and Wax. The assumptions for the 
rotating equipment are listed in Table 1.

The Aspen Plus model for the integrated ATR and furnace system was 
used to estimate the overall carbon intensity of the system. The process 
flow graphic output for the ATR system is shown in Fig. 8, with the 
furnace optimised as a Gibbs reactor using NG, TG, and air as feed. The 
unused radiant heat is recovered by convective coils, which preheat the 
desulphuriser inlet NG and hydrogen. The overall carbon intensity from 
the furnace flue gas, as depicted in Fig. 8, is validated based on the CO₂ 
equivalent of stream 8, with the percentage of excess oxygen in stream 8 
maintained at 2.5 %.

The developed model compared green hydrogen from PEM and 
internally generated hydrogen from GTL FT TG integration for urea 
production as illustrated in the simplified process graphic in Figs. 9 and 
10. Bottom of Form

1.5. Techno-economic performance indicators

The overall carbon intensity for each scenario is assessed using the 
Aspen Plus model, with the tonnes of CO₂e per hour emitted and utilised 
from the furnace flue stream and ATR consumption determined as model 
outputs. The steam requirement for the initial startup of the ATR and 
ASU was quantified using [2], while the fuel gas required for heating the 
steam generation and ATR feed pre-heating systems was calculated 
using Aspen Plus.

Carbon efficiency serves as a key performance indicator, evaluated as 
the proportion of carbon input (process natural gas feed and natural gas 
fuel for furnace) that is effectively utilised in the GTL/urea process to 
produce products, rather than being released as flared or vented emis
sions, it is defined in Eq. 18, the scope boundary for carbon accounting is 
limited to the GTL facility boundary scope 1 and 2 emissions, it did not 
consider upstream gas production, transportation and scope 3 activities.

The Total Annualized Cost (TAC) represents the overall cost of the 

Fig. 5. Base Case standalone GTL and Urea plant with TG used in furnace.
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plant, including the Total Plant Cost (TPC), Fixed Capacity Factor (FCF), 
Variable O&M, and Fixed O&M costs. The Fixed Charge Factor (FCF), 
defined by Eq. 14, accounts for the project interest rate (r) and project 
lifespan (T). The Total Plant Cost (TPC) is the sum of the Indirect Capital 
Cost (ICC), Owner’s Cost (OC), and Total Equipment Cost (TEC), with 

TEC being the total of all individual equipment capital costs (CB), as 
shown in Eq. 15

The equipment capital cost is calculated using reference equipment/ 
plant costs and their respective capacities (CA and QA), along with a 
scaling factor (f) in Eq. 16. Annual revenue is determined by summing 

Fig. 6. Integrated GTL with internally generated hydrogen case.

Fig. 7. Integrated GTL with hydrogen from PEM.
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the revenue from the sales of Diesel, Naphtha, LPG, and Urea, using the 
product prices listed in Table 2. A capacity factor of 80 % is applied to 
account for both planned and unplanned downtimes. Annual profit is 
calculated by subtracting the TAC from the annual revenue. The Profit 
Index (PI), given by Eq. 17, is determined for each Pareto front point, 
denoted as "i" in Eq. 17.

Techno-economic assessment formulas 

TAC = TPC ∗ FCF+ Fuel Cost +Carbon tax+VOM + FOM (13) 

FCF =
r(1 + r)T

(1 + r)T − 1
(14) 

TEC =
∑n

i
CB,i (15) 

CB = CA

(
QB

QA

)

^f (16) 

PIi =
(anual profit)i

Annual profit of the base case
(17) 

Carbon Efficiency =
Carbon moles in final product

Carbon mole in feed(process + fuel)
(18) 

The techno-economic assessment of each case was conducted based 

on the economic and CAPEX costing of new equipment, as outlined in 
Table 2, capital cost data for each sub-units are summarised in

Table 3.
The impact of additional oxygen production from PEM was consid

ered when evaluating the cost of ASU for both the integrated internally 
generated hydrogen and PEM hydrogen cases. The ASU plant size and 
cost are lower in the PEM case, as the oxygen produced by PEM was 
factored in. The utilised oxygen mass flow rate for the ATR is 81 kg/sec 
[25].

1.6. Model Verification

The integrated process model for the ATR reactor was validated with 
the pilot data from Haldor Topsoe combined partial oxidation and steam 
methane reforming data [14,21], where the pilot data for the commer
cialisation of ATR process was shared, the operating overall steam to 
carbon ratio of 0.6 is industrially proven to avoid carbon whiskers for
mation that propagates to soot, the H2:CO ratio in the exit syngas is 
adjusted from 2.3 to 2 with FT tailgas from, the model aspen output 
achieved the same syngas H2:CO ratio for the steam, natural gas and 
oxygen feed. The maximum error in the model data shown in Fig. 11 and 
Appendix 2 compared to the pilot data is less than 2 %. The results of 
this study align with Case 2 from Rafie et al. [7], where tail gas from the 
FT overhead is utilised to adjust the syngas H₂:CO ratio, enhancing chain 
growth probability for increased wax production. The oxygen con
sumption in this research is 5236 kmol/h, closely matching that of HTAS 
while maintaining a syngas outlet temperature of 1050◦C with less than 
1 % methane slip. A CO₂-rich tail gas stream of 19,000 kmol/h, with all 
hydrogen removed, is introduced to adjust the syngas ratio. The 
composition of the tail gas after the water-gas shift (WGS) reactor, as 
shown in Fig. 1, is CO₂ 60 %, CO 10 %, H₂ 0.01 %, N₂ 2 %, CH₄ 23 %, and 
C₂+ 5 %. In comparison, the tail gas composition from the FT overhead 
consists of CO₂ 33 %, CO 22.5 %, H₂ 25 %, N₂ 2 %, CH₄ 15.5 %, and 
C₂+ 2 %.

Retrofitting internally generated hydrogen into an existing GTL fa
cility involves a multi-stage process integration that requires significant 

Table 1 
General assumptions for rotating equipment used in the simulation.

Parameters Value Reference

Compressors pressure ratio 1.8–2.7 [11]
Compressor Adiabatic Efficiency [%] 80 [11]
Isentropic efficiency of pumps [%] 90 [19]
Electrical efficiency of generators [%] 98.5 [20]
Pressure drop in heat exchanger [kpa] 10 [11]
Isentropic efficiency of expanders [%] 90 [19]
Isentropic efficiency of turbine [%] 89 [11]

Fig. 8. Integrated GTL with hydrogen generated via PEM.
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infrastructure modifications. The retrofit begins with diverting tail gas 
currently used as furnace fuel to a WGS reactor, which converts 
approximately 23 % CO content to CO₂ while producing additional H₂. 
This is followed by a solid sorbent-based CO₂ capture unit to separate 
CO₂ for urea synthesis, with the remaining stream processed through a 
hydrogen purification unit to produce pure hydrogen for ammonia 
production.

The retrofit demands substantial physical modifications including 
additional compressors to boost hydrogen and CO₂ feed pressures for 
urea synthesis, dedicated space allocation within the existing GTL fa
cility for these new unit operations, and extensive additional 

infrastructure for ammonia and urea plants including storage tankage, 
piping networks, and utilities integration. The facility must accommo
date this expanded footprint while maintaining existing GTL operations, 
requiring careful spatial planning, structural assessments, and poten
tially phased construction to minimise operational disruptions during 
the retrofit implementation.

The CAPEX economic assumption for the urea plant was validated 
with the recently completed 3 M mtpy Dangote fertiliser plant, and the 
variance between the assumption and reference plant was 7 %.

Fig. 9. Techno-economic evaluation for the integration of PEM generated green Hydrogen with GTL to produce urea [8].

Fig. 10. Techno-economic evaluation for the integration of internally generated GTL Hydrogen with GTL to produce urea.
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2. Result and discussion

Two main objective functions were evaluated: one aimed at reducing 
the GTL/ integrated urea process’s overall carbon emission footprint, 
and the other focused on maximising overall returns. Five independent 
variables were assessed within their lower and upper bounds, as shown 
in Table 4, The upper band limits were set by the maximum hydrogen 
that can be recovered from a two-train GTL FT TG system (4700 kmol/ 
h), which determines the required CO2 removal from the tail gas and the 
overall urea production capacity. The resulting objective functions were 
calculated using a detailed Aspen Plus simulation, as presented in 
Table 5 with a detailed breakdown in Appendix A.

This study presents a techno-economic comparison of green 
hydrogen and internally generated hydrogen integration for urea pro
duction. A techno-economic evaluation by Ziaei et al. [8], depicted in 
Fig. 1, is compared with the findings of this research, illustrated in 
Figs. 9 and 10, which demonstrate the harmonised integration of 
internally generated hydrogen within the urea production process. The 
total annualised cost reported by Ziaei et al. is $225 million higher than 
that of this study, primarily due to the cost savings from avoiding green 
hydrogen production and its associated backup storage.

The profit index (Objective 1) is higher for the integrated GTL plant 

utilising internally generated hydrogen, as it avoids costs associated 
with PEM electrolysis, SMR for ammonia hydrogen production, 
ammonia gas sweetening, and refrigeration. The total equipment cost 
(TEC) for the 49 T/h urea integrated plant with internally generated 
hydrogen is 4 % lower, representing a savings of 110 million USD 
compared to the standalone base case. However, the TEC for the inte
grated plant using PEM is 15 % higher, resulting in an additional 390 
million USD cost compared to the standalone base case. The higher cost 
for the integrated GTL with hydrogen produced via PEM is primarily due 
to the additional 335 MW of electricity required (1 MW of electricity 
generates 19 kg/h of H2 and 151 kg/h of O2) [35], along with the cost of 
the PEM electrolysers. The 51 T/h of O2 produced from the PEM process 
would lead to a 17.5 % increase in GTL O2 production, which could help 
alleviate ASU constraints or reduce CAPEX for greenfield GTL plants. To 
generate the required 335 MW of electricity for PEM, 1674 acres of land 
would be needed (5 acres per MW) [38]. This land requirement could 
constrain PEM use in offshore or swamp-based GTL facilities, such as 
Escravos GTL, but may not be a concern for other onshore GTL projects 
[39].

Beyond space limitations, swamp-based GTL facilities face additional 
implementation challenges including elevated construction costs for 
solar mounting systems on unstable terrain, increased maintenance 

Table 2 
Economic model assumptions.

Variables Symbol Unit Value Ref

Project Interest Rate R % 8 [22]
Project Lifetime T Yrs 30 [19]
Fuel/Natural Gas Cost Cfuel $/GJ 3 [19]
Indirect Capital Cost ICC % of TEC $ 30 [23]
Owners Cost OC % of TEC 15 [19]
Fixed O&M cost FO&M % of TPC $ 1 [24]
Variable O&M cost VO&M % of TPC $ 2 [19]
Capacity Factor CF % 80 [19]
Fixed Charge Factor/Annual Capacity Charge FCF ​ 0.08 [19]
Labor cost ​ $/Person/year 85000 [19]
Plant Maintenance Cost ​ % of Capex/yr 3 [27]
EUR/USD Exchange rate ​ ​ 1 ​
Average Mol Weight of NG Mwt NG Kg/kmol 17 [28]
Average Price of Raw Materials and Products*
Diesel/Jet ​ $/kg 0.8 ​
Naphtha ​ $/kg 0.6 ​
LPG ​ $/kg 0.5 ​
Electricity ​ $/KW 0.1 ​
CO2 tax ​ $/tonne 0 ​
Natural Gas ​ $/GJ 4 ​
Urea ​ $/tonne 254 ​
Ammonia ​ $/tonne 262 ​
Oxygen ​ $/tonne 0.3 [29]
Calculated Cost of grey Hydrogen no CCS ​ $/KG 1.7 [30]
Calculated Cost of Hydrogen with CCS ​ $/KG 2.1 [30]
Calculated Cost of green Hydrogen with CCS ​ $/KG 3.6 [30]

* Product prices are from the I year average Nymex futures for European spec

Table 3 
Scaling function for CAPEX calculation.

Sub System Scaling basis Reference Cost Reference Capacity Exponent Factor Ref

Syngas Processing Unit Mass Flow t/h – Syngas 6.6 20 0.55 [31]
Additional Power Power Output MW 265 335 0.75 [26]
Capture Unit MDEA Mass Flow t/h - CO2 8.8 12.4 0.6 [23]
Carbon Processing Unit Mass Flow t/h - CO2 55.98 266.66 0.6 [31,32]
Hydrogen Purification Unit (PSA) Mass Flow t/h – Hydrogen 18 20 0.7 [33]
Gas Turbine Power MW 49.4 272.1 0.3 [33]
Heat Exchanger Heat Transfer MW 6.1 828 0.67 [34]
Ammonia and Urea Plant Urea Capacity [t/h] 647.5 49 0.68 [26]
Compressor Power Kw 0.44 413 0.68 [31]
PEM Electrolyser Installed Power MW 1.5 *106 1 0.85 [35]
Shift Reactor Mass Flow t/h - CO2 48.53 54.4 0.75 [36]
ASU Plant Cost Mass Flow t/day - O2 19.1 325 0.7 [37]
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requirements due to high humidity and corrosive environments, po
tential wildlife habitat disruption, and complex permitting processes for 
environmental sensitive areas. These geographic constraints extend to 
other challenging locations such as offshore platforms (where space is 
extremely limited and harsh marine conditions prevail), urban industrial 
sites (with high land costs and zoning restrictions), and remote locations 
(lacking grid infrastructure for renewable energy integration). This 
analysis suggests that the viability of PEM-based green hydrogen inte
gration is highly location-dependent, with onshore facilities in arid re
gions with abundant land and solar resources being more suitable, while 
space-constrained environments favour the internally generated 
hydrogen approach despite its higher carbon intensity, highlighting the 

need for site-specific techno-economic assessments that incorporate 
geographic and infrastructural realities into decarbonisation strategies. 
The carbon efficiency achieved in this research is 84 %, compared to 
81 % in the previous study, mainly due to the near-complete utilisation 
(99 %) of produced tail gas, resulting in additional furnace fuel gas 
savings. The profit index in this study is 32 % higher than the base case, 
surpassing the findings of Ziaei et al. by 4 %. Furthermore, this study 
processes all 154 t/h of unconverted wax from Ziaei et al.’s work by 
recycling it to the front end of the hydro-processing unit. The jet slate in 
the diesel front end, determined by the boiling point (BP) curve for jet 
fuel (Initial BP 0 %, 147◦C; Final BP 100 %, 254◦C), is recovered from 
the diesel slate, which follows a boiling point curve of Initial BP 0 %, 
165◦C, and Final BP 100 %, 356◦C. The backend of the naphtha C8 to 
C12 is pushed into the diesel and then to the Jet stream

The overall utilisation of tail gas (for the furnace and ATR) has a 
significant impact on the objective functions. Priority should be given to 
converting tail gas into product through its use in the ATR. Excess tail 
gas utilised in the furnace reduced natural gas (fuel gas) consumption 
from 1485 kmol/h to 286 kmol/h in the base case. Further optimisation 
in Cases (3–15) led to a decrease in natural gas flow to between 85 and 
275 kmol/h. Consequently, natural gas OPEX costs fell from $4755/h to 
between $500 and $1200/h with the introduction of tail gas to the 
furnace, resulting in a corresponding reduction of 34–55 tonnes/h in 
CO₂ emissions. Fig. 12 (a–d) highlights the impact of tail gas utilisation 
in the furnace on natural gas consumption, OPEX, CO₂ emissions, and 
overall revenue.

For minimising carbon emissions (Objective 2), the carbon emissions 
in the integrated PEM case are slightly lower than in the integrated in
ternal hydrogen case, primarily due to the additional 40 T/h steam 
requirement for the internal hydrogen WGS reaction. From an emissions 
perspective, utilising more TG in the ATR is significantly more efficient 

Fig. 11. H2/CO ratio as a function of H2O/C ratio in ATR outlet gas at 1050 ◦C.

Table 4 
Integrated GTL multi-objective optimisation problem.

Objective functions

Maximise Returns - Annual Profit 
Index

​ obj. 1 ​ ​

Lower Carbon - Minimisation of 
CO2 emissions

​ obj. 2 ​ ​

Independent Variable Lower 
Band

Upper 
Band

Units Variable

CO2 removed from FT TG 0 2607 kmol/ 
h

A

Internal H2 removed from FT TG 
by PSA

0 4700 kmol/ 
h

B

Hydrogen from PEM 0 4700 kmol/ 
h

C

Tail gas Utilisation (Furnace) 0 4000 kmol/ 
h

D

Tail gas to ATR 0 6050 kmol/ 
h

E

Table 5 
ASPEN Plus output of varying independent variables on the multi-objective.

Case Description A B C D E obj.1 obj. 2

BAU - Standalone GTL no TG Utilisation in furnace 0 0 0 0 5689 92 180
Base Case - Standalone GTL with TG Utilisation in furnace 0 0 0 3317 5689 100 136
3- Integrated GTL with 6 T/H internal H2, with high TG to ATR 882 3181 0 2956 6050 125 138
4 - Integrated GTL with 6 T/H internal H2, with low TG to ATR 882 3181 0 3817 5189 125 167
5 - Integrated GTL with 7.5 T/H internal H2, with high TG to ATR 1054 3800 0 2956 6050 126 138
6 - Integrated GTL with 7.5 T/H internal H2, with low TG to ATR 1054 3800 0 3817 5189 126 167
7 - Integrated GTL with 9 T/H internal H2, with high TG to ATR 1304 4700 0 2956 6050 132 135
8 - Integrated GTL with 9 T/H internal H2, with low TG to ATR 1304 4700 0 3817 5189 131 164
9 - Integrated GTL with 6 T/H2 from PEM, with high TG to ATR 882 0 3181 2956 6050 103 121
10 - Integrated GTL with 6 T/H H2 from PEM, with low TG to ATR 882 0 3181 3817 5189 103 155
11 - Integrated GTL with 7.5 T/H2 from PEM, with high TG to ATR 1054 0 3800 2956 6050 101 121
12 - Integrated GTL with 7.5 T/H H2 from PEM, with low TG to ATR 1054 0 3800 3817 5189 101 155
13- Integrated GTL with 9 T/H2 from PEM, with high TG to ATR 1304 0 4700 2956 6050 99 118
14 - Integrated GTL with 9 T/H H2 from PEM, with low TG to ATR 1304 0 4700 3817 5189 97 153
15 - Combined 9 T/H internal H2 and 9 T/H h2 from PEM 2607 4700 4700 2956 6050 115 118
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than flaring the TG. The evaluated alternatives are presented in Fig. 13
and Fig. 14 for both objective functions, the variation in annual profit is 
primarily driven by feed gas and hydrogen price, accounting for 3–10 % 
change in annual profit. Non-zero carbon tax and green hydrogen 

subsidies would significantly shift the economic balance in favour of the 
PEM-based hydrogen configuration. Currently, the study shows that 
internally generated hydrogen is more cost-effective due to PEM’s high 
capital and operational costs, but carbon taxation would penalise the 

Fig. 12. Dependency of tailgas to GTL furnace with the objective functions.

Fig. 13. Maximize Return - Integrating GTL facilities with Ammonia/Urea Plant.

Fig. 14. Lower Carbon - Integrating GTL facilities with Ammonia/Urea Plant.

K. Awani et al.                                                                                                                                                                                                                                  Journal of CO2 Utilization 99 (2025) 103157 

11 



Case BAU Base Case 3 4 5 6 7 8 9 10 11 12 13 14 15

CO2 removed from FT TG Kmol/h 0 0 882 882 1054 1054 1304 1304 882 882 1054 1054 1304 1304 2607
H2 Removed from FT TG Kmol/h 0 0 3181 3181 3800 3800 4700 4700 0 0 0 0 0 0 4700
H2 from PEM 0 0 0 0 0 0 0 0 3181 3181 3800 3800 4700 4700 4700
TG Furnace 0 3317 2956 3817 2956 3817 2956 3817 2956 3817 2956 3817 2956 3817 2956
TG ATR 5689 5689 6050 5189 6050 5189 6050 5189 6050 5189 6050 5189 6050 5189 6050
Syngas 28695 28695 29109 28289 29385 28513 29493 28600 29109 28289 29385 28513 29493 28600 28880
2 TRAIN Syngas 57390 57390 58218 56578 58770 57026 58986 57200 58218 56578 58770 57026 58986 57200 57760
Additional O2 from PEM 0 0 0 0 0 0 0 0 1580 1580 1887 1887 2335 2335 2335
% ASU 2 train Capacity reduction 0 0 0 0 0 0 0 0 1580 1580 1887 1887 2335 2335 2335
NG to ATR Furnace Kmol/h 800 242 240 210 210 204 200 170 197 171 170 163 159 125 80
NG to Steam Superheater Kmol/h 445 20 18 18 18 18 6 6 18 18 18 18 6 6 3
NG to Steam Boilers Kmol/h 240 24 20 20 20 20 3 3 20 20 20 20 3 3 2
TG to ATR Furnace Kmol/h 0 1600 1450 2100 1450 2100 1450 2100 1450 2100 1450 2100 1450 2100 1400
TG to Steam Superheater Kmol/h 0 1150 1008 1150 1008 1150 1008 1100 1008 1150 1008 1150 1008 1100 706
TG to Steam Boilers Kmol/h 0 567 498 567 498 567 498 567 498 567 498 567 498 567 400
ATR Furnace Stack CO2 Kmol/h 860 1600 1564 2103 1558 2100 1554 2098 1403 1945 1400 1941 1405 1938 1496
Steam Superheater Furnace Stack CO2 

Kmol/h
480 1150 1203 1303 1203 1303 1150 1250 1048 1248 1048 1248 995 1195 899

Steam Boilers Furnace Stack CO2 Kmol/h 257 567 598 648 598 648 587 637 488 588 488 588 477 577 475
Syngas TRAIN CO2 1635 1635 1898 1808 1871 1787 1902 1811 1890 1801 1865 1779 1892 1801 1801
Syngas 2 TRAIN CO2 3270 3270 3796 3616 3742 3574 3804 3622 3780 3602 3730 3558 3784 3602 3602
H2:CO 2 2 2 2 2 2 2 2 2 2 2 2 2 2 2
NG to all Furnace [GJ/H] 1485 286 278 248 248 242 209 179 235 209 208 201 168 134 85
Furnace NG Reduction [GJ/H] 0 1199 1207 1237 1237 1243 1276 1306 1250 1276 1277 1284 1317 1351 1400
Total Furnace Stack and TG flared CO2 

Kmol/h
4385 3317 3365 4054 3359 4051 3291 3985 2939 3781 2936 3777 2877 3710 2870

Ammonia produced Kmol/h 0 0 1634 1634 1952 1952 2414 2414 1634 1634 1952 1952 2414 2414 4828
UREA produced Kmol/h 0 0 817 817 976 976 1207 1207 817 817 976 976 1207 1207 2414
WATER from UREA Kmol/h 0 0 817 817 976 976 1207 1207 817 817 976 976 1207 1207 2414
DIESEL kg/h 110054 110054 109944 109834 109505 109176 108794 108413 108305 108196 108088 107980 107872 107764 107549
NAPHTHA kg/h 52031 52031 51979 51927 51771 51616 51435 51255 51204 51153 51102 51051 50999 50948 50847
LPG kg/h 4905 4905 4900 4895 4881 4866 4849 4832 4827 4822 4817 4813 4808 4803 4793
Urea Produced [t/h] 0 0 49 49 59 59 72 72 49 49 59 59 72 72 145
Cost of Urea/Ammonia in M$ 648 648 648 648 731 731 845 845 648 648 731 731 845 845 1354
CO2 to Urea [t/h] 0 0 39 39 46 46 57 57 39 39 46 46 57 57 115
PSA-H2 to Urea [t/h] 0 0 6 6 8 8 9 9 0 0 0 0 0 0 9
Cost of FT Reactor M$ 163 163 163 163 163 163 163 163 163 163 163 163 163 163 163
Cost of ATR M$ 473 473 473 473 473 473 473 473 473 473 473 473 473 473 473
Oxygen Required in ASU t/h 292 292 292 292 292 292 292 292 241 241 231 231 217 217 217
Cost of ASU M$ 164 164 164 164 164 164 164 164 143 143 139 139 133 133 133
Utilities and Refinery M$ 1100 1100 1100 1100 1100 1100 1100 1100 1100 1100 1100 1100 1100 1100 1100
Cost of Integrated H2-PSA+CCU M$ 0 0 26 28 33 35 37 39 0 0 0 0 0 0 28
Compressors 0 0 17 18 18 20 20 21 0 0 0 0 0 0 23
Heat exchangers 0 0 8 8 9 9 9 10 0 0 0 0 0 0 10
Shift Reactor 0 0 38 38 43 44 51 52 0 0 0 0 0 0 85
CPU 0 0 18 18 20 20 22 23 0 0 0 0 0 0 34
Total BOP for GTL Ammonia/Urea M$ 0 0 106 110 123 128 138 144 32 33 37 38 42 180 0
Integrated GTL /Urea Cost M$ 648 648 542 539 609 604 707 701 616 615 695 693 804 1174 648
Additional MW Required 20 20 20 20 25 25 30 30 335 335 400 400 495 495 20
Cost of additional Electricity M$ 32 32 32 32 38 38 43 43 265 265 303 303 355 355 32
Cost of Electrolyser M$ 0 0 0 0 0 0 210 210 244 244 293 293 0
Total Equipment Cost M$ 2580 2580 2474 2471 2547 2542 2650 2644 2971 2970 3117 3116 3321 3691 2580
Indirect Capital Cost M$ 774 774 742 741 764 763 795 793 891 891 935 935 996 1107 774
Owners Cost M$ 387 387 371 371 382 381 398 397 446 445 468 467 498 554 387
Total Plant Cost M$ 3741 3741 3588 3582 3693 3685 3843 3833 4308 4306 4520 4518 4815 5352 3741
Annualized Plant Cost M$/y 309 309 296 296 305 304 317 316 356 355 373 373 397 442 309

(continued on next page)
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(continued )

Case BAU Base Case 3 4 5 6 7 8 9 10 11 12 13 14 15

Annual NG Fuel Consumed GJ/y 12117600 2333760 2268480 2023680 2023680 1974720 1705440 1460640 1917600 1705440 1697280 1640160 1370880 693600 12117600
Fuel Cost M$/y 40 8 7 7 7 7 6 5 6 6 6 5 5 2 40
Fixed O&M $M 37 37 36 36 37 37 38 38 43 43 45 45 48 54 37
Variable O&M $M 75 75 72 72 74 74 77 77 86 86 90 90 96 107 75
Carbon Tax M$ 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
Total Annualised Cost M$ 461 429 411 410 422 421 438 436 491 490 514 514 546 605 461
Revenue from Diesel M$ 594 594 593 593 591 589 587 585 584 584 583 583 582 580 594
Revenue from Naphtha M$ 230 230 229 229 229 228 227 226 226 226 226 225 225 224 230
Revenue from LPG M$ 17 17 17 17 17 17 17 17 17 17 17 17 17 17 17
Revenue from Urea M$ 0 0 87 87 104 104 129 129 87 87 104 104 129 258 0
Annual Revenue M$ 841 841 927 927 941 939 960 957 915 914 930 929 953 1080 841
Annual Profit M$ 380 412 516 517 519 517 544 540 424 424 416 415 407 475 380
Profit Index Reference to Base Case 92 100 125 125 126 126 132 131 103 103 101 101 99 115 92
CO2 Emission ton/h 180 136 138 167 138 167 135 164 121 155 121 155 118 118 180
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higher emissions from internal hydrogen generation (14 tonnes CO2e/h 
more than PEM), making the cleaner PEM option more attractive despite 
its cost disadvantage.

Using internally generated hydrogen proves to be a more economical 
approach, leading to a 4 % reduction in equipment costs, with total 
equipment expenditure decreasing from $2.58 billion in the base case to 
$2.47 billion. This results in an annualised cost saving of $225 million 
and a 32 % boost in profitability, increasing annual profits from $412 
million to $543 million.

3. Conclusion

This study demonstrates the techno-economic feasibility of inte
grating GTL facilities with urea production using internally generated 
hydrogen and green hydrogen from PEM electrolysis. Among the eval
uated scenarios, the integration of GTL with internally generated 
hydrogen at 9 T/h emerges as the most balanced solution, delivering 
superior economic returns and significant carbon emission reductions. 
This configuration achieves a 20 % reduction in CO₂ emissions and a 
32 % increase in annual profits compared to the base case. Feed gas and 
green hydrogen cost sensitivity accounts for the 3–10 % variation in 
annual profit, as shown in the Pareto front result in Fig. 13 and Fig. 14.

While green hydrogen integration offers slightly lower emissions, its 
higher capital and operational costs, driven by electricity consumption 
and electrolyser infrastructure, make it less economically competitive. 

However, its potential for ASU optimisation and CO₂ reduction remains 
valuable for specific applications, especially where land and renewable 
electricity resources are readily available.

The integrated GTL-urea system highlights the importance of process 
synergies in enhancing resource efficiency and profitability while 
addressing decarbonisation objectives. By leveraging waste streams 
such as FT tail gas and nitrogen from ASU, this approach supports a 
circular carbon economy and offers a robust pathway toward sustain
able industrial operations.
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APPENDIX A. : simulation results for the multi-obj. responses to independent variable

Appendix 2. Tabular representation of validation data

Steam/Carbon H2/CO Commercial data H2/CO Model data H2/CO Rafie et.al data

0.360 2.150 2.136 2.215
0.600 2.300 2.275 2.346
1.000 2.550 2.538 2.614
1.500 2.800 2.770 2.828
2.000 3.020 2.990 3.080
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