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Abstract

This thesis has developed an innovative system for biogas upgrading using
hollow fibre membrane contactors (HFMC) whilst recovering ammonia from
wastewater as a reactive solvent to intensify CO2 absorption. An expanded two-
phase region for ammonia-water separation was identified and exploited to foster
selective, low energy recovery of concentrated gas-phase ammonia from
wastewater by vacuum thermal stripping. Selective stripping was translated to a
gas-liquid contacting column which demonstrated mass transfer rates analogous
to commercially established stripping processes. Investment in selective
ammonia recovery from anaerobic digester centrate represents a cost saving
over a 20-year economic lifetime relative to biological nitrogen removal. During
physical CO2 absorption in HFMC, solvent chilling and gas pressurisation were
observed to increase flux and selectivity, thereby reducing membrane area and
path length for biogas upgrading. Chilled conditions will promote wetting
resilience to favour the application of microporous membranes, which are low-
cost and technologically mature. Translation to recovered ammonia solvents will
further intensify CO2 absorption, but can result in gas-side reactions within the
ternary CO2-NHs3-H20 system which reduce process stability. In a positive
synergy, chilled, pressurised conditions could limit ammonia ‘slip’ and maintain
the system below a critical threshold to prevent gas-side reactions and improve
process resilience. Pressurised, reactive crystallisation in HFMC during CO2
absorption by ammonia solvents was demonstrated for the first time, and
observed to occur at a consistent supersaturation level. Consequently,
ammonium bicarbonate crystals exhibited consistent characteristics independent
of pressure which supports simplified online control and solids recovery for scale-
up. The integrated system proposed in this thesis presents a cost effective,
circular economy solution for ammonia recovery and biogas upgrading which is

closely aligned to net zero ambitions within the water sector and wider society.

Keywords: ammonia recovery, ammonia to energy, HFMC, biogas upgrading,

CAP, reactive crystallisation, net zero, circular economy.
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1 Introduction



1.1 Biomethane and ammonia recovery to support a net zero water sector
To limit anthropogenic climate change and avoid global temperatures rising 1.5°C
above pre-industrial levels, major European nations are committed to achieving
net zero carbon emissions by 2050 (Department for Business, Energy and
Industrial Strategy, 2021a; European Commission, 2019; IPCC, 2018). To
support this objective, legally binding targets have been set out within the
Renewable Energy Directive (2018/2001/EU) for at least 32% renewable energy
in the European Union (EU) by 2030. Consequently, there has been a successful
focus on renewable power generation which grew to represent 37% of total
electricity consumption across the EU in 2020 (Eurostat, 2022). However, heating
and transport sectors, which account for 66% of final energy consumption, have
historically proven more challenging to decarbonise, primarily due to their
decentralised distribution and consumption (Connolly et al., 2014; Energy and
Climate Change Committee, 2016). There is growing emphasis for the expansion
of alternative energy resources to support decarbonisation of the heating grid and
long-haul transportation. These include carbon neutral biomethane (Northern
Gas Networks, 2020; Pesuit et al., 2017; Ryckebosch et al., 2011) in addition to
zero carbon ‘green’ hydrogen and ammonia-based fuels generated using
renewable electricity (European Commission, 2022; IRENA, 2021; Kakoulaki et
al., 2021).

Biomethane is of strategic interest since it is a direct substitute for natural gas
and therefore presents an immediate sustainable alternative which can be used
in existing infrastructure without incurring fuel switching costs (Department for
Transport, 2021; European Commission, 2022). Biomethane has a high methane
content (CHs >98%vol) and is produced by extracting CO2 and trace gas
contaminants (e.g., Hz2S, siloxanes) from biogas (50-75%vol CHa, 25-50%vol
CO2) (McBean, 2008; Pavicic et al., 2022; Tansel and Surita, 2019). Biogas
originates from the anaerobic digestion of organic matter in municipal wastewater
sludge, agricultural slurries and industrial feedstocks (Angelidaki et al., 2018;
Scarlat et al., 2018). It is projected that up to 1000 TWh of biomethane could be
generated across Europe in 2050, replacing 30-40% of natural gas consumption
(European Biogas Association, 2021; Pavicic et al., 2022). Early adopters within



the retail and logistics sectors are already transitioning fleets of heavy goods
vehicles from diesel to biomethane engines, which is prompting wider investment
in refuelling stations and delivery infrastructure (BP, 2021; John Lewis
Partnership, 2018). Financial incentivisation schemes have been employed to
stimulate investment in biogas upgrading plants which renumerate operators per
unit of energy injected in the grid (e.g., Renewable Heating Incentive, Green Gas
Support Scheme) or per kg exported as transport fuel (e.g., Renewable Transport
Fuel Obligation) (Beerepoot and Marmion, 2012; Department for Business,
Energy and Industrial Strategy, 2021b; Department for Transport, 2021).
Consequently, the number of biogas upgrading facilities across Europe increased
from 187 to 880 from 2010 to 2020, leading to the production of 32 TWh
biomethane in 2020 (Pavicic et al., 2022). Continued expansion in biogas
upgrading is necessary to deliver net zero ambitions for 2050.

The UK water sector announced the first sector-wide commitment to reach net
zero carbon emissions by 2030, and similar commitments of energy and carbon
neutrality by 2050 have been echoed across Europe (Water Europe, 2021; Water
UK, 2020). Biomethane generation from wastewater sludge represents a critical
strategy for decarbonisation. Pressurised water absorption (PWA) in packed
columns is the dominant technology for biogas upgrading, and accounted for 70%
of installed capacity within the European water sector in 2019 (Figure 1.1)
(Angelidaki et al., 2018; IEA Bioenergy, 2019; Northern Gas Networks, 2020).
This process exploits the difference in solubility between CO2 and CHa4 for the
selective absorption of CO2, and is conducted in absorption columns which
provide high interfacial area to enhance the rate of mass transfer (Angelidaki et
al., 2018). Pressurised water absorption was widely adopted within the sector
since it was already established for industrial gas treatment and presented an
immediate, low-risk investment option which enabled operators to access
financial incentives for biomethane (Bauer et al.,, 2013; Sun et al., 2015).
However, due to dispersive contact between gas and liquid-phases, absorption
columns are vulnerable to channelling, flooding, foaming and entrainment which
can limit gas loading rates (Hoff and Svendsen, 2013). The media is also

vulnerable to organic fouling and inorganic scaling which results in operational



downtime for periodic caustic and acid washing cycles (Bauer et al., 2013; Kapoor
et al., 2019a). Consequently, conventional PWA processes are associated with
relatively high capital and operational costs which weaken the investment case
for biogas upgrading. This has been compounded by a general degression in
incentivisation tariffs for biomethane over the past decade (Department for
Business, Energy and Industrial Strategy, 2016; Houlker, 2019). Furthermore, the
CO2 absorbed from biogas in PWA is released to atmosphere during solvent
regeneration along with trace amounts of CHas ‘slip’ (typically 1-2%vol of CHa4 in
raw biogas) (Kvist and Aryal, 2019). In total, this is equivalent to biogenic
emissions of approximately 1.0 kgcoze per Nm-3biogas treated (IPCC, 2007). This
reduces the sustainability criteria for PWA and creates a business risk since
investment in ancillary CO2 capture processes may be required to mitigate
biogenic emissions in the future (International Energy Agency, 2022). Process
innovations are now necessary to lower the whole life cost for biomethane so it
can become economically viable without incentivisation, whilst lowering
emissions related to its production so that it is consistent with ambitions for
decarbonisation within the sector and wider society.

The treatment of ammonia within wastewater presents a further challenge to
the decarbonisation of the water sector. The biological oxidation of ammonia
requires forced aeration (3-5 kWhe kgn) and accounts for 20% of power demand
during wastewater treatment (Garrido et al., 2013; Wett, 2006). During this
process, it is estimated that 0.3% of influent nitrogen is emitted as nitrous oxide
(N20) which has a global warming potential 310-times greater than CO2 (Campos
et al., 2016; de Haas and Andrews, 2022; Winter et al., 2012). In the international
Greenhouse Gas Protocol, direct process emissions are categorised under
Scope 1 whilst indirect emissions from grid electricity consumption are
categorised under Scope 2 (Fong et al., 2021). Biological ammonia removal is
therefore associated with Scope 1 and Scope 2 emissions of approximately 3.3
kgcoze kgnt and 1.0 kgcoze kgn't, respectively (Figure 1.1) (Bulb, 2023). These
emissions are likely to increase in the near-term due to an intensification of
biological treatment processes in response to the introduction of stricter nitrogen

limits for final effluent (10 mg L; >0.1 million P.E.) within the Urban Wastewater



Treatment Directive (91/271/EEC) (EEC Council, 1991). Industrially, there is a
focus on transitioning towards low carbon ammonia production since it is currently
synthesised with fossil-fuel derived hydrogen in the Haber-Bosch process (19
kWh kgnt) and is associated with 1% of global CO2 emissions (Nayak-Luke et
al., 2018). A circular economy approach for the recovery of ammonia from
wastewater is therefore becoming increasingly attractive. Ammonia recovery in
the UK water sector alone could provide a sustainable ammonia supply of up to
400 tonnes d* which is equivalent to offsetting 2.8 TWh y* fossil fuel consumption
for commercial ammonia production (Parliamentary Office of Science and
Technology, 2007). Furthermore, ammonia is a zero carbon compound with
emerging applications as a hydrogen carrier, a transport fuel, and a feedstock for
gas turbines and electrochemical fuel cells (Kobayashi et al., 2019; Lan and Tao,
2014; The Royal Society, 2020). Hence, ammonia recovery strategies could
directly support decarbonisation for the water sector alongside a wider transition

towards zero carbon energy generation.
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1.2 Intensification of biogas upgrading in membrane contactors

Hollow fibre membrane contactors (HFMC) are an emerging alternative to gas-
liquid absorption columns which could offer process intensification to reduce
capital and operational costs for biogas upgrading (Figure 1.2). Hollow fibre
membrane contactors facilitate non-dispersive contact between liquid and gas-
phases across a hydrophobic membrane, expanding the operating range for gas
loading rates compared to absorption columns (Cui and Demontigny, 2013; Heile
et al., 2014). Densely packed HFMC also offer high interfacial area for mass
transfer and can enable up to 15-times process intensification versus packed
columns (Belaissaoui et al., 2016; Gabelman and Hwang, 1999). Due to their
relatively low cost and ease of integration, HFMC can be configured in series to
enable cost-effective production of biomethane at industrial quality (>98%vol
CHa4) (Houlker, 2019). Consequently, it is projected that the adoption of HFMC for
biogas upgrading using physical solvents could lower capital costs by almost 40-
times compared to absorption columns (Houlker, 2019). Reduced process size
and phase segregation may also support the integration of efficient clean-in-place
solutions which will lower chemical costs and equipment outages related to
cleaning (Houlker et al., 2021).

Gas in . Gas out
(lumen) Shell-side (lumen)

baffle | ﬁ

\ \ \
Liquid in = 7 % % % % 5 Liquid out
(shell) > / SN A (shell)
Distribution
tube Collection

Hollow fibres
tube

Figure 1.2 Layout for the transverse-flow hollow fibre membrane contactors used in this thesis
(3M Industrial Group, Charlotte, USA)

Despite their hydrophobicity, microporous membranes can suffer from the
intrusion of solvents into the gas-filled pore structure (‘pore wetting’) during gas-

liquid absorption processes (Figure 1.3) (Gabelman and Hwang, 1999). Due to



the lower diffusivity of COz2 in liquids, pore wetting will increase mass transfer
resistance within the membrane and disrupt CO2 removal (Dindore et al., 2004;
Wang et al., 2005). Resilient nonporous membranes have been developed which
rely upon CO2 permeation through a dense-polymer layer, which adds additional
mass transfer resistance, and these have been investigated widely for flue gas
CO2 capture processes (Figure 1.3c) (Heile et al., 2014; Scholes et al., 2015;
Villeneuve et al., 2018). However, biogas upgrading is conducted at low-ambient
temperatures which may influence wetting characteristics in addition to the gas
permeability within the dense-polymer. A direct comparison of microporous and
nonporous membranes under conditions relevant for industrial biogas upgrading
is necessary for application specific material selection. To compete with
established PWA processes, HFMC must also support pressurised biogas
upgrading since this will increase solvent absorption capacity, lower methane
‘slip’ into the liquid-phase and reduce the process footprint and capital cost
(Bauer et al., 2013; Kapoor et al., 2019; Sun et al., 2015). This will also generate
a biomethane product which is ready for injection into the pressurised gas-grid
(2-7 bar) (Northern Gas Networks, 2020). Previous researchers have
demonstrated that pressurisation up to 20 bar can intensify mass transfer during
physical absorption of CO2 from flue gases in HFMC (10-25%vol COz2) (Dindore
et al., 2004). A unique element of biogas upgrading is the high initial CO2 fraction
in the gas-phase (25-50%vol) coupled with high CO2 removal during the
separation (>95%vol) (Pavicic et al., 2022). This places a greater emphasis on
gas-phase resistance to mass transfer compared to widely studied CO2 capture
applications where mass transfer is dominated by the liquid-phase (Bounaceur et
al., 2012; Chabanon et al., 2015; Houlker, 2019). Operating at higher pressures
will raise the partial pressure of COzin the gas bulk, which represents the driving
force for CO:2 diffusion to the liquid interface (Belaissaoui et al., 2016). Under
conditions relevant for biogas upgrading, pressurisation could therefore influence
the overall resistance to mass transfer. However, the impact of varying pressure
on mass transfer resistances across the liquid, membrane and gas-phases during
the production of industrial quality biomethane (<98% CHa), and the consequent

impact on separation efficiency and methane ‘slip’ has not been explored to date.
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Figure 1.3 Schematic representation of mass transfer resistances for the absorption of CO:2
across (a) a microporous membrane with gas-filled pores; (b) a microporous membrane with
partially wetted pores; (c) a nonporous membrane with a dense polymer skin; and (d) a
microporous membrane using a volatile ammonia solvent. 1/ki, 1/km, 1/Kmw), 1/km@ and 1/kg
represent resistances in the liquid, dry membrane, wetted membrane, dense polymer skin and
gas, respectively. Ccoz is the liquid-phase CO:2 concentration, pco:z is the gas-phase CO: partial
pressure; and b and i represent bulk and interface conditions respectively.

1.3 Intensification of biogas upgrading using wastewater-derived NHs(aq)

Transitioning from physical solvents to chemically reactive solvents can offer
further process intensification for biogas upgrading in HFMC (Bauer et al., 2013;
Houlker, 2019). There is growing interest in agueous ammonia as a chemical
solvent for COz, since it is less corrosive, more thermally stable and requires a
lower thermal energy demand for regeneration than established amines (Jilvero
etal., 2012; Ochedi et al., 2021). In an innovative approach, McLeod et al. (2014)
applied centrate from the anaerobic digestion of wastewater sludge, which had a
dissolved ammonia content of 2.3 kg m3, as a chemical solvent to intensify biogas
upgrading. A 15-factor enhancement in CO2 flux was observed relative to

deionised water (McLeod et al., 2014). The absorption of CO2 using synthetic



wastewater containing up to 10 kg m= ammonia indicated that increasing the
concentration will increase reactivity and CO2 absorption capacity to favour
process intensification (McLeod et al., 2014). Mani et al. (2006) identified that the
application of agueous ammonia at approximately 43 kg m= represented an
optimum to support a high CO2 absorption capacity whilst limiting the loss of
volatile ammonia into the gas-phase. Consequently, the prior extraction of
ammonia from centrate to create a more concentrated ammonia solvent would
support an intensified biogas upgrading strategy. In a typical wastewater
treatment works, 20-40% of dissolved ammonia is concentrated within the
centrate stream (Mackinnon et al., 2003; Ndam, 2017). Targeted recovery from
this source could substantially reduce the ammonia loading into mainstream
biological treatment processes. This would lower the Scope 1 and 2 emissions
associated with biological ammonia removal, and support the attainment of strict
nitrogen discharge limits to protect waterways (91/271/EEC) (Campos et al.,
2016; EEC Council, 1991). The recovery of ammonia as a sustainable solvent for
biogas upgrading therefore offers strong synergies for the decarbonisation of the
water sector and the development of a circular economy (Figure 1.4).
Researchers have recently demonstrated the feasibility of vacuum thermal
stripping for the single-stage recovery of concentrated agueous ammonia up to
39 kg m3 from centrate (Bavarella et al., 2020b; Davey et al., 2022). Thermally
driven processes are attractive since they will lower the solubility of ammonia to
enhance mass transfer and could incorporate intrinsic heat resources (e.g.,
biogas, waste heat) available within wastewater treatment works to minimise
operating costs (Han et al., 2022; Moore and Auty, 2013). By manipulating the
temperature or pressure, there is the potential to exploit differences in volatility
between ammonia and water to foster selective ammonia recovery during
vacuum thermal stripping (Patek and Klomfar, 1995). This operating strategy
could simultaneously reduce the separation energy and increase the recovered
gas-phase ammonia concentration, but has not been investigated to date.
Evidence of vacuum thermal stripping for ammonia recovery is currently limited
to batch vessels which have low interfacial areas (<40 m? m=) compared to
packed column strippers (200-400 m? m-3) (Guida et al., 2022; Han et al., 2022;
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Tian et al., 2019). Translation to a gas-liquid contacting column is therefore
necessary to lower hydraulic residence times and capital costs for competitive
ammonia recovery at scale. Recovered ammonia could have widespread
applications beyond biogas upgrading which are also consistent with the strategic
direction towards decarbonisation. A suite of technological options have been
recently proposed for the recovery of ammonia from wastewater and for its
utilisation as a zero carbon energy resource (Davey et al., 2022; Grasham et al.,
2019; van Linden et al., 2022). To evaluate this opportunity in the context of
wastewater treatment, a systems level analysis is necessary to consider the
energy demand for ammonia recovery in addition to the product quality required

for exploitation within emerging energy generation technologies.
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1.4 Crystallisation limits energy demand and creates sustainable products
Chemically reactive solvents such as aqueous ammonia require thermal
regeneration to reverse the chemical reaction and desorb CO2 gas prior to reuse
(Darde et al., 2010; Pérez-Calvo et al., 2021). During regeneration, purified CO2
gas (>99%vol) is released which favours efficient downstream capture processes
or upgrading into an industrial CO2 product (Augustsson et al., 2017; International
Energy Agency, 2022). Although agqueous ammonia has a lower thermal demand
for regeneration than conventional solvents, this would still require 0.5 kWhin per
Nm-3 biogas treated (Bauer et al., 2013; Jilvero et al., 2012). This is equivalent to
10% of the energy content for raw biogas (Moore and Auty, 2013). In a positive
synergy for the proposed biogas upgrading flowsheet, the energy consumption
and infrastructure related to solvent regeneration could be eliminated since a
continuous supply of agueous ammonia is available in wastewater (Figure 1.4).
Instead, the solvent could be loaded with CO2 until it exceeds the thermodynamic
threshold for ammonium bicarbonate precipitation (0.63 kgcoz2 kgnns? at 10°C)
(Thomsen and Rasmussen, 1999). Solid ammonium bicarbonate crystals can
then be continuously harvested from the solvent loop. The feasibility for high
purity ammonium bicarbonate crystallisation has recently been demonstrated
using an ammonia solvent (56 kg m=3) thermally recovered from concentrated
wastewater (Bavarella et al., 2020b). Crystallisation would lock the extracted CO2
in a solid form to facilitate carbon negative biogas upgrading (International Energy
Agency, 2022). Recovered ammonium bicarbonate could provide a new source
of revenue as a sustainable fertiliser which has a market value of 112 EUR tonne-
1 (McLeod et al., 2014). Further opportunities for its valorisation, such as thermal
decomposition under mild heat (>30°C) to release ammonia and CO:2 gas
(Villeneuve et al., 2018), could be explored within the context of a low carbon
water sector.

Reactive crystallisation within HFMC could therefore enable biogas upgrading
using wastewater-derived ammonia solvents and simultaneous ammonium
bicarbonate recovery (Bavarella et al., 2020a; McLeod et al., 2015). Hollow fibre
membrane contactors present an ideal crystallisation reactor since the

development of a concentration boundary layer adjacent to the membrane will
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lower the energy barrier for crystallisation and promote heterogeneous nucleation
at the interface (Horseman et al., 2021; Jiang et al., 2016). Controlled liquid-side
crystallisation and continuous harvesting of ammonium bicarbonate during
uninterrupted biogas upgrading in HFMC has been demonstrated by previous
researchers (Houlker, 2019; McLeod et al., 2015). This is in stark contrast to
packed columns where homogenous nucleation of ammonium bicarbonate can
lead to process blockages and instability (Augustsson et al., 2017; Houlker,
2019). Notably, the high volatility of ammonia can lead to ammonia ‘slip’ into the
gas-phase during reactive absorption (Figure 1.3d) (Darde et al., 2010; Kozak et
al., 2009). In HFMC, this has been linked to unstable pressures and poor
separation efficiency due to the formation of liquid and solid products in the gas-
phase (Bavarella et al.,, 2022; Villeneuve et al., 2018). The underpinning
mechanism for gas-phase reactions within the CO2-NHs-H20 system, which must
be understood to enable successful mitigation strategies, has not been
described.

Conducting reactive absorption under pressurised conditions is required to
realise the full intensification potential of this technology. Since pressurisation will
change the relative concentration of reactants in the gas-phase, this also has the
potential to disrupt or prevent gas-phase reactions. However, chemically reactive
membrane crystallisation in HFMC has not been demonstrated under pressurised
conditions to date. During absorption in aqueous ammonia, the CO2 mass
transfer rate is governed primarily by reactivity in the solvent boundary layer (Kim
et al., 2014). The influence of pressurisation on reactive CO2 mass transfer
therefore requires an application specific investigation (Dindore et al., 2004; Fang
et al., 2015). According to classical nucleation theory, the rate of CO2 absorption
into the solvent will directly influence the crystallisation kinetics at the membrane
interface, which govern the purity, size and shape of the crystalline product
(Horseman et al., 2021; Ulrich and Strege, 2002). These characteristics may be
critical to the controllability of the crystallisation process at scale. The association
between pressure, CO2 mass transfer and crystallisation kinetics consequently
requires direct exploration under pressurised conditions applicable for biogas
upgrading (McDonald et al., 2021).

14



1.5 Thesis aim, objectives and structure

The aim of this thesis is to develop hollow fibore membrane contactor technology

as a disruptive solution for biogas upgrading that can reduce economic

dependency on incentives and incorporates the recovery of ammonia from

wastewater to reduce energy consumption and emissions, presenting a circular

economy solution to support the water sectors transition to net zero (Figure 1.4).

The following objectives were developed to address the thesis aim:

1. Develop a technological approach to facilitate low energy recovery of
sustainable ammonia solvents from wastewater for use in biogas upgrading.

2. Characterise CO2 mass transfer within HFMC under industrially relevant

pressurised conditions to support translation to full-scale biogas upgrading.

3. Elucidate gas-phase reaction mechanisms in HFMC during CO2 absorption
with NH3 and identify mitigation strategies.

4. Examine pressurised CO2 absorption and crystallisation in HFMC using
ammonia, to establish intensification potential, and controllability for reactive
biogas upgrading and ammonia recovery.

5. Develop a techno-economic analysis for ammonia recovery and utilisation as
a zero carbon energy resource and novel biogas upgrading solvent to support
decarbonisation and generate revenue within wastewater treatment.

Chapters within this thesis have been formatted as individual journal papers

which correspond to the research objectives (Figure 1.5). This thesis is comprised

of 4 technical papers (Chapter 2, 3, 4 and 5) and a techno-economic analysis

(Chapter 6). A discussion of the overall thesis is then presented in Chapter 7,

whilst the conclusions and opportunities for future research are summarised in

Chapter 8. Benjamin Lugmani was the lead author on all chapters and was

supported through supervision and editing by Professor Ewan McAdam and Dr

Marc Pidou.
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Objective 1.
Develop technological approach for
energy efficient recovery of ammonia
solvents from wastewater.

Objective 2.
Characterise CO, mass transfer within
HFMC under pressurised conditions to ~ f=----=----|
support translation to full-scale biogas

upgrading.

Chapter 1.
Introduction

|

Chapter 2.

Transitioning through the vapour-liquid
equilibrium for low energy thermal stripping of
ammonia from wastewater: Enabling
transformation of NH; as a zero carbon fuel

v

Chapter 3.

The role of solvent temperature and gas
pressure on CO, mass transfer during biogas
upgrading within porous and dense-skin hollow
fibre membrane contactors

¥

Objective 3.
Elucidate gas-phase reaction mechanisms
in HFMC during CO, absorption with NH3
and identify mitigation strategies.

Objective 4.
Examine pressurised reactive CO,

absorption and crystallisation in HFMC, to  f-==-------- >

establish intensification potential and
controllability.

Objective 5.
Develop techno-economic analysis for
ammonia as a zero carbon resource and
novel biogas upgrading solvent.

Chapter 4.
Examining disruptive gas-phase reactions during
CO, capture in membrane contactors: CO,-NHs-
H,0 as a model ternary system

v

Chapter 5.

CO, capture and reactive crystallisation using
membrane contactors: Impact of pressurisation
on process intensification and nucleation
kinetics

v

Chapter 6.
The recovery of ammonia and its utilisation
within a net-zero water sector — a techno-
economic analysis

!

Chapter 7.
Thesis discussion

!

Chapter 8.
Conclusions and future work

Figure 1.5 Summary of thesis objectives and corresponding chapters.
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Abstract

Vacuum thermal stripping permits the recovery of ammonia from wastewater in a
concentrated form, which is key to its exploitation in the circular economy, but the
latent heat demand for thermal separation remains a critical barrier to
exploitation. In this study, we investigate the vapour-liquid equilibrium (VLE) for
ammonia-water as a mechanism to enhance recovered ammonia quality and
minimise the thermal energy required for ammonia separation. Below the dew
point (65°C at 0.25 bar) a two-phase region of the VLE exists where 48%wt gas-
phase ammonia could be produced (61°C) compared to only 2%wt within the
stripping region adopted widely in the literature. This was complemented by a
98% reduction in thermal separation energy, since limited water vapourisation
can occur when the feed is maintained below the activation energy threshold for
bulk evaporation. Operation within this practically unexplored region of the
ammonia-water VLE fosters a gas-phase product suitable for energy generation
in gas turbines or solid oxide fuel cells. Comparable product quality was achieved
using concentrated wastewater, which validated the VLE for design in the
presence of a broad range of dissolved gases and volatile inorganic compounds.
Rapid desorption of CO2 occurred during vacuum stripping, subsequently
increasing pH >9 without the requirement for alkali addition to shift the ammonia-
ammonium equilibrium in favour of gaseous ammonia. Consequently, the two-
phase region of the VLE defined for vacuum thermal stripping provides a
synergistic strategy to mitigate chemical demand, minimise separation energy
and recover gas-phase ammonia for zero carbon energy generation, constituting

a significant advancement toward the net zero ambitions of the water sector.

Keywords: Ammonia to energy, vacuum stripping, net zero, resource recovery,

wastewater
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2.1 Introduction

Ammonia in municipal wastewater is removed by biological oxidation in the
activated sludge process. Ammonia oxidation consumes 3-5 kWhe kgn? for
forced aeration and can represent 20% of the total energy demand for wastewater
treatment (Garrido et al., 2013; Wett, 2006). During ammonia oxidation, 0.3% of
the nitrogen is transformed into nitrous oxide (N20) which has a global warming
potential 310-times greater than CO2 (Campos et al., 2016; Winter et al., 2012).
Consequently, ammonia removal is associated with almost half of greenhouse
gas (GHG) emissions in wastewater treatment (Campos et al., 2016). To improve
environmental standards and public health, nitrogen limits for treated wastewater
in Europe are reducing to 10 mg L (for works serving >0.1 million P.E.) within
the Urban Wastewater Treatment Directive 91/271/EEC (EEC Council, 1991).
The new discharge standards will require higher nitrogen removal from existing
wastewater treatment processes, or prompt investment to expand treatment
capacity, which will increase energy demand and GHG emissions associated with
ammonia removal.

Ammonia recovery from wastewater is an opportunity to advance sustainability
within the water sector. Currently, approximately 185 Mtonnes y! of ammonia is
synthesised in the energy intensive Haber-Bosch process (19 kWhi kgn't) to
meet agricultural and industrial demands (Mission Possible Partnership, 2022;
Morgan, 2013). Ammonia synthesis is presently 95% reliant on fossil-fuel derived
hydrogen feedstocks and is consequently associated with 1.3% of global CO:2
emissions (International Energy Agency, 2021; Nayak-Luke et al., 2018). The
demand for ammonia is projected to expand to at least 255 Mtonnes y* by 2050
due to the rising global population and this has stimulated interest in
decarbonising its production (International Energy Agency, 2021; Mission
Possible Partnership, 2022). This could be achieved by incorporating carbon
capture and storage for ‘blue’ ammonia production, or a transition to electrified
plants powered by renewable energy sources for ‘green’ ammonia production
(Cesaro et al., 2021; Morgan, 2013). Across the UK water sector alone, there is
an opportunity to recover up to 400 tonnes of sustainable ammonia per day which

could offset commercial ammonia production and therefore align directly with
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existing objectives for industrial decarbonisation (Henze and Comeua, 2008;
Parliamentary Office of Science and Technology, 2007).

Many researchers have focussed on ammonia recovery from wastewater to
produce agricultural fertilisers (i.e., ammonium sulphate, struvite) (Vaneeckhaute
et al., 2017). There are complex barriers to the sale of fertiliser produced from
wastewater since it is classified as waste under the European Waste Framework
Directive 2008/98/EC (EC, 2008). With a lower heating value of 5.3 kWh kg
(comparable to biogas, 6.1 kWh kg™), ammonia is also emerging as a next
generation zero carbon fuel (Table 2.1) (Moore and Auty, 2013; The Royal
Society, 2020). As the water sector is already strongly focused on renewable
energy production, ammonia can therefore provide significant value. For
example, biogas turbines used for combined heat and power (CHP) generation
are often co-located with ammonia-rich digested sludge liquors. Gas-phase
ammonia recovery could support the co-combustion of an ammonia/biogas
mixture to increase energy production (Kurata et al., 2017; Okafor et al., 2021a).
Gaseous, aqueous or anhydrous liquified ammonia can also be consumed in fuel
cells that are not limited to classical Carnot inefficiencies and thus achieve
electrical efficiencies greater than those of existing CHP engines (>50%) (Lan
and Tao, 2014; The Royal Society, 2020). Ammonia can also be ‘cracked’
electrolytically or catalytically to produce hydrogen (Jackson et al., 2015; Vitse et
al., 2005), directly in line with ongoing investment into hydropowered hydrogen
production within the water sector to access an expanding hydrogen economy
(Anglian Water, 2021; Department for Business, Energy and Industrial Strategy,
2021). Ammonia to energy could therefore reduce energy importation for water
utilities and limit exposure to volatile energy prices or create new revenue
streams through the exportation of hydrogen-based zero carbon fuels. The
capability to meet stringent nitrogen discharge limits, reductions in GHG
emissions and grid based power, while producing a zero carbon fuel creates a
holistic strategy for the water sector that resonates with its broader net zero
ambitions (Water Europe, 2021; Water UK, 2020). However, the concentration,

purity and form (i.e., aqueous or gas) that the ammonia is recovered in will
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determine the available routes for its exploitation as a zero carbon fuel (Table
2.1).

Table 2.1: Technologies for energy and hydrogen generation using ammonia

o Ammonia  Ammonia Electrical Heat Heat
Application ; . : :
state purity efficiency generation  quality
%wt %LHV %LHV -
) >400°C d9;
Gas turbine? Gaseous?  >20%bd 30-40%¢d 60-70%
<100°C 9!
SOFC Gasde >5%08f 50-70%¢ 30-50% >700°C9
Low temperature ~ Aqueous/ o i AOOAC ) )
AEC Gash <0.01%™M 50-60%°"
Cracking to Hz Gasl >500°:f] - - -

Electrolysis to H2  Aqueous®  <0.01%* - - -

LHV — Lower heating value for ammonia (5.3 kWh kg); AFC — alkaline fuel cell; SOFC - solid
oxide fuel cell.

a Ammonia-fed or co-fueled with methane 9 (Patel et al., 2012)

b (Kurata et al., 2017; Okafor et al., 2021a) h (Zhang et al., 2020)

¢ (The Royal Society, 2020) i (Siddigui and Dincer, 2019a)

d (Hewlett et al., 2020, 2019) i (Jackson et al., 2015)

e (van Linden et al., 2022) k (Cooper and Botte, 2006; Vitse et al., 2005)
f (Dekker and Rietveld, 2006) I ~50% high-grade and ~50% low grade heat

Since ammonia is relatively dilute and contained within the complex
wastewater matrix, its separation and purification from wastewater is required to
capitalise on ammonia to energy opportunities. In a centralised wastewater
treatment works, 20-40%wt of the ammonia load is concentrated within
centrifuged liquors originating from anaerobic digestion (centrate) which
represent less than 1% of the treatment flow (Ndam, 2017). This low-volume
sidestream presents an ideal target for economic ammonia recovery, since the
raised concentration will enhance the driving force for ammonia mass transfer
during stripping (Bavarella et al., 2020; Ukwuani and Tao, 2016). Air and steam
stripping are already commercially established (Organics Group, 2020; RVT,
2015). High gas-liquid ratios (>2500 m3gas Miquia’®) are necessary during air
stripping which generates dilute gas-phase ammonia (<0.05%wt NHz) (Huang
and Shang, 2006; Jiang, 2009). Operating at high temperatures will reduce

ammonia solubility, and so steam stripping requires lower gas-liquid ratios (<300
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m3gas Miiquic®) and generates an ammonia vapour at higher purity (0.5-2.0%wt)
but the thermal demand increases to ~150 kWht kgn primarily due to the latent
heat demand for raising steam (Teichgraber and Stein, 1994; Zeng et al., 2006).
As existing stripping solutions are primarily used for abatement, gas-phase
ammonia is generally oxidised at high temperatures over a catalyst (250-450°C),
or captured in sulphuric acid to produce a relatively dilute ammonium sulphate
solution that requires disposal (Huang and Shang, 2006; Jamaludin et al., 2018;
Wang et al., 2021). To improve the viability of zero carbon energy production from
wastewater ammonia, stripping technologies must be able to produce aqueous
ammonia or anhydrous liquified ammonia products in sufficient concentration to
meet the needs of emergent energy applications. The separation and purification
of ammonia must also be achieved with minimal energy input to maximise the
potential for this new resource.

Vacuum thermal stripping is an emerging alternative, demonstrated at
laboratory scale, in which wastewater is heated to saturation in a partial vacuum
(Bavarella et al., 2020; Han et al., 2022). The absolute temperature for boiling
reduces with the vacuum pressure applied. Consequently, the thermal energy
demand can be reduced, enabling the integration of low-grade waste heat
sources (Anwar and Tao, 2016). In a centralised wastewater treatment works, 47
kWhwn of low-grade waste heat at modest quality (85°C in water) could be
recovered from biogas turbines per m? of centrate (Moore and Auty, 2013; Ndam,
2017). Ammonia has a higher volatility than water and so the vapours produced
during boiling will be relatively rich in ammonia compared to the liquid-phase
(Patek and Klomfar, 1995; Ukwuani and Tao, 2016). These vapours are
continously extracted by the vacuum pump, which enhances the volumetric mass
transfer coefficient and maintains the driving force for ammonia mass transfer
across the gas-liquid interface (Han et al., 2022). While several studies on
vacuum stripping are reported, there is limited data on the composition of the
vapour product. Bavarella et al. (2020) applied vacuum thermal stripping to a 7.5
kg m= aqueous ammonia feed and condensed the vapours to produce a 101 kg
m=2 aqueous ammonia product. While the concentration factor compares

favourably to air and steam stripping, the product is below the specification

34



generally required for energy production, implying that further purification stages
are required (e.g., distillation). The product quality also indicates substantial
evaporation of water from the feed during stripping. This will incur a high latent
heat penalty which can represent over 90% of the total energy consumption for
ammonia removal (Davey et al., 2022). Consequently, further selectivity toward
ammonia must be fostered during the separation to improve the economic and
environmental viability for vacuum thermal stripping in wastewater treatment.
Fundamentally, vacuum thermal stripping is a distillation process since it
exploits the difference in volatility between ammonia and water (Ukwuani and
Tao, 2016; van Linden et al., 2022). In a binary ammonia-water mixture, the
fraction of ammonia in the liquid and vapour phase at a specific temperature are
related by the vapour-liquid equilibrium (VLE). A model has been developed for
estimation of the ammonia-water VLE based on regression analysis of meta-data
for absorption refrigeration from 0.5-20 bar (Figure 2.1) (Patek and Klomfar,
1995). Separation of ammonia and water will occur in the two-phase region
bounded by the bubble and dew point curves. When the liquid-phase (xi) is
heated close to its dew point (T1), a substantial fraction of ammonia will be
released into the gas-phase at equilibrium to leave a dilute final solution (x1).
However, this will be associated with a high fraction of water vapourisation and
so will produce a vapour phase which has only a slightly higher ammonia content
than the initial feed (y1). In contrast, when the liquid-phase is heated close to its
bubble point (T2), a smaller amount of ammonia is released into the gas-phase
which has only a minor impact on the feed concentration (x2). Under this
condition, the selectivity of ammonia (the more volatile component) is enhanced
and so water vapourisation is minimal and the resultant vapour is of a much
greater ammonia concentration (yz). Based on the existing boundaries which
have been theoretically derived for the VLE, we can postulate that the extraction
of the vapour phase during vacuum thermal stripping will continuously reset this
equilibrium and cause the liquid-phase ammonia concentration to decline over
time. Hence, a stripping process at T1 will achieve rapid ammonia mass transfer,
whilst operating at T2 will produce high purity vapour but at a limited mass transfer

rate. A purer vapour phase could be directly applied for energy generation,
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obviating the capital cost and energy requirements related to the downstream
purification of ammonia. Further, it would be associated with a lower fraction of
water vapourisation from the feed, thereby minimising latent heat demand for the
process and increasing the energy efficiency for ammonia recovery. Controlling
temperature and pressure to achieve a setpoint within the two-phase region may
therefore introduce a disruptive breakthrough for thermal stripping, by delivering

an ammonia product at maximum concentration and with minimum separation

energy.
80
Wastewater
L Xyuz < 0.002 Gas
60 - region
Noiottneesiotsnnossotsanossors PIITITT
N\ :
40 4 i N :
3 N :
S :
20 A :
o :
‘3— .
5 <Y
] N
g_ < 0 A 2 N y2
o TS Two-phase
. E N .
3 . region
20 A : . &
N\
o . ~
3 A J 5 3 ~
40 4 ¢ Liquid 3 : '~
: ; : : s .
: region : : Do o
-60 : - : T
0 X X X% 0.5 1

Liquid and gas-phase ammonia fraction, Xyys, Ynus

= - = Bubble point curve (Patek and Klomfar, 1995)

Dew point curve (Patek and Klomfar, 1995)

Figure 2.1 VLE for NH3-H20 at 0.25 bar defined using empirical method (Eq. 2.11-2.12)
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Figure 2.2: Operating points for vacuum thermal stripping of real and synthetic wastewater at
0.25-0.27 bar in previous work, placed within the context of the NH3-H20 VLE (Eq. 2.11-2.12).

However, in the majority of research published on vacuum thermal stripping of
wastewater, a vacuum pressure of 0.25-0.27 bar and a uniform temperature of
65°C has been applied independently of the feed concentration. The
experimental conditions were selected to achieve vigorous boiling in the feed,
and when overlaid onto the VLE, evidence that the system was operated close to
its dew point (65.1-65.3°C) (Figure 2.2). Consequently, despite the prospective
benefits to separation energy and product purity, the two-phase region has not
been explored to date. Crucially, concentrated wastewater (xn13<0.002) at 0.25
bar exists at the lower limit of the VLE, which has not been well characterised
historically within the literature, since the focus has been on ammonia-water
2017,

Raghuvanshi and Maheshwari, 2011). Prediction of the two-phase region using

refrigeration mixtures (typically xnH3>0.5) (Ganesh and Srinivas,

extrapolated data may be particularly challenging due to solvent-solute

interactions between ammonia and water which can influence the VLE (Tan et
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al., 2004). The precise width of the two-phase region relevant for ammonia
stripping from wastewater is therefore uncertain, and experimental
characterisation is necessary to establish the extent to which ammonia-water
selectivity can be controlled during ammonia stripping. The aim of this study was
to characterise the ammonia-water separation mechanism during vacuum
thermal stripping and investigate the potential to exploit the two-phase region to
increase ammonia selectivity and facilitate low-energy, high purity ammonia
recovery from wastewater. Specific objectives were to:

i) benchmark ammonia separation in vacuum thermal stripping through initially
characterising selectivity at the dew point to compare against existing
literature;

i) transition from the dew point through the two-phase region to determine the
extent to which ammonia-water selectivity can be manipulated;

iii) consider the potential for enhanced ammonia selectivity during stripping as
an enabler for ammonia to energy strategies in wastewater treatment;

Iv) characterise stripping performance using concentrated wastewater to
investigate the impact of dissolved volatile compounds and gases on the
ammonia-water separation;

v) explore the potential for chemical-free vacuum thermal stripping to
complement and enhance the prospective energy and cost benefits when
operating within the two-phase region.

2.2 Materials and methods

2.2.1 Experimental set-up

Vacuum thermal stripping experiments were conducted in a batch system
developed at laboratory scale (Figure 2.3). In each experiment, 0.5 kg of feed
was placed in a 1 L jacketed vessel and agitated using a magnetic stirrer at
approximately 450 rpm (SB151, Stuart Ltd., Stone, UK). The feed was heated to
61, 63 or 65 +0.5°C at atmospheric pressure (MPC-K6, Huber, Offenburg,
Germany). When the target temperature was achieved, system pressure was
reduced to 0.25 bar using a vacuum pump in combination with a vacuum control
valve (ME-1C, Vacuubrand, Wertheim, Germany; SS-4MA-MH, Swagelok, Kings
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Langley, UK). Stripping temperature and pressure were monitored continuously
(Type K, RS Components, Corby, UK; PXM319-010GI, Omega Engineering Ltd,
Manchester, UK). Ammonia-rich vapour stripped from the feed was drawn
through a condenser operated at 3-5°C with 250 cm? surface area (Quickfit
C6/12/SC, Fisher Scientific, Loughborough, UK; LT Ecocool 150, Grant
Instruments, Cambridge, UK). Condensate was stored in a chilled, jacketed
vessel at 3-5°C to prevent further ammonia stripping. Each primary data point
was collected in duplicate or triplicate. Standard deviation is represented by error

bars.

| °c |
Ammonia — water

) 4
vapour
Chiller | Ej Condenser

Centrate / Vacuum bleed valve

e
y KL vacur

‘=

Condensate
O rpm collection

synthetic wastewater

m

Heater

Vacuum trap

Magnetic stirrer

Figure 2.3. Schematic of the vacuum thermal stripping experiment. TT and PT represent
temperature and pressure transmitters, respectively.

2.2.2 Wastewater preparation and analysis

Synthetic wastewater containing 1.5 g L' ammonia was produced using
deionised water (15 MQ cm) and ammonium hydroxide (35%wt, Fisher Scientific,
Loughborough, UK). Centrifuged sludge liquors originating from conventional
anaerobic digestion (Centrate A) and advanced anaerobic digestion (Centrate B)
were sampled from separately located wastewater treatment works in England
(Table 2.2). Sodium hydroxide was added to amend pH as required (97%wt pearl,
Fisher Scientific, Loughborough, UK). Ammoniacal nitrogen and chemical oxygen

demand (COD) was determined using spectrophotometry with proprietary cell
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tests (114558 & 114559 NHs4-N, 11451 COD, Spectroquant cell tests, Merck-
Millipore, Darmstadt, Germany). For the centrate and distillate, soluble COD was
determined following 0.45 pum syringe filtration (Whatman, Maidstone, UK), whilst
pH measurement was conducted in a temperature-controlled environment at
21°C (InPro 3250i/SG/120, Mettler-Toledo Ltd, Leicester, UK). Standard methods
2540B and 2540D were applied to determine total solids, suspended solids and
dissolved solids (APHA/AWWA/WEF, 2012). Centrate alkalinity was determined
by titration with hydrochloric acid (37%, Fisher Scientific, Loughborough, UK).
Total inorganic carbon content (TIC) was analysed using a TOC analyser
(Shimadzu, Milton Keynes, UK).

Table 2.2: Characterisation of centrate used in this work, produced from full-scale AD facilities
treating municipal wastewater sludge

Parameter Centrate A Centrate B2
Origin Conventional AD  Advanced ADP
Ammonia concentration, Cnrz (g L1) 1.0 2.0

pH (-) 7.8 8.0

Total COD (g L) 1.2 5.8

Soluble COD (g L) 0.4 0.3

Total suspended solids (g L) 0.2 0.3

Total dissolved solids (g L?) 1.6 4.6

Total inorganic carbon (as C) (g L?) 1.0 1.7

Alkalinity (as CaCOs) (g L) 3.7 6.9

AD - anaerobic digestion; COD — chemical oxygen demand.
aCharacterisation originally published by Davey et al. (2022)
b Raw sludge pre-treated by thermal hydrolysis prior to anaerobic digestion

2.2.3 Experimental analysis
Ammonia will partially dissociate in wastewater to form non-volatile ammonium
(Eg. 2.1). The fraction of free ammonia in the feed can be estimated from the pH
and temperature (Eq. 2.2-2.3; Figure Al) (Bates and Pinching, 1950).
NHs(aq) + Hagy < NHaaq)" (Ea. 2.1)
1

- Eq. 2.2
= T 0wk =22
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pKS 1 = pKS 505 + 0.0324 [298.15 — T)] (Eq. 2.3)

where O is the fraction of free ammonia (-); pK®a298 and pKSsa 1 are the negative
logarithm of the acid dissociation constant at 298 K and T (K), respectively [-].
Ammonia mass transfer across the gas-liquid interface can be described by
the Lewis-Whitman model (Eq. 2.4) (Heile et al., 2017; Tao and Ukwuani, 2015).
The equilibrium concentration for dissolved ammonia (Cnns*) approaches zero
under vacuum conditions across all temperatures applied in this work (Salavera
et al., 2005; Ukwuani and Tao, 2016). Integration of Eq. 2.4 from time = 0 to time
=t provides a straight-line function in which the gradient represents the volumetric

mass transfer coefficient (k.a) (Eq. 2.5).

dCyys N
dt =k, a (PCyyz — Cyys) (Eq. 2.4)
C
—In (M) =k at (Eq. 2.5)
Cnuso

where dCnns/dt is the rate of ammonia transfer across the gas-liquid interface (g
Lt h'1); ke is the mass transfer coefficient for ammonia (m h?); a is the specific
interfacial area (m? m3); Cnnais the dissolved ammonia concentration (g L); ®
is the fraction of free ammonia (-); t is stripping time (h); and subscripts 0 and t
represent time = 0 and time =t.

During vacuum thermal stripping, the concentration of ammonia in the feed
and the total condensate mass were recorded over time. This enabled a mass
balance to determine ammonia removal from the feed (Eqg. 2.6-2.8) and the
ammonia mass fraction within the stripped vapour at any time (Eq. 2.9). It was
assumed that all stripped water was captured by condensation at 3-5°C and the
feed density was equal to that of pure water at the operating temperature due to

its dilute nature (xnH3 < 0.002).

Vo = — (Eq. 2.6)
p
Vt = (n"'()l_o—mc,t) (Eq 27)
_ CnH3,0V — CNH3,tVE
NNH3 = Cnmaovo * 100 (Eq. 2.8)
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Cnuzo Vo — Cymzt Ve « 100 (Eq. 2.9)
Mt

YnH3 Wt =

where V is the feed volume (L); m is the feed mass (g); mcis the condensate mass
(9); and pis the feed density (g L™?); nnHs is ammonia removal from the feed (%owt);
ynH3wt IS the mass fraction of ammonia in the stripped vapour (%owt).

Ammonia selectivity during stripping could be estimated using the equilibrium
pressures of ammonia and water in the feed at the stripping condition and could
be experimentally measured based on the relative amounts of ammonia and

water removed from the feed over time (Eq. 2.10).

Anp3 =

Pnu3 _ molyys (Eq. 2.10)
Puz0 MOlyzo

where anns is the selectivity for ammonia during stripping (barnis barnzotor
molnHz molhzot); paHs and przo represent the equilibrium vapour pressures of
ammonia and water, respectively (bar); and molnss and molszo represent the
amount of ammonia and water removed from the feed, respectively (moles).

The empirical dew and bubble point curves for the ammonia-water system were
computed at 0.25 bar (Eg. 2.11-2.12) (Patek and Klomfar, 1995):

ng

Ty (P, xys) = To Z a;(1 = xypr3)™ [ln (%)] (Eq. 2.11)

i
n;

Ta(P,ynuz) =To Z a;(1— yNH3)% [ln (%)] (Eq. 2.12)

l

where Tp is the bubble temperature (K) of the ammonia-water mixture at the
applied pressure P (0.25 bar) for a liquid-phase containing an ammonia mole
fraction of xnn3 (-); Td is the dew temperature (K) of the ammonia-water mixture
at P for a vapour phase containing an ammonia mole fraction of ynns (-); To is the
reference temperature (100 K); Po is the reference pressure (20 bar); ai, mi and

ni are empirical coefficients (Patek and Klomfar, 1995).

2.3 Results and discussion

2.3.1 Validation of empirical dew point as the upper limit for two-phase region
To characterise vacuum thermal stripping close to the empirical dew point and
evaluate performance against previous literature, an initial experiment was

conducted at 65°C and 0.25 bar. This corresponded to the high mass transfer
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region identified along the pure water boiling curve (Figure 2.4) (Ukwuani and
Tao, 2016). At this condition, 98%wt ammonia was stripped from the feed after
2.3 h (Figure 2.5). The rate of ammonia removal declined over time, as the driving
force for mass transfer became limiting (Eq. 2.4). The volumetric mass transfer
coefficient for ammonia was determined as 1.4 h'* (Figure A2). When normalised
against the interfacial surface area of the stripping vessel (16 m? m=3), this
provided a mass transfer coefficient of 88 mm h-1. This is comparable to published
data for vacuum thermal stripping of real ammoniacal wastes (21-106 mm h?) at
equivalent conditions along the pure water boiling curve (Table 2.3). Ammonia
removal had negligible impact on the mass fraction of water in the feed (XH20 >
0.998), and therefore on water vapour pressure (Appendix A2). This was
evidenced by the stable rate of water vapourisation throughout (2 mol h?).
Consequently, there was a decline in ammonia selectivity as the separation
progressed (Figure 2.5). At 65°C, the equilibrium vapour pressures for water and
ammonia were estimated to be 0.249 bar and 0.008 bar using Henry’s Law,
respectively (Figure 2.6). Ammonia selectivity, therefore, is expected to be in the
region of 0.03 which is in close agreement with the experimental results (Eq.
2.10). This evidences that the empirical dew point curve predicted for the solution
was consistent with the feed saturation curve. Limited data is available for the
composition of ammonia products from vacuum thermal stripping, as the vapour
is typically delivered into a downstream acid scrubber for ammonia capture (Han
et al., 2022; Tao et al., 2019, 2018; Ukwuani and Tao, 2016). In an example of
vapour condensation, Guida et al. (2022) recovered 0.4%wt aqueous ammonia
after stripping a 0.6 g L feed. In this work, a 2.1%wt ammonia vapour was
recovered after the same period of stripping. This is consistent with the higher
initial feed concentration and therefore the higher ammonia vapour pressure
during the separation (Bavarella et al., 2020).
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Table 2.3: Literature comparison for vacuum stripping ammoniacal wastes at 0.25-0.27 bar close to the dew point of the feed.

Feed CnHzo  NNH3 pH P T HRT k.a a ke Product Reference

gLt % bar °C h ht m2m=3  mmh?
Synthetic wastewater 1.5 79% 11.0 0.25 65 0.8 1.4 16.0 88 2.1%wt (° This study
Synthetic wastewater 1.5 98% 11.0 0.25 65 2.3 1.4 16.0 88 0.9%wt v)°
Synthetic wastewater 0.6 74% 100 025 65 0.8 1.7 16.0 106¢ 0.4%wt aq¢  Guida et al. (2022)
lon exchange brine 0.6 44% 10.0 0.25 65 0.8 0.7 16.0 44c 0.4%wt (aq)®
Co-digestate 2.1 95% 9.5 0.27 65 6.0 0.52 7.6P 67¢ (NH4)2S04aq Han etal. (2022)
Hydrolysed urine 100 72% 9.3 0.27 65 120 0.1 5.0P 21¢ (NH4)2S04 s Ta0 etal. (2019)
Municipal digestate 1.0 93% 9.0 027 65 50 0.6 5.9 100¢ (NH4)2SO04 g Tao etal. (2018)
Dairy digestate 1.9 63% 9.0 027 65 50 0.2 5.9p 32¢ (NH4)2S04 (aq)
Dairy digestate 1.6 96% 9.0 0.25 65 15 0.6 16.1° 37 (NH4)2S04 aqy Ukwuani and Tao, (2016)
Municipal digestate 1.1 28% 9.0 0.25 65 2.0 0.22 6.6° 24c (NH24)2SO04 (ag)

T — temperature; P- pressure

aCalculated based on data provided (Eq. 2.5)

b Calculated based on geometry of stripping reactor and feed volume

¢ Ammonia concentration in recovered product
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Figure 2.6 Influence of temperature on the vapour pressure of water determined by Raoult’'s Law
and of ammonia determined by Henry’s Law for a 1.5 g L't ammonia solution (Appendix A2).

2.3.2 Expanded two-phase region determined for selective ammonia separation
The stripping temperature was reduced from 65 to 61°C at 0.25 bar to investigate
the extent to which ammonia-water selectivity could be modified when
transitioning across the two-phase region of the VLE. The rate of ammonia mass
transfer was substantially influenced by the stripping temperature across this
narrow range (Figure 2.7a). Since the mass transfer driving force and the
interfacial area were constant across all experiments, the direct influence of
temperature on the ammonia mass transfer coefficient could be calculated (Eg.
2.5) (Salavera et al.,, 2005; Ukwuani and Tao, 2016). The mass transfer
coefficient reduced from 88 mm h! at 65°C to 40 and 10 mm h! at 63°C and
61°C, respectively (Figure A2). Consequently, when compared after 1.5 h
stripping then 91, 66 and 23%wt ammonia removal was achieved at 65°C, 63°C
and 61°C, respectively. Operating below the pure water boiling temperature
(65°C at 0.25 bar), and therefore below the activation energy threshold necessary
for bulk evaporation, also greatly restricted water transport during stripping
(Figure 2.7b) (Prado and Vyazovkin, 2011). This is consistent with thermal

stripping at atmospheric pressures where water vapourisation reduced by an
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order of magnitude when temperature was reduced from 102 to 86°C (Tao and
Ukwuani, 2015). Since lowering the temperature had a disproportionately greater
impact on the vapourisation of water during stripping, it subsequently enhanced
the selectivity for ammonia transport (Figure 2.8). When stripping at 63 and 61°C,
an enhancement in ammonia selectivity of up to 1 and 2 orders of magnitude was
observed, respectively, compared to 65°C. Unlike stripping at 65°C, the results
strongly deviate from the theoretical selectivity based on the equilibrium vapour
pressures of water and ammonia using Henry’s Law (anus = 0.033-0.034). This
highlights a discontinuity in the ammonia-water separation behaviour when
stripping below the dew point and entering the two-phase region. Interestingly,
selective ammonia separation was demonstrated beyond the two-phase region
initially proposed within the VLE, as estimated by extrapolation from ammonia-
water mixtures across a higher concentration range relevant for absorption
refrigeration (Patek and Klomfar, 1995). In practice, solute-solvent interactions
will affect the strength and type of intermolecular forces between ammonia and
water, which can introduce uncertainty for individual component volatilities
(Atkins and De Paula, 2006; Tan et al., 2004). Further complexity is introduced
by the polar contribution of ammonia bonds which will influence interactive forces
between molecules (Atkins and De Paula, 2006). These effects may be
compounded by the highly dilute nature of the feed, therefore reducing the
empirical predictability of the ammonia-water separation. Interestingly, the
separation appears to conform more closely to the two-phase region bounded by
the bubble point curve derived from Raoult’'s Law, which considers a mixture of
two pure components (Figure 2.9) (Appendix A2). A Raoult’'s Law approach
predicts ammonia selectivity to be an order of magnitude greater due to the higher
contribution of ammonia towards the total vapour pressure and is therefore a
closer approximation for experimental selectivity measured at 63 and 61°C.
Reducing stripping temperature across this experimentally determined two-phase
region enhances selectivity for ammonia, while simultaneously lowering the rate
of ammonia mass transfer consistent with the principles of distillation. Whilst
ammonia selectivity at 61°C appears to have exceeded the theoretical limits of

the VLE, the low vapour velocity at this condition may have facilitated partial water
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condensation and vapour rectification within the boundary of the reactor,
analogous to the installation of a demister at the reactor outlet (Ukwuani and Tao,
2016).
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Figure 2.7 Influence of temperature during vacuum thermal stripping of synthetic wastewater at

0.25 bar on (a) ammonia removal from the feed and (b) the water vapourisation rate. Operational
conditions: initial Cnnz, 1.5 g L1 initial feed mass, 0.5 kg; pH, 11; condenser temperature, 3-5°C.
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2.3.3 Stripping within two-phase region supports ammonia to energy strategies

Manipulation of the stripping temperature within the two-phase region defined in
this work could facilitate low energy, high purity ammonia recovery and has
implications for ammonia to energy flowsheets within wastewater treatment. At
65°C, low ammonia selectivity led to the production of vapour containing 1-5%wt
ammonia (Figure 2.10a). Substantial water vapourisation incurred a high latent
heat penalty of up to 91 kWhw kgn? (Figure 2.10b). The dilute vapour could be
directly condensed to produce aqueous ammonia for utilisation in low
temperature alkaline fuel cells (AFC) or for electrolytic hydrogen production
(Table 2.1) (Davey et al., 2022; Lan and Tao, 2014, Vitse et al., 2005). Increasing
the ammonia concentration will significantly enhance fuel cell power density or
increase the rate of hydrogen evolution, therefore reducing cell size and cost
(Cheddie, 2012; Davey et al., 2022; Zhang et al., 2020). This could be achieved
by reducing the stripping temperature to 63°C to generate concentrated ammonia
vapour in the range 2-38%wt. This is of sufficient quality to directly fuel a high
efficiency solid oxide fuel cell (SOFC) which would avoid an intermediate
condensation stage, liquid handling and the associated energy demand and
exergy losses (van Linden et al., 2022). Alternatively, the addition of a
downstream rectification stage could reduce the water content and increase the
gas-phase ammonia concentration to enhance SOFC power density and expand
options for energy generation (Teichgraber & Stein, 1994). Reduced water
transport at 63°C will limit the latent heat penalty below 35 kWhw kgnt. By further
reducing the stripping temperature to 61°C, a 43-64% ammonia vapour was
generated. Removal of the excess water vapour using a chiller or an advanced
dehumidification process (e.g., desiccant coated heat exchanger) could produce
a pure ammonia gas product to fuel an SOFC, co-fire a biogas turbine, be cracked
into hydrogen or liquified to produce anhydrous ammonia (Venegas et al., 2021).
Very high ammonia selectivity at 61°C means that the production of the most
energy dense and flexible ammonia product is associated with the lowest latent
heat penalty (1 kWhw kgn?). To overcome the limited rates of mass transfer
observed when operating at higher selectivity, translation from a batch vessel to

a continuous stripping column may be necessary. Packed columns will facilitate
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intensified rates of ammonia mass transfer by providing a high interfacial area.
Vacuum thermal stripping close to the bubble point (k. = 10 mm ht) in a packed
column with an interfacial area of 400 m? m= could theoretically provide a
volumetric mass transfer coefficient of 3.4 h'l. Mass transfer could then become
competitive with thermal air strippers (3-5 h') employed commercially for
ammonia removal from concentrated wastewaters (Gustin and Marinsek-Logar,
2011; Jiang, 2009; RVT, 2015).
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Figure 2.10 Influence of temperature during vacuum thermal stripping of synthetic wastewater at
0.25 bar on (a) the mass fraction of ammonia in the vapour phase and (b) the specific thermal
demand for ammonia stripping. Operational conditions: initial Cnns, 1.5 g L; initial feed mass, 0.5
kg; pH, 11; condenser temperature, 3-5°C.
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2.3.4 Predictable ammonia-water separation behaviour for wastewater

Vacuum thermal stripping was conducted using complex wastewaters to
compare ammonia-water separation behaviour to that achieved within synthetic
wastewater, to validate the industrial relevance of the VLE for product quality
control. Vacuum stripping was operated close to the dew point (65°C, 0.25 bar)
on two centrates of distinct provenance (Table 2.2). Centrate A was produced
from a conventional AD plant and comprised a dissolved ammonia concentration
of 1.0 g L1, whereas Centrate B originated from an advanced AD (AAD) plant
and had an ammonia concentration of 2.0 g L?. The higher ammonia
concentration in Centrate B arises from the thermal hydrolysis of raw sludge in
AAD. Thermal hydrolysis breaks down organic matter through intracellular lysis
to increase the availability of microbial nutrients and enhance biogas yield (Wilson
and Novak, 2009). During this process, the dissolved ammonia concentration
increases due to the conversion of organic nitrogen and the hydrolysis of proteins
in the sludge (Ndam, 2017; Wilson and Novak, 2009). This disruption of cell and
floc structure also alters the wider matrix chemistry which can increase the
concentration of dissolved organic matter, gases and volatile compounds within
the liquid-phase which could interact with the ammonia-water separation
(Bougrier et al., 2008; Ndam, 2017). After 1.5 h stripping, 88%wt and 86%wt
ammonia was removed from Centrate A and B, respectively (pH 11, Figure
2.11a). Ammonia mass transfer coefficients were 95 and 87 mm h for Centrate
A and B, respectively, comparable to that of synthetic wastewater at the same
condition (88 mm ht) (Figure A3). A greater ammonia selectivity was observed
for Centrate B, in line with its higher concentration and higher ammonia vapour
pressure (Figure 2.11b). Similar to stripping synthetic wastewater close to the
dew point, the experimentally derived selectivity was in good agreement with
theoretical values predicted by Henry’s Law for Centrate A (anns = 0.02) and
Centrate B (anus = 0.04). Consequently, the results indicate that despite the
complex characteristics and presence of other dissolved species within real
wastewater, the ammonia-water separation behaviour can be described through
the binary VLE. After 1.5 h stripping, condensate produced from Centrate A had

the lowest concentration (0.8%wt) whilst condensate from Centrate B had the
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highest concentration (1.9%wt) (Table 2.4). This reflected the higher initial
concentration in Centrate B and therefore the greater driving force for ammonia
mass transfer (Eq. 2.4). Both centrates yielded colourless condensate (Figure
A4). Interestingly, soluble COD of 0.42 and 0.24 g L'* was present in condensate
from Centrate A and Centrate B, respectively. This indicates that volatile organic
compounds (VOCs) were co-transported during stripping. The presence of VOCs
may explain why pH values were lower than expected, when compared against
synthetic ammonia solutions of equivalent concentration (Davey et al., 2022).
While further work is required, it may be possible to reduce VOC transfer by
stripping within the two-phase region where water evaporation is limited to
subsequently minimise product contamination. Mitigating the co-transport of
dissolved compounds during stripping could have particular significance for the
efficiency or lifetime for downstream generation technologies. For example, trace
amounts of hydrogen sulphide (>1.0 mg m-3) and siloxanes (>0.2 mg m) which
are present in wastewater can cause fatal cell degradation in SOFC (Papadias
and Ahmed, 2012; Sasaki et al., 2011).

Table 2.4: Outcomes for vacuum thermal stripping synthetic and real wastewater for 1.5 h at 65°C
and 0.25 bar

Parameter Synthetic Centrate Centrate
wastewater g B

Ammonia removal (Yowt) 90% 88% 86%

ki (mm ht) 88 95 87

Ammonia fraction in condensate (%owt) 1.3% 0.8% 1.9%

Condensate pH (-) 12.2 9.8 10.52

Condensate sCOD (g L) - 0.42 0.242

aValues originally published by Davey et al. (2022)
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2.3.5 In-situ decarbonisation facilitates chemical-free vacuum thermal stripping

Raising the wastewater pH will increase the fraction of free ammonia and
therefore favour mass transfer rate, selectivity and energy demand during
vacuum thermal stripping (Figure Al). Increasing Centrate A and B from pH 7.8
and 8.0 up to pH 11 demanded 135 and 275 molnaon M3, respectively (Figure
A5). The increased chemical demand for Centrate B was consistent with its
higher pH buffering capacity as indicated by alkalinity (Table 2.2). To overcome
high buffering capacities within concentrated wastewaters, chemical addition for
pH amendment will incur a substantive cost to ammonia recovery and is contrary
to strategic roadmaps for net zero carbon and low chemical wastewater treatment
(Water Europe, 2021; Water UK, 2020). Direct stripping of Centrate A and B
without pH amendment was explored as an alternative treatment option (Figure
2.12). Interestingly, both centrates exhibited a rapid increase in pH during
vacuum thermal stripping at 65°C and 0.25 bar. After 0.2 h, both feeds had
increased above pH 9. After 1.5 h, a 67% and 80% decline in total inorganic
carbon was observed for Centrate A and B, respectively, indicating that CO:2
desorption had occurred during stripping. Dissolved CO:2 contributes to
wastewater acidity and decarbonisation by air stripping at low gas-liquid ratios
has been previously explored for chemical-free pH amendment prior to ammonia
stripping (Kang et al., 2017; Cohen & Kirchmann, 2004). In this work, a maximum
pH of 9.4 was achieved during stripping. This is consistent with the bicarbonate
equilibrium, which indicates that less than 0.01% free CO: is available above pH
9.4, limiting further decarbonisation beyond this point (Bavarella et al., 2022;
Kang et al.,, 2017). Thus, the increase in feed pH by CO: stripping enabled
continuous ammonia stripping without pH amendment. After 1.5 h, 69%wt and
65%wt ammonia had been removed from Centrate A and B, respectively. Based
on the stable trajectory of ammonia removal and the final pH (9.2) after 1.5 h, it
is likely that ammonia removal would have continued if the experimental stripping
period had been extended. However, the fraction of ammonia removal was lower
than observed for Centrate A and B at initial pH 11 under the same stripping
conditions after 1.5h (Figure 2.11a). A lower rate of ammonia removal indicates

that a lower fraction of free ammonia (®) was available during stripping, therefore
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reducing the mass transfer driving force (Eqg. 2.4). This is consistent with the
chemistry of ammonia speciation at 65°C, which suggests that operating at pH
11 will release 100% free ammonia whilst operating at pH 9 will release 92% free
ammonia (Figure Al). In accordance with Le Chatelier’s principle, the continuous
removal of ammonia from solution will prompt the breakdown of ammonium and
develop a dynamic chemical equilibrium (Eq. 2.1) (Licon Bernal et al., 2016). This
enables ammonia removal to progress at a stable rate in systems where less than
100% free ammonia is available at any time. The breakdown of ammonium is
associated with the release of protons which can lower the solution pH. This was
observed during ammonia extraction from batches of dilute wastewater using
membrane contactors where regular addition of alkali was necessary to maintain
a high pH and facilitate a consistent rate of mass transfer (Licon Bernal et al.,
2016). In this work, pH values for Centrate A and B were relatively consistent
despite progressive ammonia removal. This can be attributed to the high buffering
capacity of centrate to resist pH change, which supported continuous chemical-

free ammonia stripping from the complex wastewater matrix.
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Figure 2.12 Vacuum thermal stripping of Centrate A and Centrate B at their natural pH at 65°C
and 0.25 bar. Centrate A: initial Cnnz, 1.0 g L and initial pH, 7.8. Centrate B: initial Cnwnz, 2.0 g L-
L and initial pH, 8. Operational conditions: initial feed mass, 0.5 kg; pH measurements conducted
at 21°C.
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2.4 Conclusion

This is the first study to demonstrate an enhancement in ammonia selectivity
during vacuum thermal stripping of wastewater by transitioning through the two-
phase region of the VLE. When stripping close to the predicted dew point for the
solution at 0.25 bar (65°C), the ammonia mass transfer coefficient was consistent
with published data whilst ammonia selectivity agreed closely with both Henry’s
Law and empirical modelling for the VLE. Lowering the stripping temperature
below 65°C into the two-phase region led to a substantial enhancement in
ammonia selectivity. Selective ammonia mass transfer was demonstrated to
occur below the lower boundary of the two-phase region which had been
projected using an existing empirical model. This deviation may have resulted
from the highly dilute nature of ammonia in wastewater (xnH3<0.002) in
combination with complex intermolecular forces arising from both solute-solvent
interactions and the polar nature of the ammonia molecule. Consequently, the
results indicate that Raoult’s Law which considers a mixture of pure components
could offer a more accurate description of ammonia vapour pressure in the
expanded two-phase region. Lowering the stripping temperature from 65°C to
61°C reduced the thermal demand for ammonia recovery by >98% to 1 kWh
kgnt. This compares to 3-5 kWhe kgn? for mainstream biological nitrogen
removal. As a thermally driven process, vacuum thermal stripping could recover
sensible heat within the system boundary to reduce external heat demand. In the
context of a centralised wastewater treatment works, low-cost intrinsic heat
sources may also be available due to onsite biogas combustion. Where extrinsic
heating is required, the costs for the importation of 1 unit of heat (kWhi) is
historically 4-5 times lower than 1 unit of electricity (kWhe) (Department for
Business, Energy and Industrial Strategy, 2022). Consequently, the recovery of
ammonia from concentrated sidestreams by vacuum thermal stripping presents
an energetically and economically favourable solution for nitrogen removal.
Furthermore, enhancing ammonia selectivity will increase the energy density,
flexibility and value of the recovered ammonia product. This could facilitate its
utilisation as zero carbon energy resource within the water sector to support wider

decarbonisation objectives. Since the increase in selectivity is associated with a
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reduction of the ammonia mass transfer coefficient, process intensification will be
necessary to support acceptable rates of mass transfer at full-scale. This could
be achieved by the translation of vacuum thermal stripping from batch reactors
to gas-liquid contacting columns and should be the focus of future work.

When stripping at a fixed condition, comparable ammonia mass transfer
coefficients were observed for synthetic ammonia solution and for centrates
originating from conventional and advanced anaerobic digestion processes. This
indicates that the presence and concentration of dissolved gases, volatile organic
compounds and organic matter within the wastewater matrix did not substantively
influence the ammonia-water separation or the relative operating position within
the VLE. This could enable simple translation for the process across different
wastewater feeds. The reliance on pH amendment of wastewater by the addition
of alkali could result in high operational costs and poor sustainability criteria for
full-scale ammonia recovery. The feasibility for chemical-free stripping of centrate
has been demonstrated in this work. This was facilitated by the rapid desorption
of dissolved CO:2 during vacuum thermal stripping which raised the centrate pH.
It is proposed therefore, that chemical-free vacuum thermal stripping of
concentrated wastewaters could be conducted within a single process unit and
when operated within the two-phase region, could be complemented by the
energy efficient production of a rich ammonia product for use in the emerging

ammonia and hydrogen economy.
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Al Supplementary figures
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Figure A4: Wastewater centrates with their respective condensates after 1.5 h stripping. (a)
Centrate A from conventional AD and condensate; (b) Centrate B from advanced AD and
condensate.
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Figure A5 Sodium hydroxide dosing curves for Centrate A and Centrate B. pH measurements
conducted at 21°C.

A2 Raoult’s Law and Henry’s Law for determining vapour pressures

Raoult's Law estimates the vapour-liquid equilibrium for a mixture of pure
components (Eq. A1-A2). To generate an associated bubble point curve, Eq. A3
was resolved at 0.25 bar over xnu3 = 0-0.2.

Pruz = Xnn3 Pyns (Ea. A1)

Przo = (1 — xnu3) Pizo (Eq. A2)

Pr = xnus Pyns + (1 — Xyu3) Prao (Ea. A3)
B.

l P) =4, —— (Eq. Ad)

0910(P;) i Ty + C,

where pnHs and puzo represent the partial pressures of ammonia and water
estimated by Raoult's Law respectively (bar); P is the total solution pressure
(bar); P°nw3 and P°H2o are the pure component vapour pressures at the operating
temperature Tk (K) determined by the Antoine equation (Eg. A4) (bar); i
represents the ammonia or water; and Ai, Bi and Ci represent empirical

coefficients (National Institute of Standards and Technology (NIST), 2021a,
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2021b). Henry’s Law is typically applied for describing the vapour-liquid

equilibrium behaviour of highly dilute solutes (i.e., ammonia in wastewater):

C
PnH3 = SULER (Eg. A5)
knr
11
Ky = ki e [AH 7~ 299 (Eq. AB)

where pnus is the vapour pressure for ammonia estimated by Henry’s Law and
knm is the Henry’s coefficient for ammonia in water (mol L* bar?!) at the
temperature Tk; kr® is the Henry’s coefficient for ammonia in water at 298 K (59
mol L' bar! and A is the temperature dependence constant (4200 K) (Sander,
2015).
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Abstract

Biogas upgrading uniquely requires pressurisation of hollow fibore membrane
contactors (HFMC) to be competitive with classical water absorption, and when
complemented with an ambient industrial temperature range, these conditions
will determine CO2 mass transport phenomena that are distinct dependent upon
whether microporous or nonporous membranes are used. This study therefore
examines the independent and concomitant role of temperature and pressure in
determining CO2 mass transport, and selectivity, within microporous and
nonporous HFMC. At low solvent temperatures, higher CO2 flux was achieved
which indicates that solvent solubility is more critical than CO2 diffusivity to
enhancing mass transport. Low temperatures also favoured mass transfer within
the microporous membrane, explained by the reduction in solvent vapour
pressure which limited pore wetting by condensation. In contrast, the nonporous
membrane exhibited poorer mass transfer at low temperatures due to a decline
in dense polymer permeability. Crucially in this study, neither wetting of the
microporous membrane or plasticisation of the nonporous membrane were
observed following pressurisation. Consequently, CO2 flux increased in
proportion to the applied pressure for both membrane types, emphasising the
critical role of pressurisation in augmenting process intensification for biogas
upgrading which is typically facilitated at pressures of 7-10 bar. Resistance-in-
series analysis illustrated how pressurisation reduced gas-phase resistance, and
subsequently enhanced selectivity. Consequently, an outlet gas quality of 98%
methane could be achieved within a single microporous module at 4.5 bar,
meeting the industrial standard for biomethane whilst reducing solvent
requirements, separation energy and methane losses. Comparable behaviour

was observed during pressurisation of the nonporous membrane, but with a less
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significant benefit to CO2 mass transfer and selectivity, ostensibly due to the
resistance imparted by the dense polymer. When considered collectively, low
solvent temperature and high gas pressure enhance process intensification
subsequently reducing process size (e.g., membrane area) and separation
energy, while also advancing selectivity to deliver a gas product at the
composition required for biomethane with minimum methane losses, which are
critical factors in demonstrating microporous HFMC as an industrially competitive
solution for biogas upgrading.

Keywords: asymmetric; carbon capture (CCS); water; biomethane; selectivity;

permeability

3.1 Introduction
Biogas produced from the anaerobic digestion of organic rich waste can be
upgraded into biomethane (>98% CHa4) to decarbonise existing natural gas
infrastructure or as a sustainable ‘drop-in’ transport fuel by replacing fossil
derived gasoline and diesel (Bauer et al., 2013; Scarlat et al., 2018). Biomethane
is therefore seen as a critical resource for the decarbonisation of heat and
transport in Europe (Alberici et al., 2021; Connor et al., 2015). Pressurised water
absorption (PWA) is the dominant technology for biomethane production, and
uses water to facilitate carbon dioxide (CO2) absorption from biogas in packed
columns (Angelidaki et al., 2018; Northern Gas Networks, 2020). Hollow fibre
membrane contactors (HFMC) are an emerging technology that can similarly
mediate CO2 absorption for biogas upgrading. In HFMC, the gas and liquid are
separated by a gas permeable membrane to facilitate non-dispersive gas transfer
between phases, thus avoiding channelling, flooding, foaming and entrainment
that are common challenges for packed columns (Hoff and Svendsen, 2013). This
enables higher gas loading rates to be applied resulting in smaller installed
capacity, while the superior specific surface area in HFMC can enable process
intensification of up to fifteen times versus packed columns (Belaissaoui et al.,
2016).

A dry microporous membrane layer will offer negligible resistance to CO2 mass

transfer (Mavroudi et al., 2006). However, many researchers have observed
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wetting of the pore structure which can substantially increase membrane
resistance due to the lower diffusivity of COz in water (Dindore et al., 2004; Khaisri
et al., 2009; Wang et al., 2005). For example, pore wetting in polypropylene (PP)
hollow fibres resulted in an increase in membrane resistance up to 143000 s m-!
(43% of the overall mass transfer resistance) (Khaisri et al., 2009). Scholes et al.
(2015b) reported total pore wetting of microporous HFMC during CO2 absorption
into 30% MEA at 35 to 65°C. During carbon capture, the elevated flue gas
temperature (>50°C) will naturally raise the solvent temperature due to efficient
heat transfer across the HFMC (Chan et al., 2020; Villeneuve et al., 2018).
Investigation of CO2 absorption at lower solvent temperatures is relevant for
biomethane production (<30°C), since biogas is produced at ambient conditions
(Houlker et al., 2021b). Lowering solvent temperature improves gas solubility
which can increase CO: flux (Cesari et al., 2021; Dai and Deng, 2016;
Mansourizadeh, 2012). However, this will also increase methane flux into the
solvent (i.e., methane ‘slip’). As the increase in solubility is proportionate to
temperature, selectivity of the binary gas mixture (CO2/CHs4) should not be
affected but the increase in methane slip will have financial and environmental
implications (Belaissaoui et al., 2016). Reduced pore wetting has also been
observed at lower temperatures (Dai and Deng, 2016; Lu et al., 2008). This has
been related to an increase in solvent surface tension, since this increases the
pore pressure required for solvent breakthrough. The reduction in vapour
pressure may also mitigate pore wetting, by reducing the probability for capillary
condensation (Chan et al., 2020), analogous to the reduction of ammonia slip at
lower temperatures during chemical absorption (Bavarella et al., 2022). Since
transmembrane pressure is not consistently reported and wetting has been
observed well below the theoretical breakthrough pressure, confirmation of the
link between temperature and wetting in microporous membranes has yet to be
demonstrated (Dai and Deng, 2016; Dindore et al., 2004; Lu et al., 2008).

For hollow fibre membrane contactors to be competitive with packed columns,
they must also be capable of pressurisation, as pressure is used to improve
absorption capacity, reduce solvent mass flow to regeneration, minimise

methane slip and advance the co-absorption of trace gases (e.g., siloxanes,
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hydrogen sulphide and ammonia) (Kapoor et al., 2019; Sun et al., 2015). The
biomethane product is then also at a pressure compatible for injection into the
gas network, which is typically rated at 2-7 bar (Northern Gas Networks, 2020;
Yang et al., 2014). Pressurisation of HFMC is therefore needed to achieve
competitive process intensification to conventional PWA. However, limited data
is available on the influence of pressure on CO:2 absorption within HFMC,
particularly for biogas upgrading. Dindore et al. (2004) demonstrated that
increasing gas pressures up to 20 bar led to a proportional enhancement in CO2
flux across a single microporous hollow fibre, due to the increase in volumetric
CO2 concentration. Pressure was not observed to reduce overall mass transfer
resistance, while membrane resistance was observed to be constant, indicating
that pore wetting was avoided by sustaining a constant transmembrane pressure
(Dindore et al. 2004). These experiments were conducted in semi-batch mode,
with a continuous flow of solvent used to absorb CO2 from a reservoir which
sustained CO2 partial pressure leading to a negligible gas-phase mass transfer
resistance (<0.5%) (Dindore et al. 2004). During biomethane production, the
partial pressure of CO2 will reduce by 95% and there is evidence that gas-phase
resistance can become more significant to mass transfer possibly due to the
reduction in partial pressure and decrease in gas velocity across the length of the
HFMC, which may have a more significant effect for biogas than flue gas due to
the higher initial CO2 partial pressure (Houlker, 2019). The extent to which
pressure governs mass transfer within each phase of a microporous HFMC, and
its implications for gas quality in a binary separation have not been explored to
date.

To prevent pore wetting and stabilise mass transfer during CO2 absorption, a
thin layer of gas-permeable dense polymer can be incorporated on to the
membrane surface to produce a nonporous HFMC (Chabanon et al., 2014;
Nguyen et al., 2011). When compared to microporous HFMC, gas transport is
more dependent on the thickness and permeability of the polymer layer
(Chabanon et al.,, 2014). This transport mechanism is expected to mitigate
methane slip into the solvent since the polymer can introduce an inherent

selectivity toward CO2 (e.g., poly(4-methyl-1-pentene), thus enhancing CO2/CHa
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selectivity (Belaissaoui et al., 2016; Mohr and Paul, 1991; Nematollahi et al.,

2016). While nonporous HFMC offer several advantages, gas permeability is

likely to decline at lower temperatures (Scholes et al., 2015b). When in contact

with an aqueous solvent, lower polymer permeability (e.g., Teflon AF1600,

PTMSP and PIM 1) has been observed than for dry conditions, which may infer

the competitive sorption of water vapour within the polymer (Chen et al., 2012,;

Scholes et al.,, 2015a, 2015b). Whilst the dense polymer poly(4-methyl-1-

pentene) has been explored widely for gas-phase separations due to its high

permeability and chemical resistance (Markova et al., 2020), permeability data in
the presence of aqueous solvents is unavailable. Permeability can be expected
to be independent of pressure, but a decline in CO2 permeability and selectivity
was observed during the pressurisation of ultrathin (0.1-0.2 um) polyethersulfone-
polyimide nonporous hollow fibres due to the suspected plasticisation of the

dense polymer (Kapantaidakis et al.,, 2003). However, when studying a

poly(phenylene oxide) nonporous HFMC for the absorption of COz2 into water at

2.5 bar, a membrane resistance of 1970 s m* was reported which is comparable

to the mass transfer resistance determined for a microporous HFMC (Belaissaoui

et al.,, 2016; Houlker, 2019). This suggests that pressurisation did not affect
polymer permeability, although higher pressures within the range relevant for
biogas upgrading were not explored.

The aim of this research is to compare microporous and nonporous HFMC at
low temperatures and high pressures which represent critical parameters for
biomethane production. Specific objectives are to:

i) characterise the role of solvent temperature (5-35°C) on membrane
resistance and CO:2 transport mechanisms within microporous and nonporous
HFMC to aid material selection for biomethane production;

i) determine how pressure (1.1-4.5 bar) informs on mass transfer behaviour
across the three discrete phases within the system, with emphasis on the
susceptibility of microporous and nonporous membranes to the implicit risks

of pressurisation on wetting and gas permeability;
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iii) evaluate how temperature and pressure modify selectivity, including gas
product quality and methane slip from a binary CO2/CH4 gas comprised of a

high COz2 partial pressure.

3.2 Materials and methods

3.2.1 Experimental set-up

The experimental set-up was developed to evaluate CO2 mass transfer within
transverse flow membrane contactors comprising microporous polypropylene
hollow fibres with a maximum pore size of 0.1 um, or nonporous hollow fibres
with an asymmetric structure comprising a 1 um dense poly(4-methyl-1-pentene)
layer (3M Industrial Group, Charlotte, USA) (Table 3.1). The microporous module
contained 10200 fibres and provided a total internal surface area of 1.2 m?. Each
fibre had an internal diameter, wall thickness and length of 240 um, 30 um and
0.16 m, respectively. The nonporous module contained approximately 8500
fibores and provided a total internal surface area of 0.9 m?. Each fibre had an
internal diameter, wall thickness and length of 240 pum, 89 pum and 0.16 m,
respectively. Pure carbon dioxide or a 50/50 volumetric blend of carbon dioxide
and methane (CO2, 99.7%; CHa4, 99.995%, BOC gases, Ipswich, UK) was
introduced into the HFMC lumen (0.01- 5.0 L min~!, Roxspur Measurement and
Control Ltd., Sheffield, UK). Deionised water (15 MQ cm) was pumped counter-
currently through the shell-side (AD4/90, Xylem Inc., New York, USA) (Figure
3.1). Gases were supplied at approximately 21°C, and gas and liquid
temperatures monitored using k-type thermocouples (x1.5°C, RS Components,
Corby, UK). Shell-side water temperature was modified using a thermostatic
recirculating water bath (LT Ecocool 150, Grant Instruments, Cambridge, UK) to
permit solvent temperatures ranging 5 to 35°C. Gas and liquid pressures were
monitored across the system (DPG1001B-100G, +0.10% full scale, Omega
Engineering Ltd., Manchester, UK) and controlled using throttling valves at the
lumen and shell-side outlets respectively (SS-4MA-MH, Swagelok, Kings
Langley, UK) to ensure gas pressure between 1.1 and 4.5 bar could be used.
Gas bubbling was observed when pressure equalised across the membrane and

so a liquid-side overpressure was established of between 0.2 and 0.4 bar with

77



care taken not to exceed the breakthrough pressure at the liquid inlet (Table 3.1)
(Dindore et al., 2004). Outlet gas flow was measured at atmospheric pressure
using volumetric bubble flowmeters (50 ml, £2% full scale, Restek, Bellefonte,
USA; 1000 ml, Model 311, £2% full scale, Blandford Forum, UK) and normalised
to the gas inlet temperature and pressure (Appendix B1). Gas outlet composition
was monitored using an in-line infrared CH4 analyser (BCP-CHa4, <0.5% full scale,
BlueSens gas sensor GmbH, Herten, Germany). Following each experiment, the
lumen underwent a 45-minute drying step with compressed air at 30 L min! to
restore hydrophobicity (3M, 2023). In this work, mild drying conditions were
applied (20°C, 1 bar) and reproducible results throughout experimentation
indicated that membrane properties were unaffected by cycles of wetting and
drying. Each data point was replicated, and the mean reported with standard
deviation represented by the error bars. To discriminate the role of temperature
on membrane wetting, solvent exposure during the resistance in series analyses
was standardised by allowing the system to stabilise for 2 minutes at each

operating condition prior to data collection.

Table 3.1: Material and structural properties of hollow fibre membrane contactors

Microporous HFMC Nonporous HFMC

Dense-skin (um)?2 N/A ~1
Internal fibre diameter (um)? 240 200
Fibre wall thickness (um)? 30 89
Fibre length (m)2 0.16 0.16
Tortuosity (-)2 0.4 -
Porosity (-)2 2.5 -

No. fibres (-)b ~ 10200 ~ 8500
Total surface area (m?2)P 1.2 0.9
Specific surface area (m2 m-3)> 1860 1293
Contact angle (°)¢ 122 -
Geometric pore factor (-)d 0.56 -
Max. pore size (um)de 0.1 -
Breakthrough pressure (bar)’ 8.9 (5°C); 8.4 (35°C) N/A
a Data supplied by manufacturer d Bavarella. (2018)

b Based upon internal fibre diameter ¢ Heile et al. (2014)
¢Lvetal (2010) f Based upon pure water
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Figure 3.1: Experimental set-up for gas-liquid absorption in HFMC

3.2.2 Experimental analysis

Experimental CO2 capture ratio (Gabelman and Hwang, 1999) was determined

using:

_ Qg,in Ycoz,in — Qg,out Yco2,0out

Nco2 =

where ncozis the CO2 capture ratio (-); Qg is the gas flowrate (m? s'); ycozis the
CO:2 fraction in the gas-phase (%vol); and subscripts ‘in’ and ‘out’ refer to
conditions at the membrane inlet and outlet respectively. Experimental COz2 flux

and overall mass transfer coefficients (Gabelman and Hwang, 1999) were

calculated as:

Qg,in Ycoz,in

Q1 Clou . -
coz = =2 = Koy A(C) = C)im = Kow A(HCg = Cum

A
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(HCg,in - Cl,out) - (HCg,out - Cl,in)

A(HCg —Cim = ] (Eqg. 3.3)

HC,;, — C
g,in lout
1 [HC

gout — CLin
where Jcozis the flux (mol m2 s1); Qiis the liquid flowrate in and out of the shell-
side (m® s); A is the total surface area based upon fibre internal diameter (m?);
Kov is the overall mass transfer coefficient for CO2 (m s); H is the dimensionless
Henry’s law partition coefficient for COzin water for a given temperature (-) (Table
3.2); Cqis the gas-phase CO2 concentration for a given pressure and temperature
(mol m3) (Appendix B1); Ci is the liquid-phase CO:2 concentration and Ci* is the
liquid-phase CO2 concentration at gas-liquid equilibrium (mol m3).
A resistance-in-series approach was applied to separate the overall mass
transfer resistance, 1/Kov (s m), into three constituent resistances (gas, liquid
and membrane) (Eqg. 3.4) (Cui and Demontigny, 2013; Gabelman and Hwang,

1999).

+_ .tz (Eq. 3.4)
Koy kg km ki
where 1/kq, 1/ki, and 1/km represent mass transfer resistance for the gas-phase,
membrane and liquid-phase respectively (s m™).

Liquid-phase mass transfer resistances were estimated using a shell-side
Graetz-Leveque solution for transverse-flow HFMC (Eq. 3.5) first developed for
liquid-liquid extraction (Baudot et al., 2001). The Reynolds number, Re (-), and
shell-side hydraulic diameter, dn (m), were calculated assuming parallel flow
within the shell-side in accordance with previous literature (Houlker et al., 2021a,;
Shen et al., 2010). Since both microporous and nonporous modules had the
same internal geometry, Re was equivalent across the liquid velocity range. The
Graetz-Leveque solution was determined to accurately predict liquid-phase mass
transfer resistance, under conditions where the liquid Graetz number was greater
than 15 (Appendix B2).
kidp

DCOZ,l

Sh = 0.56 Re%62 §¢033 = (Eq. 3.5)

where Sh is the Sherwood number (-); Sc is the Schmidt number (-) and Dco2, is

the diffusivity of COz2 in the solvent at a given temperature (Table 3.2) (m? s1).
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Membrane mass transfer resistance was estimated from the experimental data
using the Wilson plot method (Gabelman and Hwang, 1999). Membrane
resistance for the microporous HFMC, 1/kmp (s m™1), enabled estimation of wetted
pore fraction, x (-), for each condition (Eq. 3.6) (Chabanon et al., 2013). This
approach is based upon the principle that the diffusivity of CO2in gas-filled pores
is 3-4 orders of magnitude greater than in water-filled pores at 5-35°C and so the
membrane resistance will decline as water progresses along the pore length.
Notably, this assumes all pores are uniformly wetted across the contactor, which
is unlikely in practice due to pore size distribution, but this does provide useful
approximation for comparing the magnitude of wetting across different conditions
(Chabanon et al., 2013).

1 Tm Ow Tm Ow

+x (Eq. 3.6)
km,p DCOZ,g Em H DCOZ,Z Em

where tm is membrane tortuosity (-); dwis the porous wall thickness (m); Dcoz,gis
the diffusivity of COz in the gas-phase (m? s); em is the membrane porosity (-).
Membrane resistance for the nonporous HFMC, 1/kmd (s m™), permits
estimation of the permeability for the dense polymer (Eq. 3.7-3.8). This was in
direct contact with the liquid-phase and so it was assumed to approach the
solvent temperature via rapid conductive heat transfer (Villeneuve et al., 2018).

L __"mow Vm Od (Eq. 3.7)
kma Dcozg €m  Pain RTm
1 P
Py = - ( d(s')) (Eq. 3.8)
335+ 10-11 \ v,

where vm is the gas molar volume (m3 mol?); dq is the dense polymer layer
thickness (m); Pdcsiy and Pd represent the CO2 permeability of the polymer in Sl
units (10° m® m bar? st m?) and Barrer respectively; R is the molar gas constant

(8.314*10° m? bar K molt) and Tm is the membrane temperature (K).
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Table 3.2: Pure water properties from 5 to 35°C

5°C 10°C 20°C 35°C
Density (kg m-3)2 999.9 999.6 998.1 994.0
Dynamic viscosity (103 N s m2)2 15 1.3 1.0 0.7
Vapour pressure (kPa)?2 0.9 1.2 2.3 5.6
CO: diffusivity (10° m2s1)> 11 1.3 1.7 25
Schmidt number (-)° 1375 1032 600 293
Henry’s constant for CO2, Ci'/Cq (-)¢d 15 1.3 1.0 0.7
Henry’s constant for CHa, C'/Cq (-)°d 4.8x102 4.4x102%  3.7x107? 3.0x10?
aPerry and Green, (2007) ¢ Calculated values
b Frank et al., (1996) dSander, (2015)

3.3 Results and discussion

3.3.1 Microporous and nonporous HFMC influenced strongly by temperature

To simplify mass transfer analysis, initial experiments were undertaken using a
pure CO:2 feed gas (99.7%) as this will set gas-phase resistance to near zero,
leaving only the membrane and liquid-phase resistances to be determined
(Gabelman and Hwang, 1999). Increasing liquid velocity improved CO:2 flux
(Figure 3.2), due to a higher rate of solvent renewal at the membrane interface
(Heile et al.,, 2017). For each condition, a plateau was approached which
represents a reduction in boundary layer thickness and implies that liquid-phase
resistance was tending toward a minimum (Appendix B2) (Gabelman and Hwang,
1999). In both microporous and nonporous membranes, CO:2 flux decreased
following an increase in water temperature which modified the solubility constant
to restrict the solvent CO2 capacity (Table 3.2). Flux across the microporous
membrane exhibited a greater sensitivity to temperature, indicating a lower
overall resistance to mass transfer (Equation 3.2).
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Mass transfer resistance of the microporous membrane was 385 s m at 5°C,
around two orders of magnitude lower than the nonporous membrane (80700 s
m) (Figure 3.3). As solvent temperature was increased, mass transfer
resistance in the microporous membrane increased and was correlated to wetting
(Eg. 3.6). At 5°C, <0.2% of the pore structure was presumed to be wetted which
increased to 7.8% at 10°C, and 15.4% at 35°C. Observations of pore wetting at
increased temperatures have been attributed to the reduction in solvent surface
tension, since this will reduce the pore breakthrough pressure (Dai and Deng,
2016; Lu et al., 2008). However, the variation in solvent surface tension is minor
across the temperature range studied. Consequently, transmembrane pressure
(0.2-0.4 bar) represented less than 5% of the pore breakthrough pressure at the
highest temperature tested (8.4 bar, based on maximum pore size ~0.1 pum), and
so liquid entry was not expected to be the primary mechanism for pore wetting
(Table 3.1). Instead, the exponential increase in water vapour pressure that
occurs with an increase in temperature is more likely to have led to partial wetting
by the condensation of water vapour in the pore structure (Figure 3.4). Capillary
condensation will occur when the saturated vapour pressure exceeds the
equilibrium vapour pressure for condensed water within the pores (Chan et al.,
2020). While the probability of wetting is lower within hydrophobic membranes
(Appendix B1l), pore wetting by condensation has been previously reported
(Atchariyawut et al., 2006; Khaisri et al., 2009; Mahmud et al., 2000). Chan et al.
(2020) proposed this occurred through minor transients in flowrate and
temperature which create local conditions conducive to condensation since the
equilibrium vapour pressure responds more quickly than the saturated vapour
pressure as sufficient time is required for water vapour to diffuse out of the pores.
Notably, a dry gas feed was used in this work in contrast to real biogas which is
typically saturated with water vapour (Houlker et al., 2021b). Introduction of a
saturated gas-phase would limit the vapour pressure gradient across the HFMC
and is expected to reduce the probability and extent of wetting by condensation,

leading to more favourable mass transfer characteristics in practice.
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Mass transfer resistance in the nonporous membrane progressively declined
from 80700 s m'* at 5°C to 42400 s m* when water temperature was increased
to 35°C (Figure 3.3). The decline in membrane resistance was associated with
an increase in CO2 permeability for the dense polymer (Figure 3.5) (Scholes et
al., 2015b). In this study, permeability of the polymer was estimated to be 28.8
barrer at 35°C, which is substantially lower than has been reported for poly(4-
methyl-1-pentene) in dry conditions (Table 3.3) (Makhloufi et al., 2013; Mohamad
et al., 2019; Yasuda and Rosengren, 1970). This supports previous observations
for dense polymers where permeability is reduced when exposed to water vapour
(Scholes et al., 2015a, 2015b). Temperature and permeability can be related
using an Arrhenius expression, in which the activation energy is a compound
parameter used to characterise the overall temperature dependence for the
polymer (Feng and Huang, 1996) (Appendix B1). An activation energy of 13.9 kJ
mol* was determined from the experimental data which compares closely to
literature for poly(4-methyl-1-pentene) (15.2 kJ molt) (Makhloufi et al., 2013).
This indicates that the impact of competitive sorption on permeability was
consisent across the temperature range, despite variation in water vapour
pressure. Therefore, in contrast to the microporous membrane, operating at low
temperatures where water vapour transport is limited does not offer any
advantage to mass transfer within the nonporous membrane. Distinct gas
transport properties have therefore been demonstrated for microporous and
nonporous membranes. At low temperatures, the microporous membrane
resistance is comparable to a dry membrane and offers negligible mass transfer
resistance. For higher temperatures more relevant for carbon capture, the dense
polymer permeability increases while wetting begins to dominate within the
micropores. Consequently, microporous membranes may favour ambient
temperature applications such as biogas upgrading, whereas nonporous
membranes may represent the best available technology for carbon capture.
Microporous membranes have also demonstrated resilience during exposure to
real biogas containing volatile organic compounds (320 mg m=) such as
siloxanes, which could be simultaneously absorbed into the liquid-phase under

sufficient pressure to overcome their inherent low solubility (Houlker et al., 2021b;
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Tansel and Surita, 2019). Permeability data for poly(4-methyl-1-pentene)
suggests that the separation layer must be reduced from 1.0 to 0.1 um for the
nonporous membrane to achieve comparable mass transfer (Appendix B3).
Notably, incorporation of a sub-micron polymer layer requires the addition of a
gutter layer which can modify permeability and selectivity and increases
complexity for commercial fabrication (Kattula et al., 2015). Gas pressurisation
represents an alternative strategy to enhance mass transfer, that may
compensate for high membrane resistances.

Table 3.3: Comparison of dense-skin properties

Polymer Solvent Dense-skin CO2 permeability?  Reference
pum barrer
PMP DI water ~1.0° 29 This study
PMP None 0.1 61 Mohamad et al. (2019)
PMP None 0.1-0.2 99 Makhloufi et al. (2013)
PMP None 0.1 93-128 Yasuda & Rosengren (1970)
Teflon AF1600 30% MEA 12 290 Scholes et al. (2015b)
Teflon AF1600 None 12 512
PTMSP 30% MEA 2 31100
PTMSP None 2 632

aReported at 35°C
b Provided by manufacturer

3.3.2 Plasticisation and pore wetting do not limit CO> separation under pressure
To determine the effect of pressure on CO2 mass transfer in HFMC, the gas inlet
was initially fixed to pure CO2 (>99.7%) to provide a consistent gas-phase
resistance. Consistent overall mass transfer resistance was observed for the
microporous and nonporous membranes for pressures up to 4.5 bar (Figure
3.6a). This is in agreement with the work of Dindore et al. (2004). This infers that
pore wetting of the microporous membrane was successfully avoided by
employing a constant transmembrane pressure of 0.2-0.4 bar across the liquid
inlet - gas outlet (Dindore et al., 2004). Consistent overall mass transfer
resistance for the nonporous membrane up to 4.5 bar indicated that the dense

polymer did not undergo plasticisation as has been observed for other polymers
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previously (Figure 3.6a) (Kapantaidakis et al., 2003). Notably, the relatively thick
polymer layer (1 um) may have provided the mechanical strength to withstand
deformation during pressurisation. The density of CO2 (and its concentration, Cg)
will increase in direct proportion with gas pressure (Appendix B1). Consequently,
an enhancement in CO2 flux was observed in proportion to the extent of
pressurisation (Figure 3.6b; Appendix B1). Pressurised gas-liquid absorption can
therefore enable increased gas loading (mol m?s?) at the same solvent flowrate
which reduces normalised pumping costs, regeneration load and cooling

demand.
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Gas pressurisation was subsequently investigated using a 50:50 CO2-CH4 gas
feed to introduce the gas-phase resistance component to CO:2 transport (Figure
3.7). Resistance-in-series analysis was based upon consistent membrane
resistance observed for the microporous and nonporous membrane following
pressurisation. Membrane resistance of the dense polymer is inversely
proportional to the pressure dependent permeability parameter (Eq. 3.7)
(Villeneuve et al., 2018). Consequently, membrane resistance is a constant that
Is independent of pressure and so it can be inferred that the sorption of water
vapour did not obviously increase with applied pressure. Liquid-phase resistance
was also consistent across the pressure range studied for both membranes since
the solubility of CO2 increased in proportion to the pressure applied (Cesari et al.,
2021). However, gas-phase resistance reduced following an increase in
pressure. This can be explained by the increase in volumetric concentration of
CO2 with pressure which increases the driving force for mass transfer while
sustaining the same residence time for separation. For example, in the
microporous membrane, 1/kg decreased from 37800 s mt at 1.1 bar to 2650 s m-
L at 4.5 bar. Consequently, the increased rate of mass transfer complemented by
the higher COz2 solubility in solution, led to a higher methane gas composition at
the outlet, which increased from 91 to 98% CHas following pressurisation.
Comparable behaviour was demonstrated with the nonporous membrane.
However, methane concentration at the gas outlet did not increase significantly
following pressurisation to 2 bar. This pressure is coincident with the region where
1/km becomes the dominant resistance to mass transfer (57%). Under these
conditions, CO: flux is therefore more closely controlled by permeability of the
dense polymer layer, and since permeability is proportionate to pressure (=1/km),
a comparable methane outlet concentration was determined above 2 bar. This
analysis suggests that the selectivity provided by the dense polymer layer is not
beneficial under pressure as has been previously proposed. Instead, it may
negate the selectivity advantage that can be imparted when the liquid-phase

controls mass transfer, as is the case for the non-wetted microporous membrane.
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3.3.3 Pressurisation enhances CO: selectivity during biogas upgrading

To characterise how high gas pressures and low solvent temperatures can
enhance selectivity, transitions in liquid and gas-phase velocity were undertaken
to vary mass transfer resistance while modifying gas and solvent loading (Figure
3.8). The CO2 partial pressure declined across the length of the HFMC as
indicated by an increase in outlet methane concentration. At a gas velocity of 0.01
m s and 1.1 bar pressure, an increase in liquid velocity within the microporous
HFMC enabled a peak outlet gas quality of 94%vol at v. 0.6x10° m s*. The
enhancement in gas product quality is due to the reduction in liquid-phase
resistance at higher liquid velocity, which increased CO2 mass transfer into the
solvent (Houlker et al., 2021a). When increasing pressure to 4.5 bar, a higher
outlet gas quality could be achieved at a lower liquid velocity than at 1.1 bar. A
final product quality of >98% methane was achieved. This conforms with
industrial standards for biomethane (Bauer et al., 2013), and demonstrates that
pressure is not only advantageous for the rate of mass transfer but can also
enhance product quality within the same process scale. While increasing gas
velocity to 0.02 m s raised gas loading and shortened residence time,
comparable gas-phase quality could be achieved at the highest pressure studied
(4.5 bar). However, at lower pressures, the same product quality could not be
achieved. The observed enhancement in gas quality with pressurisation is
reflected by an increase in selectivity for CO2 (Figure 3.9). Whilst both CO2 and
methane fluxes are enhanced by pressure, there is a greater relative increase for
CO2 due to the associated reduction in gas-phase resistance (Figure 3.7). As
methane is the majority component in the gas-phase, 1/kg will be less significant
and thus CO2 mass transfer will be less affected by pressurisation (Houlker,
2019). In the nonporous module, higher liquid velocities and lower gas loading
also increased methane purity of the product gas due to an increased surface
renewal within the solvent, and a longer residence time in the gas-phase (Figure
3.8). Pressure was also demonstrated to increase gas product quality but could
not achieve the target concentration specified for biomethane. Pressurisation is
therefore not sufficient to offset the reduction in permeability introduced by low

temperature. Since 1/km will primarily control mass transfer at high v, where the
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plateau is approached, the resistance is too high to take advantage of the
enhanced selectivity provided by the polymer that must be compensated for
either by a reduction in gas flow rate or a reduction in membrane resistance by
incorporation of a thinner separation layer, and/or the application of a polymer
which exhibits a higher gas permeability.
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Figure 3.9: Influence of pressure on the selectivity of CO2 transport within the microporous
membrane. Conditions: 50:50 CO2/CH4 gas feed; vg, 0.02 m s?; v, 1.7x10® m s; solvent
temperature, 5-10°C; gas temperature in, 21°C.
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Figure 3.10: Impact of gas pressure on outlet gas quality, methane slip and methane losses from
the system in the microporous module. Conditions: 50:50 CO2/CH4 gas feed; vg, 0.02 m s7; v,
1.7x10% m s'%; solvent temperature, 5-10°C; gas temperature in, 21°C. Ideal dissolved methane
recovery estimated for solvent depressurisation to 1.5 bar in a flash vessel.
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While methane flux into the solvent is less significant than for COz2, the ‘slip’ of
methane into the solvent is critically important to biogas upgrading, due to
methane constituting a global warming potential 21-times greater than CO:2
(IPCC, 2007). As such, the carbon benefit of biomethane is fully negated when
methane losses exceed 13%vol. By increasing pressure, gas quality can be
improved at a fixed liquid velocity through the higher CO2 gas-phase patrtial
pressure which enhances CO2/CHas selectivity (Figure 3.10). This lowers the
energy demand for biogas upgrading, since the liquid velocity will determine the
energy consumption required for the compression, chilling and regeneration of
the solvent. Methane mass transfer is liquid-phase controlled and so ‘slip’, as a
volume fraction of methane in the raw biogas feed, was relatively consistent
across pressures (McLeod et al., 2013). However, operating at higher pressures
will allow recovery of a greater fraction of the slipped methane once the solvent
is depressurised ahead of solvent regeneration (so called ‘flash’) which will lower
overall methane losses (Bucklin and Schendel, 1985; Kapoor et al., 2019). As
such, whilst 11%vol methane slip occurred during biomethane production in the
microporous membrane at 4.5 bar, this can be reduced to 4%vol methane losses
from the system through downstream recovery. In practice, losses below 1-2%vol
are necessary to compete with commercial PWA biogas upgrading plants (Kvist
and Aryal, 2019), whilst losses below 0.5%vol are necessary to qualify for
financial incentivisation under the German tariff system (EEG 2009) (Patterson
et al., 2011). A further increase in pressure into the range utilised by commercial
PWA plants (7-10 bar) may be necessary to lower methane losses to satisfy this
incentivisation threshold (Angelidaki et al., 2018). This pressure range was
evidenced to be feasible for microporous HFMC by Dindore et al. (2004) for pure
COg, and it can be inferred from this study that methane losses will progressively
reduce with increasing pressure. However, demonstration of this reduction in slip
at higher pressures must be validated for CO2/CH4 binary gas separation. This
may be complemented by increasing gas loading into the HFMC (Figure 3.8),
where the increased rate of mass transfer can further enhance CO2/CHa

selectivity to sustain product quality (>98%vol) while minimising slip (Table 3.4).
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Table 3.4: Performance comparison for binary separation at 4.5 bar, for conditions facilitating 98-
99%vol CH4 product quality in microporous HFMC at different gas loading rates.

Vg \Y 1/Kov Selectivity = CHa slip
ms! x10°ms! sm? Jco2/ Jcna  %vol
0.01 0.6 37300 7.4 13%
0.02 1.7 50500 8.7 11%

Volumetric analysis demonstrates the increased gas loading that can be
achieved under pressure using considerably less absorption solvent (Figure 3.10)
and delivering a higher gas quality. However, the volumetric methane ‘slip’ (rather
than losses) is within a comparable range across the pressures tested. This can
be explained by the normalisation of L/G for pressure (m3iquid M=gas) Which
creates a volumetric equivalency for the gas-phase, but with a higher molar
concentration as pressure is increased (Figure 3.11). Consequently, methane slip
into the liquid-phase is in proportion to the gas-phase partial pressure, where the
dotted line evidences that an equilibrium is achieved between gas and solvent
such that ‘slip’ can be estimated based on Henry’s law for microporous HFMC
(Figure 3.11b; Appendix B.1). The equilibrium line also confirms that methane
mass transport was not hindered by the microporous membrane (McLeod et al.,
2013). In the nonporous module, methane ‘slip’ similarly followed equilibrium in
proportion with the pressure normalised L/G ratio up to a value of 2-3, after which
methane slip was seemingly mitigated (Figure 3.11c). This point of transition is
consistent with the permeance of methane across the polymer layer approaching
1.5 GPU, close to the limit for poly(4-methyl-1-pentene) (2 GPU) (Mohr and Paul,
1991; Nematollahi et al., 2016). We therefore propose that within this operating
region, methane transport is limited by the permeance of the polymer whose
properties then determine CO2/CHs selectivity. However, due to the material
resistance, higher L/G ratios were required to achieve peak outlet gas quality in
the nonporous membrane (~3.6 versus ~1.5 for microporous), increasing slip
sufficiently to offset the advantage of the CO2/CHa selectivity provided by the
polymer layer. On this basis, microporous membranes may be preferential for
producing biomethane to industrial standards, where low temperatures provide
resilience to wetting and high pressures can benefit CO2/CHa selectivity to

improve product quality, while minimising methane losses.
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3.4 Conclusion

This study has investigated the concomitant role of pressure and temperature on
CO2 mass transfer and selectivity within microporous and nonporous membranes
for the first time, which is critical to advancing HFMC as a next-generation biogas
upgrading technology. Based on a systematic examination of temperature, the
reduction in wetting observed at lower temperatures is not due to an increase in
surface tension, but the reduction in vapour pressure of the solvent which
mitigates capillary condensation within the pore structure. The presence of water
vapour in real biogas will reduce the vapour pressure gradient across the
membrane and is likely to further mitigate the probability and extent of wetting by
condensation. Consequently, microporous membranes may be more robust for
biogas upgrading than for flue gas carbon capture due to the lower temperature
of the gas-phase. Inline chillers are commonly present in biogas pipelines to
modify relative humidity of biogas before gas treatment, and so an engineered
approach to temperature control may be practically achievable to further enhance
separation robustness.

This is the first study to examine pressurisation of a non-stationary binary gas-
phase within a microporous HFMC and illustrates that despite the significant
pressure and velocity transient across the gas-side of the membrane when under
pressure, wetting was not instigated when transmembrane pressure was
regulated to below the breakthrough pressure. Henry’s solubility constant
increased in proportion to pressure and as such liquid-phase resistance was
independent of pressure. Conversely, resistance within the gas film is reduced
by increasing pressure due to the increased volumetric concentration which
enhances the driving force for mass transfer in proportion to the pressure applied.
This mechanism is comparable between microporous and nonporous HFMC,
despite mass transfer being primarily controlled by membrane resistance within
the poly(4-methyl-1-pentene) separation layer which was constant due to its
inverse relationship to the pressure dependent polymer permeability. Although
CO2 permeability within poly(4-methyl-1-pentene) was ostensibly below that

reported for dry conditions, membrane resistance was consistent as pressure
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was increased, suggesting that water vapour sorption and plasticisation
behaviour do not significantly inhibit CO2 permeation.

Pressurisation can enhance COz2 selectivity to improve gas product quality and
levelised cost of production (capital and operational savings) while also
minimising methane losses through ‘slip’ and enhancing methane recovery which
is of practical significance to the viability of HFMC for biogas upgrading. Future
work could include a detailed economic evaluation examining interactions
between membrane material and operational conditions to enable direct
comparison for biogas upgrading in HFMC and absorption columns. While
pressurisation is shown to reduce the cost of nonporous membranes through an
increase in flux, microporous HFMC have been demonstrated as an effective
solution for low temperature, high pressure applications within this study, and as
such poly(4-methyl-1-pentene) based membranes are unlikely to compete
economically unless they can be manufactured with an ultrathin dense layer that
offers comparable mass transfer without compromising mechanical strength and
plasticisation behaviour. Existing nonporous membranes may still prove
competitive for high temperature, high pressure CO:2 applications due to the
enhancement in permeability, and comparative increased risk of wetting in

microporous membranes.
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Appendix B
B1 Supporting equations
Gas flow measurements were corrected based on the temperature and
pressure:
Qg,out = Qg,bubble (%) <;‘gi > (Eq. B1)
g,in g,out
where Qgpubble is the gas flowrate measured using the bubble flowmeter [m3 s1];
Pg.out is the gas pressure at the point of measurement [1 bar]; Tgout iS the gas
outlet temperature at the point of measurement [K] and Tg,n IS the gas inlet
temperature [K].
Gas-phase CO:2 concentrations were determined using the ideal gas law:

n P,
97V TZRT,

where n/V is the amount of CO2 per unit volume [mol m3]; Py is the total gas
pressure [bar]; z is the compressibility factor for CO2 [-] and Tg is the gas
temperature [K].

The probability for capillary condensation is described by the Kelvin equation:

Pe 2 Y Uy
ln( 1 ) = — (—) cos 6 (Eq. B3)
Psat RT Xcrit

where Peq is the equilibrium vapour pressure (bar); Psat is the saturated vapour

pressure (bar); y is the liquid surface tension (N m1); vi is this liquid molar volume
(m2 mol?); and xcritis the average pore diameter (m).

Polymer permeability is related to temperature through an Arrhenius
relationship:

_Ell
Py =Py,eRT (Eq. B4)

where P4 is polymer permeability (barrer) Pgo is a constant (-) and Ea is the
polymer activation energy (J mol?).

Methane slip could be projected based upon gas-liquid equilibrium at the
HFMC outlet:

C*
CH4_ Sllp — Ql CHA4,l,out (Eq BS)
Qg,in CCH4,g,in
1 1
Cenar = Penaout PLKR e[c T 298'15)] (Eq. B6)
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where C*cha,lis the equilibrium concentration of methane in the liquid-phase [mol
m-3]; pi is density of pure water at the liquid temperature [kg m=]; pcHa,out is the
partial pressure of methane in the gas outlet [bar]; k°~ and c are the Henry’s Law
constant for methane in pure water at 298 K [0.0013 mol kg? bar?] and its
temperature dependence constant [K] respectively (Sander, 2015); T is the

liquid-phase temperature [K].

B2 Evaluation of Graetz-Leveque solution accuracy

Liquid-phase resistances from the Graetz-Leveque solution (Egq. 3.5) were
projected over a range of liquid velocities at 5, 10, 20 and 35 °C (Figure B1). The
error between the projected values and the experimental values was calculated
and compared (Figure B2). A convergence between projected and experimental
values to within + 5000 s m! was observed above Gz = 15, providing an
acceptable degree of accuracy. Application of the Graetz-Leveque solution under
these conditions supported the deduction of gas-phase mass transfer resistances

during binary gas experiments.
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Abstract

Liquid and solid products can form in the gas-side of membrane contactors
following reactive absorption of CO:2 in ternary systems, which is a critical barrier
to adoption for carbon capture applications. While it is acknowledged that these
products form due to ‘slip’ of reactants from the solvent, the precise mechanism
is unclear. This study therefore sought to systematically characterise CO:2
absorption in distinct regions of the ternary vapour-liquid equilibrium (VLE) to
provide a framework on which to develop mitigation strategies for gas-phase
reactions. The CO2-NHs-H20 system was used for illustration. Instability in CO2
absorption indicated the onset of gas-phase reactions, which coincided with an
increase in pressure drop due to formation of liquid products once high CO:2
capture ratios (>89%vol) were achieved. Analysis of the temporal gas-phase
composition suggests liquid products form due to a critical shift in the relative
composition of reactants within the ternary system. This is consistent with
compositional analysis of gas-side ammonia collected in independent fractions
across the system. Our study confirmed that product formation correlated to
relevant regions of the VLE, implying that these mechanisms can be mitigated by
identifying coordinates within the VLE where liquid and solid reaction products
are less likely to form. Pressurisation was proposed as a strategy that can modify
the relative gas-phase ammonia composition to more favourable coordinates
within the VLE. An increase in CO: transfer into the solvent through
pressurisation will also shift the ammonia-ammonium equilibrium toward
ammonium to indirectly reduce vapour pressure. This synergistic strategy
provides evidence for the operation of membrane contactors for sustained CO:
separation in ternary systems, and is of importance to a range of prospective

reactive solvents which are critical to delivering carbon capture at scale.

Keywords: HFMC, CO: capture, CCS, chilled ammonia process, crystallisation
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4.1 Introduction

Hollow fibre membrane contactors (HFMC) are an emerging alternative to packed
columns for CO2 absorption due to their higher interfacial area which lowers
installed capacity (capital cost) and solvent requirements (separation energy)
(Belaissaoui et al., 2016; Houlker et al., 2021). Chemical solvents have been
studied in HFMC to facilitate higher CO2 absorption capacities and enhanced
mass transfer (Khaisri et al., 2011, 2009; Scholes et al., 2015). Aqueous
ammonia (NHsag) has a CO2 capacity which is three times greater than amines,
whilst also being cheaper, less corrosive and requiring less energy for
regeneration (Chin Yeh and Hsunling, 1999; Jilvero et al.,, 2012; Mani et al.,
2006). However, its higher volatility leads to greater ‘slip’ into the treated gas
which has been linked to difficulties with achieving stable CO2 separation in
HFMC (Table 4.1) (Bavarella et al., 2022; Cui and DeMontigny, 2017; Villeneuve
et al., 2018a). Makhloufi et al. (2014) reported a decline in CO2 capture from 94
to 20%vol during absorption using NH3(@g). The authors associated this with the
visible precipitation of solids in the gas-side of the membrane, and this
phenomenon has since been observed by others (Cui and DeMontigny, 2017;
Makhloufi et al., 2014). The mechanism of solids formation was postulated to
arise from a gas-phase CO2-NHs reaction followed by deposition onto the
membrane surface which modified the hydrophobicity sufficiently to initiate liquid
breakthrough into the pore structure, as indicated by an increase in the
membrane mass transfer resistance (Cui and deMontigny, 2017). The crystalline
solid formed within the gas-phase was presumed to be ammonium bicarbonate
using compositional analysis (Bavarella et al., 2022). However, there is
recognition that the reaction pathways are dependent on the conditions
employed, leading to the possible formation of several solid products which
include ammonium carbamate (NH2COONHa) (Eq. 4.1), ammonium carbonate
((NH4)2CO3H20) (Eq. 4.2) and ammonium bicarbonate (NHsHCO3) (Eq. 4.3)
(Mani et al., 2006):

2NHs + CO, & NH,™ + NH,CO00™ & NH,COONH 5 (Eq. 4.1)

2NHj3 + CO, + 2H,0(y & 2NH,* + C03*™ + H,0() < (NH,),C03H,0(s (Eq. 4.2)
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NHs + CO; + H,0(y & NHy* + HCO3™ & NH,HCOss (Eq. 4.3)
Gas-phase precipitation could be mitigated by lowering the ammonia vapour
pressure through solvent chilling (Bavarella et al., 2022). Increasing CO:2 loading
of the solvent also reduced NHs slip by shifting the ammonia-ammonium
equilibrium toward non-volatile ammonium (Bavarella et al., 2022; Darde et al.,
2010; Houlker, 2019). Villeneuve et al. (2018a) observed that raising humidity
within the gas feed (comparable to industrial flue gases) diminished gas-phase
precipitation but a concentrated ammonia solution was formed in the gas-phase.
Stable CO2 capture was nevertheless observed, and the liquid could be
continuously drained from the lumen without contributing to pore wetting or
introducing an increased resistance to mass transfer (Villeneuve et al., 2018a,
2018b). The authors proposed that solids formation occurred through gas-phase
reactions between CO2, NHs and water, which then dissociate to release gaseous
components when the CO: partial pressure lowers along the HFMC length
(Villeneuve et al., 2018a). The liquid product was suggested to be formed by
oversaturation of the gas-phase, leading to the condensation of a concentrated
salt solution which exhibits an osmotic pressure sufficient to drive water from the

solvent across the membrane into the gas-phase (Villeneuve et al., 2018a).
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Table 4.1: Literature summary for CO2 absorption using NH3(ag) in HFMC

Membrane  Cnhs pH T pnH3 pr2o CO2zin Process Observations Source
molnhnz L1 °C mbar mbar  %vol instability

PP 0.6-3.0 >11p 21 8-42 23-24 15% Yes Gas-side solids formation (Makhloufi et al., 2014)

PTFE 3-5 11 25 51-85 29-30 50% Yes Gas-side solids formation (McLeod et al., 2015)

PTFE 1.0-2.0 >11b 21 14-28 24 15% Yes Gas-side solids formation and (Cui and DeMontigny, 2017)
pore wetting

PMP/PP2 3 >11b 10-40 23-101 12-69 15% Yes Gas-side solids and liquid (Villeneuve et al., 2018a)
formation

PP 3.3 13 20 45 21 50% Yes Suspected pore wetting (Houlker, 2019)

PP 3.3 9-13¢ 6 3-22 8 50% No -

PTFE 2.3-3.0 10 20 25-32 22 100% Yes Gas-side solids and liquid (Bavarella et al., 2022)
formation

PTFE 0.6 10 20 6 23 100% No -

PTFE 2.3 7.5-10¢ 20 1-25 22 100% No -

PTFE 3.0 7.5-10¢ 5 1-11 8 100% No -

Cnhs— solvent concentration; T — solvent temperature; pnnz and pHzo — ammonia and water partial pressures in the gas-phase at equilibrium (Appendix C); PP —
polypropylene; PMP — polymethlypentene; PTFE — polytetrafluoroethylene.

a Nonporous polymethlypentene skin (0.1 micron) on polypropylene matrix
b Solvent pH not reported - presumed to exceed pH 11 based on ammonia concentration

¢ Solvent pH declined over time due to recirculation and increased CO: loading (Darde et al., 2010)
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While a causal link has been established between the presence of an elevated
ammonia vapour concentration and the development of both solid and liquid
ammonia products within the gas-phase (Table 4.1), a method to predict the
reaction mechanisms is yet unclear (Bavarella et al., 2022; Villeneuve et al.,
2018a). Capture of CO2 by ammonia is illustrative of a ternary system comprising
CO2-NH3z-H20, which is common to many current and emerging solvents for CO2
capture (Zhao et al., 2023). In ternary systems, the relative fractions of the three
components in the gas-phase will determine reaction kinetics and products
(Sutter et al., 2015). The ternary vapour-liquid equilibrium (VLE) for CO2-NHs-
H2O (Darde, 2010; Thomsen and Rasmussen, 1999) has been resolved to
accurately describe interaction between phases, and enables specific regions to
be isolated where solid, liquid and vapour products could most likely form (Figure
4.1) (Sutter et al.,, 2015). Since gas and liquid-phases are freely mixed in
conventional contacting columns, the formation of solid and liquid products is less
critical to robust operation. However, in HFMC the phases are separated by the
membrane, which increases the likelihood and significance of isolated gas-phase
reactions. Consequently, the aim of this study is to evidence the mechanisms that
underpin gas-phase reactions in the CO2-NH3-H20 system by using the VLE for
diagnostic characterisation. The outcome is intended to explain previous
literature observations and provide a foundation on which to develop mitigation
strategies for stable CO2 absorption in HFMC which has wider relevance for

reactive ternary systems.

4.2 Methodology

This study employed a similar experimental set-up to previous work (Cui and
deMontigny, 2017). An 8%vol CO2 gas was fed counter-current into the HFMC
lumen, with deionised (DI) water (15 MQ cm) or agueous ammonia (1-3 molnHs
L1) in the shell-side (6.5+0.5°C). The system was operated at a fixed volumetric
gas-liquid (G/L) ratio of 4.4. At the end of each experiment, a mass balance was
conducted to determine ammonia transfer into the gas-phase. Four fractions
were characterised: (i) the solvent; (ii) the liquid condensate (collected in a gas-

liquid separator) (Villeneuve et al., 2018a); (iii) the gas-phase outlet (captured in
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an acid trap); and (iv) the residual ammonia in the HFMC lumen (using an acid

rinse). Full details of the methodology are available in Appendix C.

by 0.2 0.4 0.6 0.8 NH,

Figure 4.1: Ternary vapour-liquid-equilibrium for CO2-NH3-H20 based on the output of the
extended UNIQUAC model at 10°C developed by Thomsen and Rasmussen (1999). S — solid; L
— liquid; V — vapour; BC — ammonium bicarbonate; SC — ammonium sesqui-carbonate; CB —
ammonium carbonate; CM — ammonium carbamate. Annotations added using orange boxes and
an orange arrow. Red-white shaded region could not be resolved within the model. Republished
from Sutter et al. (2015) with permission from Elsevier Ltd.

4.3 Results and discussion

4.3.1 NHz(q) associated with chemical enhancement and process instability

The absorption of CO2 by NH3s@aq) was compared directly to DI water to evaluate
the potential for chemical enhancement. When using DI water, a consistent CO2
capture ratio of 35%vol was established (Figure 4.2). An NH3(aq) solvent (1 molnHs
L) initially increased the CO2 capture ratio up to 92%vol but was unstable,
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gradually achieving a pseudo steady-state value of 58%vol toward 60 minutes,
equivalent to chemical enhancement (Jchem/Jphys) Of 1.7 (Appendix C2). A similar
trend was observed for 3 molnnz L2, where following an initial peak in CO2 capture
ratio of 89%vol, CO2 capture became unstable, eventually reaching a pseudo
steady-state value of 83%vol (Jchem/Jphys, 2.4). The CO2 enhancement increased
with solvent reactivity but the initial peak in CO2 capture ratio observed for both
NHs(ag) solvents correlated to an increased pressure drop in the fibre of between
45 and 85 mbar and was coincident with liquid droplets at the gas-outlet (collected
as condensate in the gas-liquid separator). Formation of solid or liquid products
within the lumen will reduce the effective diameter, thereby increasing the
pressure drop (Chan et al., 2020; Villeneuve et al., 2018a). Since the gas flowrate
was fixed throughout, a reduction in the effective diameter will also increase the
superficial gas velocity. This will restrict the time for COz2 to diffuse from the gas
bulk to the liquid interface, and is consistent with the observed reduction and
instability in mass transfer (Houlker, 2019; Makhloufi et al., 2014).

118



(a) —O—CO02 capture —O—dP/dt

100% 12
80% - M9
2
© -6 -
o — 60% - o
S35 - =
28 o EE
© = a E
o 40% A T o
o' q -0 £
(&)
20% A L -3
O% T T T T T T T '6
0 10 20 30 40 50 60 70
Time (minutes)
(b) 100% 12
80% o
iel
© -6
o — 60% <
579 o £
[ -3 B E
O — [a W E
° 40% ° 3
o} - 0 £
(&)
20% L -3
0% H T T T T T T -6
0 10 20 30 40 50 60 70
Time (minutes)
(c) 12
F 9
o
2 L 6 _
o <
5 L 3 § £
a &
o - 38
< £
o) 0 =
(&)
- -3
0% T T T T T T T '6
0 10 20 30 40 50 60 70

Time (minutes)

Figure 4.2: CO:2 capture ratio and gas-side pressure drop using: (a) DI water; (b) 1 molnns L1
and (c) 3 molnns L solvents. Operating conditions: liquid flowrate, 0.25 L min-t; liquid temperature,
6.5+£0.5°C; CO: in feed gas, 8%vol; feed gas flowrate, 1.1 L min-1; gas temperature, 21°C.
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4.3.2 Condensate formation and composition evidences gas-phase reactions
Over 60 minutes, a total of 2.5 and 7.9 g ammonia was transferred to the gas-
phase from the 1 and 3 molnns L solvents respectively (Figure 4.3). The increase
in ammonia transfer from the 3 molnxs Lt solvent is due to the higher ammonia
vapour pressure (7 versus 21 mbar) (Appendix C2). Through sacrificial sampling,
the ammonia identified within the lumen through acid extraction of the hollow-
fibre indicated early formation of solid ammonium salts as evidenced in previous
work (Bavarella et al., 2022; Villeneuve et al., 2018a). However, the amount of
ammonia located within the lumen did not change markedly over time. This
reduced as a relative fraction of the total ammonia products as the system
migrated toward the preferential formation of an ammonia-rich condensate. The
final condensate produced from the 3 molnns L solvent was 63.7 ml, around 80%
higher than recorded at 1 molnns L, despite comparable water vapour pressures
for both solvents (~10 mbar). We therefore propose that the intensification in
water vapour mass transfer was driven by the increase in the solvent
concentration and volatility, consistent with reaction pathways for ammonium salt
formation (Eq. 4.1-4.3) (Sutter et al., 2015). The sustained salt concentration may
therefore arise from the condensate partially dissolving solid products as
suggested by previous researchers (Villeneuve et al., 2018a), or from the reaction
favouring condensate formation.

Ammonia concentration within the condensate was two to three times greater
than in the solvent (Figure 4.4). This is inconsistent with previous proposals that
liquid is present in the gas-side due to breakthrough following pore wetting
(Bavarella et al., 2022; Cui and DeMontigny, 2017) or water transfer promoted by
an osmotic gradient (Villeneuve et al., 2018a) since both propositions would result
in condensate concentrations less than or equal to the solvent. It is also
incompatible with physical condensation driven by the binary ammonia-water
mixture, since the vapour composition (40-66%wt ammonia) and gas-side
conditions (21°C, 1.1 bar) are insufficient to facilitate a phase-change (Patek and
Klomfar, 1995) (Appendix C2). For both solvents, ammonium concentration in the
liguid did not consistently exceed 1.7 molnHa+ L™ required to precipitate NHsHCOs,
which is the least soluble of the ammonium salts under these conditions (Eq. 4.3)
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(Bates and Pinching, 1950; Mani et al., 2006). This confirmed that the liquid would
have the capacity to dissolve crystallised salts and capture ammonia from the
lumen over time as observed in this study (Figure 4.3). Ammonia collected from
the gas outlet (using an acid-trap) was in close agreement with the ‘slip’ expected
at equilibrium (Figure 4.5). Consequently, this indicates that despite considerable
ammonia fractionation into the solid and liquid products within the lumen,
equilibrium was re-established along the fibre length according to Le Chatelier’s
principle. Hence, ammonia and water vapour will be continuously drawn across
the membrane to sustain gas-phase reactions, the rate of which will be dependent

on the solvent ammonia vapour pressure.
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Figure 4.3: Temporal analysis of ammonia transfer into the gas-side during experimentation with:
(a) 1 molnws L1; and (b) 3 molnns L solvents. Ammonia was recovered from the lumen (via acid
elution), condensate (collected in a gas-liquid separator), and the outlet gas (captured using an
acid trap). Operating conditions: liquid flowrate, 0.25 L min-; liquid temperature, 6.5+0.5°C; CO:2
in feed gas, 8%vol; feed gas flowrate, 1.1 L min‘%; gas temperature, 21°C.
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Figure 4.4: Composition of condensate collected at the gas-outlet using a gas-liquid separator
for: (@) 1 molnks LY and (b) 3 molnks L2 Operating conditions: liquid flowrate, 0.25 L min; liquid
temperature, 6.5+0.5°C; CO: in feed gas, 8%vol; feed gas flowrate, 1.1 L min-1; gas temperature,
21°C. Dotted lines indicated NH4HCOs3 solubility at 21°C (O’Neil, 2006; Perry and Green, 2007).
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Figure 4.5: Ammonia transfer at the gas outlet (captured using an acid trap) over time when using
agueous ammonia solvents. Operating conditions: liquid flowrate, 0.25 L min-1; liquid temperature,
6.5+0.5°C; CO: in feed gas, 8%vol; feed gas flowrate, 1.1 L mint; gas temperature, 21°C. Dotted
lines represent ammonia slip over time at gas-liquid equilibrium estimated using Henry’s Law
(Appendix C2).

4.3.3 High CO2 capture can trigger gas-phase reactions in the ternary system

During experimentation, equilibrium between gas and liquid-phases will establish
at the membrane inlet due to the low gas velocity (0.04 m s) (Chan et al., 2020;
Gabelman and Hwang, 1999). Therefore, ammonia and water vapour were
present in predictable quantities alongside CO:2 in the gas-phase. Absorption of
COz2 across the fibre length reduced the CO: fraction and lowered the overall gas
volume (Figure 4.6), shifting the gas-phase composition within the ternary
system. This will impact the fugacity of each gaseous component and the activity
coefficients associated with each of the potential aqueous species, therefore
determining the preferential reaction sequence as described by the VLE (Darde
et al., 2010; Sutter et al., 2015). This is the basis of urea production, which fosters
the conditions for the gas-phase interaction of CO2 and NHs in the presence of
water to form a highly concentrated aqueous solution based upon NH3COONH4
(Verbrugge, 1979). When using 1 molnns L2, the initial gas-phase composition

(prior to CO2 separation) is in a region of the VLE where components can exist in
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vapour, liquid or solid phases (Figure 4.1: ai). Without the external energy
required to initiate a phase-change, the components can be expected to transit
through the lumen as a vapour mixture. However, the early peak in CO2 capture
(92%vol) reduced the CO2 mass fraction, shifting the system into a
thermodynamic region where only liquid and solid reaction products (NH4HCO3)
are viable (Figure 4.1: az; Figure 4.7). This corresponded with the sudden
increase in pressure drop and the observation of liquid at the outlet. Since the
relative water fraction in the gas-phase at this condition (x120=0.3) was slightly
greater than required for solid NH4HCOs3 precipitation, the VLE predicts a
concentrated aqueous solution to be the primary reaction product which is
consistent with analysis of the liquid composition (Figure 4.4). The 3 molnns L*
solvent exhibited a higher ammonia vapour pressure, leading to an initial gas-
side composition which was richer in ammonia (Figure 4.7b). Consequently, a
lower CO2 capture threshold (86%vol) was necessary to transition the system
into a region of the VLE where liquid and solid reaction products are predicted to
form (Figure 4.1: b2). This is corroborated by the lower peak in CO2 capture
(88%vol) for this solvent, despite its higher reactivity, prior to observation of liquid
at the gas outlet (Figure 4.2c) The associated salts were (NH4)2CO3H20 and
NH2COONHa4 which are highly soluble (>32 g L), and so minimal deposition in
the lumen was expected as observed throughout the experiment (Figure 4.3b)
(Mani et al., 2006).
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Figure 4.6: Projected ternary system composition based upon gas-liquid equilibrium vapour
pressures for ammonia and water and the influence of CO: capture ratio for: (a) 1 molnxs L; and
(b) 3 molnns L solvents. Based on the output from the extended UNIQUAC model at 10°C (Sutter
etal., 2015; Thomsen and Rasmussen, 1999) and equilibrium vapour pressures for NHz and H20
(Appendix C2).
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Figure 4.7: Experimental ternary system composition based upon the CO: capture ratio when
using: (a) 1 molnns LY; and (b) 3 molnus Lt solvents. Relevant regions based on the output from
the extended UNIQUAC model at 10°C (Sutter et al., 2015; Thomsen and Rasmussen, 1999) and
equilibrium vapour pressures for NHs and H20 (Appendix C2).
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4.4 Proposed mitigation strategies

This study has identified the probable mechanism underpinning disruptive gas-
phase reactions during CO2 absorption by NH3s(aq) in HFMC. It is proposed that
two pre-conditions must be met to initiate reactions: (i) ammonia and water
vapour must be present alongside COz: in the gas-phase, and (ii) the gas-phase
composition must exceed a system specific threshold necessary to promote the
formation of liquid and solid reaction products (Figure 4.1). Previous researchers
have targeted the first pre-condition by lowering ammonia vapour pressure to
reduce the extent of gas-phase reactions (Table 4.1) (Bavarella et al., 2022;
Houlker, 2019). This can be achieved by solvent chilling and high CO:2 loading
(Bavarella et al., 2022; Darde et al., 2010) both of which are complimentary to
the chilled ammonia process where NHsHCOs precipitation is mediated within the
solvent to reduce the equipment size and energy demand related to regeneration
(Milella et al., 2018; Sutter et al., 2017). However, some ‘slip’ is inevitable in
practice, particularly since highly reactive, concentrated solvents are necessary
to favour process intensification and economics (Augustsson et al., 2017). This
work highlights the relevant role of the ternary VLE phase diagram in determining
conditions which set the second pre-condition for gas-phase reactions and can
therefore better inform mitigation strategies. For example, pressurisation will
increase CO:2 concentration in the gas-phase and since ‘slip’ is independent of
pressure, this will lower the relative amount of ammonia (and water) in the gas-
phase at equilibrium (Figure 4.8) (Fang et al., 2015). Pressurisation will therefore
shift the system towards the COc-rich region in the ternary VLE (Figure 4.1: c1)
where formation of gas and liquid products cannot proceed via gas-phase
reactions even under high CO:2 capture ratios. Since commercial CO2 absorption
columns operate under pressurised conditions (4-10 bar) for process
intensification (Angelidaki et al., 2018), pressurisation offers a strategy to improve
stability whilst intensifying mass transfer and increasing the commercial

competitiveness of HFMC for reactive CO2 absorption in ternary systems.
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Appendix C

C1 Experimental set-up

An experimental set-up was developed to investigate gas-phase reactions during
CO2 capture with ammonia within a transverse-flow HFMC (Figure C1). The
HFMC contained 10200 polypropylene hollow fibres, each with a length of 0.16
m (EXF-2.5x8”; 3M Industrial Group, Charlotte, USA). The fibres had internal
diameters and wall thicknesses of 240 pm and 30 um, to provide a total internal
surface area of 1.2 m? for the HFMC. Aqueous ammonia solvents (1 or 3 mol L-

1), prepared by mixing concentrated aqueous ammonia (35% Fisher Chemicals,
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Loughborough, UK) and de-ionised water (15 MQ cm), were pumped into the
HFMC shell-side (AD550, Xylem, New York, USA). Solvent flowrate was
controlled at 0.25 L mint using a throttling valve (Double acting inline control
valve, F.lli Tognella Spa, Rome, Italy). Solvent temperature was maintained at
6.5+£0.5°C using a thermostatic recirculating water bath (LT Ecocool 150, Grant
Instruments, Cambridge, UK). A gas blend comprised of 8%vol CO2 and 92%vol
N2, analogous to an industrial flue gas (Kozak et al., 2009; Makhloufi et al., 2014;
Scholes et al., 2015), flowed through the HFMC lumen in countercurrent with the
solvent (99.8% COz2; 99.9% N2, BOC gases, Ipswich, UK). The total gas flow was
set at 1.1 L min*? using mass flow controllers (0.01- 5.0 L min~!, Roxspur
Measurement and Control Ltd., Sheffield, UK). Gases were supplied to the lumen
at a temperature of 21+£0.5 °C and a pressure of 1.1 bar (DPG1001B-15G, +0.1%
full scale, Omega Engineering Ltd., Manchester, UK). An overpressure of 0.2-0.4
bar was maintained on the liquid-side to prevent gas bubbling or liquid
breakthrough using throttling valves at the HFMC outlet (Dindore et al., 2004)
(SS-4MA-MH, Swagelok, Kings Langley, UK; Double acting inline control valve,
F.lli Tognella Spa, Rome, ltaly). A gas-liquid separator was positioned at the gas
outlet to collect condensate. The outlet gas was bubbled through dilute sulphuric
acid (0.5 mol L) in two 1 L gas-tight aspirator bottles to capture gas-phase
ammonia (Schott Duran, VWR, NL). Outlet gas composition was monitored
continuously using an infrared CO:2 analyser (BCP-CO2, <0.5% full scale,
BlueSens gas sensor GmbH, Herten, Germany). Outlet gas flow was measured
using volumetric bubble flowmeters (50 ml, £2% full scale, Restek, Bellefonte,
USA; 1000 ml, Model 311, +2% full scale, Blandford Forum, UK). At end of each
experiment, the HFMC lumen was flushed with compressed air at 40 L min-! for
2 minutes to purge condensate into the gas-liquid separator. Dilute sulphuric acid
(0.5 L; 0.5 mol L) was then recirculated through the lumen for 15 minutes to
capture any remaining ammonia. Finally, the lumen was rinsed with 10 L of de-
ionised water and flushed for 45-minutes with compressed air at 40 L min! to
restore hydrophobicity. Ammoniacal nitrogen concentrations within the
condensate, the acid rinse solution and the acid traps were determined by
spectrophotometry using proprietary cell tests (114558 NH4-N, Spectroquant cell
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tests, Merck-Millipore, Darmstadt, Germany). Condensate pH measurements
were conducted in a temperature-controlled environment at 21+0.5 °C (InPro
3250i/SG/120, Mettler-Toledo Ltd, Leicester, UK). Each primary data point was
collected in duplicate or triplicate and standard deviation is represented by error

bars.
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Figure C1: Experimental layout

C2 Experimental Analysis

The experimental CO2 flux across the HFMC was determined as:

Cg (Qg,in Ycoz,in — Qg,out yCOZ,out) (Eq. C1)
a

Jecoz =
where Jcozis COz2 flux (mol m2 min1); Qgis the gas flowrate (L mint); ycoz is the
fraction of COz2 in the gas-phase (%vol); Cq is the concentration of pure CO:2 at
the inlet gas temperature and pressure (0.045 mol L) (Air Liquide, 2023b); a is
the HFMC surface area (1.23 m?); and subscripts in and out refer to the inlet and
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outlet of the HFMC respectively. The corresponding CO2 capture ratio (%vol) was
calculated as (Gabelman and Hwang, 1999):

Qg,in Ycozin — Q
Neoy = g,in yCOZ,m g,out yCOZ,out (Eq. C2)

Qg,in yCOZ,in
A dimensionless chemical enhancement factor was applied to compare CO2
fluxes for chemical absorption in NHs(q) relative to physical absorption in DI

water:

E = ]chem (Eq_ C3)
Jony

Ammonia vapour pressure at gas-liquid equilibrium was determined using

Henry’s Law:
C

Pyuz = kNH3 (Eg. C4)
H(T)

1 1
Ky = kY e [AH (T+273.15“m)] (Eq. C5)

where Pnn3 is ammonia vapour pressure (bar), kuem is the Henry’s coefficient
for ammonia in water (mol L bar!) at the solvent temperature T (°C); kr© is the
Henry’s coefficient for ammonia in water at 25°C (59 mol L bar?; Sander, 2015);
Cnh3 is the ammonia concentration in the solvent (mol L?); and Ax is the
temperature dependence constant (4200°C; Sander, 2015). Water vapour
pressure at gas-liquid equilibrium was determined Raoult’s Law:
P20 = XH20 P;IZO (Eq. C6)
B
(T +273.15) + C

where Pn2o is water vapour pressure (bar); xu20 is mole fraction of water in the

(Eq. C7)

loglO(P;IZO) =A-

solvent (0.018-0.054 for 1-3 mol L1 agueous ammonia); P°H20 is the vapour
pressure of pure water (bar) determined by the Antoine equation using empirical
constants A, B and C (National Institute of Standards and Technology (NIST),
2021b).

Ammonia and water ‘slip’ from the solvent at gas-liquid equilibrium were
estimated based on their equilibrium vapour pressures and the gas pressure and

flowrate:
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P:
m; = pi (5 Qooue t) i = H,0,NH, (Eq. C8)
T

where miis the component slip (g) at gas-liquid equilibrium over the experimental
duration t (minutes); Pt is the total pressure of the gas-phase (bar); pi is the
density of the component as a vapour at the operating temperature and pressure
(Air Liquide, 2023a).
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Abstract

Membrane contactors could be employed for post-combustion CO2 capture using
ammonia solvents to promote solids formation and lower the energy penalty for
regeneration, which is a critical barrier to industrial adoption. This study has
explored gas pressurisation (up to 2.5 bar) as a process intensification strategy
to reduce membrane area and has examined the interaction of pressure with
nucleation kinetics for ammonium bicarbonate. Increasing gas pressure
enhanced the rate of CO2 loading in the solvent and reduced the time to
nucleation, due to the raised driving force for CO2 mass transfer to the liquid
interface. However, a weaker relative enhancement in CO:2 flux was observed for
reactive absorption than for physical absorption, due to declining reactivity in the
liquid film as CO2 loading progressed. Pressurisation also reduced ammonia
‘slip’, due to the rapid acidification of the solvent, thereby maximising ammonium
availability at nucleation. Despite variation in the CO2 loading rate with pressure,
a consistent supersaturation level (i.e., metastable zone width), induction time
and crystal morphology was observed, which is contrary to classical nucleation
theory. It is proposed that limited solvent reactivity under fixed hydrodynamic
conditions enabled an excess of CO2 to accumulate in the film before being
transformed to HCOgs', resulting in the nucleation energy barrier being exceeded
at the same supersaturation level for all conditions. Pressurisation therefore
offers an effective process intensification strategy which could lower ammonia
‘slip’, whilst predictable nucleation behaviour under pressure could enable
simplified process control to reduce the regeneration energy penalty and support

an expansion of post-combustion CO2 capture.

Keywords: CO: capture, CCS, chilled ammonia process, CAP, membrane

crystallisation, membrane contactors.

138


mailto:e.mcadam@cranfield.ac.uk

5.1 Introduction

Electricity generation is associated with 40% of global CO2 emissions (IEA,
2022). An expansion of post-combustion CO:2 capture using chemical solvents
could therefore play a central role in global decarbonisation. Aqueous ammonia
is three times more efficient than amines for CO2 absorption, whilst also being
cheaper and less corrosive (Chin Yeh and Hsunling, 1999; Mani et al., 2006).
However, the high volatility of aqueous ammonia is a key challenge as the
‘slipped’ ammonia must be separated downstream from the gas product to avoid
fugitive emissions and solvent losses (Pérez-Calvo et al., 2021b). This has led to
the development of chilled ammonia processes (CAP) which operate at low
solvent temperatures (<10°C) to suppress ammonia vapour pressure and limit
‘slip’ (Augustsson et al., 2017; Darde et al., 2010). Reduced solvent temperatures
also adjust the solubility limit to favour ammonium bicarbonate precipitation. This
lowers the energy penalty for solvent regeneration as the precipitated slurry can
be readily separated (e.g., by hydrocyclones) to reduce the solvent mass flow to
regeneration (Milella et al., 2018; Sutter et al., 2017). Furthermore, aqueous
ammonia also requires 30% less heat for CO2 desorption than amines (Jilvero et
al., 2012). Therefore, the chilled ammonia process can substantially reduce the
thermal energy demand for regeneration, which is the critical technical barrier for
widescale adoption of post-combustion CO2 capture (Jilvero et al., 2012).

Since CAP has been developed for the treatment of flue gases which are close
to atmospheric pressure, the CO2 absorber is typically operated at 1.1 bar to
minimise energy usage (Augustsson et al., 2017; Fang et al., 2015). To reduce
the membrane area and lower operational costs required for the separation, gas
pressurisation could be employed to raise the CO:2 partial pressure and increase
the driving force for mass transfer from the bulk gas to the liquid interface
(Dindore et al., 2004). Pressurisation has proven critical for delivering cost
effective biomethane production, which uses physical absorption to facilitate
CO2/CH4 separation (Angelidaki et al., 2018; Belaissaoui et al., 2016). It is
proposed that increasing the gas throughput by pressurisation could also lower
ammonia ‘slip’ during absorption (gnHz Nm3), since it is equilibrium controlled and

will not scale with pressure. Hence, adoption of pressurised conditions during
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reactive absorption has the potential to enhance mass transfer and limit ammonia

‘slip’, thereby improving the investment case for this technology.
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Figure 5.1: Schematic for reactive CO:z absorption by aqueous ammonia and membrane
facilitated crystallisation of ammonium bicarbonate.

To achieve further process intensification, pressurised CAP could be
conducted within hollow fibre membrane contactors (HFMC). The hydrophobic
membrane facilitates non-dispersive contact between gas and liquid-phases
(Bavarella et al., 2020a; Gabelman and Hwang, 1999), offering fifteen times
greater interfacial area and higher gas loading rates, thereby reducing process
size (capital cost) and solvent requirements (separation energy) without incurring
channelling, flooding, foaming or entrainment (Belaissaoui et al., 2016; Hoff and
Svendsen, 2013). The fixed interfacial area and well-defined hydrodynamics can
also provide greater control over the primary nucleation kinetics which influence
crystal growth, where the consistency and quality of the product is important in
managing regeneration conditions (Horseman et al., 2021; Jiang et al., 2016). To

evidence this, controlled shell-side nucleation of ammonium bicarbonate has
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been demonstrated in HFMC during uninterrupted CO:2 absorption (Figure 5.1)
(Houlker, 2019; McLeod et al., 2015). In situ crystallisation presents operational
challenges for conventional scrubbers, where homogeneous nucleation leads to
clogging of media and subsequent flooding of the column (Augustsson et al.,
2017; Houlker, 2019). However, evidence for reactive crystallisation in HFMC is
also limited to operation at atmospheric pressures (Bavarella et al., 2020b;
McDonald et al., 2021; McLeod et al., 2015). Any enhancement in the rate of CO2
loading provided by pressurisation will increase the rate of pH decline (Bavarella
et al., 2022). This will influence the chemical equilibria for dissolved ammonia and
COz2 species, with lower pH values favouring the production of ammonium and
bicarbonate in the solvent (Bates and Pinching, 1950; Darde et al., 2010). In
classical nucleation theory, increasing the concentrating rate for reactants will
raise the supersaturation level, an indicator of metastable zone width, and reduce
the crystal induction time (Jiang et al., 2021; McDonald et al., 2021). This will
influence the crystallisation kinetics and the size and morphology of the solid
product (Ulrich and Strege, 2002). In CAP, these properties are critical for
process design as they will inform the dissolution kinetics and therefore the heat
demand and rate of the regeneration process (Augustsson et al., 2017; Sutter et
al., 2017). Compared to conventional crystallisation by cooling or evaporation,
complexity is introduced by multiple interacting species within a reactive CO2-
NHs-H20 system which can also form highly soluble ammonium salts (ammonium
carbonate, ammonium carbamate) depending on the extent of CO2 loading within
the solvent (McDonald et al., 2021; Sutter et al., 2015). This study therefore aims
to translate reactive absorption and membrane facilitated crystallisation in HFMC
to pressurised conditions which may be critical to lowering the cost barrier for
industrial adoption of CO2 capture. Specific objectives are to:

i) apply pressurisation for process intensification during reactive absorption in
HFMC, to enhance the rate of solvent CO2 loading and reduce absolute time
to nucleation;

i) investigate pressurisation as a strategy to reduce countercurrent ammonia
‘slip’ during CO2 absorption and maximise the availability of reactants in the

solvent at nucleation;
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iii) characterise the dynamic solvent chemistry for the reactive CO2-NH3-H20
system during CO2 loading under pressurised conditions, to determine the
rate of reactant accumulation and concentrations at nucleation;

Iv) determine the extent to which pressurisation can broaden the metastable
zone width for ammonium bicarbonate by evaluating the supersaturation level
at nucleation and relating supersaturation level to the nucleation rate using

power law analyses.

5.2 Materials and methods

5.2.1 Experimental set-up

The absorption of COzin aqueous ammonia was conducted within a transverse-
flow HFMC (Figure 5.2). The HFMC contained 10200 polypropylene hollow fibres
each with internal diameter of 240 um, wall thickness of 30 um and length of 0.16
m, to provide a total internal surface area of 1.23 m? (Table 5.1) (EXF-2.5x8"; 3M
Industrial Group, Charlotte, USA). Aqueous ammonia (3.4 0.1 mol L%, pH 11)
with initial volume 1.1 L was loaded into a jacketed feed vessel and chilled to 7
+0.5°C (LT Ecocool 150, Grant Instruments, Cambridge, UK). The solvent was
recirculated through the HFMC shell-side at 1.5 0.2 L min! using a pump and
throttling valve (AD550, Xylem, New York, USA; Double acting inline control
valve, F.lli Tognella Spa, Rome, Italy). A gas blend comprising of 90%vol CO:
and 10%vol N2 (99.8% CO2; 99.9% N2, BOC gases, Ipswich, UK) was supplied
to the lumen in countercurrent at 1.34 L min-t using mass flow controllers (0.01—
5.0 L min~', Roxspur Measurement and Control Ltd., Sheffield, UK). During each
experiment, the gas inlet conditions were achieved over a 30 minute start-up
period by gradually increasing the CO: flowrate to avoid sudden pressure

instability due to gas-phase reactions (Villeneuve et al., 2018a).
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Figure 5.2: Experimental setup for reactive CO2 absorption and crystallisation

Table 5.1: Material and structural properties of polypropylene hollow fibre membrane contactor

Parameter Value
Internal fibre diameter?2 (um) 240
Fibre wall thickness2 (um) 30
Fibre length? (m) 0.16
Tortuosity? (-) 0.4
Porosity? (-) 2.5
No. fibres® (-) 10200
Total surface area® (m?) 1.2
Specific surface area? (m2 m-2) 1860
Contact angle® (°) 122
Geometric pore factord (-) 0.56
Max. pore size (um)de 0.1
Breakthrough pressuref (bar) 8.0

a Data supplied by manufacturer
bBased on internal diameter
¢(Lv etal., 2010)

d(Bavarella, 2018)

¢ (Heile et al., 2014)

fBased on 3.4 M NHsz at 20°C
(King et al., 1930)
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A liquid-side overpressure was established (0.2-0.4 bar) to prevent gas
bubbling and pore wetting (Dindore et al., 2004). Gas and liquid pressures were
measured across the system (DPG1001B-100G, +0.10% full scale, Omega
Engineering Ltd., Manchester, UK) and controlled using throttling valves at the
HFMC outlets (SS-4MA-MH, Swagelok, Kings Langley, UK; Double acting inline
control valve, F.lli Tognella Spa, Rome, Italy). Solvent pH and temperature were
measured continuously using an inline probe which was installed on a mixing loop
to promote homogeneity (InPro3250i/SG/120; Mettler-Toledo Ltd, Leicester, UK).
A heat balance was applied to estimate the solvent temperature within the
boundary layer, based upon the measured value in the bulk (Appendix D1).
Solvent turbidity was monitored continuously to detect the presence of particles
(i.e., nucleation) through light backscatter (Kashchiev and Van Rosmalen, 2003)
(InPro 8200/S/Epoxy/120, Mettler-Toledo Ltd, Leicester, UK). A gas-liquid
separator was installed at the gas outlet to collect condensate, followed by an
acid trap (0.5 mol Lt H2S04) to capture gas-phase ammonia (Schott Duran,
VWR, NL). This enabled the amount of ammonia ‘slip’ into the gas-phase to be
quantified for each experimental condition. The HFMC was rinsed with 10 L of
de-ionised water at 40°C after each experiment to remove traces of ammonia.
Subsequently, the membrane underwent drying with compressed air (30 L min?)
for 45-minutes to restore hydrophobicity (3M, 2023). Mild drying conditions were
applied (20°C, 1 bar) and reproducible results indicated that membrane
properties were unaffected by cycles of cleaning and drying. Experiments were
performed in triplicate, with mean values reported, and standard deviation is

represented by error bars.

5.2.2 Experimental analysis

Solvent was prepared by mixing deionised water (15 MQ cm), ammonium
hydroxide (35%, Fisher Scientific, Loughborough, UK) and hydrochloric acid
(37%, Fisher Scientific, Loughborough, UK). Samples were extracted periodically
to determine ammoniacal nitrogen content using spectrophotometry with
proprietary cell tests (114559 NHa-N, Spectroquant cell tests, Merck-Millipore,

Darmstadt, Germany). Condensate collected within the gas-liquid separator was
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analysed at the end of each experiment to determine its volume, pH, ammoniacal
nitrogen content, and bicarbonate content based on UV absorbance at 215 nm
(Jenway 6715, Cole-Parmer, Stone, UK) (Bavarella et al., 2022; Birkmann et al.,
2018). Solvent samples were extracted 5 minutes after nucleation and subjected
to vacuum filtration using 8 um cellulose filter paper to recover the crystal fraction
(Whatman Grade 2, Cytiva, Maidstone, UK). Crystals were recovered from
condensate collected at the gas outlet by the same method. Crystals were dried
at 22°C for 48 hours prior to imaging using scanning electron microscopy (SEM)
(Tescan VEGA 4, Tescan Orsay Holding, a.s., Czech Republic) and compared
against pure ammonium bicarbonate using X-ray diffraction (XRD) to evaluate
their crystallinity (D5005, Siemens, Munich, Germany).

Based upon outlet gas composition, flowrate and the accumulation of CO:
within the condensate, the instantaneous CO:2 flux into the solvent could be
determined:

dn
Cg(Qg,in Yin — Qg,out yout) - dcton (Eg. 5.1)

where Jcozis the CO2 flux into the solvent (mol m-? min't); Cq is the concentration
of pure CO:2 gas at the operating temperature and pressure (mol L?); Qg is the
total gas flowrate (L min); yis the CO2 fraction in the gas-phase (%vol); A is the
HFMC surface area (1.23 m?); dncon/dt is the rate of CO2 accumulation in the gas
condensate determined by mass balance at the end of each experiment (mol min-
1); subscripts in and out refer to the inlet and outlet of the HFMC, respectively.

The CO:2 loading (molco2 molnHs™?) at any time could also be determined:

c (nCOZ,t)
V, . 5.
€O, loading = —2%4 — >t (Eq. 5.2)
CNH3,t CNH3,t
Ve =Vo = Veone — Vsample,t (Eqg. 5.3)

where Cnnz and Ccoz represent the total dissolved concentrations of ammonia
(mol L) and CO2 (mol L) in the solvent respectively; nco2 is the amount of CO2
in the solvent (moles); V is the solvent volume (L); Vsample is the sample volume
(L); Veon is the gas condensate volume (L); and subscripts 0 and t refer to time =

0 and time =t respectively.
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The extent of chemical enhancement during CO2 absorption is determined by
the relative rates of reaction and diffusion in the liquid film. This can be expressed

by the Hatta number (Ha), defined as (Rongwong et al., 2013):

_ \/kZ,NHS Dcoz,1 Cyns (Eq. 5.4)

H
a X,

where ko,nH3 is the second-order reaction rate constant (0.55 m?® mol? s1) (Liu et
al., 2011); Dcoz, is the diffusivity of CO2 in the solvent (1.33x10° m? s!) (Seo et
al., 2011). The liquid phase mass transfer coefficient, ki (m s1), was determined
using the Graetz-Leveque solution developed for transverse-flow HFMC (Baudot
et al., 2001):

kidp

(Eqg. 5.5)
Dco2,

Sh = 0.56 Re%62 §¢033 =
where Sh is the Sherwood number (-); Re is the Reynolds number (Shen et al.,
2010) and Sc is the Schmidt number (W/pDcoz,) determined using solvent density
(p) and dynamic viscocity (1) of 1020 kg m=3 and 1.63x10°3 N s m'%, respectively
(Pérez-Calvo et al., 2021a).

5.2.3 Solution chemistry within the CO2-NH3-H20 system

Previous authors have described the solution chemistry within the CO2-NHz-H20
system (Thomsen and Rasmussen, 1999; Wang et al.,, 2011). Solvent
temperature and pH will determine the extent of ammonia dissociation to
ammonium (NH4*), and the speciation of dissolved CO:2 within the bicarbonate
equilibrium (Appendix D2) (Eg. 5.8-5.12). The system can also form carbamic
acid (NH2COOH) and the intermediate reaction product carbamate (Eq. 5.13-
5.14).

COyg) © COyqq) (Eq. 5.6)
NHs(gy © NHsqq) (Eq. 5.7)
NH3q + HY & NH,™ (Eg. 5.8)
COy(aq) + H,0y < H,CO3 (Eq.5.9)
COy(aq) + OH™ & HCO3~ (Eq. 5.10)
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HCO;~ & C03%” + HY (Eq. 5.11)

HCO;~ + H* & H,CO0; (Eq. 5.12)
CO2(aq) + NHz(qq) © NH,COOH (Eq. 5.13)
NH,COOH + H* & NH,CO; (Eq. 5.14)

Three ammonium salts can form in the CO2-NHs-H20 system under the
conditions employed (7.2 +0.3°C). Low CO2 loading in the solvent, where
ammonia is in large excess, will favour reaction pathways for ammonium
carbamate (Eqg. 5.15) and ammonium carbonate (Eqg. 5.16) (Mani et al., 2006).
However, precipitation of these salts is unlikely due to their high solubility in water
(Darde et al., 2010; Mani et al., 2006). As CO:2 loading increases towards
comparable amounts CO2 and ammonia in solution, the reaction pathway for
ammonium bicarbonate formation is prevalent (Eq. 5.17). This salt has the lowest
solubility, and so its precipitation is thermodynamically favoured (Mani et al.,
2006).

NH," + NH,CO; & NH,COONH, (Eq. 5.15)
2NH,* 4+ C05*™ + H,0(y) © (NH,),C03H, 0 (Eq. 5.16)
NH," + HCO3~ & NH,HC O3 (Eq. 5.17)

5.2.4 Crystallisation analysis
The supersaturation level (Sx) for ammonium bicarbonate in the solvent bulk and

the interfacial boundary layer could be determined by:
Cx

= = x = bulk,int (Eg. 5.18)
Cx

Sx

where Cx is the dissolved concentration of bicarbonate (HCO3s) which was the
limiting species for nucleation (mol L1); Cx* is the solubility limit for ammonium
bicarbonate (mol L) and is a function of temperature (Appendix D1) (O’Neil,
2006; Perry and Green, 2007); and subscript x can refer to conditions at the bulk
or interfacial boundary layer (int), respectively. The manifestation of a
concentration boundary layer during radial liquid flow across tightly packed
bundles such as HFMC is highly complex and poorly defined. In this study, it was

assumed that the dissolved HCOs™ concentration at the interfacial boundary layer
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(Cint) was equivalent to the log mean of the HCO3s concentration in bulk and the

gas-liquid interface at equilibrium (Eq. 5.19-5.20).

Cr = ku) Peoz (Eg. 5.19)
C +CH)—-C
Cint — B ( c02 H) *COZ (Eq 5_20)
In (Ccoz + CH)
Ccoz

where Cwn* is the equilibrium concentration for dissolved CO:2 at the gas-liquid
interface (mol L?Y); knum) is the Henry’'s Law constant for CO2 (mol L bar?)
computed from empirical data using solvent temperature and ammonia
concentration (Kim et al., 2014; Seo et al., 2011); pcoz is the COz2 partial pressure
in the gas-phase (bar); B is the relative fraction of dissolved CO2 which will
dissociate to HCOg3™ at the solvent temperature and pH (Appendix D2) (-).

Crystal nucleation was assumed to be controlled in the interfacial boundary
layer, analogous to membrane distillation crystallisation (Jiang et al., 2015).
Crystallisation behaviour can be compared against classical nucleation theory
using the method developed by Sangwal (2009), where the nucleation rate is
equivalent to the concentrating rate (R’) (Eg. 5.21-5.22). The nucleation
constants (k, m) can then be determined graphically from the linear trend
exhibited when plotting In(R’) versus In?(Sint) (Eqg. 5.23) (Kulkarni et al., 2013;
Sangwal, 2009).

R' = k(InSpm)™ (Eq. 5.21)
, d(ACi,:) )
- d—tmt ACint = Cing — Cie (Eq. 5.22)

The nucleation rate is typically inversely proportional to induction time, which
is defined as the time between saturation being exceeded in the boundary layer
and the occurrence of nucleation in the bulk, and so a plot of In(tindg) versus In-
2(Sint) should also provide information on the primary nucleation mechanism (Eq.

5.24) (Guo et al., 2017; Kashchiev and Van Rosmalen, 2003)
n(ting) = m In"?(Sine) + In(k) (Eq. 5.24)
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5.3 Results and discussion

5.3.1 Process intensification by pressurisation was limited by solvent reactivity
Increasing the gas pressure during reactive absorption led to a higher rate of CO2
loading into the solvent (Figure 5.3). For example, comparable amounts of CO:2
absorption were achieved after 120, 103 and 82 minutes at 1.5, 2.0 and 2.5 batrr,
respectively. Pressurisation is expected to enhance mass transfer since it raises
CO: partial pressure, increasing the driving force for diffusion from the bulk gas
to the solvent interface (Dindore et al., 2004). Although reactive solvents facilitate
greater COz2 flux than physical solvents, pressurisation led to a weaker relative
enhancement in flux than water absorption in HFMC (Figure 5.4) (Scholes et al.,
2015). A similar response to pressurisation was observed for reactive absorption
in a wetted wall column (CO2 in 3 M NH3) (Fang et al., 2015). The accumulation
of CO2 within the boundary layer can lower reactivity at the interface (Kim et al.,
2014). Mass transfer could then become reaction limited in the film, with the
physical driving force having a lesser impact on the rate of CO2 absorption. Whilst
reactive and physical absorption will occur simultaneously within the film, the
extent of each is influenced by the hydrodynamics. In this study, fixed conditions
were employed (liquid-gas ratio of 1.1 m3iquid M3gas). The liquid Graetz number
(Gz) was 41, which is in excess of the threshold (>20) required for the
development of a thin concentration boundary layer at the interface (Wang et al.,
2017). Lowering the liquid velocity to reduce Gz below this threshold will increase
the solvent residence time relative to the time for COz2 to diffuse across the film,
therefore extending the reaction zone and favouring reactive absorption at the
interface (Dindore et al., 2005). The Hatta number (Ha) describes the ratio of the
reaction rate and the CO: diffusion rate through the film, and will determine the
extent of chemical enhancement at the interface (Eq. 5.4) (Rongwong et al.,
2013). At the initial condition (1.5 bar), Ha was 32. When pressure was increased
to 2.0 and 2.5 bar, greater CO2 flux across the reaction front enhanced the
reaction rate and therefore increased the relative ratio of Ha/Gz. Lowering the
liquid velocity under increasing pressures to reduce Gz, maintain Ha/Gz and
maximise reactivity within the film could counteract the influence of CO:2 loading

at the interface and support greater mass transfer enhancement with
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pressurisation. Alongside optimisation of hydrodynamics, pressurisation could

therefore offer an effective process intensification strategy to lower membrane

area (i.e., capital cost), solvent consumption and reduce the time to nucleation.
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Figure 5.3: Influence of gas pressure on the rate of CO2 absorption using 3.4 M aqueous
ammonia in HFMC over time. Operational conditions: solvent flowrate, 1.5 L mint; solvent
temperature, 7 £0.5°C; initial solvent pH, 11; gas flowrate, 1.34 L min-; CO: in feed gas, 90%vol.
Gas flowrate, composition and pressure were established gradually over a 30 minute start-up

period.
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Figure 5.4: CO2 flux enhancement with pressurisation during reactive absorption in HFMC.
Operational conditions: solvent flowrate, 1.5 L min-1; solvent temperature, 7 £0.5°C; initial solvent
pH, 11; initial solvent concentration, 3.4 molnxs L gas flowrate, 1.34 L mint; CO: in feed gas,
90%uvol. Dotted line represents best fit for physical flux enhancement (Chapter 3).
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5.3.2 High rates of CO> loading under pressure will minimise NHs ‘slip’
Ammonia ‘slip’ during CO2 absorption will limit the availability of ammonium in the
solvent which is required for nucleation. Ammonia ‘slip’ has also been associated
with gas-phase reactions in HFMC and the formation of liquid and solid products
which can disrupt mass transfer (Bavarella et al., 2022; Cui and DeMontigny,
2017; Villeneuve et al., 2018). In this study, gas-phase reactions were evidenced
by the collection of a supersaturated condensate (S = 1.7-1.9 at 22°C) in the gas-
liquid separator at the lumen outlet. The concentrations of ammonia (4.9-5.7 mol
L-1) and COz2 (4.6-5.0 mol L) in the condensate were in excess of the solvent
(Figure 5.5a). This indicates that liquid was present due to a gas-phase reaction
instead of pore wetting through the fibre wall (Bavarella et al., 2022; Cui and
DeMontigny, 2017). At 1.5 bar, 0.6 moles of ammonia were transferred from the
solvent to the gas-side during CO2 capture. Increasing the pressure up to 2.5 bar
led to a 43% reduction in ammonia losses from the solvent. The mechanism for
reduced ‘slip’ can be related directly to solvent chemistry. The absorption of CO:2
and subsequent formation of HCO3™ will release protons in the solvent (Eq. 5.11).
As a consequence, the solvent pH reduced from approximately 10.8 to 8.7
throughout each experiment (Figure 5.5b). Since the ammonia-ammonium
equilibrium is a function of pH, this increased the fraction of non-volatile
ammonium from 7% to 94% and lowered ammonia vapour pressure from 25 to 2
mbar (Appendix D2) (Bates and Pinching, 1950). Due to enhanced CO:
absorption at increased pressures, this transition will occur at a greater rate and
consequently lower the ‘slip’ which can occur. This effect was compounded by
reduced experimental durations under pressure. By fostering a higher rate of CO:2
loading, pressurisation could therefore offer a critical strategy to reduce ammonia
‘slip” and maximise reactant availability to support ammonium bicarbonate
crystallisation. Limiting ammonia losses will also favour the process economics,
since the purchase of replacement solvent and downstream gas scrubbing to
remove ammonia can represent substantial costs for CAP (Pérez-Calvo et al.,
2021b; Wang et al., 2018).
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5.3.3 Reactive membrane crystallisation demonstrated under pressure

Two conditions must be satisfied to precipitate ammonium bicarbonate in the
CO2-NH3-H20 system. Firstly, a high COz2 loading ratio is required to favour the
reaction pathway for ammonium bicarbonate (Egq. 5.17) over ammonium
carbonate and ammonium carbamate (Eq. 5.15-5.16) (Darde et al., 2010;
Thomsen and Rasmussen, 1999). Secondly, both reacting species (NH4* and
HCO3") must be present in excess of the solubility limit for ammonium bicarbonate
precipitation (Bavarella et al., 2022). Ammonia losses due to ‘slip’ were
accounted for by temporal measurement of the solvent to determine the absolute
reactivity. During CO2 absorption at 1.5 bar (Figure 5.6a), the threshold for CO:2
loading predicted by the extended UNIQUAC model for ammonium bicarbonate
formation (0.53 molco2 molnwz™) was met after approximately 107 minutes
(Thomsen & Rasmussen, 1999). Despite ammonia ‘slip’, the concentration of
NH4* increased over time due to the pH shift associated with CO2 loading and
exceeded the solubility limit for ammonium bicarbonate after 63 minutes
(Appendix D2). However, there was insufficient HCO3™ in solution to initiate the
crystallisation reaction. As CO2 absorption progressed and pH declined, a shift in
the bicarbonate equilibrium transformed CO3s? into HCOs and the solubility limit
was exceeded after 112 minutes. Nucleation occurred 8 minutes later and could
be precisely detected by a sudden increase in turbidity above 50 NTU which
indicated the presence of suspended particles (Figure 5.7). This delay is defined
as the induction time and indicates the metastability of the system (Kashchiev
and Van Rosmalen, 2003). Similar dynamics in solvent chemistry were observed
at 2.0 and 2.5 bar, but with compressed time-scales where nucleation occurred
after 103 and 82 minutes, respectively, due to greater rates of CO2 loading
(Figure 5.6b,c). In each case, HCO3s was the limiting species for crystal formation,
and nucleation was detected shortly after the solubility limit had been exceeded.
Accurate determination of solvent chemistry in the reactive system then enabled

an examination of the influence of pressure on nucleation kinetics.
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Figure 5.7: Application of online turbidimetry to determine the onset of bulk nucleation during
reactive CO2 absorption by 3.4 M aqueous ammonia in HFMC. Dotted lines represent the bulk
nucleation time.

5.3.4 Nucleation kinetics were observed to be independent of pressure

Analysis of the supersaturation level and the induction time at nucleation could
elicit the influence of pressurisation on nucleation kinetics. During membrane
crystallisation, nucleation is likely to occur first within the interfacial boundary
layer. This is because there will be a raised concentration relative to the bulk, and
the hydrophobic membrane will lower the energy barrier for heterogenous
nucleation (Figure 5.1) (Jiang et al., 2016; Martinez-Diez and Vazquez-Gonzalez,
1999). During membrane distillation crystallisation, an increase in water vapour
transport will result in concentration and temperature polarisation, where the
lower temperature at the interface will reduce the solubility limit (Horseman et al.,
2021). This collectively increases the metastable zone width, and increases the
probability for nucleation in the boundary layer. In contrast, the temperature at
the interface will be relatively higher during reactive absorption due to the heat of
reaction (43 kJ molco2?) and heat transfer from the gas phase (Appendix D1)
(Jilvero et al., 2012). However, this effect was minor due to the limited COz2 flux
range (<15x10° mol m2 min') and so the solubility limit (Cx*) at the bulk and
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interface were closely comparable (Figure 5.8). Across all pressures, the HCO3s
concentration in the boundary layer was slightly higher that the bulk concentration
(0.03-0.05 mol L) at nucleation (Figure 5.9a). Consequently, a greater
supersaturation level (Cx/Cx*) was observed in the boundary layer which is
consistent with nucleation occurring first at the membrane interface (Figure 5.9b)
(Horseman et al., 2021). In classical nucleation theory, a greater concentrating
rate for the crystallising species should allow the nucleation energy barrier to be
exceeded before the system is able to respond, thereby facilitating higher levels
of supersaturation (Kashchiev and Van Rosmalen, 2003; Kulkarni et al., 2013).
However, despite higher CO2 flux with increasing pressure, analysis of variance
(ANOVA) confirmed that there was not a statistically significant difference in

supersaturation levels achieved at 1.5-2.5 bar (Po.gscL = 0.7).
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Figure 5.8: Solubility of ammonium bicarbonate in the bulk and interfacial boundary layer. Based
upon specific temperatures measured for bulk and estimated for boundary layer by a heat balance
(Appendix D1).
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Unlike physical crystallisation processes, reactive crystallisation is sequential and
the rate of crystallisation is dependent on the rate of reaction (Chan et al., 2005;
Jiang et al., 2016; McDonald et al., 2021). Whilst ionic crystallisation will occur
rapidly (i.e., NH4HCOs formation, Eq. 5.17), a slow reaction rate in the film could
enable an excess of CO2 to accumulate within the solvent prior to nucleation
(McDonald et al., 2021). The gradual transition of dissolved CO:2 into HCOs could
therefore present a rate limiting step and cause the nucleation energy barrier to
be exceeded at the same supersaturation level, despite variation in the rate of
COz2 loading into the film (Schall and Myerson, 2019). This is consistent with
induction times across all pressures (8-11 minutes) which were not statistically
distinguishable (Po.gscL = 0.8), despite variation in the absolute time to nucleation
(Figure 5.10). In classical nucleation theory, the nucleation rate (R’) can be
related to the supersaturation level at induction (i.e. metastable zone width) by a
power-law relationship (Eqg. 5.23) (Sangwal, 2009). Graphical analysis can inform
the influence of pressure on nucleation (Sangwal, 2009). A statistically significant
linear response was not exhibited during the power-law analysis (Figure 5.11a),
which provides further evidence that nucleation kinetics were not significantly
influenced by pressurisation. Similarly, a linear response was not observed
between induction time and supersaturation level and so information about the
nucleation kinetics could not be inferred from the experimental data (Figure
5.11b) (Kubota, 2008). Crucially, these results were obtained at fixed
hydrodynamic conditions. Lowering Gz (by reducing liquid velocity) to maximise
reactivity in the film could directly influence the reaction series and thereby

influence the relationship between pressure and nucleation kinetics.
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Recovered crystals were examined using XRD, which generated a sequence
of diffraction peaks (208) which were closely comparable to a reference sample of
pure ammonium bicarbonate (Figure 5.12a) (Bavarella et al., 2020b). For each
condition (1.5-2.5 bar) the crystals collected from the solvent were of comparable
size (50-100 pm) and exhibited a dendritic morphology (Figure 5.12b). Since size
distribution and morphology are influenced by nucleation kinetics (Ulrich and
Strege, 2002), this provided further evidence that kinetics were independent of
pressure in the reactive system. Dendritic “Christmas tree” structures are
indicative of high purity nuclei which have grown at a rapid rate under relatively
high levels supersaturation (Ulrich and Stelzer, 2019). This is consistent with their
formation via fast ionic crystallisation in a solvent where an excess of reactants
was present (Figure 5.9). Bulk crystals can be compared directly against those
collected within the condensate produced during gas-phase reactions (Figure
5.12c). These were formed at a substantially higher level of supersaturation (S =
1.7-1.9), and contained rods up to 1000 pum in length. During crystallisation of
ammonium sulphate, Rauls et al. (2000) observed a transition in morphology from
compact structures to large rods when supersaturation was increased by a factor

of 2-3. In this study, condensate formed spontaneously at the highly
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supersaturated condition. Due to the large size of these crystals, they could be
readily separated from the condensate and diverted to thermal regeneration
whilst the liquid fraction could be recycled to the solvent bulk to lower ammonia
losses (Villeneuve et al., 2018). Reactive membrane crystallisation could
therefore support inline crystal separation and simplify the solvent regeneration

process during CAP.
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Figure 5.11: Power law relationship between supersaturation level at nucleation and (a)
concentrating rate (Eg. 5.23), and (b) induction time to characterise nucleation kinetics and

mechanism (Eg. 5.24) (Sangwal, 2009).
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Figure 5.12: Analysis of ammonium bicarbonate crystals: (a) XRD analysis for crystals harvested
from solvent and from gas condensate, (b) SEM imaging for crystals harvested from bulk solvent
at 1.5 bar (Sint = 1.06) at 1000x magnification (example crystals identified by white boxes), and
(c) SEM imaging for crystals harvested from gas condensate solvent (S = 1.7-1.9) at 150x
magnification. SEM imaging for crystals formed at 2.0 and 2.5 bar available in Appendix D3.
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5.4 Conclusion

In this study, reactive absorption and crystallisation in membrane contactors has
been conducted under pressurised conditions (up to 2.5 bar) for the first time,
representing a critical advancement for process intensification during the chilled
ammonia process. Pressurisation enhanced the rate of CO:2 loading in the
solvent, and therefore represents an effective strategy to reduce membrane area
and capital cost. However, a weaker enhancement in flux with pressure was
observed when compared to physical absorption processes. It was determined
that COz2 loading within the film led to a reduction in solvent reactivity which limited
further enhancement in mass transfer. Optimisation of the hydrodynamics to
lower Gz and extend the reaction zone within the film could support greater mass
transfer enhancement with pressurisation. Due to increased CO:2 loading rates,
lower ammonia ‘slip’ was observed at higher pressures. This will maximise the
availability of reactants at nucleation and reduce ammonia slip into the gas-phase
and the costs associated with solvent replacement and downstream gas
scrubbing. Contrary to classical nucleation theory, the enhancement in the COz2
loading rate did not have a statistically significant impact on the supersaturation
level or crystal induction time. This was supported by analysis of the crystals
which displayed a consistent size and morphology, indicating formation under
similar supersaturation levels. It is proposed that these outcomes were due to the
rate limiting reaction within the film, which enabled an excess of CO:2 to
accumulate under each condition prior to nucleation. This effectively de-coupled
the concentrating rate, and therefore pressure, from nucleation kinetics for the
system. By exhibiting consistent crystallisation behaviour across a range of
pressures, this study indicates that membrane facilitated CAP could capitalise on
the advantages of pressurisation whilst promoting predictable process control

during continuous CO2 absorption and crystallisation.
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Appendix D

D1 Heat balance to determine C* in solvent boundary layer

Temperature polarisation within the solvent boundary layer during CO2absorption
was estimated by conducting a heat balance across a single fibre (Figure D2).
The total heat flux (W m2) from the gas-side into boundary layer due to the

absorption of CO2 was estimated:

% - % * % (Eq. D1)
Qq

— =Jco2(Cp Tog + AH, ) (Eq. D2)
& — Tb,g - Tb,l

4 (ﬁ + % In (Uf;if) + Tiin) (Eq. D3)

where Qc/A is the heat flux due to convection and QJ/A is the heat flux due to CO2
absorption (W m-2); T is the bulk temperature (°C/K); Cp is the specific heat
capacity for CO2 at the bulk gas temperature (35 J mol K%); AH: is the heat of
reaction for CO2 absorption in agueous ammonia (43120 J mol?) (Jilvero et al.,
2012); L is the fibre length (m); and subscripts g and | indicate the gas and liquid
respectively. Liquid and gas film heat transfer coefficients, hiand hg (W m2 K1),
were estimated using the Nusselt number, Nu (Eq. D4-D5). Nu is analogous to
the Sherwood number and so could be determined using Graetz-Leveque
solutions developed for mass transfer within the fibre lumen and shellside for
HFMC (Baudot et al., 2001; Wang et al., 2017). It was assumed that the velocity

within the stagnant liquid film adjacent to the fibre wall was 0.01% of the liquid

bulk velocity.
Nu k;
h; = L i=lg (Eq. D4)
dp,;
d;
Nu, = 0.5 Re, Pr, %; Nu; = 0.5 Re;*°* pr,*33 (Eq. D5)
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where kiis the thermal conductivity (W mt K1); dh,iis hydraulic diameter (m); Re
is the Reynolds number (-); and Pr is the Prandlt number (-). The thermal
conductivity of the porous membrane, km (W m'1 K1) was calculated as (Martinez-
Diez and Vazquez-Gonzalez, 1999):

€ 1—g\ "
km=< ' ) (Eq. D6)

kgas kliquid

where ¢ is membrane porosity (0.4); and kgas and Kiquia are the thermal
conductivities for the gas (W m K1) and liquid (W m* K1) respectively and are
independent of pressure from 1-10 bar. The temperature required in the stagnant
liquid film at the fibre wall, Tw, (°C), to provide an equivalent heat flux from the

liquid film to the liquid bulk as from the gas into the liquid film and could then be

estimated:
Q
7T = hl (TW,l - Tb,l) (Eq D7)

The liquid temperature within the boundary layer, Tint (°C), was then calculated
to be the log-mean of the measured temperature the liquid bulk and the estimated

temperature in the stagnant liquid film:

T, — Ty, —Tp
int — 1 (T_w (Eq. D8)
n Tb
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Figure D1: Solubility limit for ammonium bicarbonate in water as a function of temperature. Dotted
line represents mean C* interpolated from literature data (O’Neil, 2006; Perry and Green, 2007).
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temperature profile in the liquid-side, and (b) C* in the liquid bulk, boundary layer and at the fibre
wall from 1.5 — 2.5 bar.
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D2 Chemical speciation with pH and temperature
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Figure D4: Influence of solvent pH on (a) the bicarbonate equilibrium, and (b) the ammonia-
ammonium equilibrium at a solvent temperature of 5-10°C (Bates and Pinching, 1950). Dotted
lines indicate the fraction of crystallising species at the initial pH (11) and final pH (~8.7).
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D3 — SEM analysis for crystals formed at 2.0 and 2.5 bar
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Figure D5: SEM imaging for crystals harvested from bulk solvent (S = 1.07-1.09) at 1000x
magnification at (a) 2.0 bar, and (b) 2.5 bar. Example crystals identified by white boxes.
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Abstract

A suite of technologies is emerging which could reposition ammonia as a valuable
resource to support the water sector’s transition to net zero, but established
ammonia recovery systems incur high energy demands and generate low quality
products which presents a barrier to implementation. In this study, we explored
vacuum thermal stripping for selective ammonia recovery and examined
integration strategies for decarbonisation and revenue generation in wastewater
treatment. Translation of vacuum thermal stripping from a batch vessel to a gas-
liquid contacting column enhanced the volumetric mass transfer coefficient by an
order of magnitude, due to greater interfacial surface area (m? m3), reduced
boundary layer thickness and increased convection. This enabled design
projections for a full-scale system, where investment in gas-phase recovery of
ammonia (0.25 bar, 50°C) from digester centrate at a centralised treatment works
(1.2 million P.E.) represented a cost saving (-300 EUR tnn3t) over a 20-year
economic lifetime relative to nitrogen removal in activated sludge processes.
Whilst concentrated gas-phase ammonia (20-25%wit) is a flexible, energy dense
product with multiple routes for valorisation, its capture and application as an
agueous solvent (3-5%wt) in biogas upgrading represented the most promising
strategic pathway. This could generate revenue from exportation of biomethane
(1.2 million EUR y') and biogenic CO2 (0.6 million EUR y1), whilst recovering
purified ammonia for zero carbon energy generation in gas turbines or solid oxide
fuel cells (0.08-0.14 million EUR y). Selective ammonia recovery and utilisation
in biogas upgrading could therefore present a circular economy solution which is

aligned with net zero objectives for the water sector and wider society.

Keywords: Ammonia to energy, ammonia recovery, vacuum thermal stripping,

circular economy, net zero.
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6.1 Introduction

To support global decarbonisation objectives, the European water sector has
committed to net zero carbon emissions across all operations by 2030-2050
(Water Europe, 2021; Water UK, 2020). The treatment of ammonia in wastewater
presents a significant challenge to delivering these commitments. Dissolved
ammonia is produced during the degradation of organic matter in wastewater,
food waste and agricultural slurries and its discharge into waterways is harmful
to human health and the environment (Kang et al., 2017; Maharaja et al., 2023;
Mondor et al.,, 2008; Ndam, 2017). Conventional wastewater treatment
flowsheets employ energy intensive activated sludge processes in which
ammoniacal nitrogen is biologically oxidised in an aerobic environment (5 kWhe
kgn?t) (Garrido et al., 2013). Consequently, this can account for a fifth of power
demand during wastewater treatment (Garrido et al., 2013; Wett, 2006).
Biological processes are associated with almost half of direct greenhouse gas
emissions in wastewater treatment, due to partial oxidation pathways which
transform 0.3% of influent nitrogen to nitrous oxide (N20) which has a global
warming potential 310-times greater than CO2 (Campos et al., 2016; de Haas and
Andrews, 2022; Winter et al., 2012). Furthermore, aeration basins and sludge
storage tanks are linked to ammonia gas emissions which are now recognised to
form particulate matter in the atmosphere (PMz.s) that can lower air quality (Tian
et al., 2022; Upadhyay et al., 2013). Direct emissions are an increasing focus of
policymakers which may prompt utilities to deploy capital investment to retrofit
covers, gas extraction and scrubbing for biological processes in future
(Department for Environment Food and Rural Affairs, 2019; Vrontisi et al., 2016).
To improve the quality of waterways, stringent discharge limits for nitrogen in
treated wastewater have been introduced within the Urban Wastewater
Treatment Directive 91/271/EEC (10 mg L for works serving >0.1 million P.E.)
(EEC Council, 1991). This is likely to stimulate capital investment in the
intensification or expansion of activated sludge basins and their introduction into
works where carbonaceous only treatment flowsheets are currently employed,
and therefore has the potential to exacerbate existing challenges related to air

quality, greenhouse gas emissions and energy demand. Adaptive pathways are
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now necessary for the remediation of ammoniacal wastewater which can align
with the strategic direction for a sustainable, net zero water sector.

The recovery of ammonia from wastewater presents an opportunity to reduce
energy and emissions related to nitrogen removal, whilst generating a
sustainable resource. Ammonia recovery has been demonstrated at commercial
scales by air and steam stripping in packed columns (Organics Group, 2020;
RVT, 2015). These processes often target anaerobic digester centrate, since this
stream has a raised ammonia concentration (1-2 kgniz m3) which will favour the
mass transfer driving force for stripping, and can contain 20-40% of the site
ammonia load within 1% of the volumetric flow (Figure 6.1) (Mackinnon et al.,
2003; Ndam, 2017). Air and steam stripping processes employ high gas-liquid
stripping ratios (>2000 m3air M3jiquid; >100 M3steam M3jiquid) to overcome the high
solubility for dissolved ammonia gas (Bonmati and Flotats, 2003; Huang and
Shang, 2006; Zeng et al., 2006). This produces dilute gas-phase ammonia (0.01-
2%wt) which has limited value. Vacuum thermal stripping has emerged as an
alternative process which operates below atmospheric pressure to lower the
saturation temperature for the feed (Tian et al., 2019). Due to the higher volatility
of ammonia compared to water, heating the feed under this condition will
generate an ammonia-rich vapour which can be continuously extracted by the
vacuum pump with no requirement for a sweep gas (Tao et al., 2018; Ukwuani
and Tao, 2016). Operating below the saturation temperature during vacuum
thermal stripping, within the two-phase region for ammonia-water, can limit
energy intensive water vapourisation and enhance ammonia selectivity (Chapter
2) (Patek and Klomfar, 1995). In a batch reactor, selective vacuum stripping
enabled the low energy recovery (<1 kWhw kgnt) of a high purity gas-phase
product (>40%wt) in a single stage (Chapter 2). Selectivity was inversely
proportional to the mass transfer rate, highlighting a compromise between
process size, energy demand and product quality (Chapter 2). Due to the
application of batch reactors with limited interfacial surface area (<40 m? m=),
previous researchers have reported volumetric ammonia mass transfer
coefficients for vacuum stripping (0.1-0.7 h1) which are much lower than

commercially established stripping processes (1.4-11 h') (Guida et al., 2022;
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Gustin and MarinSek-Logar, 2011; Jiang et al., 2014; Tao et al., 2018; Zeng et
al., 2006). To achieve competitive rates of mass transfer, vacuum thermal
stripping for ammonia recovery requires translation to a gas-liquid contacting
column. However, the impact of process intensification on the regulation of
ammonia selectivity during stripping has not yet been explored.

To investigate the trade-off between ammonia selectivity and volumetric mass
transfer coefficient during vacuum thermal stripping, a techno-economic
evaluation is required for the design and operation of a full-scale system operated
across a broad range of conditions. The prevalent technology for ammonia
production is the energy intensive Haber-Bosch process (19 kwWh kgn?), which is
conventionally reliant on fossil fuels and uses ‘grey’ hydrogen as a primary
reactant (Nayak-Luke et al., 2018). Due to the high agricultural and industrial
demands for ammonia, its production is associated with 1.3% of global CO:
emissions (Nayak-Luke et al., 2018). This has stimulated the development of low
or zero carbon ammonia production technologies such as the electrified Haber-
Bosch process which can be supplied with renewable electricity and ‘green’
hydrogen (Cesaro et al., 2021; Morgan, 2013). The levelised cost of ammonia
(LCOA) has emerged as a useful tool to evaluate the whole life cost-effectiveness
of sustainable ammonia plants, which typically require higher capital investment
due to the installation of local wind and solar farms and buffering storage for
hydrogen (Cesaro et al., 2021; Morgan, 2013). An evaluation of the LCOA for
selective vacuum thermal stripping could therefore contextualise the cost of
ammonia production in the water sector within the wider ‘green’ ammonia

economy of the future.
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Figure 6.1: Example wastewater treatment works with 1.2 million P.E. design capacity treating domestic and industrial wastewater alongside imported
sludge from smaller works in the region (Ndam, 2017).
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Once gas-phase ammonia is extracted from wastewater, there are a suite of
emerging pathways for its valorisation. Ammonia gas can be captured by acid
scrubbing to produce an agricultural nutrient such as ammonium sulphate
(Jamaludin et al., 2018; Vaneeckhaute et al., 2017). However, the business case
for investment in nutrient recovery is challenged by complex regulatory barriers
for the sale of products derived from waste under EU law (EC, 2008). Ammonia
is a zero carbon compound with a lower heating value (5.3 kWh kg) which is
comparable to biogas (6.1 kWh kg') (Kobayashi et al., 2019; Moore and Auty,
2013). Hence, its internal utilisation as an energy resource could simplify
pathways for adoption within the water sector. Recent advancements have
demonstrated the application of ammonia for heat and power generation within
gas turbines and high efficiency electrochemical fuel cells (Lan and Tao, 2014;
Okafor et al., 2021a). Alternatively, ammonia could undergo thermal cracking or
electro-chemical oxidation to generate ‘green’ hydrogen, which could enable the
water sector to access an expanding hydrogen market and attract incentivisation
as a developmental transport fuel (Department for Transport, 2021; Jackson et
al., 2015; Siddharth et al., 2018). Aqueous ammonia (3-5%wt) is also a next-
generation solvent for CO2 capture and biogas upgrading which could lower
capital and operational costs compared to established amines as it has a higher
absorption capacity, is less corrosive and requires less energy for regeneration
(Darde et al., 2010; Jilvero et al., 2012). An expansion of biogas upgrading across
the water sector will enable utilities to access financial incentivisation for the
exportation of carbon neutral biomethane as a fossil fuel replacement, and is
directly aligned with wider decarbonisation objectives (Angelidaki et al., 2018;
Department for Business, Energy and Industrial Strategy, 2021a; Department for
Transport, 2021).

The aim of this research is therefore to explore vacuum thermal stripping as
an adaptive technology for ammonia recovery from wastewater, and conduct a
systems level analysis to identify pathways for its application as a strategic
energy resource within a sustainable, net zero water sector. Specific objectives

are to:
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i) investigate selective vacuum thermal stripping for ammonia recovery in a gas-
liquid contacting column for the first time, to characterise the impact of process
intensification on product quality and separation energy and inform a techno-
economic evaluation for implementation at commercial scales;

i) determine the levelised cost of ammonia production by vacuum thermal
stripping, to support its evaluation against both conventional biological
nitrogen removal and ‘green’ ammonia production;

iif) examine the emerging technological routes for the valorisation of wastewater-
derived ammonia as a zero carbon energy resource;

iv) explore the application of wastewater-derived ammonia as a solvent to
support the expansion of biogas upgrading within an innovative, circular
economy flowsheet.

6.2 Selective NHs stripping translated to a gas-liquid contacting column

Vacuum thermal stripping of synthetic wastewater (2 kgnis m-3) was conducted
within a wetted wall column at 40 to 70°C and 0.25 bar (Appendix E1-E2). The
volumetric mass transfer coefficient (kLa) was an order of magnitude greater than
vacuum stripping in batch vessels under equivalent conditions (Figure 6.2)
(Guida et al., 2022; Tao et al., 2018, 2019). This was due to the enhancement in
interfacial surface area within the wetted wall column (a, m? m=3), alongside the
reduced boundary layer thickness and increased convection which will promote
mass transfer at the gas-liquid interface (Elhajj et al., 2014; Liu et al., 2015).
Consequently, ki.a values were comparable with commercially established
packed column air strippers (Gustin & Marinsek-Logar, 2011; Jiang, 2009). An
inversely proportional relationship was observed between ammonia selectivity
and kiLa. Lowering the stripping temperature below the saturation point at 0.25
bar (65°C) and into the two-phase region promoted selective mass transfer for
ammonia (Figure 6.2), consistent with observations at batch scale (Chapter 2)
(Patek and Klomfar, 1995). Ammonia selectivity (Jnns/JH20) increased by an order
of magnitude when the stripping temperature was lowered to 50°C. Since
performance was consistent below 50°C (0.3-0.4 molnHiz moluz20?), this may

represent the maximum selectivity that can be achieved for the system. Whilst
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this represents a substantial enhancement, greater selectivity of up to 1.0 molnHs
moln20t was reported during vacuum stripping in a batch vessel (Chapter 2). A
higher relative fraction of water vapourisation may have been a result of
translation to a continuous batch process. For example, the recirculating feed
was maintained in a non-equilibrium state since it was continuously transitioning
between atmospheric and vacuum conditions, and the consequent generation of

flash vapours at the column entrance contributed to greater rates of water

removal.
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Figure 6.2: Variance of ammonia selectivity and kia under stripping temperatures 40-70°C for
synthetic feeds and real centrate. Operational conditions: pressure, 0.25 bar; pH >10; feed rate,
0.5 L min.

When anaerobic digester centrate was stripped at 50 and 65°C, selectivity and
kLa values were comparable to synthetic feeds under the same conditions (Figure
6.2). This indicates that volatile compounds and dissolved gases within centrate
(e.g., siloxanes, H2S, CHa) did not significantly influence the relative volatilities
for ammonia and water, and thus the operating position within the vapour-liquid
equilibrium which underpins the separation (Centeno Mora and de Lemos

Chernicharo, 2022; Davey et al., 2022). Consequently, this could support simple
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translation of the process from synthetic to real wastewater feeds which is a
critical requirement for commercialisation. Ammonia selectivity will determine the
latent heat demand and the concentration of gas-phase ammonia generated
during stripping (Figure 6.3). Since latent heat demand can account for over 90%
of energy consumption, enhanced selectivity represents a critical reduction in
separation energy (Davey et al., 2022). The downstream applications will
determine the quality and type of recovered ammonia product (gas or liquid) that
Is required (Table 6.1). The design and operation of vacuum thermal stripping
under different selectivity’s therefore presents an opportunity to directly influence
product quality (application), separation energy (operating cost), and mass

transfer rate (capital cost).
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Figure 6.3: Influence of ammonia selectivity on gas-phase ammonia concentration and specific
latent heat for separation for synthetic feeds. Operational conditions: pressure, 0.25 bar; pH >10;
feed rate, 0.5 L min-t.
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Table 6.1: Ammonia to energy technology overview

Technology Fuel state Ammonia Electrical Heat
quality efficiency  generation
%wt NH3 %LHV %LHV

Co-fired NH3s.CHa gas turbine  GaseousP >209%p2.0d 30-40%¢¢ 60-70%

Co-fired NH3-CH4 SOFC Gaseous® >5048f 50-70%°%9 30-50%

Low temperature AFC Gaseous/agueoush  >0.01%" 50-60%¢h -

Thermal cracking to H: Gaseousik 5-100%8ik - -

Electro-oxidation to Hz Agqueous 0.01-35%nh - -

Biogas upgrading / CCS Aqueoust 3-5%9" - -

SOFC - solid oxide fuel cell; AFC — low temperature alkaline fuel cell; CCS — carbon capture and
storage.

a(Kurata et al., 2017) 9 (Saadabadi et al., 2020) m (Makhloufi and Kezibri,

b (Okafor et al., 2021a) h(Siddiqui and Dincer, 2019a) 2021)

¢(The Royal Society, 2020) i (Zhang et al., 2020) "(Diaz and Botte, 2015)

d (Hewlett et al., 2019) i (Jackson et al., 2015) °(Vitse et al., 2005)

e(van Linden et al., 2022) k (Li et al., 2017) P (Cooper and Botte, 2006)
f(Dekker and Rietveld, 2006) ' (Nasharuddin et al., 2019) 9(McLeod et al., 2014)

" (Darde et al., 2010)

6.3 Techno-economic evaluation for vacuum thermal stripping

Two flowsheets for ammonia stripping from anaerobic digester centrate at 0.25
bar are proposed based upon the experimental data: (i) gas-phase production
(40-50°C) (Figure 6.4), and (ii) aqueous production (60-70°C) (Figure 6.5). Each
flowsheet can process 1300 m? d* and recover 2340 kgnnz dt. This is equivalent
to 90% recovery from anaerobic digester centrate for a centralised treatment
works with a design capacity of 1.2 million P.E., which treats domestic and
industrial wastewaters alongside imported sludge from regional facilities (Figure
6.1). Design and sizing of major equipment enabled capital costs to be estimated
using the factorial method developed by Lang (1948) (Appendix E3). Gas-phase
flowsheets were associated with the highest capital costs (2.4-4.0 million EUR),
due to low kia values and the requirement for multiple stripping columns
positioned in parallel to deliver the requisite ammonia recovery rate (Figure 6.6a).
In contrast, capital costs of 1.1-1.4 million EUR were determined for the

production of aqueous ammonia where a single stripping column was required.

185



AAD centrate
(2 kgnus M)

Stripped liquor
(0.2 kgnws m'3)

I
|
Amendment to pH 10
(3.5 kgnaon mrs)

Pre-heater

R )

External
heater

r
I LCOA evalu
: at this po

e ——

Vacuum
pump

ated :

int 1

Chiller/
dehumidifier

4@ Gas-phase NH;

(20-25%wt)

Multiple stripping
columns in
parallel
(0.25 bar)

Chilled

water

Figure 6.4: Stripping at 40-50°C and 0.25 bar to recover a gas-phase ammonia product.

186

Ammonia export

= D)=

Liquifaction /
compression

TN
- 5 |:> Hydrogen export
N
Thermal cracking
& H, purification
Combined heat and
power generation
5
Co-fuelled
gas turbine
Combined heat and
> |‘| power generation
Co-fuelled
SOFC
TN
g Biomethane
NH; (aq) > NHHCO;
0y
N (4%wt) Biogas
Water upgrading
scrubbing



Stripped liquor
(0.2 kgnws m‘3)

Pre-heater
lamy > Y
(2 kenns m-s) u
External
| heater

|
Amendment to pH 10
(3.5 kgnaou m'3)

: LCOA evaluated :
| atthis point |
1

—_——— =

Vacuum
pump

Single stripping
column
(0.25 bar)

Vapour
condenser

— > | | Electricity generation

Low-temperature AFC

Aqueous NH;3
(1-6%wt)

Figure 6.5: Stripping at 60-70°C and 0.25 bar to recover an aqueous ammonia product.

187

L
» ‘ I:> Hydrogen export

Electrolysis
< \—> Biomethane
L—
[ > NH4HCO;3
Biogas
upgrading



Operating costs were determined on the basis of energy (thermal and
electrical) and alkali consumption (Appendix E4). These could be compared
directly to the cost for equivalent ammonia removal (2340 kgnns d1) in an existing
activated sludge process (0.55 million EUR y! for the example works provided).
To limit external thermal input, heat recovery was maximised from the stripped
liquor whilst low-grade heat (85°C) from onsite biogas engines was incorporated
into each flowsheet (Figure 6.1) (Moore and Auty, 2013). Due to minimal latent
heat demand for gas-phase production (Figure 6.3), external thermal input was
not required. Consequently, gas-phase flowsheets were associated with the
lowest energy and chemical costs (0.54 million EUR y1) and were competitive
with biological nitrogen removal (Figure 6.6a). Declining selectivity and increasing
latent heat demand for water vapourisation led to an increase in costs from 0.85
up to 1.47 million EUR y* for aqueous ammonia production at 60 and 70°C,
respectively. Notably, alkali consumption was a substantial contributor to energy
and chemical costs (>37%) across all scenarios. Sodium hydroxide is added to
raise centrate pH from 8 to 10 and release over 95% free ammonia, thereby
maximising the mass transfer driving force during stripping (Appendix E2) (Bates
and Pinching, 1950; Huang and Shang, 2006). Dissolved CO:2 in wastewater will
readily desorb during low-volume air or vacuum stripping, and this can raise
wastewater up to pH 9-10 and increase the free ammonia fraction (Chapter 2)
(Kang et al., 2017). This phenomenon could support chemical-free stripping to
lower the operating costs and improve sustainability criteria for ammonia
recovery. In addition to the direct costs for energy and chemical purchase,
effective carbon emissions (tcozey™?) related to their production will incur costs
under the market-based Emissions Trading Scheme (ETS) (60.1 EUR tcozetin
2023) (Ember, 2023) (Figure 6.6b; Appendix E5). Effective carbon emissions and
the associated costs were also determined for an activated sludge plant treating
an equivalent ammonia loading, based upon electricity usage and emission of
nitrous oxide (0.49 million EUR y1) (Winter et al., 2012).
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Figure 6.6: Influence of stripping temperature on (a) capital costs and energy and chemical costs,
and (b) cost of CO2ze emissions under the Emissions Trading Scheme. Equivalent to 90% removal
from centrate (2 kgnwz m3) from a centralised works with a design capacity of 1.2 million
population equivalent (Ndam, 2017). Dotted lines indicate costs for equivalent ammonia loading
in biological nitrogen removal processes. Full methodology for equipment sizing and capital and
operating costs determination provided in Appendix E3-E5.
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Based upon the capital and operational (energy, chemical and carbon) costs,
the levelised cost of ammonia (LCOA) production by vacuum thermal stripping
over a 20 year economic lifetime could be determined (Appendix E6). Since
ammonia recovery from centrate will reduce loading for an existing activated
sludge plant, the costs for equivalent biological nitrogen removal (energy and
carbon) were offset against the operational costs for stripping. Despite higher
capital costs than aqueous ammonia production, gas-phase flowsheets offer the
lowest LCOA (-300 to -150 EUR tnwz™) due to lower operating costs (Figure 6.7).
Negative LCOA values indicate that investment in ammonia recovery represents
a cost-saving over the economic lifetime of the process, relative to biological
nitrogen removal. Therefore, recovery of the highest quality product (20-25%wt)
also presents the most attractive economic solution. A break-even point analysis
indicated that investment in the recovery of gas-phase ammonia (50°C) provided
a payback period of 5.3 years compared to biological nitrogen removal in an
existing process (Figure E4). The LCOA for agueous ammonia production was
evaluated as 210 to 1470 EUR tnns™. To provide context, typical LCOA values for
ammonia production in conventional gas-fired plants range from 170 to 500 EUR
tnwzt (Table 6.2) (Morgan, 2013; Nutrien, 2022). Due to their reliance on natural
gas and ‘grey’ hydrogen feedstocks, conventional plants are associated with high
greenhouse gas emissions and exposed to energy price volatility (Morgan, 2013).
Consequently, ‘green’ ammonia production is emerging based upon an electrified
Haber-Bosch process using renewable energy and hydrogen sources, which is
associated with a higher LCOA (420-870 EUR tnnst) due to investment in local
energy infrastructure (Cesaro et al., 2021; Nayak-Luke et al., 2018). Both gas
and agueous ammonia production could therefore enable the water sector to
generate cost-competitive ‘green’ ammonia. Crucially, ammonia is recovered
from wastewater in a non-pure form and so its downstream application is integral
to its value. Expansive opportunities are emerging for its utilisation which could
include generation of zero carbon energy to directly support the transition to net
zero, or integration into a wider circular economy system as a chemical solvent

to facilitate biogas upgrading and recovery of solid ammonium bicarbonate.
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determination provided in Appendix E®6.

Table 6.2: Comparison of levelised cost for ammonia (LCOA) for different strategies for

wastewater ammonia recovery and ammonia production plants.

Process LCOA Reference

EUR tnhs?
Vacuum strip for gas-phase recovery -300 to -1502 This study
Vacuum strip for aqueous recovery 210 to 1470 This study
Gas fired ammonia plant 260P (Morgan, 2013)
Gas fired ammonia plant 170 to 500P (Nutrien, 2022)
Renewable electrified ammonia plant 870Qp (Morgan, 2013)
Renewable electrified ammonia plant 670P (Nayak-Luke et al., 2018)
Renewable electrified ammonia plant 420 to 630 (Cesaro et al., 2021)

LCOA — levelised cost of ammonia over 20 year period (Appendix EB).

aNegative LCOA indicates that investment in ammonia stripping represents a cost
saving over the economic lifetime (20 years), relative to biological nitrogen removal.

b Costs for 2022 based on adjustments for inflation
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6.4 Wastewater-derived ammonia as a zero carbon energy resource

A range of technologies are emerging which offer new pathways for the
valorisation of ammonia as a zero carbon energy resource. Gas-phase ammonia
(20-25%wt) could be refined through a combination of chilling or dehumidification
to remove the water fraction to recover anhydrous ammonia (Venegas et al.,
2021). This could enable the water sector to access a global ammonia market
which is projected to expand by at least 40% by 2050 due to its proposed use as
an energy vector within hydrogen economies (International Energy Agency,
2021; Mission Possible Partnership, 2022). In the proposed system where 2340
kgnna dtis recovered, the sale of anhydrous ammonia represents a potential
revenue opportunity of 0.64 million EUR y* (Table 6.3). However, the sale of
wastewater-derived ammonia is subject to complex regulation under EU law
which could deter investment in practice (EC, 2008). Instead, the utilisation of
ammonia as an onsite energy resource could directly support decarbonisation
objectives (Water Europe, 2021; Water UK, 2020). In the example treatment
works, biogas turbines are employed for combined heat and power generation
(Figure 6.1). To realise ammonia to energy with minimal investment, biogas
turbines could be modified to enable the injection of concentrated gas-phase
ammonia (20-25wt%) (Figure 6.4) (Hewlett et al., 2019; Okafor et al., 2021a).
Combustion of 2340 kgnnsz d-* could enhance the electrical output of gas turbines
by 1810 MWhe y!, consequently lowering costs related to the importation of
electricity by 0.08 million EUR y. The presence of ammonia can also suppress
the formation of soot and contribute to the reduction of NOx during hydrocarbon
combustion, in addition to lowering the specific carbon emissions associated with
energy generation (kgcoze kWh) (Montgomery et al., 2021; Okafor et al., 2021b).
Co-firing methane and ammonia has been demonstrated in a 2 MW commercial
gas turbine and can achieve comparable electrical efficiencies to biogas turbines
(30-40% LHV) (Hewlett et al., 2019; Uchida et al., 2019). Whilst 2 MW is
‘demonstration-scale’ in the context of industrial power plants, it is of comparable
size to engines employed widely across wastewater treatment (Moore and Auty,

2013). Therefore, early adoption of co-fired gas turbines could present an
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opportunity for the water sector to play a critical role in the translation and scale
up of these systems.

Due the maturity of biogas engines, renumeration schemes such as
Renewables Obligation Certificates which were central to driving their market
expansion are in decline and closed to new applicants (Connor et al., 2015;
Houlker, 2019). Solid oxide fuel cells (SOFC), which are not restricted by the
Carnot limit and can achieve high electrical efficiencies (60-70% LHV) whilst
producing high-grade heat, have been proposed as a successor technology to
enable greater economies for onsite biogas utilisation (Saadabadi et al., 2019;
Trendewicz and Braun, 2013). As with gas turbines, SOFC can be co-fired with
ammonia (<5%wt) (Grasham et al., 2019; van Linden et al., 2022), and so a gas-
phase recovery strategy could support a future transition towards SOFC for
combined heat and power generation. Recovered ammonia could generate 3170
MWhe ytin SOFC and lower the cost related to energy importation by 0.14 million
EUR y?!. The central challenge for the implementation of SOFC is their
vulnerability to fatal degradation by trace amounts of hydrogen sulphide (>1 mg
m-3) and siloxanes (>2 mg m) (Papadias and Ahmed, 2012; Sasaki et al., 2011).
These compounds are present in biogas and may also be present in recovered
gas-phase ammonia (Davey et al., 2022; McBean, 2008). Associated
infrastructure for trace contaminant removal (e.g., cryogenic, adsorption, gas
scrubbing) would therefore be necessary to maximise cell lifetime (Bauer et al.,
2013; McBean, 2008). Whilst power generation is also possible using aqueous
ammonia in low temperature alkaline fuel cells (AFC) (Figure 6.5), these suffer
from critically low power densities relative to SOFC (1-3 orders of magnitude)
s(Guo et al., 2020; Siddiqui and Dincer, 2019b). This is exacerbated by the
presence of dissolved compounds (e.g., VOCs) co-transported during
wastewater stripping, which lower the pH and limit free ammonia at the anode
(Davey et al., 2022). Consequently, AFC will require larger cell stacks to generate
equivalent power output and high capital costs which could present a significant
barrier to investment.

The UK and EU have set progressive targets for low-carbon hydrogen

production which are expected to deliver 13-35% of their total energy demand by
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2050 (Department for Business, Energy and Industrial Strategy, 2021b;
European Commission, 2020). Zero carbon hydrogen generation from recovered
gas-phase or agueous ammonia could align with existing investment in hydrogen
production by the water sector and invite incentives under the Renewable
Transport Fuel Obligation (RTFO) (Figure 6.4-6.5) (Anglian Water, 2021; Jackson
et al.,, 2015; Vitse et al., 2005). Catalytic cracking of gas-phase ammonia is
closest to commercialisation, with demonstration projects for the generation of
200 kg d* transport-grade hydrogen currently underway to evaluate viability at
scale (Siemens Energy, 2022; The Royal Society, 2020; Tyseley Energy Park,
2022). Complete conversion of recovered ammonia could represent an
opportunity to generate a ‘green’ hydrogen resource of up to 4530 MWh yL.
Hydrogen is classified as a developmental transport fuel and invites the highest
tier of incentivisation under the RFTO. Hydrogen export therefore represents a
revenue opportunity of up to 0.29 million EUR y? (Table 6.3) (Department for
Transport, 2021). However, cracking can be energy intensive (33-42 kWh kgh2),
due to downstream purification for the removal of nitrogen and trace amounts of
unreacted ammonia to comply with stringent quality standards for transport-grade
hydrogen (<0.1 mgniz m3) (EN 17124:2018) (European Standards, 2018;
Makhloufi and Kezibri, 2021; Nasharuddin et al., 2019). Electrolysis of aqueous
ammonia could theoretically generate high-purity hydrogen at a substantially
lower energy demand (1.55 kWh kgn2) (Vitse et al., 2005). However, this process
is kinetically limited and so additional energy input is necessary in practice to
drive ammonia oxidation, whilst poisoning and deactivation of high-activity
catalysts presents a major technological hurdle (Cheddie, 2012; Siddharth et al.,
2018). Further development and commercialisation is therefore necessary to
facilitate energy efficient and economically viable ammonia to hydrogen solutions

for the water sector.

194



Table 6.3: Direct value pathways for wastewater-derived ammonia, based upon the recovery of 2340 kgnws d-1.

Process Key product Quantity Valourisation route Unit cost CO: offset?  Total value
tcoze yt million EUR y1!
Purification Anhydrous NHs 855t yt External saled 750 EUR t - 0.64
. . Export as developmental
-1 -1 -
Catalytic cracking H2 4530 MWh y transport fuel (RTEO)e 65 EUR MWh 0.29
Solid oxide fuel cell>  Electricity 3170 MWhe y? i lisati 740 0.14
. . e Olnsm_a gtll!sanon f(offset 29 EUR MWhe-t
Gas turbinec Electricity 1810 MWhe yt  €lectricity import) 420 0.08

RTFO — Renewable transport fuel obligation.

2 Valued at 60 EUR tcoze! under the Emissions Trading Scheme in 2023 (Ember, 2023)

b Assumed 70% electrical efficiency (The Royal Society, 2020)

¢ Assumed 40% electrical efficiency (Hewlett et al., 2019; Moore and Auty, 2013)

dFor sale into European market (ChemAnalyst, 2023)

¢ Hydrogen gas recieves 2.29 dRTFC kg, with each dRTFC valued at 0.8 GBP (Department for Transport, 2021)
fBased on UK electricity prices for 2022 (Department for Business, Energy and Industrial Strategy, 2022a)

Table 6.4: Indirect value pathways for wastewater-derived ammonia use as a solvent for biogas upgrading, based upon the recovery of 2340 kgnns d-t.

Process Key products Quantity Valourisation route Unit cost Total value
million EUR y?

Biogas upgrading with ~ Biomethane 18700 MWhy!  Export to gas grid (GGSS)? 64 EUR MWh?!  1.20

ammonia solvents NHsHCOs 3540 t yt External sale 112 EUR t1 0.40

NH.HCOs degradation ~ Anhydrous NHs 855ty? External sale 750 EUR t1 0.64

and purification Biogenic CO2 1970 ty? External sale (RPS 255)° 315 EUR t1 0.62

a Biomethane attracts a Tier 1 tariff below 60000 MWh y-1 under GGSS (Department for Energy Security and Net Zero, 2022).
b (Environment Agency, 2022)
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6.5 Wastewater-derived ammonia as a solvent for biogas upgrading

Biomethane is a central component of carbon management plans for the water
sector, but established biogas upgrading systems are capitally intensive which
has limited their adoption to large, centralised treatment works where they can
benefit from economies of scale (IEA Bioenergy, 2019). To support wider
decarbonisation objectives, recovered ammonia could be applied as a
sustainable solvent within an intensified, chilled ammonia process (CAP) for
biogas upgrading. When compared to water absorption in packed columns which
represent 70% of installed capacity for biogas upgrading across the European
water sector (IEA Bioenergy, 2019), ammonia solvents can intensify CO:2
absorption by a factor of 5-15, thereby lowering process size and separation
energy (Bauer et al., 2013; Houlker, 2019; McLeod et al., 2014). Reduced solvent
flowrates and operating pressures during chemical absorption will directly lower
the electrical consumption (0.1 kWhe Nm-piogas) relative to water absorption (0.3
kWhe Nm3piogas) (Bauer et al., 2013). Furthermore, chemical absorption
processes are associated with low atmospheric methane losses (<0.1%vol) due
to limited ‘slip’ into the solvent compared to water absorption (1-2%vol),
maximising product recovery and qualifying for access to biomethane
incentivisation under the German tariff system (<0.5%vol) (EEG 2009) (Kvist and
Aryal, 2019; Patterson et al., 2011). Although aqueous-phase recovery could
generate a suitable solvent (3-5%wt) (Figure 6.5), concentrated gas-phase
recovery followed by capture and dilution using water absorption to produce the
solvent is more economical due to minimisation of the latent heat penalty during
stripping (Figure 6.4). Further process intensification of up to 15-times can be
achieved by conducting absorption within a hollow fibre membrane contactor, in
which gas and liquid-phases are segregated by a hydrophobic membrane, due
to high interfacial surface area and an extended gas loading range (Figure 6.8)
(Belaissaoui et al., 2016; Gabelman and Hwang, 1999). Following absorption,
CAP processes require a solvent regeneration stage to reverse the chemical
reaction and desorb CO:2 gas (Augustsson et al., 2017; Darde et al., 2010). This
can represent a substantial energy demand, equivalent to consuming 10% of the

raw biogas (based on LHV) and is associated with solvent losses due to the high
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volatility of ammonia (Jilvero et al., 2012; Moore and Auty, 2013). However, the
costs associated with regeneration (capital, energy and maintenance) and the
purchase of chemicals could be avoided when using wastewater ammonia, since
a continuous supply of sustainable solvent can be recovered. This could offset
the cost of ammonia stripping and improve the investment case for a sidestream
recovery process, particularly when compared to a baseline of biological nitrogen
removal (Figure 6.6a). As an alternative to regeneration, the solvent could be
loaded with CO2 until the thermodynamic threshold for ammonium bicarbonate
formation and precipitation is exceeded (Sutter et al., 2017). Crystallisation would
then be promoted by the hydrophobic membrane, which lowers the energy barrier
for heterogeneous nucleation, and can facilitate continuous harvesting of solids
from the solvent loop (Figure 6.8) (Houlker, 2019; McLeod et al., 2015). This
integrated system would therefore produce biomethane, which attracts incentives
for injection into the gas network, alongside ammonium bicarbonate (Department

for Business, Energy and Industrial Strategy, 2022b; Department for Transport,

2021).
Hollow fibre membrane @ @

contactor Transport fuel

Biogas Bio?\ethane Grid injection
supply (>98%vol CH,)

Crystal
separation
7 o

Direct sale

Recovered NH;

solvent (3-5%wt)

Ammonium
L——» bicarbonate —»
crystals Chiller/
dehumidifier

—V[E}—» ——>» Pure NH;
-y,

—>» Pure CO,

Thermally Gas

decompose seperation
(>30°C)

Figure 6.8: Biogas upgrading and ammonium bicarbonate recovery using wastewater-derived
ammonia solvents.
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In the example treatment works, the recovery of 2340 kgnns dt could generate
enough solvent to upgrade 20% of the biogas resource and produce 18700 MWh
y! biomethane (Table 6.4). Below a threshold of 60000 MWh y, biomethane
injection into the gas grid qualifies for Tier 1 tariffs (64 EUR MWh-) under the
Green Gas Support Scheme (GGSS), and so this presents a revenue opportunity
of 1.2 million EUR y* (Department for Energy Security and Net Zero, 2022). The
application of ammonia for biogas upgrading could therefore unlock greater value
than direct utilisation pathways (Table 6.3). Crystallisation of ammonium
bicarbonate will omit dissolved contaminants and competing cations within
wastewater-derived solvents, thereby generating a high purity product (Bavarella
et al., 2020). This could have direct application as a fertiliser (112 EUR t'') and
offer additional revenue of up to 0.40 million EUR y-, although a market outlet is
not guaranteed under existing EU regulations (EC, 2008; McLeod et al., 2014).
Ammonium bicarbonate is thermally unstable, and will decompose under mild
heat (>30°C) to release CO2, ammonia and water vapour (Figure 6.8) (Villeneuve
et al., 2018). Chilling or dehumidification to remove the water fraction, followed
by gas separation could generate high purity CO2 and ammonia gas. This could
enable the water sector to access an emerging opportunity for the sale of
industrial-grade biogenic CO2 which has been introduced following release of a
regulatory positioning statement enabling the possible use of CO2 from anaerobic
digestion (RPS 255), in response to recent disruption in industrial supply chains
(Environment Agency, 2022). The sale of CO2 presents a revenue opportunity of
0.62 million EUR y* for the example works. Furthermore, the purified ammonia
gas provides a flexible and energy dense product for internal use or direct sale.
This pathway therefore provides an opportunity for ammonia to be utilised as a
sustainable biogas upgrading solvent and then subsequently for zero carbon
energy generation, to support an expansion of biomethane production whilst

maximising the internal value of this resource.
6.6 Conclusion

This study has explored selective vacuum thermal stripping for ammonia recovery

from wastewater and evaluated emerging pathways for the utilisation of
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recovered ammonia as a critical resource to support decarbonisation within the
water sector. Selective ammonia stripping was demonstrated below the
saturation point for digester centrate (40-50°C at 0.25 bar) to facilitate low energy,
high quality gas-phase product recovery (20-25%wt). In a critical technological
advancement, this process was translated from batch vessels employed in
previous work to a gas-liquid contacting column for the first time. Increased
interfacial surface area (m? m3), reduced boundary layer thickness and greater
convection within the column intensified mass transfer by an order of magnitude.
Consequently, the system demonstrated comparable volumetric mass transfer
coefficients to established air stripping processes (0.4-6.8 h1), indicating potential
for scalability and future commercial adoption. Full-scale projections for a
centralised wastewater treatment works (1.2 million P.E.) indicated that
investment in selective ammonia recovery from digester centrate could offer a
cost saving (-300 EUR tnHs!) over a 20-year economic lifetime, relative to
biological nitrogen removal in existing activated sludge processes. High purity
ammonia derived from wastewater is a flexible resource which could be exported
into an expanding ammonia marketplace or utilised for zero carbon energy and
hydrogen generation. However, a systems level evaluation determined that
maximum value could be generated from its application as a novel solvent for the
intensification of biogas upgrading. This could enable utilities to capitalise on
incentives for the exportation of biomethane and emerging opportunities for the
sale of biogenic CO2, whilst recovering purified ammonia for further application
as a zero carbon resource. This circular economy solution presents a holistic
strategy which creates innovative value opportunities and is aligned with the

transition towards low energy, net zero wastewater treatment.
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Appendix E

E1 Vacuum thermal stripping experimental set-up

Vacuum thermal stripping experiments were conducted in a wetted wall column
operated in semi-batch mode with a recirculating liquid feed (Figure E1). The
column had an internal diameter of 0.05 m and a length of 0.45 m. A spray nozzle
distributed the feed over the walls (MPL 0.57N, Bete Ltd., Lewes, England). In
each experiment, 4 L of synthetic wastewater or centrate was placed in the feed
vessel. The feed was heated up to the target temperature (40-70°C) via a heating
coil in the feed vessel and recirculation through a heat exchanger (MPC-K®6,
Huber, Offenburg, Germany; Quickfit C6/12/SC, Fisher Scientific, Loughborough,
UK; AD550, Xylem, New York, USA). The liquid flowrate was set at 0.5 L min-!
using a flow control valve and variable-area flowmeter (Double acting inline
control valve, F.li Tognella Spa, Rome, Italy; MFLX32461-42, Masterflex,
Avantor, Radnor, USA). The feed was then recirculated through the stripping
column for 10-15 minutes until stable temperatures were achieved at the inlet and
outlet. The system pressure was then reduced using two vacuum pumps
operating in parallel and controlled at 0.25 bar using a vacuum control valve (ME-
1C, Vacuubrand, Wertheim, Germany; SS-4MA-MH, Swagelok, Kings Langley,
UK). Stripping temperature and pressure were monitored continuously across the
system (Type K, RS Components, Corby, UK; PXM319-010GIl, Omega
Engineering Ltd, Manchester, UK). Vacuum outlets were located at the top of the
column, the base of the column and the outlet vessel to extract ammonia-rich
vapours. The vapours were drawn through gas-liquid separators to remove
entrained droplets of liquid. The vapours were then passed through a condenser
with 250 cm? surface area at 5°C (Quickfit C6/12/SC, Fisher Scientific,
Loughborough, UK; LT Ecocool 150, Grant Instruments, Cambridge, UK).
Condensate was stored in a chilled, jacketed vessel at 5°C. Finally, the vapour
was bubbled through dilute sulphuric acid (0.5 mol L) in a gas-tight aspirator
bottle to absorb gas-phase ammonia (Schott Duran, VWR, The Netherlands).
Each primary data point was collected in triplicate. Standard deviation is

represented by error bars.

200



E2 Experimental analysis

Ammonia mass transfer across the gas-liquid interface is described by the Lewis-
Whitman model (Eqg. E1) (Heile et al., 2017; Tao and Ukwuani, 2015). Previous
research indicates that the equilibrium ammonia concentration (C*nu3) tends
towards zero during thermal stripping (Tao and Ukwuani, 2015; Ukwuani and
Tao, 2016). Integration of the Lewis-Whitman model from time = 0 to time =t
provides a straight line function in which the gradient represents the volumetric
mass transfer coefficient (kLa) (Eq. E2).

% =k a (PCyyz — Cyys) (Eq. E1)
—In (M) =k,at (Eq. E2)
CNH3,0

where dCnns/dt is the rate of ammonia transfer across the gas-liquid interface (g
Lt h'1); kLais the volumetric mass transfer coefficient for ammonia (ht); a is the
specific interfacial surface area (m? m3); © is the free ammonia fraction (-); Cnhs
is the total ammonia concentration (g L™?); t is stripping time (h) and subscripts 0
and t represent time = 0 and time = t respectively. In continuous batch mode, only
a fraction of the total feed volume is exposed to vacuum conditions at any time.
To determine kLa, time was substituted for hydraulic residence time (HRT) in Eq.
E2. The vacuum stripper and outlet vessel were estimated to hold 0.5 L of feed

during operation, enabling the HRT to be calculated:

HRT = v%* t (Eq. E3)
where v is the feed volume exposed to the vacuum condition (0.5 L) and Vtis the
total feed volume at time =t (L). Ammonia concentration in the feed, condensate
and acid trap, and the condensate mass were recorded over time. The fraction of
ammonia and water vapourised from the feed and ammonia fraction in the

stripped vapour were then calculated:

MNH3,0 ~ MNH3t

nws = — o= (Eq. E4)
__My20,0 —MHy20,t
NMH20 = T mmon (Eq. E5)
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(mNH3 0 — MNH3 t)
- : Eqg. E6
(mHzo,o - mHZO,t)+(mNH3,0 - mNHS,t) ( 9 )

XNH3 =

where nnHs and nu2o represent the fraction of ammonia and water vapourised
from the feed respectively (%wt); mnrs and muzo is the mass of ammonia and
water in the feed (g); xnn3 is the ammonia fraction within the stripped vapour
(%wt). Ammonia will partially dissociate in wastewater to form non-volatile
ammonium (Eq. E7). The fraction of free ammonia in the feed was estimated from
the pH and temperature (Eq. E8-E9) (Bates and Pinching, 1950).

+
NH3(aq) + Hiagq) < NHy(aq)

(Eq. E7)

o 1
T 1 4 10@KLrPH) (Eq. E8)
PK3 1 = PK325c +0.0324(25 - T) (Eq. E9)

where O is the fraction of free ammonia (-); pKSa 1 and pKSa2sc are the negative

logarithm of the acid dissociation constant at temperatures T and 25°C
respectively [-].
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Figure E1: Experimental set-up for semi-batch vacuum thermal ammonia stripping column.
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Figure E2: Influence of temperature on ammonia removal over time in vacuum thermal stripping
column. Operational conditions: pressure, 0.25 bar; pH >10; feed rate, 0.5 L min-1.
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Figure E3: Influence of temperature on gas-phase ammonia concentration in vacuum thermal
stripping column. Operational conditions: pressure, 0.25 bar; pH >10; feed rate, 0.5 L min-L.
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E3 Capital cost estimation

The costs for mechanical equipment related to vacuum thermal stripping
processes for gas-phase or aqueous ammonia recovery (Figure 6.4-6.5) were
estimated using the factorial method developed by Lang (1948):

Cm = f1.Ce (Eq. E10)
where Ce is the estimated mechanical costs for major capital equipment (EUR);
fL is the Lang factor for a fluids processing plant (4.7); and Cm is the total
mechanical cost (EUR). Allowances for associated civis (Cc¢) and
instrumentation, control and automation (Cica) were estimated as 30% and 10%
of the total mechanical cost (EUR), respectively. This enabled estimation of the
total capital costs (C) as:

Ci =Cp+C.+ Cica (Eg. E11)
For the feed-side, major capital equipment for both flowsheets consisted of a pre-
heater to recover sensible heat from the stripped liquor, and a secondary heater
raise the feed to the stripping temperature. Determination of the heating duties
enabled calculation of the heat transfer area (Eq. E12-E14). The pre-heater had
a 5°C approach temperature (Thout-Ttin = 5°C). Both pre-heater and secondary
heater were countercurrent shell and tube heat exchangers comprised of carbon
steel. Based on the design data, heat exchanger costs could be estimated based
on aggregated costing data (Table E1) (Sinnot, 2004). All equipment costs were
inflation adjusted up to 2022 (Bank of England, 2023).

Q = mLC,(AT)) (Eq. E12)

(Th,in - Tf,out) - (Th,out - Tf,in)
In (Th,in - Tf,out) (Eq E13)
(Th,out - Tf,in)

9LM,h =

Q

A=

(Eq. E14)

where Q is the duty (kJ s1); m’c is the centrate mass flow (15 kg s™); Cpis the
specific heat capacity for centrate (assumed to be equivalent to water, 4.2 kJ mol
°CY); ATris the change in centrate temperature across the heater (°C); Tnis the

heating water temperature (Th,in = Stripper temperature for pre-heater; Th,in = 85°C
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for the secondary heater); Oum,h is the log mean temperature difference across
the heater (°C); and subscripts in and out refer to the inlet and outlet of the heater,
respectively.

Wetted wall stripping columns were designed on the basis of the experimental
kia data (Figure 6.2) and sized to provide the requisite flux to achieve an
ammonia removal rate of 2340 kgnnz d* (equivalent to 90% recovery from AAD
centrate for a centralised works serving 1.2 million population equivalent; Ndam,
2017). The maximum diameter and height for each column was set at 2 m and
15 m, respectively. The target mass transfer rate could be satisfied within
individual columns at 60-70°C, whilst multiple columns were required in parallel
when stripping at 40 and 50°C, respectively. Columns were costed as vertical
pressure vessels, comprised of stainless steel to provide necessary chemical
resistance due to direct contact with corrosive ammonia vapours (Table E1)
(Sinnot, 2004). Aqueous ammonia recovery flowsheets also required a
condenser. The condenser was designed to be countercurrent and isothermal.
Heat exchange duty was calculated using the mass flow of water vapour and the
latent heat of vapourisation (Eq. E15-E16). It was assumed that the condenser
could utilise treated wastewater as the cooling fluid, with mean temperature of
15°C (Tcin), enabling calculation of the log-mean temperature across the
condenser (Buv,c). Condenser mass transfer area could then be calculated. This
was applied to determine cost, based upon a shell and tube heat exchanger with
stainless steel tubes to provide chemical resistance for corrosive ammonia
vapours (Table E1) (Sinnot, 2004).

Q = m,AH, (Eq. E15)

9 — (Tv,in - Tc,out) - (Tv,out - Tc,in)
LM In (Tv,in - Tc,out) (Eq E16)
(Tv,out - Tc,in)

where m'y is the mass flow of water vapour from the stripper (kg s2); Tv is the

vapour temperature (equal to stripping temperature: 60, 65, or 70°C); Tc is the
cooling water temperature (°C); and AHy is the latent heat of water vapourisation

(assumed to be constant at 2345 kJ kgt).
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Table E1: Capital costing estimation for vacuum stripping systems designed to recover 2340
kgnhs dt and operated at 40 to 70°C.

Major equipment Characteristicsize Qty Materials Pressure Cost®(EUR)
Gas-phase recovery (40°C)

Feed pre-heater HTA =110 m? 1 CS 1-10 bar 37,363
Feed top-up heater HTA=6m? 1 CS 1-10 bar 5,604
Stripping column d=20m;h=14m 3 SS <1l bar 560,439
Estimated mechanical cost (Lang factor = 4.7)° 2,836,008
Estimated capital cost (including civils and ICA)¢ 3,970,411
Gas-phase recovery (50°C)

Feed pre-heater HTA =215 m? 1 cS 1-10 bar 56,044
Feed top-up heater HTA=8m? 1 CS 1-10 bar 5,604
Stripping column d=15m;h=14m 2 SS <lbar 298,901
Estimated mechanical cost (Lang factor = 4.7)° 1,694,581
Estimated capital cost (including civils and ICA)¢ 2,372,413
Aqueous recovery (60°C)

Feed pre-heater HTA =300 m? 1 CS 1-10 bar 74,725
Feed top-up heater HTA = 15 m? 1 CS 1-10 bar 7,473
Stripping column d=15m;h=9m 1 SS <lbar 74,725
Condenser HTA = 20 m? 1 CS-SS 1-10 bar 14,719
Estimated mechanical cost (Lang factor = 4.7)° 806,715
Estimated capital cost (including civils and ICA)¢ 1,129,401
Aqueous recovery (65°C)

Feed pre-heater HTA = 300 m? 1 CS 1-10 bar 74,725
Feed top-up heater HTA = 20 m? 1 CS 1-10 bar 13,077
Stripping column d=1.0m;h=11m 1 SS <1lbar 63,516
Condenser HTA = 45 m? 1 CS-SS 1-10 bar 56,044
Estimated mechanical cost (Lang factor = 4.7)° 974,603
Estimated capital cost (including civils and ICA)¢ 1,364,445
Aqueous recovery (70°C)

Feed pre-heater HTA =300 m? 1 CS 1-10 bar 74,725
Feed top-up heater HTA = 40 m? 1 CS 1-10 bar 22,418
Stripping column d=10m;h=9m 1 SS <lbar 52,308
Condenser HTA = 65 m? 1 CS-SS 1-10 bar 45,288
Estimated mechanical cost (Lang factor = 4.7)° 915,270
Estimated capital cost (including civils and ICA)¢ 1,281,379

HTA — heat transfer area; d - diameter; h - height; CS — carbon steel; SS — stainless steel; ICA —
instrumentation, control and automation.

2 Design data was applied to determine equipment costs from aggregated costing data (Sinnot,
2004). All costs adjusted for inflation up to 2022 and converted to EUR based on 2022
exchange rate (Bank of England, 2023; European Central Bank, 2023)

® Major equipment costs multiplied by Lang factor for a fluid handling plant (Lang, 1948)
¢Includes allowance for cost of civils and ICA as an additional 30% and 10% of total mechanical
cost, respectively.
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E4 Energy and chemical cost estimation

Energy and chemical costs associated with ammonia recovery were compared
against a base case where AAD centrate is returned to a pre-existing mainstream
activated sludge process for biological nitrogen removal (5 kWhe kgn?) (Garrido
et al., 2013) (Table E2). As with capital costing, calculations were based upon
treatment of 2340 kgnns d1. The thermal demand is comprised of sensible heating
of the centrate feed and latent heat duty for water evaporation in the stripper.
Heat was recovered from the stripped feed in the pre-heater to reduce external
thermal demand. Due to relatively low stripping temperatures (<70°C), heating
duty could be supplemented by the utilisation of low-grade waste heat. An audit
for a centralised wastewater treatment works indicated that 50-70 kWh of hot
water (85°C) could be recovered per m? digested sludge liquor from biogas
engines co-located with an anaerobic digestion facility (Moore and Auty, 2013;
Ndam, 2017). For the case of gas-phase ammonia recovery, the total thermal
demand could be satisified through heat integration and waste heat application.
The electricity demand for stripping was based upon the vacuum pump power
rating. Liquid-ring vacuum pumps were selected as they can achieve the pressure
and vapour flow required for this application and sizing was based on a
methodology outlined by Bannwarth (2005). The power rating is a function of
vapour flowrate, which is substantially lower for gas-phase recovery compared to
agueous recovery flowsheets. Prior to stripping, alkali is added to raise the
centrate pH up to 10 to release >95% free ammonia, maximising the driving force
for ammonia mass transfer (Bates and Pinching, 1950; Huang and Shang, 2006).
This places a substantial economic burden on the process, which is exacerbated
by the requirement for sodium hydroxide over lower cost calcium hydroxide since
the latter can lead to the precipitation of a fouling sludge in concentrated

wastewaters (Limoli et al., 2016).
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Table E2: Operational expenses for vacuum stripping systems designed to recover 2340 kgnnz d-
1 and operated at 40°C to 70°C.

Scenario Thermal Power Alkali Annual
demand demand demand expense?
MWhih tnhzt MWhe tniz? kmol twis? EUR y?
Base ASP 0 4.1° 0 551,461
Gas-phase  40°C 0 0.04 49 541,528
recovery 50°C 0 0.04 49 541,528
60°C 12 0.11 49 848,957
Aqueous  gron 18 0.25 49 1,022,732
recovery
70°C 35 0.37 49 1,467,948

ASP — Activated sludge process for biological nitrogen removal

aUnit costs: 29 EUR MWhw1, 157 EUR MWhe?, 13 EUR kmolnaor? (ChemAnalyst,
2022; Department for Business, Energy and Industrial Strategy, 2022a; European
Central Bank, 2023).

b(Garrido et al., 2013)

E5 Cost of carbon under the Emissions Trading Scheme

Effective carbon emissions (tcoze year?!) were determined for each scenario
based upon the carbon intensity of imported heat (0.184 kgcoze kWh),
electricity (0.233 kgcoze kWhint) and sodium hydroxide manufacture (0.02 kgcoze
mol?t) (Bulb, 2023; Kumar et al., 2021). Carbon emissions were also determined
for an activated sludge plant treating an equivalent ammonia loading. This was
based upon electricity usage and nitrous oxide using an emission factor of 0.035
kgnzo kgnint (Davey et al., 2022; Winter et al., 2012). Carbon emissions incur
costs under the Emissions Trading Scheme (60.1 EUR tco2e) (Ember, 2023).

E6 Levelised cost of ammonia determination

The LCOA has emerged as a useful tool to evaluate the whole life cost for
sustainable ammonia plants, which typically require larger capital investment
related to the installation of local wind and solar farms and buffering storage for
hydrogen to support continuous operation with an intermittent energy supply
(Beerblhl et al., 2014; Nayak-Luke et al., 2018). An established method for LCOA
computation has been applied (Eg. E17) (Cesaro et al., 2021; Nayak-Luke et al.,
2018). To evaluate this as a replacement technology for an existing activated

sludge plant, this expression has been adapted to include the annual cost of
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energy, chemical and carbon (under ETS) for each ammonia stripping scenario
(ECC:y), offset against the annual cost of energy and carbon for biological nitrogen
removal (ECiasp). The economic lifetime of the plant was assumed to be 20 years
and the initial capital investment was divided equally across this period.
Operational and maintenance expenses (excluding energy and chemical usage)

were assumed to represent 3% of the total capital investment (Morgan, 2013).

Ct + OMt + ECCt - ECt,ASP

n

t=0 t
LCOA = a Z r) (Eq. E17)
n t
=0 (T + 1)t

where LCOA is the levelised cost of ammonia (EUR tonnenns™?); Ctis the capital
investment in year t (EUR) (Table E1); OM:is the operational and maintenance
expenses in year t (EUR); ECC: is energy, chemical and carbon costs in year t
(EUR) (Table E2); ECtasp is energy and carbon costs for an activated sludge
plant treating equivalent ammonia loading (EUR); At is the annual ammonia
recovery in year t (855 tnuz); r is the weighted average cost of capital (7%); and

n is the economic lifetime of the plant (20 years).

Base (ASP) Strip (40C) Strip (50C)
Strip (60C) —— Strip (65C) —— Strip (70C)
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Figure E4: Break-even point analysis based upon the total expenditure (capital, operational,
and carbon costs) for the installation of an ammonia stripping system compared against the
total expenditure for a pre-existing activated sludge plant (operational and carbon costs) to treat
equivalent ammonia loading.
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7.1 Discussion

An expansion of biogas upgrading is required to support the delivery of net zero
carbon commitments for major European nations by 2050 (Department for
Business, Energy and Industrial Strategy, 2021a; European Commission, 2019).
Maximising biogas upgrading could deliver up to 1000 TWh of biomethane in
2050 which is equivalent to 30-40% of the projected natural gas demand for
Europe (European Biogas Association, 2021; Pavicic et al., 2022). To capitalise
on this, the development of next-generation technologies is necessary to lower
the whole life cost of biomethane without reliance on governmental incentivisation
schemes which have been gradually degressed over the past decade
(Department for Business, Energy and Industrial Strategy, 2021b; Houlker,
2019). Contributions to knowledge developed through this thesis underpin the
advancement of a novel biomethane technology which could be applied within
wastewater treatment to lower barriers to investment through a circular economy
approach in which ammonia products are simultaneously recovered (Figure 7.1).
To contextualise the potential impact of this research and its relevance to

delivering net zero, the outcomes are explored around a set of key questions.

7.1.1 Could HFMC offer a competitive alternative to absorption columns?

Gas-liquid absorption columns are the dominant technology for biogas upgrading
and represent 70% of installed capacity across the European water sector (IEA
Bioenergy, 2019). Hollow fibore membrane contactors (HFMC) could lower capital
costs by almost 40-times due to their high interfacial surface area (Belaissaoui et
al., 2016; Houlker, 2019). This thesis has demonstrated further process
intensification through a combined strategy of solvent chilling and gas
pressurisation which can increase CO: flux and selectivity, thereby reducing the
membrane area and path length for biogas upgrading (Chapter 3). Consequently,
this will lower the solvent requirements and methane ‘slip’ alongside the number
of modules positioned in parallel and in series to produce industrial quality
biomethane (Houlker, 2019; Kapoor et al., 2019). Chilled conditions will also
promote wetting resilience and favour the application of microporous membranes

which are simpler to fabricate and 40% cheaper than nonporous membranes
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(Chapter 3). Whilst synthetic biogas was applied in this work, previous trials have
indicated that microporous membranes do not suffer performance degradation
when exposed to real biogas containing trace contaminants such as siloxanes
(Houlker et al., 2021; McBean, 2008). Microporous HFMC are also
technologically mature for applications including dissolved gas extraction and are
available at commercial scales (single module liquid flows up to 125 m3 h1),
lowering investment risks for industrial adoption (3M, 2023; Cookney et al., 2016).
Infrastructure requirements for HFMCs could be minimal relative to existing
absorption systems due to their modularity and ease of integration (Belaissaoui
et al., 2016; Chabanon et al., 2011). Since chillers are often present in biogas
pipelines to remove free-water and prevent condensation during compression,
these could readily support adaption to a low temperature upgrading process
(Bauer et al., 2013; Houlker et al., 2021). Furthermore, biomethane is injected
into a pressurised network (2-7 bar) and so the energy and equipment for gas
pressurisation are already a baseline requirement (Northern Gas Networks,
2020). By exploiting positive interactions between membrane material,
temperature and gas pressure, this work has therefore advanced the

development of HFMC as a successor technology for biogas upgrading.
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7.1.2 What are the synergies and opportunities for reactive biogas upgrading?

Hollow fibre membrane contactors are vulnerable to ammonia ‘slip’ during
reactive biogas upgrading which can result in destabilising gas-phase reactions
(Bavarella et al., 2022; Villeneuve et al., 2018). For the first time, the mechanism
underpinning gas-phase reactions was determined and related to component
interactions within the ternary CO2-NHs-H20 system (Chapter 4). This highlighted
preventative strategies to limit gas-phase reactions by minimising ammonia ‘slip’
through solvent chilling and acidification, and by gas pressurisation to manipulate
the relative composition of the ternary system (Chapter 4). Gas pressurisation
(up to 2.5 bar) was subsequently employed during reactive absorption in HFMC
for the first time and successfully lowered the intensity of gas-phase reactions
(Chapter 5). In a positive synergy, the absorption of CO2 under chilled,
pressurised conditions which favour membrane resilience and mass transfer will
therefore offer inherent benefits to process stability. These insights can inform
the operation and design of reactive biogas upgrading at full-scale and are
directly translatable for the use of emerging ternary solvents in HFMC which may
be critical to lowering the cost barrier for post-combustion carbon capture and
storage (Liu et al., 2019; Zhao et al., 2023). Controlled crystallisation and
harvesting of ammonium bicarbonate during reactive biogas upgrading can
eliminate the requirement for solvent regeneration and the associated capital
cost, energy and chemical demands (Jilvero et al., 2012; McLeod et al., 2015).
Biogenic CO:2 captured within the solid product would facilitate carbon negative
biomethane production. This could limit exposure to regulatory uncertainty
surrounding the incorporation of biogenic CO2 within the Emission Trading
Scheme (ETS), a market-based mechanism for the reduction of greenhouse
gases across the EU (2003/87/EC) (EC, 2018). Alternatively, ammonium
bicarbonate can be degraded under mild heat (>30°C) and the resultant gas could
undergo separation to generate ammonia and CO:2 of high purity, since the
crystallisation process will omit dissolved gases and volatile compounds present
in the wastewater-derived solvent which may otherwise affect product quality
(Bavarella et al., 2020; Villeneuve et al., 2018). Ammonia gas could be
pressurised to yield a liquified product and sold into existing supply chains for
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fertiliser manufacture or into a growing market as a critical energy vector for the
emerging hydrogen economy (Cesaro et al., 2021; Nayak-Luke et al., 2018). This
would also enable operators to capitalise on an emerging opportunity for the sale
of biogenic CO:2 following new regulation introduced in response to shortfalls in
industrial supply (RPS 255) (Environment Agency, 2022). In a critical step for the
realisation of this technology, ammonium bicarbonate crystallisation in HFMC
was demonstrated under pressurised conditions for the first time (Chapter 5).
Unlike conventional crystallisers which rely upon cooling or evaporation,
ammonium bicarbonate nucleation was controlled by reactions within the solvent
boundary layer (Chapter 5) (McDonald et al., 2021). Crystal formation was
therefore observed to occur at a consistent CO2 loading ratio and supersaturation
level, independent of pressure (Chapter 5). This could support the translation of
this process across different pressures at scale, by informing simple control
philosophies based upon solvent pH and conductivity (indicators of CO2 loading)
using inline probes which are robust and commercially available (Chapter 5).
Nucleation under consistent levels of supersaturation will also produce crystals
of similar size and shape, thereby simplifying the unit design for their continuous
extraction from the solvent by inline filtration or gravity settlement (Ulrich and
Strege, 2002). This work therefore represents a critical advancement for the
feasibility and operability of a novel, membrane facilitated reactive crystallisation
process which could lower the cost barrier for biomethane production whilst

generating value through the recovery of sustainable end products.

7.1.3 Does vacuum stripping present a disruptive solution for nitrogen removal?
The low energy and economic recovery of ammonia solvents (4-5%wt) from
wastewater is a critical enabler for the proposed biogas upgrading flowsheet.
Raised concentrations within centrate from anaerobic digestion (AD) (1-2 kgnH3
m-3) will benefit the driving force for commercially established air and steam
stripping processes (Organics Group, 2020; RVT, 2015). These rely upon high
gas-liquid stripping ratios to overcome the solubility of ammonia in water (air
>2000 m3 m3; steam>100 m3 m3) and will generate dilute gas-phase ammonia
(0.01-2%wt) (Figure 7.2) (Bonmati and Flotats, 2003; Huang and Shang, 2006;
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Zeng et al., 2006). Consequently, further purification stages (i.e., distillation)
would be necessary to achieve the required solvent quality, incurring substantial
capital cost and energy consumption (Grasham et al., 2019; Teichgraber and
Stein, 1994). In this work, the two-phase region for ammonia-water was exploited
to facilitate highly selective, low energy recovery of ammonia from wastewater
during vacuum thermal stripping (Chapter 2). Notably, this is a contrasting
strategy to previous researchers who have operated vacuum stripping close to
the dew point curve to maximise mass transfer, resulting in high water
evaporation which will dilute the ammonia product and incur high latent heat
penalties (44 kWhw kgnt) (Davey et al., 2022; Han et al., 2022; Tian et al., 2019).
Selective stripping was translated to a gas-liquid contacting column where
ammonia could be extracted from concentrated wastewater with minimal energy
demand (2.9 kWhw kgn?t) (Chapter 6). Crucially, a techno-economic evaluation
indicated that investment in gas-phase ammonia recovery (20-25%wt) for AD
centrate could represent a cost saving over a 20-year economic lifetime (-300
EUR wh3!), when compared against nitrogen removal in an activated sludge
process (Chapter 6). The capture of gas-phase ammonia by water scrubbing to
generate ammonia solvents (3-5%wt) could therefore present an efficient and
sustainable pathway which is cost competetive with ‘green’ ammonia production
(Figure 7.1) (Morgan, 2013; Nayak-Luke et al., 2018).
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Katehis et al., 1998; Kim et al., 2021; O’Farrell et al., 1973; Teichgraber and Stein, 1994;
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Vacuum stripping is a thermally driven process where the primary energy input
could be satisfied using intrinsic resources within wastewater facilities such as
biogas combustion or integration with low-grade heat recovered from biogas
engines (Moore and Auty, 2013). Where energy importation is necessary, the
cost for a unit of heat (kWhin) is typically 4-5 times lower than for a unit of power
(kWhe) (Department of Business, Energy and Industrial Strategy, 2022).
Sidestream ammonia recovery could therefore present a low cost, circular
economy alternative to electrically driven biological deammonification which
consumes 1-2 kWhe kgnt and has been the focus of substantial investment over
the past decade (Ramalingam et al., 2017; The Water Research Foundation,
2019). Deammonification also generates nitrous oxide (a potent greenhouse gas)
which leads to effective emissions up to 3.4 kgcoze kgninfiuent™ and has been linked
with harmful air pollutants including volatile organic compounds, ammonia and
atmospheric formation of particulate matter (PMzs) (de Haas and Andrews, 2022;
The Water Research Foundation, 2019; Zhang et al., 2017). Consequently, the
vacuum thermal stripping approach developed in this work offers a standalone
value proposition which could be implemented independently of the biogas
upgrading system. The recovered gas-phase ammonia could be upgraded by
removal of water vapour in advanced dehumidification processes (i.e., desiccant
coated heat exchangers) and pressurised to yield a liquified ammonia product
(Venegas et al., 2021). Alternatively, ammonia could be repositioned as a zero
carbon energy resource to support the decarbonisation of the water sector since
it has a heating value of 5.3 kWh kg (comparable to biogas, 6.1 kwh kg*) and
could be applied for heat and power generation in gas turbines and
electrochemical fuel cells (Table 7.1) (Hewlett et al., 2019; van Linden et al.,
2022).

7.1.4 What are the systems level opportunities for wastewater treatment?

This thesis has targeted vacuum thermal stripping of AD centrate which
comprises approximately 30% of the site ammonia load, and could generate
enough solvent to upgrade 20% of biogas for a centralised works (Mackinnon et
al., 2003; Ndam, 2017). Total ammonia recovery could be achieved through

integration with ion exchange processes, which have the capability to extract
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ammoniacal nitrogen from primary wastewater (<0.05 kgnnis m3) (Thornton et al.,
2007). Over multiple regeneration cycles, ammonia can be transferred into a
concentrated brine (>0.5 kgnns m3) suitable for stripping and ammonia recovery
(Canellas-Garriga, 2018; Guida et al., 2022). This approach offers strong
synergies for existing works with carbonaceous-only activated sludge processes
in addition to emerging mainstream anaerobic flowsheets which cannot remove
nitrogen, supporting utilities to meet increasingly stringent nitrogen discharge
limits for the protection of waterways (EEC Council, 1991; Environmental Audit
Committee, 2018; Huang et al., 2020). Recovery of ammonia solvents from the
entire wastewater flowsheet would facilitate an expansion up to 70% biogas
upgrading (Ndam, 2017). This could enable operators to respond to a shift in
incentivisation from mature biogas turbines, which have undergone steep tariff
regression within schemes such as the Renewable Heat Incentive, towards
biomethane for injection into the gas network (Green Gas Support Scheme) or
as a renewable transport fuel (Renewable Transport Fuel Obligation)
(Department for Business, Energy and Industrial Strategy, 2021b, 2016;
Department for Transport, 2021). Crucially, upstream ammonia recovery would
help operators access incentives within the Green Gas Support Scheme which
stipulates that ammonia emissions mitigation related to sludge and digestate
must be considered during the design of new biomethane installations
(Department for Business, Energy and Industrial Strategy, 2021b). Recovered
ammonia could also play a key strategic role as a replacement energy source to
support the transition from biogas combustion to biomethane production and
exportation. For example, harvested ammonium bicarbonate could be thermally
degraded to ammonia gas for onsite generation and could satisfy the total heating
demand for a conventional AD plant or raise almost 50% of the steam required
for thermal hydrolysis in an advanced AD plant. Systems level integration for
technologies developed in this thesis alongside emerging ammonia to energy
solutions could therefore have a transformative impact within wastewater
treatment, enhancing operational revenue and supporting the delivery of

decarbonisation commitments.
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Table 7.1: Summary of schemes proposed to recover waste ammonia for utilisation as a zero carbon energy resource

Waste source

NHs recovery and/or concentration

NHs utilisation

Performance

Reference

Ammonia vapour from
steel works (32-38%wt)

Synthetic wastewater
(1-10 kgnms m3)

Primary sludge liquor¢

Wastewaterc

Digested sludge liquor
(1.8 kgnmz m3)

Landfill leachate
(3 kgnns m3)

Pickling wastewater
(0.5 kgnhz m'3)

Digested sludge liquor
(2 kgnrz M)

Digested sludge liquor
(1.5 kgnes m'®)

Vacuum membrane stripping,
recovery of 1-11%wt NHa).

Struvite precipitation and harvesting,
thermal degradation of struvite,

vapour distillation to recover 30-90%wt NH3).

Vacuum membrane stripping,
recovery of 3-100% NHs).

Thermal air stripping (75°C),
water scrubbing for NHs capture,
flash distillation to recover 3.9%wt NHaw).

Electro-deionisation,

capture of NHs-H2 gas formed at cathode.

Bipolar membrane electrodialysis,

capture of NHs-Hz gas formed at cathode.

Vacuum thermal stripping,

condensation to recover 17 kg m= NHzag).

Thermal air stripping (64°C),
water scrubbing for NHs capture,
distillation to produce NHzw)C.

Co-fuel gas turbine
with methane or coke
oven gas

SOFC

SOFC

SOFC

Co-fuel SOFC with
biomethane

Co-fuel SOFC with
biogas

Co-fuel SOFC with
biogas
Low-temperature
AFC

Steam reformation-
WGS to produce H,
PSA for purification.

36-39% electrical efficiency?

1-2 kW m2
30-43% electrical efficiency®

1 kW m=2
53% electrical efficiency?

2-3 kW m-2a

1 kW m-2
48% electrical efficiency?

10-12 kW m-2
50% electrical efficiency

5 kW m-2d
60% electrical efficiency

5x10° kW m2

(Hewlett et al., 2019,
2020)

(van Linden et al.,
2022)

(Saadabadi et al.,
2020)

(Stoeckl et al., 2020)

(Grasham et al.,
2019)

(Xu et al., 2017)

(Xu et al., 2022)

(Davey et al., 2022)

(Grasham et al.,
2020)

SOFC - solid oxide fuel cells; AFC — low temperature alkaline fuel cell; WGS — water gas shift; PSA — pressure swing absorption
¢ Concentration not specified

aModelled results

bBased on outcomes for 5-10%wt NHz)

dBased on real gas mixtures
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8.1 Conclusions

This thesis has developed reactive biogas upgrading and crystallisation in hollow

fibre membrane contactors (HFMC) using wastewater-derived ammonia solvents

as a disruptive, circular economy solution to support the delivery of a

decarbonised water sector. The following conclusions can be drawn from this

thesis:

1. An expanded two-phase region for selective ammonia-water separation was
identified during vacuum stripping of ammonia solutions analogous to
wastewater (xnH3<0.002). Exploitation of this region supports low energy
recovery of high purity gas-phase ammonia and presents an energetically
favourable solution for sidestream nitrogen removal which could enable
utilities to meet stringent discharge limits whilst recovering sustainable
ammonia (Objective 1).

2. During vacuum thermal stripping, rapid desorption of dissolved COz2 raised the
pH of concentrated wastewater and facilitated continuous ammonia recovery.
This could enable chemical-free stripping in a single process unit, lowering
the capital and operating costs whilst improving the sustainability criteria for
gas-phase ammonia recovery (Objective 1).

3. Conducting CO2 absorption at low temperatures will improve the resilience of
microporous membranes by suppressing solvent vapour pressure and limiting
pore wetting by condensation. In a positive synergy, solvent chilling will
intensify mass transfer due to enhanced CO: solubility. Consequently,
technologically mature and low-cost microporous membranes could offer
superior mass transfer characteristics for biogas upgrading than nonporous
membranes, favouring lower membrane area, capital cost and simpler
translation to industrial scales (Objective 2).

4. Pressurisation during biogas upgrading in HFMC can simultaneously enhance
the driving force for CO2 mass transfer and minimise gas-phase resistance.
This will intensify COz2 flux, raise biomethane quality, and lower atmospheric
methane losses. Translation to comparable pressures employed by

commercial absorption columns (7-10 bar) could therefore lower membrane
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area, path length and favour commercial competitiveness for HFMC systems
(Objective 2).

. The mechanism underpinning gas-phase reactions between CO2-NH3-H20 in
HFMC was related to an established model for ternary systems.
Consequently, suppression of ammonia volatility and pressurisation of the
feed gas could maintain the CO: fraction in the gas-phase above the
thermodynamic limit for liquid and solid formation. These conditions will
promote stable mass transfer during reactive biogas upgrading, and could be
directly translated for the application of emerging ternary solvents for CO:2
capture in HFMC (Objective 3).

. Gas pressurisation during reactive CO2 absorption in HFMC enhanced the
driving force for mass transfer and intensified flux whilst simultaneously
limiting ammonia ‘slip’ in to the gas-phase. Pressurisation therefore presents
a synergistic strategy to lower membrane area and capital cost, whilst
avoiding fugitive ammonia emissions and solvent losses (Objective 4).

. Crystallisation of ammonium bicarbonate in HFMC was demonstrated under
pressurised conditions up to 2.5 bar. Absorption was reaction limited within
the solvent boundary layer, and nucleation kinetics were consequently
independent of pressure. This could support simplified process control for
mediating continuous crystallisation and solids recovery, to lower the energy
penalty for solvent regeneration which is the critical barrier for industrial
adoption of post-combustion CO2 capture (Objective 4).

. Selective, low energy vacuum thermal stripping for gas-phase ammonia
recovery (20-25%wt) was translated to a gas-liquid contacting column and
demonstrated comparable mass transfer coefficients to commercially
established air stripping processes. High-level costing analyses indicated that
investment in selective stripping for anaerobic digester centrate could
represent a cost saving (-300 EUR tNHst) over a 20-year economic lifetime
relative to biological nitrogen removal in activated sludge processes
(Objective 5).

. A techno-economic analysis identified that value from recovered gas-phase

ammonia (20-25%wt) could be maximised in a centralised wastewater
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treatment works through its capture and application as an aqueous solvent (3-
5%wt) in biogas upgrading. This could generate revenue from exportation of
biomethane (1.2 million EUR y) and biogenic CO2 (0.6 million EUR y1), and
enable the subsequent recovery of purified ammonia for zero carbon energy
generation in gas turbines or solid oxide fuel cells (0.08-0.14 million EUR y?)

to support a decarbonised water sector (Objective 5).

8.2 Further work

Based upon the outcomes of this thesis, the following opportunities have been

identified for further research:

1. This thesis identified an expanded two-phase region for ammonia-water in
dilute solutions (xnH3<0.002) at 0.25 bar, which supported low energy, high
purity ammonia recovery. Further exploration of the two-phase region across
different pressures and ammonia concentrations is recommended to
characterise the operating envelope for selective ammonia recovery and
identify optimal operational conditions.

2. It was proposed that ammonia recovered from wastewater could be utilised
directly for energy generation (i.e., gas turbines and electrochemical fuel
cells). Further work could focus on the development and demonstration of an
integrated flowsheet for selective ammonia recovery and power generation. A
particular focus could be on the co-transportation of dissolved compounds in
wastewater during stripping, and their impact on the performance and lifespan
of energy generation technologies.

3. In this thesis, a commercial nonporous HFMC exhibited high mass transfer
resistance at low temperatures due to limited CO2 permeability across the 1
micron dense layer. An exploration of emerging nonporous HFMC with
ultrathin dense layers (~0.1 micron) is recommended, since these could offer
both resilience and improved mass transfer characteristics for biogas
upgrading.

4. Countercurrent ammonia ‘slip’ across microporous HFMC during COz2
absorption was causally linked to the initiation of gas-phase reactions. Further

work could explore the application of nonporous HFMC as a mitigation
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strategy, since the selective dense layer could limit ammonia transport and
therefore maintain the CO2-NHs3-H20 system below the critical threshold
required for reactions to occur.

. Reactive CO2 absorption in pressurised HFMC was explored under fixed
hydrodynamic conditions in this thesis. Lowering the solvent velocity to reduce
the Graetz number will extend the reaction zone in the boundary layer, and
could facilitate greater mass transfer enhancement under pressure. Future
work could therefore explore manipulation of hydrodynamic conditions
alongside pressurisation to maximise process intensification.

In this thesis, membrane facilitated crystallisation was conducted using a
synthetic biogas feed. Further work is necessary to explore the impact of trace
contaminants (e.g., H2S and siloxanes) within real biogas on the crystallising
reaction and the chemical composition of the ammonium bicarbonate product.
. An innovative, circular economy solution for biogas upgrading has been
developed in this thesis. To advance this technology towards
commercialisation, the integration of selective ammonia stripping for solvent
recovery and biogas upgrading in HFMC is necessary to support pilot trials

and process optimisation in a wastewater treatment facility.
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