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Abstract 

An increase in the emphasis on sustainable energy solutions underscores a vital need for hydrogen 

as a clean, decarbonizing, and efficient energy carrier. This necessity is driving extensive research into 

alternative feedstocks for hydrogen production. Promising resources like sugarcane bagasse and 

bread waste, valued for their abundance and high sugar content, can be a promising feedstock for 

hydrogen. Processes, such as steam reforming of ethanol and aqueous-phase reforming of xylitol, 

effectively utilize sugarcane bagasse and bread waste to produce hydrogen, supporting a circular 

bioeconomy and reducing dependence on fossil fuels. This study aims to investigate the process design 

and techno-economic feasibility of hydrogen production from sugarcane bagasse and bread waste. 

Results show that sugarcane bagasse-based feedstock requires higher capital investment and annual 

operational costs, at 68.3 M$ and 24.3 M$ per year compared to bread waste-based feedstock, which 

involves 49.8 M$ and 18.74 M$ per year, respectively. Profitability analysis indicated that bread waste-

based hydrogen production was more economically viable, with a higher net present value of 36.45 

M$ and a higher internal rate of return of 17%, along with a payback period of 11 years. A sensitivity 

analysis revealed that the selling price of hydrogen and fixed capital investment were the most 
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influential parameters affecting net present value. These findings highlight the economic advantages 

of utilizing bread waste over sugarcane bagasse, suggesting that bread waste is a more cost-effective 

and sustainable option for hydrogen production. By prioritizing bread waste as a feedstock, it is 

possible to achieve significant economic benefits, making it a strategic choice for future hydrogen 

production initiatives and advancing renewable energy technologies. 

1. Introduction 

Global energy consumption is anticipated to increase by nearly 50% by 2050, driven by robust 

economic growth and escalating demand, particularly from developing regions in Asia [1].  The 

industrial sector is projected to witness over 30% growth in energy use during this period [2]. 

Currently, fossil fuels supply about 80% of global energy demand, resulting in significant negative 

environmental impacts, notably through carbon dioxide emissions, a primary greenhouse gas (GHG)  

[3]. To combat these issues, a shift to lower-carbon energy sources with high energy density is strongly 

encouraged. This transition is not only expected to meet the increasing energy demand but also to 

drive technological advancements and mitigate the impacts of climate change. Therefore, 

decarbonizing the energy sector is vital for achieving sustainable economic growth and preserving 

environmental health. Hydrogen (H2), stands out as a promising energy source, offering high energy 

density (120-142 MJ/kg) and producing zero emissions at the point of use [4]. As a versatile energy 

carrier, H₂ is instrumental in decarbonizing high-emission sectors, including chemical production 

(especially methanol and ammonia/urea), oil refining, electronics, oil and fat hydrogenation, and 

metal and glass manufacturing [5]. Moreover, H₂ is a clean fuel for combustion processes, generating 

only water vapor [6]. Given its potential, the H₂ market is expected to expand significantly, with annual 

growth rates of 5-10%, reaching 100 million tons by 2024 [6, 7].  

Currently, 96% of H2 production is derived from fossil fuels, with 48% via steam methane reforming 

(SMR), 18% through coal gasification, and 30% by partial oxidation of oil [4, 8]. China dominates global 

H₂ production at 34%, followed by Middle East at 15%, North America at 10%, India at 9%, and Europe 

at 6% [7]. The SMR is still preferable due to reduced process complexity with a low production cost 
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(0.75 $/kg) even though it releases a high amount of CO2, around 10-12 kg CO2/kg H2 produced [3, 6, 

9]. However, the cost of H₂ production is expected to decline significantly in the future, driven by 

technological advancements and increased deployment. In the IEA's Net Zero Emissions by 2050 

Scenario (NZE Scenario), the cost of low-emission H₂ from renewable electricity is projected to fall to 

2-9 USD/kg H₂ by 2030—half of today’s value—narrowing the cost gap with unabated fossil-based 

production from 1.5-8 USD/kg H₂ today to 1-3 USD/kg H₂ by 2030 [7]. H₂ produced by conventional 

processes is referred to as "grey H₂," which uses fossil resources without carbon mitigation. In 

contrast, "blue H₂" is produced using the same methods but incorporates carbon capture and storage 

(CCS), while "green H₂" is produced via water electrolysis powered by renewable energy sources, such 

as solar PV or wind power[10]. The trend of reducing technology costs and improving efficiency is 

making green H₂ from water electrolysis increasingly competitive with fossil fuel-based methods. 

María Villarreal Vives, et al. [11] demonstrated that integrating a 10 MW proton exchange membrane 

electrolyser with heat recovery and an organic Rankine cycle (ORC) improved efficiency from 71.4% 

to 98%, though it remains economically unviable at low electricity prices due to additional costs. 

Shaner, et al. [12] found that photoelectrochemical (PEC) systems for solar H2 production had lower 

transport costs and were more economically favourable than photovoltaic-electrolytic (PV-E) systems, 

with the levelized cost of H2 (LCOH) for PEC systems estimated at 11.4 $/kg and 9.2 $/kg for non-

concentrating and concentrating systems, respectively. Henry, et al. [13] showed that H2 production 

from wind using commercially available desalination and electrolysis units was economically 

competitive with natural gas-derived H2 at larger scales, with a minimum selling price of 6.40 $/kg. 

Alkaline electrolysers were found to produce cheaper H2 than proton exchange membrane 

electrolysers. Liponi, et al. [14] revealed that an alkaline electrolyser powered by a 1 MW photovoltaic 

plant achieves the lowest LCOH with an intermediate nominal power of 0.2 MW, given an electricity 

price of 106.27 $/MWh. However, larger electrolyser sizes led to higher capital costs that were not 

offset by increased H2 production. These studies offer valuable insights and significant improvements, 

providing optimism for replacing SMR in the future. Nonetheless, the sustainability of green H₂ is 
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closely tied to the electricity source used for its production. Additionally, the dominant reliance on 

fossil fuel-based feedstocks for H₂ production raises environmental concerns, including the depletion 

of fossil fuels [15]. Recent research emphasizes the need for alternative feedstocks, such as waste 

biomass—including food waste and lignocellulosic biomass—which are often underutilized or 

mismanaged [16].  

 Biomass is abundant, low-cost, and carbon-neutral, making it a sustainable resource for replacing 

fossil fuels [3, 17]. It can be used as a feedstock for H₂ production and has been extensively studied 

for technological development. Promising biomass utilization technologies for H₂ production include 

gasification [18], pyrolysis [19], and emerging technologies, such as photocatalytic processes [20], 

biological water-gas shift reaction [21], and dark fermentation [22]. Among the various feedstocks, 

sugarcane bagasse (SCB) and bread waste (BW) are particularly promising due to their abundance and 

high sugar content.  SCB, a byproduct of sugarcane juice extraction, constitutes 25-30% of sugarcane 

on a wet basis [23]. It  is composed of 40-42% cellulose, 28-30% hemicellulose, and 18-20% lignin [24]. 

Major sugarcane producers, such as India and Brazil, generate substantial quantities of SCB, with India 

alone producing about 100 million tons annually [25]. Currently, SCB is primarily used for cogeneration 

in heat and power production, contributing to the sugar industry's energy self-sufficiency and 

generating revenue from excess sales [26]. Similarly, BW is a significant waste product in Europe, with 

large quantities discarded each year. Countries like Sweden (80,410 tons), Denmark (30,000 tons), 

France (640,000 tons), Germany (1,700,000 tons), the Netherlands (120,000 tons), Spain (60,000 

tons), and Turkey (680,000 tons) produce substantial amounts of BW annually [27, 28]. In the UK 

alone, approximately 20 million slices of bread are wasted daily, contributing to 292,000 tons of annual 

waste and 584,000 tons of CO₂-equivalent emissions [29]. BW is composed of  50-70% starch, 8-10% 

protein, and 1-5% fat [30]. Due to its high glucose content, BW has been widely studied for converting 

into value-added products such as bioethanol [31], succinic acid [32], lactic acid [33], and 2,3-

butanediol [34]. Utilizing these feedstocks for bioenergy production supports a circular bioeconomy 

by effectively managing waste and reducing reliance on fossil fuels.  



5 

 

H2 production from biomass using steam reforming of ethanol (SRE) and aqueous-phase reforming 

(APR) is gaining significant attention as a sustainable and renewable energy solution. SRE involves the 

conversion of bioethanol, derived from biomass, into H₂. Ethanol-based feedstocks are advantageous 

because it is less hazardous than methanol and can be produced from diverse biomass sources [35]. 

This versatility has made ethanol an attractive option for many researchers performing catalyst 

development, with experimental studies in SRE exploring various catalysts such as Rh/Co Ferencz, et 

al. [36], Ni/Al2O3 [37], Ni/CeO2-ZrO2  [38], Rh/CeO2/γ-Al2O3 [39]. In addition, some studies have 

performed the economic evaluation of SRE.  Compagnoni, et al. [40] evaluated a large-scale SRE plant 

and their analysis showed a net present value (NPV) of 50.8 M$ over 30 years, with internal rate return 

(IRR) of 24.9%  and a payback period (PBP) of 7.3 years. They emphasized the process's sensitivity to 

ethanol feedstock costs and H2 selling prices. Moraes, et al. [41] found that producing H2 at 8.87 $/kg 

using Brazilian ethanol priced at 0.81 $/L was competitive with California market prices of 13.44 $/kg. 

Khamhaeng, et al. [42] compared steam reforming and dehydrogenation of ethanol for H2 production, 

finding steam reforming the most cost-effective at $1.58/kg H2. They noted that dehydrogenation 

produced byproducts like ethyl acetate and acetaldehyde, negatively affecting CO2 emissions per ton 

of methanol converted. While the above studies demonstrate the economic potential of SRE for H2 

production, they also highlight the significant impact of bioethanol feedstock costs on the overall 

economic feasibility. In addition to SRE, APR is another process for producing H₂, particularly from 

polyols like xylitol derived from lignocellulosic biomass, which serve as key feedstocks for the process.  

The APR process operates under mild conditions and moderate pressures [43]. Other advantages 

include the use of water as a green solvent and the elimination of feedstock vaporization [44]. Similar 

to SRE, many studies have focused on catalyst development for the APR process, exploring catalysts 

such asPt/HZSM-5 and Ni/HZSM-5 catalysts  [45], Pt/C and Pt/TiC-CDC [46], Pt/Al2O3 catalysts [47], 

Pt/C [48], and Pt-Re[49]. Additionally, a few studies have conducted economic assessments of APR. 

For example, Khodabandehloo, et al. [50] performed a techno-economic evaluation of hydrogen 

production through glycerol reforming in aqueous phase, estimating the total cost of H₂ production at 
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7.45 $/kg. Similarly, Sladkovskiy, et al. [51] reported that the cost of producing H₂ from sorbitol ranged 

from 12.94 to 13.58 $/kg.  

SCB stands out as a highly versatile feedstock due to its composition, which includes high cellulose 

content that can be converted into glucose (a precursor for ethanol) and xylose (a precursor for 

xylitol). This dual capability makes SCB suitable for both SRE and APR processes. In SRE, ethanol 

derived from glucose undergoes reforming to produce H2, while in APR, xylitol from xylose serves as 

an efficient precursor for H2 production  On the other hand, BW, while an excellent source of 

carbohydrates, is more limited in its application. Its carbohydrate content primarily yields glucose, 

which can be converted into ethanol for use in SRE to produce H2. Despite the promising potential of 

renewable biomass feedstocks like SCB and BW, a critical gap remains in the literature regarding 

comprehensive economic assessments of H₂ production using SRE or APR from biomass. 

Understanding their economic potential is crucial as these technologies remain in early-stage, small-

scale development, presenting a novel area for future research and development. 

The main objective of this study is to investigate the technical and techno-economic performance 

of H2 production from SCB and BW. Our study aims to fill the existing gap by evaluating the economics 

of H2 production from these feedstocks. Specifically, this research addresses the questions: How does 

the process performance of H2 production from SCB compare to that from BW?; What is the economic 

potential of using SCB and BW for H2 production? We conducted comprehensive techno-economic 

analyses focusing on H2 productivity, capital investments, operating costs, and H2 profitability. Key 

economic metrics, such as NPV, IRR, and PBP, are estimated to determine overall profitability. 

Additionally, the study considers the secondary benefits of using biomass for H2 production, as other 

components, such as lignin in SCB and proteins and lipids in BW, can be utilized for energy generation 

(electricity and heat). Furthermore, our study integrates co-generation for energy generation and a 

carbon capture unit (CCU) into the H2 production processes. This holistic approach not only aims to 

enhance the economic viability of H2 production from SCB and BW but also seeks to maximize the 

utilization of all biomass components, contributing to a more sustainable and efficient energy system. 
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Nomenclature 

 

Abbreviations 

GHG greenhouse gas 

SMR steam methane reforming 

CCS carbon capture storage 

ORC organic rankine cycle  

PEC photoelectrochemical 

LCOH levelized cost of H2 

SCB sugarcane bagasse 

BW bread waste 

SRE steam reforming of ethanol 

APR aqueous-phase reforming 

NPV net present value 

IRR internal rate return 

PBP payback period 

WGS water-gas shift 

NRTL non-random two liquid 

NREL national renewable energy laboratory 

AD anaerobic digestion 

HPS high pressure steam 

LPS low pressure steam 

GAC granular activated carbon 

HT-WGS high temperature water gas shift 
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LT-WGS low temperature water gas shift 

HEN heat exchanger network 

CAPEX capital expenditure 

OPEX operational expenditure 

 

2.  Material and method   

This study investigates the potential of H₂ production from biomass by focusing on the feedstocks 

SCB and BW. SCB contains 35% moisture content, with its dry chemical composition comprising 48.5% 

cellulose, 21% hemicellulose, 18% lignin, 3.4% ash, and 9.1% other solids [23]. In contrast, BW consists 

of 46 wt% starch, 7.9 wt% protein, 2 wt% fat, 2.5 wt% fiber, 1 wt% salt, and 40.6 wt% water [31].  A 

capacity of 100 MT/day for both feedstocks is modeled using Aspen Plus V.11 to assess the techno-

economic performance of H₂ production. The simulation employs the Non-Random Two-Liquid (NRTL) 

thermodynamic model, which is specifically suited for non-ideal biomass systems [52]. This model is 

widely recognized for its accuracy in predicting phase behavior, such as liquid-liquid and liquid-vapor 

equilibria, as well as key transport properties, including mole fractions and activity coefficients [53]. 

For the reforming processes, including SRE and APR, the Soave-Redlich-Kwong (SRK) property package 

is utilized, given its proven reliability in hydrocarbon processing simulations [37, 54]. Additionally, the 

acid gas-chemical solvents package is employed for modelling the carbon capture process [27]. The 

stream class in the simulation is designated as MIXCISLD, enabling component specifications as either 

conventional substances or solids without requiring particle size distribution. Component and 

thermophysical properties for lignocellulosic materials are sourced from the Aspen Plus database and 

the National Renewable Energy Laboratory (NREL) database [55]. Mass and energy balances derived 

from the simulation inform equipment sizing, cost estimation, and overall economic assessments. This 

study evaluates two distinct process scenarios for H₂ production from SCB and BW, with each scenario 

modeled as a standalone facility to enable comparative analysis.  
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- Scenario 1 (SC-1): This scenario outlines a self-contained facility dedicated to H2 production 

using SCB. The detailed process flow diagram is illustrated in Fig. 1. At the beginning, SCB 

involves a series of preprocesses aimed at extracting hemicellulose and cellulose. The xylose 

rich hemicellulosic fraction is utilized in the production of xylitol from xylose via a chemical 

hydrogenation process while the cellulosic fraction is employed for the synthesis of bioethanol 

through enzymatic hydrolysis to glucose and subsequent fermentation. Subsequently, H2 is 

derived from xylitol using APR, while ethanol is converted through the SRE process. The solid 

residues, primarily composed of lignin, separated during bioethanol production, are 

combusted in a boiler alongside tail gas resulting from the steam reforming process to 

generate energy in the form of heat and electricity. The generated energy is employed to fulfil 

the energy demands within the plant. The flue gas emitted during the combustion process is 

subjected to  CCU to cut down carbon emissions. Additionally, pinch technology is employed 

to systematically enhance energy efficiency and reduce operating costs.  

- Scenario 2 (SC-2): In this scenario, BW serves as the primary feedstock for H2 production, as 

the process can be seen in Fig. 2. The process commences with BW undergoing sequential 

hydrolysis of starch to glucose and fermentation. The fermentable sugars obtained from 

hydrolysis are metabolized by S. cerevisiae KL17 microorganisms to yield bioethanol. The 

resulting bioethanol is then separated from the fermentation mixture downstream. This 

bioethanol is subsequently fed into the SRE process, yielding H2 as the primary product along 

with tail gas. The residual waste fraction from bioethanol production, primarily consisting of 

protein and fat, undergoes anaerobic digestion (AD), leading to the production of biogas. The 

biogas, along with the tail gas, serves as an energy source for the boiler unit, effectively 

meeting the energy requirements of the entire process, including both heat and electricity 

demands. Furthermore, this scenario incorporates the utilization of the CCU and pinch 

technology to cut down CO2 emissions and energy demands, respectively.  
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(b)  

Fig. 1. Process flow diagram of H2 production from SCB. (a) dilute acid pretreatment with xylitol and ethanol production; (b) APR, SRE, turbogenerator, and  

CC unit.  
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Fig. 2. The process flow diagram of H2 production from BW. 
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2.1. Process design   

2.1.1. SCB valorisation process to xylitol and ethanol   

The process begins with the pretreatment with dilute acid (DA), where SCB is mixed with hot water  

to form a slurry with solids loading aimed at controlling the pretreatment effluent at levels of 30 wt%  

total solids [55]. Following this, the mixture is preheated to 135°C using high-pressure steam (HPS)  

and then fed into the reactor (RSCB-01) along with dilute H2SO4 at a ratio of 18 mg/g of dry SCB. The  

reactor is maintained at 156 °C and 5 bar by injecting HPS directly into it, allowing pressurized steam  

to flow through solids and generate two intermediate streams: the liquid fraction, known as  

hydrolysate, primarily containing xylose rich solubilized and hydrolysed solids, mostly hemicellulose,  

while the solid fraction left in the reactor after pretreatment, referred to as residue, mainly consists  

of cellulose and insoluble lignin [56]. After 5 minutes, the reactor contents undergo rapid cooling to  

atmospheric conditions to facilitate excess water removal. Subsequently, the generated vapor is used  

to preheat incoming water, optimizing energy utilization within the process [57, 58]. Next, the  

hydrolysate stream is cooled to 50°C and filtered using a filter press to separate the liquid hydrolysate  

from the cellu-lignin residual material. Any remaining acid and hydrolysate in the solid stream are  

washed before enzymatic hydrolysis [23]. The moisture in the filtered solids is washed with water fed  

at a rate of 1 g water per 1 g dry matter [58]. The soluble hemicellulose hydrolysate fraction is then  

treated with lime to neutralize (RSCB-02) the sulfuric acid used during DA treatment and prevent  

possible downstream catalyst deactivation. The resulting calcium sulphate (gypsum) precipitate is  

recovered using filtration, and the xylose rich free from  H2SO4 stream is directed to xylitol production.  

Xylitol production involves the conversion of hydrolysed hemicellulose (xylose) from the  

pretreatment into xylitol through chemical hydrogenation. After the pretreatment stage, the chemical  

route for xylitol production comprises three stages: xylose purification, catalytic hydrogenation, and  

xylitol purification. To utilize xylose further, the neutralized hydrolysed material containing inhibitors  

is directed to a granular activated carbon (GAC) column to eliminate furfural completely with minimal  

sugar loss [58]. The liquid hydrolysate stream, containing pentose and hexose sugars from dilute acid  
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hydrolysis and GAC detoxification, undergoes ion-exchange chromatography to separate pentose  

sugar from hexose sugars. It is assumed that glucose and arabinose are completely removed in this  

process [58]. The resulting xylose stream is concentrated using an evaporator to achieve a 20%  

concentration. The hydrogenation of xylose takes place in the presence of Raney nickel catalyst at  

hydrogenation reactor (RSCB-03) with a loading of 5% (w/w) of xylose, known for its cost-effectiveness  

and high conversions with selectivity [59]. Maintaining a reaction slurry free of hexose sugar is crucial  

to avoid complicating downstream processes. H2 gas pressurizes the reactor, maintained at 135°C and  

40 atm for 2.5 hours. The unreacted H2 is recycled to maintain a hydrogen-to-xylose ratio four times  

the stoichiometric requirement [60]. After 2.5 hours, 97% of xylose is converted to xylitol, with only  

0.1% being converted to the by-product arabitol [58, 61, 62]. The xylose undergoes catalytic  

hydrogenation conversion into xylitol through the following reaction:  

𝐶5𝐻10𝑂5 +𝐻2 → 𝐶5𝐻12𝑂5          (1)  

Upon exiting the reactor, the solution passes through a filter to recover the catalyst for recycling  

[63]. The effluent stream is then cooled to 65°C and purified using ion exchange membranes to remove  

all by-products. Unreacted xylose and by-products from the reaction process are recycled back into  

the reactor to enhance the overall yield of xylitol. During this process, a xylitol concentration of 20%  

by weight is achieved. This concentrated xylitol solution is then prepared to serve as feedstock for the  

APR stage. Meanwhile, the washed solids resulting from DA pretreatment are combined with water  

to form a slurry containing 20% solids before enzymatic hydrolysis. Cellulose hydrolysis is conducted  

at 50°C in enzymatic hydrolysis reactor (RSCB-04) for three days with an enzyme dosage of 20 g  

protein/kg dry mass, resulting in a 90% yield of glucose [58]. The slurry rich in glucose is then filtered  

to separate solid residues, which are directed to the boiler for energy generation. The liquid  

hydrolysate, abundant in glucose, undergoes processing for bioethanol production. The streams  

containing reducing sugars from previous stages are transformed into ethanol by a recombinant  
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bacterium, Zymomonas mobilis, at 33°C for 30 hours in fermenter (RSCB-05). The bioethanol  

fermentation is carried out according to the following reaction:  

𝐶6𝐻12𝑂6 𝑦𝑒𝑎𝑠𝑡→    2𝐶2𝐻5𝑂𝐻 + 2𝐶𝑂2        (2)  

This genetically engineered bacterium has the capability to utilize hexose as a carbon source, either  

solely or in combination with pentose. Following fermentation, the culture broth containing  

approximately 7-10% (w/w) ethanol [64] is directed to the separation zone. After fermentation, the  

broth containing approximately 7.5% ethanol by weight must be concentrated to prepare for the SRE  

process. The concentration process aims to achieve a water-to-ethanol (W/E) mole ratio of 5, which  

corresponds to an ethanol concentration of 33.86% by weight. Once this concentration is reached, the  

ethanol solution is pumped into the SRE system for further processing.  

2.1.2. BW valorisation to ethanol and biogas production   

This BW valorisation process is adapted from our previous work [27]. To prepare the BW for further  

processing, autoclaving is employed, eliminating the need for gelatinization and liquefaction steps.  

This process involves loading the BW into the autoclave (RBW-01) with an appropriate amount of  

water to form a slurry, which is then sealed and heated to a high temperature, typically between 121°C  

and 150°C, at a pressure of 1-3 bar. Under these elevated temperature and pressure conditions,  

complex carbohydrates and other organic compounds in the BW break down into simpler molecules,  

facilitating subsequent enzymatic hydrolysis. Additionally, autoclaving sterilizes the waste material,  

eliminating any potential harmful microorganisms. The resulting supernatant is cooled to 60°C and  

subjected to enzymatic hydrolysis (RBW-02) with the addition of Dextrozyme Peak enzyme for 48  

hours, during which carbohydrates are converted into individual glucose molecules by the combined  

action of amylase and amyloglucosidase enzymes. Following enzymatic hydrolysis, the saccharified  

liquid, rich in sugars, is separated from other solid components and cooled to 32°C before  

fermentation (RBW-03) with Saccharomyces cerevisiae yeast, based on conditions derived from  

Narisetty, et al. [31]. After fermentation, the culture broth, which contains approximately 9% ethanol  
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by weight, is concentrated in a distillation column to 33.86% ethanol by weight. The concentrated  

ethanol solution is then pumped into the SRE process for further processing. Meanwhile, water- 

soluble organic streams from fermentation are sent to AD (RBW-04) for biogas production. The wastes  

are digested at 35°C for 10 days, with the generated biogas directed to the boiler unit for heat and  

electricity production. The remaining output generated in AD is then transferred to the dewatering to  

obtain solid and liquid digestate. The solid digestate substance containing around 25% dry solids (DS)  

[65]. The resulting digestate from AD serves as a valuable by-product, suitable for use as a fertilizer  

substitute [66].   

  

2.1.3. H2 production   

2.1.3.1. APR  

The simulation of the APR process is based on the experimental study conducted by Murzin, et al.  

[48], which provides data on conversion and selectivity for all reactions. In the simulation, the  

conversion reactor (RSTOIC) is modelled to represent the APR reactor (RAPR-01). The xylitol solution  

is pressurized to 22 bar and mixed with recycled water. This mixture is preheated to 225°C by a heater  

before entering the APR reactor. The APR of xylitol is carried out using a Pt/C catalyst, with the main  

products being H2, CO2, and a mixture of alkanes (primarily C1-C5) in the gas phase, along with  

oxygenated products in the liquid phase. The study focuses on gas phase products due to a lack of  

experimental data on liquid phase formation. Therefore, the formation products of APR primarily  

include H2, CO2, and alkanes, with propane being the dominant alkane. The formation of alkanes  

involves hydrodeoxygenation reactions with H2 participation. The reactor is supplied with HPS to  

maintain isothermal conditions. After the reaction, the product stream from the reactor is cooled to  

30°C to separate the gaseous products and water in the flash drum. Then, the gaseous stream is then  

directed to the pressure swing adsorption unit (PSA) for H2 separation with a recovery rate of 85%  

[48].   

  



19 

 

2.1.3.2. SRE  

The process for H2 production through steam reforming of ethanol comprises a steam reformer, a  

high-temperature water gas shift (HT-WGS), a low-temperature water gas shift (LT-WGS), and  

methanation process. The kinetic model and reactions involved are sourced from various works listed  

in Table 1. The ethanol is pressurized to 20 bar and mixed with steam at a steam-to-ethanol molar  

ratio of 5. The mixture is heated to 650°C before entering the reactor (RSRE-01). The feed gas is  

introduced into the isothermal fixed-bed reactor on Ni/Al2O3 catalyst operating at 650°C and 20 bar  

[37]. The effluent gas is directed to WGS reactors in series to reduce CO content and increase H2  

production. The first reactor (RWGS-01) operates at 450°C, employing a power-law reaction rate  

expression for a commercial Fe2O3/Cr2O3/CuO catalyst [67]. Meanwhile, the second reactor (RWGS- 

02) operates at 280°C employing a commercial Cu/ZnO/Al2O3 catalyst [68]. The outlet is further cooled  

to 210 °C before entering the methanation process (RM-01), where any remaining CO is converted  

into methane. Before entering the PSA, the stream is cooled to 35°C to condense most of the water  

present in the gas, with the condensate water removed in the flash drum. The PSA unit is employed  

to obtain pure H2 and remove impurities, operating at 20 bar and 35°C, achieving H2 purity of 99% [5].   

  

Table 1. Major description of sub-processes in H2 production processes.   

Process Description Ref 

APR of 

xylitol  

Operating conditions: 225 oC and 22 bar 

Catalyst: Pt/C 

Conversion rate of xylitol to H2: 80%  

Reaction mechanism: C5H12O5 → 6H2 + 5CO  CO+H2O →  5H2 + 5CO2 

Murzin, et al. [48] 

SRE  

Operating conditions: 650 oC and 20 bar 

Kinetic model: LHHW  

Catalyst: Ni/Al2O3 

Rossetti, et al. [37] 
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Reaction mechanisms: CH3CH2OH → CH4 + CO + H2 (r1)  CH3CH2OH + H2O → CO2 + CH4 + 2H2 (r2)  CH4 +H2O ↔ CO + 3H2 (r3)  CH4 + 2H2O ↔ CO2 + 4H2 (r4)  

HT-WGS 

Operating conditions: 450 oC and 20 bar 

Kinetic model: Power Law  

Catalyst: Fe2O3/Cr2O3/CuO 

Reaction mechanism: CO + H2O ↔ CO2 +H2   

Hla, et al. [67] 

LT-WGS 

Operating conditions: 280 oC and 20 bar 

Kinetic model: Power Law  

Catalyst: Cu/ZnO/Al2O3 

Reaction mechanism: CO + H2O ↔ CO2 +H2 

Choi and Stenger [68] 

Methanation 

Operating conditions: 116 oC and 20 bar 

Kinetic model: LHHW  

Catalyst: Ni/Al2O3 

Reaction mechanism: CO + 3H2 ↔ CH4 +H2𝑂 

Zhang, et al. [69] 

  

2.1.4. Boiler/turbogenerator  

A substantial amount of energy is essential for various stages, including DA pretreatment, chemical  

hydrogenation, ethanol production, ethanol reforming, and CC unit. To meet this energy demand,  

solid residues, and tail gases from SC-1, as well as biogas and tail gas from SC-2, are combusted in a  

boiler to generate energy. The thermal energy required for SC-1 is supplied by a boiler plant, as  

depicted in Fig. 1, which is co-fired by lignin and tail gas produced from xylitol and ethanol reforming  

processes. Similarly, the thermal energy needed for SC-2, as seen in Fig. 2, is provided by burning  

biogas produced from biogas and tail gas from ethanol reforming. The utility conditions for both  
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scenarios are summarized in Table 2 and include low-pressure steam (LPS), HPS, and fired heat. The  

combustion of fuel is carried out with 20% excess air to generate superheated steam at 60 atm and  

454°C, as well as fired heat at 850°C, to meet the heat requirement for the ethanol reformer. The high- 

pressure steam undergoes expansion through a turbine at 260°C and 13 atm to fulfil the steam  

requirement. This steam is divided into three different streams to meet the plant's steam demands:  

for DA pretreatment, to be mixed with ethanol in SRE, and to preheat the boiler feed water to 177°C.  

The steam requirement varies between SC-1 and SC-2 depending on the processes involved. The  

electricity is generated through the expansion of HP steam in the turbine. For units such as heaters,  

evaporators, and distillation in SC-1 and SC-2, LPS is required. However, since the combustion of fuel  

gas in the boiler is not enough to produce LPS, an external heat supply is necessary for the heating  

system [70].   

Table 2. Fuel gas combustion and steam condition produced.   

Parameter Value Ref 

Boiler feed water pressure 62.2 atm 

Humbird, et al. [55], Morakile, et al. 

[58], Özüdoğru, et al. [59] 

Boiler feed water temperature 177 oC 

HP steam  62.2 atm 

HP steam temperature  452 oC 

Averaged burner temperature 870 oC 

LP steam 4.42 atm 

LP steam pressure 164 oC 

Fired heat temperature  850 oC 

Combustion conversion for solid part 98% 

Comp. isentropic/mechanical efficiency 89%/98% 

Zohrabian, et al. [71] 

Turbine isentropic/mechanical efficiency 91%/98% 

  



22 

 

2.1.5. CC unit  

The CC unit operates similarly in both SC-1 and SC-2, where the flue gas released from combustion  

undergoes treatment for CO2 capture. Operating conditions, solvent composition, and process  

simulation validation data are sourced from the study by Hosseini-Ardali, et al. [72]. In this process,  

the flue gas from the boiler is directed to the CC unit and cooled to 40°C to enhance absorption in the  

absorber at atmospheric pressure. The flue gas enters the bottom of the absorber, while the solvent,  

composed of aqueous methyl-diethanolamine (MDEA, 18.5% w/w) and piperazine (PZ, 21.5% w/w), is  

introduced from the top in a counter-current flow. This solvent combination offers high degradation  

resistance, extending the solvent lifetime [73]. At the top of the absorber, the treated gas is drawn  

out, while a CO2-rich amine solution is obtained at the bottom. This rich amine solution is pressurized  

to 2 bar and heated using the bottom stream of the stripper. To reduce the thermal energy required  

for solvent regeneration in the CO2 stripper's reboiler, the CO2-rich MDEA/PZ solution is pre-heated  

before entering the stripper. This pre-heating is accomplished by recovering heat from the hot CO2- 

lean amine solution exiting the reboiler, with both streams flowing counter-currently [74]. In the  

stripper, the feed stream enters from the top, and the rich amine solution contacts the vapor phase  

produced in the counter-current flow mode with the reboiler, releasing absorbed CO2 and solvent.  

The resulting CO2 product, with a purity of 99 mol%, is obtained from the top of the tower. On the  

other hand, the lean amine solvent at the bottom of the distillation column is cooled by exchanging  

heat with the bottom stream of the flash drum. Then, the regenerated amine solvent is recycled back  

to the top of the absorber column.   

2.1.6. Heat integration   

In order to optimize the minimum utility requirement and its impact on the cost of utility and  

equipment installation, pinch analysis is employed for energy integration in H2 production for both SC- 

1 and SC-2. This analysis is conducted using the Aspen Energy Analyzer, which allows for the evaluation  

of the Heat Exchanger Network (HEN) design and its effects on heating and cooling objectives, as well  
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as overall performance costs. The detailed HEN configuration and composite curve are provided in the  

supporting information. In this study, a minimum temperature difference of 10°C is used to achieve  

maximum energy recovery of cold and hot streams in all processes involved in both scenarios. Total  

cost, comprising energy utility cost and heat exchanger cost, is calculated to determine the economic  

feasibility of the proposed designs. The investment cost is computed by considering the required area  

and the minimum number of heat exchangers needed for the optimal operation of the system [75].  

2.2. Process economics  

Several economic parameters used to estimate investment and operating costs, as well as  

economic analysis are taken from [55, 76, 77], are summarized in Table 3 . The model biorefinery for  

H2 production from both SCB and BW is assumed to be operated for 30-year plant life, based on similar  

steam reforming technologies [40]. The construction period is estimated to finish within 3 years, and  

the MARS method is adopted for depreciation estimation with 10 years of depreciation time. The total  

capital investment (TCI) of H2 production from SCB and BW is estimated based on the total plant direct  

cost (TPDC), total plant indirect cost (TPIC), fixed capital investment, working capital, and land use.  

The equipment sizing is done according to the mass and energy balance data from the Aspen Plus  

model. The purchased equipment cost (TPEC) involved in this study is determined by Aspen Plus  

economic analyser for equipment, such as pump, compressor, turbine, heater, cooler, and distillation  

column. The other equipment purchase cost data are obtained from previous studies, including  

reactor and fermenter [51, 53, 55, 63, 78, 79], activated carbon tank and ion exchange tank [61], boiler  

[55], and PSA [71]. The equipment purchased cost was calculated by using the capacity and cost data  

of the benchmark system in the literature, as shown in Eq. (3).   

                                                           𝑛𝑒𝑤 𝑐𝑜𝑠𝑡 = base cost × (new sizebase size)𝜃                                             (3)  

The new cost of the equipment was calculated from the base cost of the respective equipment  

with the known capacity. Where base size, new size, and 𝜃 are the capacity of the benchmark  
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equipment, current capacity, and scaling factor. The TPEC is then multiplied by the cost factors to  

obtain the TPDC, TPIC, and FCI, as shown in Table 3. In addition to capital investment, the annual  

operation cost encompasses the direct, fixed, and general manufacturing costs, as outlined in Table 3.  

The selection of raw material costs, utility costs, and product selling price is crucial for the economic  

evaluation of the project, as it significantly influences the outcomes of the analysis. Information  

regarding catalyst requirements is obtained from the works of Sladkovskiy, et al. [51] for APR and  

Compagnoni, et al. [40] for SRE. Catalysts are considered in the capital expenditure (CAPEX) and not  

in the operational expenditure (OPEX), and the reactors are assumed to undergo catalyst replacement  

every five years [40, 80]. Furthermore, the revenues generated by the process are estimated based  

on the main product and co-products, which include H2, gypsum, fertilizer, and electricity, as detailed  

in Table 4. The total annual revenue is calculated by summing the unit prices of the products and by- 

products multiplied by their production rates. The selling price of H2 is a critical parameter for  

estimating revenue. Therefore, it is assumed that the price used reflects the price of H2 fuel [53, 81].  

A higher selling price would enhance the economic competitiveness of the process.   

  

  

  

  

Table 3. Economic evaluation parameters for H2 production systems.   

Parameter Value/comment 

Plant location United Kingdom 

Plant operation and life 8000 hours and 30 years 

Discount rate 10% 

Federal tax rate 25% (the UK case) 

Financing  100% equity 
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Construction period 3 years 

First 12 months’ expenditures  8% 

Next 12 months’ expenditures 60% 

Last 12 month’s expenditures 32% 

Depreciation method MARS 

Depreciation time 10 years 

TCI TCI = FCI + working capital + land use  

Total plant direct cost (TPDC) TPDC = CEC + CEI + CICS + CPp + CEe + CB + CS + CAF 

Equipment cost (CEC) All equipment costs involved in the process  

Equipment installation (CEI) 39% of CEC 

Instrumentation and control system (CICS) 13% of CEC 

Process piping (CPp) 31% of CEC 

Electrical equipment (CEe) 10% of CEC 

Buildings (CB) 29% of CEC 

Site development (CS) 10% of CEC 

Auxiliary facilities (CAF) 55% of CEC 

Total plant indirect cost, (TPIC) TPIC = Ceng + Ccon 

Engineering (CEng) 32% of CEC 

Construction (CCon) 34% of CEC 

Total plant cost (TPC) TPC = TPDC + TPIC 

Contractor’s fee (CCf) 5% of TPC 

Contingency (CC) 10% of TPC 

Fixed capital investment (FCI) FCI = TPC + CCf + CC 

Working capital  10% of FCI 

Land use  5% of EC 
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TCI TCI = FCI + working capital + land use  

Direct manufacturing cost (DMC)  

Raw materials cost (CRM) All raw material cost requirements  

Utilities cost (CUT) All utilities cost requirements  

Operating labor (COL) Cost of plant employees 

Supervisory and clerical labor  20% of COL 

Maintenance and repair  6% of FCI 

Operating supplies  0.9% of FCI 

Laboratory charges  15% of COL 

Patents and royalties  3% of COM (COM = 0,28 FCI + 2,73 COL + 1,23 (CUT + CWT + CRM) 

Fixed manufacturing cost (FMC)  

Local taxes and insurance  3% FCI 

Plant overhead  70.8% of COL + 3.6% FCI 

General manufacturing cost (GMC)  

Administration costs  17.7% of COL + 0.9% FCI 

Distribution and selling costs  11% of COM 

Research and development  5% of COM 

Annual operating expenditures Annual OPEX = DMC + FMC + GMC 

  

Table 4. Raw material cost, utilities cost and selling prices of product.   

Parameter Unit cost Price Ref 

Raw material 

SCB  $/MT 50 Gadkari, et al. [23] 

BW $/MT 100 Mailaram, et al. [79] 

Sulfuric acid  $/kg 0.07 Gadkari, et al. [23] 
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The economic analysis focuses on assessing the project's feasibility through various financial  

metrics: profit, NPV, IRR, PBP, H2 production cost, and LCOH. Gross profit is calculated as the difference  

between revenue and all operational expenses. NPV measures the difference between the present  

value of cash inflows and outflows. It is used in capital budgeting to analyse the profitability of a  

Enzyme  $/kg 2.65 Banerjee, et al. [82] 

Yeast extract $/kg 0.0052 Chong, et al. [66] 

Peptone $/kg 0.0052 Chong, et al. [66] 

Ammonium sulphate $/kg 0.1 Regis, et al. [83] 

Magnesium sulphate $/kg 0.18 Regis, et al. [83] 

Potassium phosphate $/kg 1.2 Regis, et al. [83] 

Process water $/1000 L 0.177 Thanahiranya, et al. [84] 

Catalyst 

Nickel $/kg 24.5 Yan, et al. [54] 

Iron  $/kg 0.31 Wee, et al. [53] 

Copper  $/kg 5.83 Wee, et al. [53] 

Pt $/kg 25 Sladkovskiy, et al. [51] 

Utilities  

Cooling water $/L 0.032 Mailaram, et al. [79] 

Electricity $/kWh 0.77 Gadkari, et al. [23] 

Low pressure steam  $/kg 0.018 Mailaram, et al. [79] 

Products 

Gypsum $/MT 34.69 Wiranarongkorn, et al. [85] 

CO2 $/MT 120 Nouwe Edou and Onwudili [86] 

Fertilizer  $/MT 19.6 Li, et al. [87] 

H2 $/kg 16.5 Wee, et al. [53], Melikoglu and Tekin [81] 
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projected investment or project. NPV is used to determine the profitability of a project, which is  

calculated between the present value of cash inflows and outflows over a period of time. Where i is  

the discount rate (10%), n is the lifetime of the plant (30 years), and TCI is the total capital investment.   

NPV is the sum of a project's discounted net cash flows over its lifespan, evaluated using the industry’s  

benchmark rate of return to reflect profitability throughout the entire project, as shown in Eq. (4).   

                                                        𝑁𝑃𝑉 = −𝑇𝐶𝐼 +∑Net cash flow(1 + 𝑟)𝑖𝑛
𝑡=1                                                        (4)  

  

IRR is a metric used in capital budgeting to measure the profitability of potential investments. It is  

a discount rate that makes the NPV of all cash flows from a particular project equal to zero. The IRR is  

the discount rate that sets the NPV equal to zero and can be calculated by Eq. (5).  

                                                            0 = −𝑇𝐶𝐼 +∑Net cash flow(1 + IRR)𝑡                                                           (5)𝑛
𝑡=1   

Furthermore, PBP is the TCI divided by annual net profit. It refers to the time required to repay the  

initial investment with income from the beginning of the project, which can be calculated from Eq. (6).  

                                                            𝑃𝐵𝑃 =  Total capital investmentAnnual net profit                                                    (6)  

The unit H2 production cost is obtained from the total annual costs and the annual H2 production  

using Eq. (7).  

                               𝑈𝑛𝑖𝑡 𝐻2 𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛 𝑐𝑜𝑠𝑡 ( $𝑘𝑔 𝐻2) = Total annual costs ($𝑦)Annual H2 production (𝑘𝑔𝐻2𝑦 )               (7)  

The LCOH can be calculated as the ratio of the total lifetime costs (CAPEX and OPEX) to the total  

lifetime H₂ production, as shown in Eq. (8).  

𝐿𝐶𝑂𝐻( $𝑘𝑔 𝐻2) = Total lifetime costs (Capex + Opex)Total lifetime H2 production                              (8)  
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3. Results and discussion   

3.1. Mass and energy balance   

Table 5 provides a comprehensive overview of the mass and energy balances associated with H2  

production from SCB and BW. Notably, the total H2 produced from SCB in SC-1 (159.88 kg/hr) was  

lower than that from SC-2 (199.40 kg/hr) due to the lower ethanol yield in SC-1 (564.71 kg/hr). In  

comparison, SC-2 resulted in almost twice the amount of ethanol (1,034.70 kg/hr), as higher ethanol  

consumption led to higher H2 generation. Generally, the H2 yield from the SRE process was  

approximately 19% in both scenarios, aligning with the findings of Compagnoni, et al. [40], who  

produced 889 kg/hr of H2 from 4,567 kg/hr of ethanol. Additionally, the additional H2 yield from xylitol  

in SC-1 was relatively modest at 6%, consistent with the findings of Murzin, et al. [48]. It is worth  

mentioning that the H2 yield based on the feedstock was 38.37 g H2/ kg SCB and 47.86 g H2/kg BW.  

These yields were notably lower compared to alternative processes, such as woody biomass  

gasification, which produced 87 g H2/kg Biomass [88] and food waste torrefaction, achieving 129.4 g  

H2/kg Biomass [89]. Thermochemical processes achieve higher H2 yields by operating at significantly  

higher temperatures, which promote a greater degree of thermal cracking [90]. This elevated heat  

facilitates the efficient conversion of feedstock into syngas, allowing for the complete utilization of  

organic materials, such as cellulose, hemicellulose, and lignin, and ultimately resulting in higher  

hydrogen production [91]. While the H2 yields demonstrate the potential efficiency of SCB and BW,  

the economic viability of these systems also benefits from the valuable by-products produced. The by- 

products generated varied between the two scenarios between SC-1 and SC-2, with gypsum produced  

at approximately 104.95 kg/hr from the neutralization process of hydrolysate and fertilizer obtained  

from biogas production in the AD process, accounting for 198.082 kg/hr. These by-products offer  

potential revenue generation for the plant [92, 93].  

Energy generation involves the recovery of solid residues and tail gas for SC-1 and biogas and tail  

gas for SC-2. SC-1 yielded significant solid residues (1,000.911 kg/hr) from solid-liquid separation in  

ethanol production, containing more lignin mixed with unconverted hemicellulose and cellulose  
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during DA pretreatment. The tail gas produced from the reforming of xylitol and ethanol, generated  

at a rate of 1,984.83 kg/h, contains a high concentration of hydrogen (42.82 mol%) along with small  

amounts of methane (1.24 mol%) and alkanes (C1-C5), each comprising less than 2 mol%. This gas was  

utilized as a fuel in the boiler. The combustion of both streams produced 7.36 MW of thermal energy,  

of which 1.89 MW was allocated for heating the heater and the SRE reactor. The remaining 5.47 MW  

was used to generate HP steam at 454°C and 60 atm, producing approximately 7,831.92 kg/h of HP  

steam. This steam was then divided into two streams: the first (5,208.23 kg/h) was directed to the APR  

reactor as a heating medium, while the second (2,623.69 kg/h) was expanded to 13 atm for electricity  

generation, yielding 0.282 MW of power. Additionally, another stream of HP steam, generated at  

260°C and 13 atm, was further divided. One portion, amounting to 1,834.577 kg/h, was used to meet  

the HP steam demand for DA pretreatment. The remaining portion was expanded to 1 atm, generating  

an extra 0.092 MW of electricity. In total, the electricity generation in SC-1 reached 0.374 MW, more  

than sufficient to cover the total electrical consumption of 0.142 MW, with an excess of 0.232 MW  

available for sale to the grid. However, the LP steam required for other units, including the heater,  

distillation column, stripper, and evaporator, had to be supplied externally, amounting to 16,175.17  

kg/h.  

In comparison, SC-2 generated less thermal energy from the burned fuel gases (biogas and tail gas)  

because the tail gas and biogas had high CO2 contents of 59.2% mol and 31% mol, respectively,  

resulting in a lower HHV. Combusting biogas and tail gas produced 3.92 MW of thermal energy, out of  

which 2.78 MW utilized for heating the SRE reactor and the remainder for generating HP steam. The  

steam produced (2,107 kg/hr) was expanded to 13 atm, generating electricity (0.206 MW). Similarly,  

the generated electricity was adequate to fulfil all electrical demands (0.023 MW), with the surplus  

being sold to the grid at 0.183 MW. The steam expanded was divided into two streams for different  

purposes: one stream was utilized for preheating the feedwater boiler (349.15 kg/hr), and the second  

stream (1757.85kg/hr) was utilized for heating before autoclave. However, the final stream expanded  
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to LP steam was insufficient to meet the LP steam requirements. Consequently, all LP steam  

requirements, totalling 8772.27 kg/hr, would be externally supplied.  

  

Table 5. Mass and energy balance performed in H2 production for SC-1 and SC-2.  

Parameter  Unit SC-1 SC-2 

Feedstock  MT/day 100 100 

Xylitol produced (20 wt%) kg/hr 2745.82 - 

Ethanol produced (33.86 wt%) kg/hr 1958.31 3055.59 

H2 produced from xylitol kg/hr 33.88 - 

H2 produced from ethanol kg/hr 126 199.40 

H2 consumed in hydrogenation kg/hr 8.253 - 

Net H2 produced  kg/hr 151.62 199.40 

Gypsum produced kg/hr 104.95 - 

Fertilizer produced kg/hr - 595.50 

    

Fuel consumption     

Solid residues generated  kg/hr 1000.911 - 

HHV of solid residues  MJ/kg 43.54 - 

Total tail gas generated kg/hr 1984.83 1883.89 

Tail gas composition    

Water Mol 0.38% 0.6% 

H2 Mol 42.82% 36.1% 

CO2 Mol 54.2% 59.2% 

CH4 Mol 1.24% 4.1% 

C3H8 Mol 1.22% - 
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C2H6 Mol 0.12% - 

C4H10 Mol 0.015% - 

C5H12 Mol 0.007% - 

HHV of tail gas  MJ/kg 6.39 5.08 

Biogas produced  kg/hr - 499.26 

HHV of biogas  MJ/kg - 16.43 

Energy requirements 

Thermal energy produced  MW 7.36 3.92 

Thermal energy consumption  

 

  

Fired heat  MW 1.89 2.78 

Steam generation MW 5.47 6.29 

Electricity produced MW 0.374 0.206 

Electricity consumed MW 0.142 0.023 

Surplus electricity MW 0.232 0.183 

    

Carbon capture     

Flue gas kg/hr 12657.1 7716.8 

Treated gas kg/hr 9280.629 5280.80 

CO2 captured kg/hr 3682.61 2489.75 

Rich loading  (mol CO2/mol amine) 0.57 0.58 

Specific reboiler duty (GJ/t CO2) 4.08 4.06 

  

The flue gas of SC-1 exhibited a higher concentration compared to SC-2 due to increased fuel gas  

combustion; nonetheless, both scenarios resulted in a post-combustion CO2 concentration of  

approximately 20% mol [94]. The treated gas released for SC-1 and SC-2 amounted to 12,657.1kg/hr  

and 7,716.8kg/hr, respectively. These gases primarily consisted of N2 (~79%), with a minimal CO2  
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concentration (< 1.5% mol). Additionally, SC-1 captured a higher total of CO2 (3,682.61kg/hr)  

compared to SC-2 (2,489.75kg/hr).   

  

3.2. Heat integration  

In the current investigation, we employed heat integration through pinch analysis to enhance the  

energy utilization efficiency of the proposed integrated H2 production system. Fig. 3 illustrates the  

heating and cooling consumption before and after the implementation of heat integration. Prior to  

heat integration, the total duty of heating and cooling for SC-1 stood at 19.94 MW and 22.85 MW,  

respectively. The primary contributor to heating consumption, at 4.53 MW, was the evaporation of  

water content to 20% of xylitol concentration before chemical hydrogenation. Another energy- 

intensive process was the heating duty of the reformer for both xylitol and ethanol, totalling 4.71 MW  

and 1.64 MW, respectively, necessitating high reaction temperatures for effective reaction.  

Additionally, the heating requirement in the reboiler of the CCU was substantial at 4.16 MW due to  

the release of CO2 gas from the solvent mixture. To optimize energy use, a heat recovery strategy  

employing heat integration was implemented. The composite curve and detailed heat exchanger  

networks used for this optimization are provided in the supporting information. Heat recovery  

potential was notable, with 3.83 MW recovered from the DA, xylitol, and ethanol production areas,  

and an additional 4.58 MW recovered from the SRE and APR areas. Post-heat integration, a significant  

reduction in heating duty consumption, by 27%, was achieved post-heat integration. The extraction  

of energy from effluent reformers (APR and SRE) had a substantial impact on heating consumption,  

with impressive reductions of 38% and 28%, respectively, observed in reformers. Similarly, the highest  

cooling demand of SC-1 stemmed from the need to lower the combined stream of evaporator effluent  

in xylitol production, amounting to 4.42 MW, where a considerable amount of water generated with  

two-phase formation would be recycled back to the DA pretreatment. The reformers and CCU also  

required high cooling demand, with 5.87 MW and 7.56 MW, respectively. The cooling energy was  
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reduced by 45%, totalling 12.48 MW. The most notable reduction in cooling duty was observed in CCU  

at 70%, followed by reformers at 43% and 21% reduction in xylitol hydrogenation.  

Before heat integration, the heating and cooling requirements of SC-2 were 17.75 MW and 26.41  

MW, respectively. The most energy-intensive process was the pre-heating of BW slurry (20 wt%)  

before autoclaving, accounting for 7.28 MW. This was followed by the energy requirements of the  

reboiler in the CCU and heating in the SRE reactor, totalling around 2.81 MW and 4.07 MW,  

respectively. After heat integration, the potential heat recovery was estimated at 7.8 MW in the  

ethanol production area and 1.46 MW in the reforming area. As a result, heating and cooling demands  

were reduced by approximately 49% and 33%, respectively. The greatest energy-saving potential was  

observed in the effluent stream of the autoclave, where heat exchange with the cooled BW slurry  

stream led to a reduction of 86% in heating demand and 39% in cooling demand. Similarly, heat and  

cooling exchanges in the feed preheating and effluent streams of the SRE reactor contributed to a 32%  

reduction in heating demand and a 57% reduction in cooling demand. Additionally, energy recovery  

from the bottom stream of the reboiler in the CCU and the effluent of the absorber resulted in a 15%  

reduction in both heating and cooling demands.  

  

  

Fig. 3. Energy (heating and cooling) requirements before and after integration.  
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3.3. Economic feasibility   

The economic evaluation of H2 production from SCB and BW is outlined in Table 6. It was evident  

that the investment required for H2 production in SC-1 exceeded that of SC-2, with estimates of 68.3   

and 49.8 M$ respectively. This higher investment in SC-1 could be attributed to the pretreatment of  

SCB and the chemical hydrogenation processes involved, which incurred additional costs. Additionally,  

the H2 production from xylitol reforming added to the investment in SC-1. These three additional  

processes collectively contributed to a 44.55% increase in the investment for SC-1. Conversely, SC-2  

involved fewer processes for H2 production, primarily relying on the conversion of carbohydrates  

contained in BW to ethanol, which was subsequently transformed into H2. Notably, ethanol  

production accounted for the highest capital expenditure in both SC-1 and SC-2, with over 3 M$ of the  

total equipment cost. This was followed by the hydrogen reforming processes, which accounted for  

approximately 33.1 M$ in SC-1 and 23 M$ in SC-2.   

  

Table 6. Capital investment, production cost and profitability analysis for H2 production.  

Economic parameters  SC-1 SC-2 

Dilute acid pretreatment  $2,412,919 - 

Xylitol production  $2,778,008 - 

Ethanol production  $3,293,586 $3,391,886 

Anaerobic digestion - $2,042,000 

Xylitol reforming  $1,419,465 - 

Ethanol reforming  $1,633,787 $2,290,896 

Boiler  $2,497,580 $2,491,564 

CCU $487,700 $440,100 

Catalyst $315,675 $356,524 
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TPEC $14,838,718 $11,012,970 

Capital expenditure   

TPDC $43,327,548 $31,607,223 

TPIC $9,963,826 $7,268,560 

TPC $53,291,374 $38,875,783 

FCI $61,285,081 $44,707,151 

Land use $905,802 $660,778 

Working capital $6,128,508 $4,470,715 

TCI $68,319,391 $49,838,644 

Operational expenditure  

DMC $14,533,893 $11,166,849 

FMC $4,986,732 $3,892,588 

GMC $4,823,315 $3,685,105 

OPEX $24,343,940 $18,744,542 

Revenues  

H2 $21,103,851 $26,320,843 

Gypsum $28,916 - 

Fertilizer  - $93,374 

Electricity  $142,961 $112,763 

CO2 $4,143,952 $3,339,073 

Total $25,419,681 $29,866,053 

Profitability analysis  

 

 

H2 Production cost ($/kg H2) 17.20 11.75 

NPV ($) -63,673,649 36,449,937 

IRR (%) -5 17 
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PBP (years) 35 11 

LCOH ($/kg H2) 20.81 12.97 

  

The total operating cost of SC-1 amounted to 24.3 M$/year, representing a 15% increase compared  

to SC-2, which stood at 18.7 M$/year. Dominated by the DMC, which accounted for 60%, and followed  

by the FMC at 21%, the operating costs were primarily driven by raw materials and utilities  

consumption within the DCM. The Pareto graph depicted in Fig. 4a and 4b elucidated the contribution  

of each raw material and utility consumed in both SC-1 and SC-2. The cost analysis revealed that the  

most significant expense in H2 production for the SC-1 was attributed to LPS requirements, amounting  

to 2.3 M$/year, followed by SCB feedstock costs, which accounted for 1.7 M$/year. Whereas, the SC- 

2 incurred even higher feedstock cost, with BW accounting for 3.3 M$/year, in addition to 1.3 M$/year  

for LP steam. Recent studies have estimated the cost of biomass used in H2 production to range  

between 60 and 100 $/tonne [95-98]. Wu, et al. [99] further highlighted that biomass feedstock costs  

contribute significantly, comprising approximately 30% of the total production cost. It is noteworthy  

that the elevated feedstock costs for both SCB and BW considered the collection and transportation  

expenses of the feedstock to the H2 plant location [23, 79]. The reduction in both the cost of feedstock  

(SCB and BW) and LP steam significantly enhances the profitability of H2 production from SCB and BW.  

Additionally, another significant cost factor was LP steam, reflecting the high energy requirements for  

downstream processes in xylitol and CCU for SC-1, and ethanol and CCU for SC-2. The makeup cost of  

H2 for chemical hydrogenation and electricity consumption in the overall process had no bearing on  

H2 production costs, as these materials were all supplied by the H2 produced in reforming and electrical  

generation in the turbogenerator. The enzyme costs for SC-1 and SC-2 showed a significant difference  

in their contribution to the total raw material expenses. Specifically, enzymes accounted for 28% of  

the raw material cost in SC-1, compared to just 1% in SC-2. This notable discrepancy arises from the  

difference in enzyme usage between the two systems: SC-1 required 7.5 mg/ g SCB [100] , whereas  

SC-2 used only 0.6 mg/g BW [31]. The reliance on lignocellulosic biomass in SC-1 necessitated higher  
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enzyme quantities, as highlighted by Gadkari, et al. [23], who noted that the cost of enzymes for  

converting cellulose to glucose is a major contributor to the overall raw material cost. Similarly,  Qian,  

et al. [101] supported this observation, emphasizing that reducing enzyme costs is a key factor in  

achieving economic feasibility for such processes.  
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(b)  

Fig. 4. Contribution of the individual raw materials and utilities cost: (a) SC-1; (b) SC-2.  

  

To assess the economic viability of the proposed processes, various criteria, such as the profitability  

index, H2 production cost, NPV, IRR, PBP and LCOH are utilized. Revenue streams included the selling  

prices of both the main product and co-products. SC-1's total revenue was comprised of sales from H2  

(21 M$/year), gypsum (0.028 M$/year), electricity (0.14 M$/year), and CO2 (4.1 M$/year). However,  

SC-2, which produced H2 from BW, demonstrated higher revenues at 29.86 M$/year compared to SC- 

1's 25.42 M$/year. This disparity was mainly due to the higher selling price of H2 and the increased H2  

yield from BW, contributing over 88% to the revenues. The CO2 captured contributed slightly to the  

revenues, accounting for 11% or 3.3 M$/year. In SC-2, fertilizer production made a minor contribution  

of less than 1%. The production cost of H2 from BW was notably lower than that from SCB, at 12.93  

$/kg H2 and 17.20 $/kg H2, respectively. The lower annual operating cost and higher H2 yield in SC-2  

were the primary factors leading to its lower production cost. Examining the economic parameters  

provided in Table 6, the financial performance of the analysed H2 production systems was evaluated  

across different strategies. Notably, the NPV for the SC-2 system was positive, reaching 36.45 M$,  

highlighting the financial viability of H2 production through BW valorization. SC-2, in particular, proved  

to be the more profitable system for hydrogen production, with a PBP of 11 years and an IRR of 17%.  

Additionally, SC-2 demonstrated a significantly lower LCOH of 12.97 $/kg compared to 20.81 $/kg for  

the SC-1. These figures suggest a high potential for financial returns and underscore the economic  

attractiveness of SC-2. This success was primarily attributed to substantial H2 profits and lower  

investment and annual operating costs. In contrast, the NPV value for systems operating under SC-1  

was negative, signifying that H2 production from SCB was not economically attractive. The primary  

obstacle lay in their lower revenue generation, which significantly impacted their economic  

performance unfavourably.   
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Table. 7. Summary of profitability analysis of H2 production from various feedstock and processes.  

Feedstock Processes 

Production 

cost ($/kg) 

NPV 

(M$) 

IRR (%) 

PBP 

(years) 

LCOH 

($/kg) 

Ref 

Lignocellulosic biomass resources 

MSW gasification - 42.78 10.3* 9 2.72 Ren, et al. [102] 

POME SRM 12.9 - 18.5* 8.5 - Wee, et al. [53] 

Sorbitol APR 12.97 - - - - 

Sladkovskiy, et 

al. [51] 

Pine wood FB gasification 4.3 - - - - 

Salkuyeh, et al. 

[98] 

Glycerol SCWR 3.8 - - 7.5  

Galera and 

Gutiérrez Ortiz 

[5] 

SCB APR and SRE 17.20 -63.67 -5 - 20.81 This study 

Water resources  

Water Electrolysis - - - 6.9 5.84 

Yilmaz, et al. 

[103], 

Parkinson, et al. 

[104] 

Water PEM electrolysis - 9.09 12.8 13 4.21 

Pettinau, et al. 

[105] 

Food waste resources 

FW TG 1.33 19.8 25 5.7 - Zhao, et al. [89] 

FW DG 1.42 13.7 20.4 7.2 - Zhao, et al. [89] 

BW Fermentation 14.89 1.2 - 4.8 - Han, et al. [106] 

BW SRE 11.75 36.45 17 11 12.97 This study 
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FB: Fluidized bed, FW: Food waste; MSW: municipal solid waste; PEM: proton exchange membrane; TG: Torrefaction  

integrated with steam gasification; DG: Direct gasification; SRM: Steam methane reforming; POME: palm oil mill effluent;  

SCWR: Supercritical water reforming; *calculated by return on investment (ROI).  

  

The profitability analysis summary from various feedstocks and H2 production processes is listed in  

Table 7. However, the production cost of H2 varies depending on factors such as feedstock price,  

facility scale, and project economics [104]. Exploration of alternative processes for H2 production from  

non-fossil resources proved intriguing Zhao, et al. [89] demonstrated FW-based H2 production with a  

production cost below 1.5 $/kg H2, short PBP (5.7 years), high IRR (25%), and NPV (19.8 M$). This was  

attributed to lower annual operating costs and total production expenditure, with significant  

contributions from government subsidies and disregarding collection and transportation expenses of  

FW feedstock. POME, generated from palm oil mill activities, was another viable feedstock. Wee, et  

al. [53] illustrated profitable H2 production from POME with a PBP of 8.5 years and an 18.48% of ROI,  

based on a feedstock capacity of 480 MT/day. This process involved producing H2 from biogas  

generated through AD, followed by steam methane reforming. Lower investment and production  

costs were incurred compared to other processes. H2 production from BW performed by Han, et al.  

[106] via fermentation in CSTR tanks proved profitable at small capacities of 2 MT/day. However,  

production costs were high due to significant utility (electricity and process water) and labour costs.  

Nonetheless, the few by-products produced (CO2, solid biomass, and treated BW) contributed  

substantially to revenue. The profitability analysis showcased the attractiveness of the plant, with an  

NPV of 1.2 M$ and a PBP of 4.8 years. A strategic approach is necessary to enhance the economic  

competitiveness of waste-based feedstocks in large-scale H2 production applications [107]. Despite  

challenges, the studies presented above highlight the significant potential for H2 production from non- 

fossil resources, offering promise and sustainability for the future by utilizing renewable substrates  

[106].  

3.4. Sensitivity analysis   
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To address the uncertainty surrounding the cost-effectiveness O2 production processes, sensitivity  

analysis was conducted to evaluate how variations in input parameters affect model outputs. Fig. 5  

(a-b) illustrates the sensitivity analysis for both scenarios, examining the NPV, IRR, and PBP response  

to ±20% changes in key factors. The cost of raw materials, specifically SCB and BW, along with utilities  

like LPS and FCI, emerged as primary determinants of economic performance. The selling prices of H2  

product and CO2 co-product also significantly impacted the NPV, IRR, and PBP. Conversely, costs for  

cooling water and enzymes exhibited minimal sensitivity to NPV, IRR, and PBP under the evaluated  

conditions.  

In the SCB-based H2 production scenario (SC-1), a key factor was the SCB cost, where a 20%  

reduction increased the NPV by 3.58 M$. LPS costs showed a notable impact, with a 20% reduction  

resulting in an increase in NPV by 10.01 M$. The most critical investment cost was FCI, where  

reductions could decrease NPV by 43.28 M$, while the H2 selling price had the most substantial effect,  

with a 20% increase boosting NPV by 39 M$.  Both parameters were also significant for IRR and PBP.  

Reducing FCI by 20% would remarkably improve the IRR by 9.79% and lower the PBP by 15 years.  

Similarly, increasing the H2 selling price by 20% would enhance the IRR by 10.2% and lower the PBP by  

27 years. Insignificant factors included sulfuric acid costs and cooling water, where 20% reductions  

only slightly improved NPV. Gypsum and electricity prices had minimal impact, raising NPV by less  

than 1 M$ each with a 20% increment. In the BW-based H2 production scenario (SC-2), the BW cost  

was highly significant, with a 20% decrease increasing NPV by 6.2 M$. LPS costs also showed a  

substantial impact, with a 20% increase reducing NPV by 4.7 M$. The FCI reduction significantly  

improved NPV by 45.74 M$, while the H2 selling price had the most significant effect, with a 20%  

increase raising NPV by 41 M$. These parameters also significantly affected IRR and PBP. Lowering FCI  

by 20% increased IRR by 6% and shortened PBP by 9 years. Similarly, raising the H2 selling price by 20%  

increased IRR by 9.1% and reduced PBP by 17 years. Insignificant factors included enzyme and  

potassium costs, where 20% increases resulted in less than a 1 M$ NPV reduction each, and cooling  

water costs, which had less impact compared to LPS.   
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To enhance the profitability of H2 production processes from SCB and BW, several strategic  

measures can be adopted. Lowering FCI is critical, and can be achieved through optimizing plant  

design, leveraging government incentives, and scaling up production to benefit from economies of  

scale. Reducing LPS costs is also essential, which can be done by improving energy efficiency.  

Additionally, optimizing raw material costs by strategically sourcing SCB and BW from nearby suppliers  

can significantly reduce transportation and logistics expenses. These measures, combined with  

supportive policies and efficient cost management, are crucial for improving the economic feasibility  

and profitability of H2 production from SCB and BW feedstocks.    
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Fig. 5. Sensitivity analysis for different scenarios: (a) SC-1; (b) SC-2.  

4. Conclusion   

This study investigates the economic profitability of H₂ production from two alternative feedstocks:  

SCB and BW. The results reveal that the total H2 produced in the SCB-based scenario (SC-1) is higher  

compared to the BW-based scenario (SC-2), primarily due to the increased bioethanol production.  

However, SC-1 demonstrates higher energy generation because of the higher fuel consumption and  

the greater HHV of the fuel burned. Economically, SC-2 emerged as the more attractive process, with  

a higher NPV of 36.45 M$, an IRR of 17%, and a PBP of 11 years. This economic attractiveness is  

attributed to lower capital investment and annual operational costs, which lead to higher profitability  

in the BW-based H₂ process. To enhance profitability, optimize plant design, use government  

incentives, and scale up production to reduce FCI. Lowering LPS costs can be achieved by improving  

energy efficiency. Source SCB and BW locally to reduce transportation expenses. These strategies,  
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supported by efficient cost management and policies, are essential for making H2 production from SCB  

and BW economically viable. Future work should focus on conducting a comprehensive Life Cycle  

Assessment (LCA) to evaluate the environmental impacts of using these renewable feedstocks for H₂  

production. This will help determine whether both SCB and BW are environmentally attractive options  

for sustainable H2 production.  
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