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A B S T R A C T   

Hydrogen is gaining prominence in global efforts to combat greenhouse gas emissions and climate change. While 
steam methane reforming remains the predominant method of hydrogen production, alternative approaches such 
as water electrolysis and methane cracking are gaining attention. The bridging technology – methane cracking – 
has piqued scientific interest with its lower energy requirement (74.8 kJ/mol compared to steam methane 
reforming 206.278 kJ/mol) and valuable by-product of filamentous carbon. Nevertheless, challenges, including 
coke formation and catalyst deactivation, persist. This review focuses on two main reactor types for catalytic 
methane decomposition – fixed-bed and fluidised bed. Fixed-bed reactors excel in experimental studies due to 
their operational simplicity and catalyst characterisation capabilities. In contrast, fluidised-bed reactors are more 
suited for industrial applications, where efforts are focused on optimising the temperature, gas flow rate, and 
particle characterisation. Furthermore, investigations into various fluidised bed regimes aim to identify the most 
suitable for potential industrial deployment, providing insights into the sustainable future of hydrogen pro
duction. While the bubbling regime shows promise for upscaling fluidised bed reactors, experimental studies on 
turbulent fluidised-bed reactors, especially in achieving high hydrogen yield from methane cracking, are limited, 
highlighting the technology’s current status not yet reaching commercialisation.   

1. Introduction 

Excessive levels of anthropogenic CO2 emissions in the atmosphere 
make it the most conspicuous greenhouse gas (GHG) among the rising 
concern for climate change. CO2 emissions have been rising as a direct 
result of increased human activity since the industrial revolution, and it 
is regarded as more damaging than other GHGs due to its millennia-long 
lifespan [1]. Countries maintaining their energy security through eco
nomic growth and improved living standards have increased energy 
demand, hence heavy reliance on fossil fuel sources [2,3]. Therefore, 
mitigation solutions must be implemented to ensure that the emission of 
CO2 is controlled and limited. 

Carbon budgeting can help set long-term temperature objectives by 
requiring governments and industries to adopt interim and final miti
gation plans to guarantee that renewable energy sources are applied 
across the global economy [4]. The International Energy Agency (IEA) 
and the Committee on Climate Change (CCC) have deemed it crucial that 

hydrogen technologies be implemented in several industrial sectors for 
an economy to attain net-zero emissions by 2050 [5]. Furthermore, 
predictions of successful hydrogen technology integration could lower 
global GHG emissions by 80% compared to 1990 levels [6]. Currently, 
within the UK economy, special attention has been received, with a 
hydrogen strategy already being launched aiming to become a “global 
leader in hydrogen” by 2030 [7]. 

The hydrogen economy is a potential solution for decarbonising 
challenging sectors such as the power, transport, and electricity sectors. 
Hydrogen is a flexible and versatile energy carrier that is regarded as the 
cleanest fuel with a by-product of water when combusted [8]. Moreover, 
in terms of mass, hydrogen provides three times more energy (39.4 kWh 
kg−1) than conventional fossil fuels such as gasoline producing only 
13.1 kWh kg−1 8. Presently, it is evident that both renewable and 
non-renewable technologies can be used to synthesise hydrogen; and 
according to Fig. 1, fossil fuels such as coal gasification (18%), oil-based 
(30%), and natural gas steam reforming (48%) accounts for 96% of total 
hydrogen production [5,8]. At the moment, fossil-fuel-based production 

* Corresponding author. 
E-mail addresses: a.sanyal@lboro.ac.uk (A. Sanyal), w.malalasekera@lboro.ac.uk (W. Malalasekera), h.c.h.bandulasena@lboro.ac.uk (H. Bandulasena), upul. 

wijayantha@cranfield.ac.uk (K.G.U. Wijayantha).  

Contents lists available at ScienceDirect 

International Journal of Hydrogen Energy 

journal homepage: www.elsevier.com/locate/he 

https://doi.org/10.1016/j.ijhydene.2024.05.397 
Received 2 February 2024; Received in revised form 7 May 2024; Accepted 26 May 2024   

mailto:a.sanyal@lboro.ac.uk
mailto:w.malalasekera@lboro.ac.uk
mailto:h.c.h.bandulasena@lboro.ac.uk
mailto:upul.wijayantha@cranfield.ac.uk
mailto:upul.wijayantha@cranfield.ac.uk
www.sciencedirect.com/science/journal/03603199
https://www.elsevier.com/locate/he
https://doi.org/10.1016/j.ijhydene.2024.05.397
https://doi.org/10.1016/j.ijhydene.2024.05.397
https://doi.org/10.1016/j.ijhydene.2024.05.397
http://crossmark.crossref.org/dialog/?doi=10.1016/j.ijhydene.2024.05.397&domain=pdf
http://creativecommons.org/licenses/by/4.0/


International Journal of Hydrogen Energy 72 (2024) 694–715

695

is dominating renewable options due to their high availability, 
cost-effectiveness, and better efficiency. For instance, hydrogen pro
duction using fossil fuel costs $1 per kilogramme (kg) versus $6 per kg 
from offshore wind energy (data from 2020) [9]. Hence, it may be 
assumed that growing hydrogen consumption will directly increase GHG 
emissions, jeopardising the net-zero emission goal. 

From Fig. 1, steam methane reforming (SMR) dominates the global 
hydrogen industry. High demand is allocated within this industry due to 
SMR bringing a mature process with an efficiency of 76% when 
manufacturing pure, industrial-grade hydrogen [10]. The natural gas 
reagent, primarily composed of methane, followed by ethane, propane, 
and ethylene, alongside nitrogen, CO2, and H2S, depending on its source, 
is preheated to temperatures ranging between 450 and 500 ◦C before 
being directed through the reformer tube containing a Ni-based catalyst. 
[11,12].  

Reforming Reaction 1- CH4 + H2O ⇌ CO + 3H2 ΔHrx = 206.28 kJ/mol 
(1)  

Reforming Reaction 2- CH4 + H2O ⇌ CO2 + 4H2 ΔHrx = 164.00 kJ/mol 
(2)  

Water-Gas shift reaction- CO + H2O ⇌ CO2 + H2 ΔHrx = -41.16 kJ/mol 
(3) 

Both reactions (1) and (2) signify non-identical endothermic reaction 
pathways, in which they present the synthesis procedure of hydrogen- 
rich syngas from CH4 and steam but result in distinct CO and CO2 by- 

products [13,14]. Furthermore, almost 12% of the total CO by-product 
obtained from the reaction mixture in the reformer can undergo the 
water gas shift (WGS) reaction indicated in step (3) [15]. The WGS al
lows the CO content to decrease while simultaneously maximising the 
hydrogen yield [16]. Finally, because SMR generates high impurities in 
the reformer, a pressure swing absorption (PSA) unit is used to provide a 
high-purity H2 stream [16]. A schematic diagram of the reaction process 
is shown in Fig. 2 [5,11,13–16]. 

Furthermore, due to research and infrastructure constraints, the 
production of green hydrogen utilising renewable technologies is still in 
its early stages. As a result, implementing bridging technology becomes 
more suitable to tackle current climate variation while renewable 
technologies continue to advance simultaneously. One such bridging 
technology is methane cracking. This process bridges the gap between 
the existing carbon-intensive fossil-fuel-based energy systems and a low- 
carbon energy economy [17]. Methane cracking involves the production 
of turquoise hydrogen governed by an endothermic chemical reaction of 
CH4, resulting in molecular separation under high temperature, low 
pressure, and no presence of oxygen [18]. Consequently, elemental 
carbon particles and hydrogen are generated, as shown in reaction (4). 

The reaction scheme for methane cracking involves:  

CH4 ⇌ C(s) + 2H2 ΔH◦
25 ◦C = 74.8 kJ / mol                                    (4) 

Methane is highly stable due to its symmetrical molecular structure 
and strong C–H bonds, requiring a significant dissociation energy of 
439.3 kJ/mol to break individual C–H bonds. Thus, a high operating 
temperature is essential [19–21]. To enhance hydrogen yield and lower 
the temperature (1000-1200 ◦C) required for the reaction, catalytic 
methane decomposition (CMD) has been developed over the years using 
various metal and non-metal catalysts. Transition metals such as nickel 
(Ni), iron (Fe), and cobalt (Co) have been extensively studied as the 
primary components for methane cracking. They offer beneficial char
acteristics such as high permeability for carbon diffusion and produce 
valuable carbon nanotubes as by-products [21,22]. According to various 
literature, the following pattern has been established in terms of cata
lytic activity: Ni > Co > Fe [21,23–25]. Catalysts enhance methane 
cracking at a moderate temperature by lowering activation energy by 
accepting electrons from the C–H single bond via partially filled 3d or
bitals [19,21]. The metal electronic state and the dispersion of the active 
sites are the two key characteristics that determine a catalyst’s efficiency 
[23]. 

Since CMD operates without oxygen, no greenhouse gas (GHG) 
emissions such as CO2 and CO are generated. Instead, the generated 
elemental carbon particles are economically valuable and can incenti
vise several industries [19]. Carbon particles in the form of “carbon 
black, CNTs, graphite and graphene” have beneficial characteristics and 
economic value for commercial applications; hence, this would lower 

List of abbreviations including units and nomenclature 

GHG Greenhouse gas 
UNFCCC United Nations Framework Convention on Climatic 

Change 
IPCC Inter-governmental Panel on Climate Change 
IEA International Energy Agency 
CCC Committee on Climate Change 
SMR Steam methane reforming 
WGS Water gas shift 
PSA Pressure swing absorption 
CMD Catalytic methane decomposition 
HES High-energy Sites 
VLS Vapour-liquid-solid 
RDS Rate-determining step 

CFD Computational fluid dynamics 
PMM Porous medium model 
PRCFD Particle-resolved CFD 
SEM Scanning Electron Microscope 
GC Gas Chromatography 
XPS X-ray Photoelectron Spectroscopy 
TEM Transmission Electron Microscopy 
AC Activated Carbon 
CB Carbon Black 
XRD X-ray Diffraction Analysis 
BET Brunauer-Emmett-Teller 
TGA Thermogravimetric Analysis 
Umf Minimum fluidisation velocity 
Umf Minimum bubbling velocity 
CNT Carbon nanotubes  

Fig. 1. Hydrogen production using both renewable and non-renewable tech
nologies. Data Source 5,8. 
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the overall cost of hydrogen generation [26]. Nevertheless, the cost of 
hydrogen depends on the crystallinity and morphology of the carbon 
obtained, which varies depending on the reaction conditions [23]. One 
major drawback of CMD is the potential for coke formation, whereby 
encapsulated filamentous carbon deactivates the catalyst, raising oper
ational costs due to replacements [19]. 

Furthermore, SMR would have an energy requirement of 206.28 kJ/ 
mol, although methane cracking requires a lower 74.8 kJ/mol of energy 
input to synthesise hydrogen [19]. Compared to renewable methods like 
water electrolysis (286 kJ/mol), methane cracking is still the thermo
dynamically more advantageous choice [22]. However, CMD has a 
considerably lower conversion efficiency of 58%, in contrast to SMR, 
which has 76%. Yet, it is worth noting that the remaining 42% efficiency 
after CMD results in filamentous carbon particles that can be kept and 
commercialised. Conversely, in SMR, the remaining 40% is lost as 
long-lived GHG, resulting in environmental hazard and energy loss [25]. 
Therefore, CMD appears to be a better alternative after addressing the 
disadvantages of SMR and renewable technologies. 

This review article attempts to conduct an in-depth analysis of the 
fundamentals of CMD. As there is already a vast knowledge gap with the 
development of different methane decomposition reactors, the objective 
of this review paper is to essentially: (a) investigate the principles of 
reaction mechanisms behind CMD; (b) outline the experimental ad
vantages of fixed-bed reactors in facilitating characterisation techniques 
and identifying the various instruments necessary for optimising and 
comparing different catalyst types; (c) interpret the dependent condi
tions necessary for optimising fluidised-bed reactors; and (d) identify the 
ideal fluidisation regime for scaling up CMD to an industrial platform. 

2. Methane cracking mechanisms 

There is still a debate about the mechanism of methane cracking. 
Different mechanisms have been proposed over the years, but the kinetic 
parameters (pre-exponential factor, activation energy, and reaction 
order) of each intermediate elementary reaction step are uncertain [8, 
22]. Two main models have emerged as prominent in several experi
mental reports: the free-radical scheme and the vapour-liquid-solid 
(VLS) model. 

2.1. Free-radical scheme 

It is well-established that methane molecules are primarily adsorbed 
on a metal catalyst during methane decomposition. However, various 
studies have revealed that the surface dehydrogenation reactions, which 
reduce methyl radicals to their elemental state, can be divided into two 
mechanism types – dissociative [27–31] and non-dissociative models 
[32–35]. This distinction is based on the initial C–H bond cleavage time 
[19,22,36]. The following section will aim to dive deeper into these two 
hypotheses and determine the rate-limiting steps associated with each 
mechanism. 

Non-dissociative Mechanism: This kinetic model was first 
approached by Grabke [37], where adsorbed methane molecule initially 
undergoes surface reaction without cleaving the C–H bonds [19,22]. As 
depicted in Equations 5–11, the methyl group undergoes a sequence of 
dehydrogenation processes once methane has been adsorbed on the 
catalyst surface, leading to hydrogen production [38].  

CH4 + S (Vacant site) ↔ CH4S (ad)                                                       (5)  

CH4S (ad) + S ↔ CH3S (ad) + HS (ad) RDS                                         (6)  

CH3S (ad) + S ↔ CH2S (ad) + HS (ad)                                                (7)  

CH2S (ad) + S ↔ CHS (ad) + HS (ad)                                                  (8)  

CHS (ad) + S ↔ CS (ad) + HS (ad)                                                      (9)  

2HS (ad) ↔ H2 + 2S                                                                      (10)  

CS (ad) ↔ C (Ni, f) + S                                                                    (11) 

Dissociative Mechanism: As represented in Equation 12–17, this 
model complements the mechanism stated earlier. However, the pri
mary distinction lies in the initial step, where adsorbed methane mole
cules undergo chemisorption on the catalyst surface while 
simultaneously cleaving the C–H bond [38].  

CH4 + 2S (Vacant site) = CH3S (ad) + HS (ad) RDS                              (12)  

CH3S (ad) + S––CH2S (ad) + HS (ad)                                                (13) 

Fig. 2. A schematic diagram signifying the step-by-step process of an SMR reactor that has been evaluated above.  
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CH2S (ad) + S––CHS (ad) + HS (ad)                                                  (14)  

CHS (ad) + S––CS (ad) + HS (ad)                                                     (15)  

CS (ad) = C (dissolved) + S                                                               (16)  

2HS (ad) = H2 + 2S                                                                      (17) 

RDS: Rate-determining Step; S: Vacant Sites; CH4: Methane; C: Car
bon; H: Hydrogen 

As distinguished, the rate-determining step (RDS) is represented by 
Equations (6) and (12), which vary according to the specific mechanism 
steps. In a reaction mechanism, the RDS is typically associated with the 
activation of methane molecules. This step is usually the slowest in the 
reaction mechanism, and it determines the overall rate at which the 

methane is converted into elemental carbon and hydrogen [22]. How
ever, it is essential to note that the mechanisms discussed above do not 
account for the formation of filamentous and encapsulation of carbon on 
the catalyst. Therefore, section 2.2 will provide and in-depth exploration 
of the vapour-liquid-solid (VLS) model that validates the carbon for
mation and encapsulation processes. 

2.2. VLS model 

The formation and growth of carbon nanofibers from a carbon- 
containing precursor over solid catalysts were explained by Baker 
et al. in 1972 [39] using a second potential mechanism, the so-called 
VLS model. This mechanism validates the growth of filamentous car
bon on the metal catalyst during methane cracking [39]. 

Fig. 3. Demonstrates the step-by-step process of the VLS model. (A) depicts the adsorption of methane on the catalyst surface; (B) reflects the deposition of carbon 
after the decomposition reaction, followed by its diffusion through the metal particles; (C) and (D) represent the nucleation process, causing deformation of the 
catalyst particles. (For a more precise understanding, please refer to the key in the top left corner, which highlights the components represented in the figure). 
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Fig. 3A displays methane gas being adsorbed onto the catalyst sur
face, undergoing a decomposition reaction, producing elemental carbon 
and hydrogen. In Fig. 3B, excess carbon deposited on the catalyst surface 
diffuses through the metal particles, resulting in carbon precipitation on 
the backside of the catalyst particle at the ‘metal-support contact’. The 
collected solid or hollow carbon filament deposit would push the metal 
particles away from the support, as shown in Fig. 3C, and eventually, 
filamentous carbon nucleation commences [19,22]. 

Nucleation marks the initial stage of filament growth, where the 
metal-based catalyst possesses liquid-like characteristics and undergoes 
deformation and elongation (shown in Fig. 3C and D). This phenome
non, occurring at high temperatures, leads to a nucleation rate sur
passing the diffusion rate [19]. Here, the metal particle detaches from its 
support, and hollow channels emerge, inhibiting further precipitation 
[19,22]. Ultimately, increasing the rate of methane decomposition 
would exponentially expand the carbon filament growth, resulting in 
indefinite carbon encapsulation and a complete detachment between the 

metal catalyst particle and support. As a result, the decomposition rate 
would slow down due to the deactivation of the catalyst [19]. Therefore, 
filamentous carbon diffusion through the metal particle is recognised as 
the RDS [22]. Scanning electron microscope (SEM) images generated by 
Wei et al. [40] (Fig. 5) clearly illustrate catalyst deactivation from car
bon deposition by showing images of both fresh (Fig. 5a,(b),(c),(d)) and 
spent (Fig. 5A,(B),(C),(D)) catalyst during the methane decomposition 
process. Furthermore, Konieczny et al. [41] alternatively operated a 
transmission electron microscopy (TEM) to explore ultrastructure and 
particle size distribution, offering higher-resolution images of the 
atomic arrangement within materials [42]. 

Overall, the RDS from this mechanism is not accounted for within the 
radical mechanism; therefore, there is still no clarity when determining 
the RDS. It remains unclear whether the overall RDS involves breaking 
methane into a methyl radical or the diffusion of carbon into the bulk 
catalyst [39]. Identifying the necessary mechanism and RDS is crucial 
before conducting experimental or modelling studies. By interpreting 

Fig. 4. An experimental set-up that utilises a fixed-bed reactor to conduct catalytic methane decomposition reaction. (For a more precise understanding, please refer 
to the key in the top left corner, which highlights the components represented in the figure). 
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the mechanism, researchers can predict the reactor performance and 
optimise it by adjusting conditions such as temperature, methane flow 
rate, pressure, and catalyst selection. The following section will delve 
into the fixed-bed reactor, a standard configuration used for experi
mental studies in CMD. 

3. Fixed-bed reactors 

A typical fixed-bed reactor configuration (Fig. 4) starts with catalyst 
preparation and placement within a quartz tube. Before preheating the 
furnace, the maintenance of lower-than-atmospheric pressure in the 
reactor is achieved by introducing inert gases of N2 or Ar, which lowers 
the partial pressure of methane, while the overall pressure of the reactor 
would remain constant at 1 atm [41]. Subsequently, the quartz tube 
reactor is positioned in a high-performance furnace and heated to its 
desired temperature, determined by the catalyst and parameter of the 
reactor. Methane is simultaneously injected from its storage tank 
through the bottom of the reactor [43,44]. The reactor’s catalyst bed 
temperatures are experimentally controlled and monitored by using a 
K-type thermocouple sensor, and a mass flow meter controls the 
methane feed rate [43]. Consequently, thermal decomposition is opti
mised with careful management of the methane flow rate, resulting in 
increased production of hydrogen and solid carbon. Analysis of the final 
product is examined using a gas chromatograph coupled to the reactor’s 
output, as depicted in Fig. 4. Here, a time-dependent study on the cat
alytic activity can be examined by observing the hydrogen yield and 
methane conversion at distinct time intervals [43]. Currently, a lot of 
experimental research on CMD uses a fixed-bed reactor. The specific 
aims and methodology may differ depending on the study goals (see 
Appendix 1); however, the use of fixed-bed reactors allows for research 
on the reaction kinetics, catalyst performance, and process optimisation 
in methane cracking. 

Additionally, the simulation of a fixed/packed-bed reactor using 
multiphysics modelling software such as STAR-CCM + or COMSOL is 
more accessible and less computationally expensive in comparison to a 
fluidised-bed reactor. Therefore, most operations use fixed/packed-bed 
reactors for simulation. Dixon et al. [45] identified two primary ap
proaches to simulating fixed bed reactors on computational fluid dy
namics (CFD): both the porous medium model (PMM) and the 
particle-resolved CFD (PRCFD) have heavily been explored. The PMM 
approach operates on a macroscopic scale and is computationally less 

expensive than the PRCFD method, which resolves individual particles 
and behaves on a microscopic scale. Even though PMM is regarded as a 
prominent model due to its simplification in modelling, Dixon et al. [45] 
ensure that in the last decade, adequate progress and high interest have 
shifted toward the PRCFD approach due to its detailed intricacy. 

Tong et al. [46] extensively explored the development of a simula
tion model for CMD using 65 wt% Ni-based catalysts in a 3D fixed bed 
reactor. Their primary objective was to perform a time-dependent study 
to analyse the concentration of hydrogen output and the catalyst deac
tivation rate under variable temperature and methane flow rate condi
tions. This simulation required kinetic modelling gathered from 
Zavarukhin et al. [35] and was applied to a packed porous catalyst, 
where methane gas underwent diffusion and chemical reactions. The 
simulation data obtained strongly correlated with experimental results 
across different temperatures, methane flow rates, and catalyst deacti
vation rate variations, thereby validating the simulation’s accuracy. 
Consequently, by using the simulation model, future endeavours could 
focus on optimising the catalyst type to extend catalyst deactivation 
time. Tong et al. [46] also proposed the addition of catalyst regeneration 
mechanisms to the kinetics, potentially enhancing the economic benefits 
of CMD. While the availability of modelling papers on methane 
decomposition is limited, numerous modelling studies are available for 
SMR using fixed-bed reactors [47–54]. This abundance of modelling 
studies in SMR may be attributed to its well-established technology and 
widespread implementation in industrial hydrogen production. 

Furthermore, it has been well-established that a fixed-bed reactor 
assesses and characterises the performance of a catalyst, making it ideal 
for laboratory applications. High conversion efficiency, reasonable 
temperature control, and ease of operation are among the key benefits of 
fixed-bed reactors [55]. Many researchers have conducted numerous 
experimental studies to enhance catalytic activity, stability, and other 
crucial catalyst characteristics. They utilise various characterisation 
technologies to examine conversion rates, selectivity, and product dis
tribution under controlled conditions. Compared to fluidised-bed re
actors, a fixed-bed reactor provides a more straightforward and less 
complex design since its functionality does not require an in-depth 
knowledge of fluid dynamics. The stationary catalyst in a fixed-bed 
reactor eliminates the challenges associated with fluidisation and par
ticle mobility. Therefore, Muradov [56–60] have conducted multiple 
CMD studies using fixed-bed reactors, where different carbon mor
phologies and catalyst regeneration methods were critically evaluated. 

Fig. 5. SEM images of various chars before (A),(B),(C),(D) and after methane decomposition (a),(b),(c),(d) with a run time of 123 min (Used with permission from 
Ref. [40]. Copyright 2011, Elsevier). 
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This section will further familiarise readers with the current research 
methodologies required for catalyst characterisation. It will also 
emphasise the significance of fixed-bed reactors in conducting CDM 
experiments and preparing the catalyst types essential for 
characterisation. 

3.1. Catalyst morphologies – SEM and TEM imaging 

SEM is one of the most effective methods for visualising and exam
ining the surfaces of micro- and nano-particle catalysts [61]. This im
aging technique provides high-resolution visualisation of the catalyst’s 
microstructure, offering fundamental information on topography, 
morphology, and composition [62]. As the electron beam is focused and 
accelerated through the catalyst material, a cascade of interactions oc
curs, emitting both photons and electrons [62]. The crucial role of 
electrons in scanning catalyst surfaces results in the development of 
high-resolution images. Consequently, SEM imaging plays a pivotal role 
in interpreting the complexities of catalyst microstructures, where cat
alytic properties and performance can now be visualised. 

Wei et al. [40] conducted a comprehensive study using SEM images 
to determine the characteristics of different types of chars before and 
after CMD in a fixed-bed furnace. Upon analysing the SEM images, a 
significant accumulation of carbon deposits, visibly agglomerating the 
pores and surfaces, was observed after CMD, as depicted by the brighter 
appearance seen in Fig. 5a,(b),(c),(d) due to Z-contrast. On the other 
hand, prior to CMD, clean surfaces and sharp edges were observed (see 
Fig. 5A,(B),(C),(D)). Additionally, the superior catalytic activity of 
Shengli lignite (Fig. 5A) char was connected to its abundant pore count, 
outperforming other chars. This study also incorporated gas chroma
tography (GC) to quantify hydrogen yield and methane conversion rate 

after leaving the fixed-bed reactor. Notably, the hydrogen yield and 
methane conversion would decrease with time due to catalyst deacti
vation, as corroborated by the SEM images in Fig. 5. Overall, SEM im
aging is a valuable instrument that provides a visualised interpretation 
of the diminishment in catalytic activity. Nevertheless, the ratio of 
agglomerated carbon on the catalyst surface cannot be quantitatively 
assessed using SEM images. Therefore, Suelves et al. [63] also employed 
X-ray photoelectron spectroscopy (XPS)- a surface technique to quanti
tively detect the amount of catalyst surface exposed to the encapsulating 
carbon. 

Konieczny et al. [41] utilised SEM imaging to record the 
post-reaction state of Fe-based catalysts following fixed-bed reactor 
operation. Their findings demonstrated two distinct carbon morphology 
types during methane decomposition reactions: plate-like structures and 
nanofibers. According to the SEM imaging, the carbon deposition 
obstructed the active sites, hence diminishing the catalytic activity. 
Konieczny et al. [41] investigated the preparation and application of 
Fe-based catalysts for methane decomposition, aiming to achieve com
plete CDM over extended time intervals (>75 h). In this case, the 
fixed-bed reactor fulfilled dual purposes: initially preparing the Fe-based 
catalyst from iron oxide using elevated temperatures and atmospheric 
pressure, followed by the subsequent CDM. They compared catalyst 
activation pre-treatment using two reacting gases (H2 and CH4) at three 
temperatures (800, 850, and 900 ◦C). Notably, methane at 900 ◦C was 
favoured and chosen due to its shorter preparation time of approx. 2 h. 
While a fixed-bed reactor is well recognised as ideal for CDM, experi
mental studies have revealed that it also plays a significant role in 
catalyst preparation. These reactors are essential in transforming pre
cursor materials into activated catalytic species, achieving desired 
structural and morphological properties. Furthermore, similar to 

Fig. 6. TEM imaging to analyse the nanofibers agglomerated around the catalyst surface. (Used with permission from Ref. [41]. Copyright 2008, Elsevier).  
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Konieczny et al. [41], the utilisation of fixed-bed reactors allows re
searchers to thoroughly investigate various catalyst formulations, 
compositions, and activation methods. 

Additionally, TEM imaging (Fig. 6) by Konieczny et al. [41] at 10, 
000× magnification provided finer details of the structural morphol
ogies of carbon nano-fibre coating the Fe-based catalyst surface 
post-methane decomposition. These TEM pictures (Fig. 6) highlighted 
the unique shape of the carbon nanofibers, resembling linear plates 
interconnected end to end to form fibrous structures. The sizes of the 
elliptical shapes collected from TEM ranged between 610 nm and 1 m 
and are in agreement with data found in the SEM photomicrographs. 
However, according to Bayat et al. [64], it is impossible to accurately 
determine the precise length of nanofibers due to their intertwined na
ture; hence, estimations are usually made. 

Yang et al. [65] explored the catalytic performance of carbon-based 
catalysts (AC, CB, and AC-CB combinations) in CMD using a bench-scale 
fixed-bed configuration. High-resolution TEM was employed to examine 
the structural morphology of carbon deposited on activated carbon 
(AC), carbon black (CB), and the AC0.5-CB0.5 mixture. Yang et al. [65] 
used an enhanced resolution to reveal a graphene-like filamentous layer, 
with depositions displaying interplanar structures almost parallel to the 
carbon catalyst backbone. Compared to AC, the graphene growth layers 
on CB and AC0.5CB0.5 mixture contained more highly curved structures, 
implying that deposited carbon could cause more structural defects, 
resulting in a less ordered system and consequently prone to maintain or 
improve CMD. Therefore, the TEM images provided support for previ
ously reported findings, including data from BET and kinetic perfor
mance, which validated the catalyst stability of CB > AC during CMD. 

While morphological changes may be visualised and surface infor
mation can be obtained through SEM and TEM, X-ray diffraction anal
ysis (XRD) primarily determines crystal structure and phase 
composition. Most experimental reports usually aim to combine SEM, 
TEM and XRD to gain a comprehensive understanding of the behaviour 
of the catalyst, including changes in surface morphology and crystal
lography during the CMD [63,64,66–72]. The following section will 
further explore XRD analysis. 

3.2. Chemical composition – XRD analysis 

A non-destructive method known as XRD offers comprehensive in
formation on a material’s crystallographic structure, chemical compo
sition, and physical characteristics [73–75]. In XRD, the produced 
X-rays are collimated and directed at a sample of nanomaterials. The 
interaction of the incident rays with the sample results in a diffracted 
pattern, which is then detected, processed, and counted. A diffraction 
pattern is shown by plotting the intensity of the diffracted rays that are 
dispersed over the material at various angles [73]. Numerous experi
mental studies have utilised fixed-bed reactors and employed XRD 
techniques to characterise both fresh and deactivated catalysts [41,57, 
63,64,66–72,76–78]: 

Suelves et al. [63] developed a fixed-bed reactor intending to achieve 
successful CMD by producing CO-free hydrogen. The experiment was 
conducted by employing a commercial Ni-based catalyst to investigate 
the characteristics of the generated carbon. The structural properties, 
including crystallinity, of the fresh catalyst load were assessed using 
XRD. Before the activity testing, Suelves et al. [63] had performed a 
reduction treatment on the catalysts. This involved processing pure H2 at 

a flow rate of 20 ml/min for 3 h at temperatures of 550 and 650 ◦C. This 
pretreatment was essential because the XRD examination revealed that 
4 wt% of the Ni from the fresh catalyst was detected as NiO (see Table 1). 
Therefore, utilising XRD on the fresh catalyst load minimises impurity 
accumulation and enhances catalytic behaviour during the methane 
decomposition reaction. Similarly, Ramasubramanian et al. [69] also 
characterised the prepared catalyst using XRD patterns, revealing the 
presence of Fe2O3, Co3O4 and MoO3 phases found in the freshly calcined 
catalyst (see Fig. 7a for interpretation). Subsequently, after reducing the 
catalyst using an H2/N2 mixture at 700 ◦C, a follow-up XRD analysis was 
approached, showing the complete reduction of metal oxide phases to its 
elemental form of Fe, Mo and Fe–Co alloys (see Fig. 7b). This XRD 
interpretation is necessary for detecting an oxidised catalyst, and pro
cessing reduction is essential when optimising/maximising the cata
lyst’s activity, selectivity, and stability. 

3.2.1. Characterisation of spent Catalyst 
In a further study, Suelves et al. [63] harnessed XRD patterns to 

investigate the deactivation of catalysts. XRD patterns can offer impor
tant insights into the alterations in the catalyst’s crystallinity and 
structure that occur during the CMD process. As illustrated in Fig. 8, 
there is an additional intense reflection (0 0 2) at 26.2◦ across all 8 
diffraction patterns, featuring a basal interplanar distance of 0.335 nm. 
This observation conveys the presence of graphitic carbonaceous species 
coating on the catalyst surface, affecting both their activity and selec
tivity. The relative definition of the peak attributed to carbon (26.2◦) 
intensifies in the XRD patterns, with higher levels of carbon deposition, 
though no structure differential was detected. Ramasubramanian et al. 
[69] also drew a similar interpretation when analysing Fe-based catalyst 
(Fe–Mo/CeZrO2). A supplementary XRD peak was observed on the spent 
catalyst at 2Ɵ = 26.56 ο in all the spectra, implicating the agglomerating 
of graphitic carbon on the catalyst’s active site. 

Moreover, Suelves et al. [63] presented Table 2, signifying the XRD 
analysis of the Ni-based catalyst after the decomposition reaction. In 
comparison to Table 1 above (outcomes from fresh catalyst), it is evident 
that the deactivated sample exhibited a larger crystalline domain size 
within the Ni. This implies Ni is undergoing thermal sintering, where the 
catalyst lifetime is shortened at higher temperatures. In this context, the 
elemental carbon by-product encapsulates the active sites, leading to an 
increase in the crystalline domain size. This would ultimately result in 
fewer accessible active sites for the reactant due to the reduction of the 
overall available surface area. 

Lastly, Suelves et al. [66] also conducted a parallel investigation 
using the same fixed-bed apparatus, focusing this time on characterising 
a carbon-based catalyst. The experimental pattern reported was similar 
to that of the Ni-based catalyst [63], where the XRD study revealed that 
catalyst deactivation is not associated with a differential in structural 
changes; however, it is related to the loss in surface area during CMD. 
Moreover, Yang et al. [65] investigated a carbon-based catalyst (AC, CB 
and AC-CB mixture), where initially before the reaction, a broad peak at 
2θ = 24◦ was observed, illustrating the amorphous carbon structure. 
However, post CMD, a sharp peak at 2θ = 26◦ was detected, mirroring 
observation made by Suelves et al. [63], who had examined metal-based 
catalysts. This detected peak comprised an ordered graphitic coating 
that was deposited on the catalyst surface during methane decomposi
tion. Yang et al. [65] proceeded to quantitatively compare the different 
catalysts by analysing the different intensities at 2θ = 26◦ (see Fig. 9). 

Table 1 
The structural properties of fresh Ni catalyst determined using XRD (Used with permission from Ref. [63]. Copyright 2005, Elsevier).  

Samples Ni (Nickel) NiO (Nicke Oxide)  

Composition (wt%) a (nm) Size (nm) Composition (wt%) a (nm) Size (nm) 

Ni 96 0.352 5 4 0.417 13 
Ni pre-reduced 95 0.353 7 5 0.418 5  
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Greater intensities meant the catalyst possessed a higher degree of 
structural order due to the deposited carbon. As depicted in Fig. 9, the 
AC0.5 – CB0.5 mixture displayed the greatest intensity at 2θ = 26◦. 

Overall, XRD is a valuable characterisation method for investigating 
the crystallographic properties of catalyst materials before and after 
methane decomposition. This allows researchers to understand and 
compare the behaviour and efficiency of the catalyst. However, many 
experimental reports aim to utilise multiple characterisation methods 
like SEM, TEM, Brunauer-Emmett-Teller (BET), Thermogravimetric 
Analysis (TGA) and Raman Spectroscopy in order to complement the 
XRD patterns and provide a more thorough understanding of the 
structure, morphology and composition of the catalyst. 

3.3. Surface area and pore structure – BET analysis 

The Brunauer-Emmett-Teller (BET) theory serves as a key analytical 
tool for determining and calculating the specific surface area, pore 
volume and distribution of the catalyst [79–81]. It relies on nitrogen 
adsorption isotherm measurements at 77 K to explain the physical 
adsorption of gas molecules on a solid surface [81]. Given the known 
influence of surface area and pore structure on catalytic performance, 
methane decomposition reactions often involve measuring N2 BET sur
face areas before and after the reaction. 

3.3.1. Catalyst textural properties 
Mahmoodzade et al. [82] conducted CMD in a continuous fixed-bed 

quartz reactor under atmospheric pressure. This study involved a series 
of Ni-based catalysts with various loading (25, 40, 55, and 70 wt%) onto 
the spherical mesoporous SiO2 support. Initially, untreated SiO2 support 
exhibited a large BET area, small average pore size, and high pore vol
ume, facilitating excellent dispersion of Ni when doped. However, ac
cording to Table 3, the specific surface area and pore volume of the 
catalyst support were significantly reduced when high-content nickel 
was added. This is attributed to the agglomeration and production of 
NiO clusters that result in partial blocking of the micropores and even
tually degradation of the pore structure upon impregnation, drying and 
calcination steps. Therefore, BET characterisation revealed a diminish
ing BET area with increasing nickel content on the support (see Table 3). 
After using BET and several other characterisation methods, the study 
concluded that the preparation of 55 wt% Ni/SiO2 provided the optimal 
performance with a high methane conversion of 54% at 575 ◦C when 
compared to other catalyst types. This study’s approach was to use BET 
characterisation to confirm the best catalyst to support composition 
when maximising the methane conversion rate. 

Likewise, Bayat et al. [64] managed a quartz fixed bed micro-reactor 
to simultaneously synthesise COx-free hydrogen and carbon nanofibers 
via CMD. The catalytic behaviour of Ni–Fe/Al2O3 catalysts with 
different Fe content was examined. According to the findings, adding Ni 
and Fe to the Al2O3 support led to a reduction in BET surface area and 
pore volume. This is due to the partial blockage of alumina pores by 
nickel and iron oxide clusters, aligning with the conclusion drawn by 
Mahmoodzade et al. [82]. The two studies portray that clusters of 
catalyst oxide become larger than the pores of the support; hence, this 
reduces the accessibility of methane reactant during the decomposition 
process, encouraging the sintering of catalyst. 

On the other hand, the following papers from Ramasubramanian 
et al. [69], Pinilla et al. [83] and Pudukudy et al. [84] had contrasting 
viewpoints when exploring the catalyst’s textural property using BET. 
All the studies mentioned here utilised a fixed-bed quartz reactor to 
handle the CMD reaction. Ramasubramanian et al. [69] reported that 
the iron-impregnated catalyst had a larger surface area when compared 
to the pure support material. Moreover, the inclusion of a promoter 
metal further enhanced the surface area of the catalyst, as depicted in 
Table 4. The impregnated metal precursors create nanoparticles on the 
support material, increasing active sites’ availability and enhancing the 
accessible surface area for reactions. This leads to an increased BET 
surface area, a key measure of the material’s accessibility. Additionally, 
Pinilla et al. [83] encountered a similar outcome to Ramasubramanian 
et al. [69], where the specific surface area of Fe/Al2O3 (catalyst on 
support) and FeMo/Al2O3 (including the promoter) had a significant 
incline in comparison to the pure support material. Lastly, in a 
comparative study, Pudukudy et al. [84] found that the BET surface area 
of the unpromoted Ni catalyst and Pd-promoted catalyst was 22.63 m2/g 
and 29.38 m2/g, respectively. Therefore, this signifies the crucial role of 
textural promoters when improving the ‘catalytic activity, hydrogen 
yield, and methane conversion’ [26]. Considering the fast deactivation 
that occurs with Ni- and Fe-based catalysts through encapsulation, 
promoters play a crucial role in dispersing and stabilizing the catalyst 
particles on the support [26,85]. This enhanced dispersion expands the 
surface area of the catalyst available for reaction, allowing for more 
efficient interaction between methane molecules and catalytic sites 
through diffusion. 

Additionally, several studies have explored the textural characteri
sation of fresh and deactivated catalysts, which were accompanied by 
the use of fixed-bed reactor [65,86]. Liu et al. [86] assessed the catalytic 
performance of AC and CB for methane thermo-catalytic cracking by 
utilising a bench-scale fixed-bed setup. The collected data on ‘BET N2 
surface areas, average pore width and pore volumes’ was correlated 

Fig. 7. XRD pattern of (a) fresh catalyst load and (b) complete reduction of metal oxide phase. (Used with permission from Ref. [69]. Copyright 2020, Elsevier).  
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with the literature. Initially, as seen in Table 5, AC-B had the largest BET 
surface area of 920.2 m2/g and the smallest pore width (3.0 nm), which 
was to be expected, as it has been reported from literature studies that 
AC provides the highest initial activity [56]. However, after 6 h of CDM 
at 900 ◦C, the AC (AC-900) BET surface area dropped tremendously to 
1.7 m [2]/g, its pore volume was almost zero, and its average pore width 

grew to 10.5 nm. These observations suggested the blockage of 
micro-pores from deposited encapsulating carbon, resulting in the quick 
deactivation of the catalyst. Similarly, Bai et al. [87] investigated CMD 
on three different compositions of AC, where the BET surface area was 
drastically reduced after 2 h at 1123K, paralleling the findings of Liu 
et al. [86]. Conversely, Liu et al. [86] also examined CB catalyst, which 
exhibited minor changes in the BET surface area (84.8 to 83.0 m2/g), 

Fig. 8. (a) XRD pattern of spent Ni catalyst and (b) variety of reaction condi
tions listed (1-8) (Used with permission from Ref. [63]. Copyright 
2005, Elsevier). 

Table 2 
XRD study on the spent catalyst that shows an increase in crystalline domain size 
for 7 samples (Used with permission from Ref. [63]. Copyright 2005, Elsevier).  

Samples Composition (wt%) Graphite Cell (nm) Ni Cell (nm) 

1 22 25 53 0.250 0.679 8.5 0.350 8.9 
2 16 14 70 0.246 0.679 10.6 0.352 13.7 
3 30 18 52 0.244 0.682 8.1 0.352 12.7 
4 27 – 73 0.246 0.680 7.9 0.353 14.3 
5 18 – 82 0.246 0.682 17.4 0.353 18.4 
6 9 – 91 0.245 0.676 12.0 0.351 16.0 
7 8 – 92 0.246 0.684 9.5 0.353 50.0  

Fig. 9. Quantitative comparison of XRD patterns between AC, CB and AC0.5 – 
CB0.5 after methane decomposition. (Used with permission from Ref. [65]. 
Copyright 2020, Elsevier). 

Table 3 
Characteristics of catalysts with various loading % of support collected using 
BET instrumentation. (Used with permission from Ref. [82]. Copyright 2020, 
Elsevier).  

Samples Surface area (m [2]/g) Pore volume (cm [3]/g) Pore size (nm) 

Fresh Spent Fresh Spent Fresh Spent 

SiO2 1136.0 – 1.21 – 4.2 – 
25%Ni/SiO2 725.7 25.4 0.66 0.05 3.5 7.6 
40%Ni/SiO2 529.6 131.1 0.40 0.2 3.0 7.3 
55%Ni/SiO2 388.2 100.4 0.44 0.3 4.5 13.5 
70%Ni/SiO2 225.0 54.3 0.19 0.15 3.3 11.0  

Table 4 
Effect of BET surface area, pore volume and pore diameter when promoted 
metals are incorporated into catalyst with support. (Used with permission from 
Ref. [69]. Copyright 2020, Elsevier).  

Catalysts Surface area (m2/g) Pore volume (cc/g) Pore diameter (nm) 

Fe/CeZrO2 13.03 0.15 3.81 
Fe–Co/CeZrO2 19.97 0.11 3.81 
Fe–Mo/ 

CeZrO2 

24.08 0.12 3.81  

Table 5 
Comparative analysis of the Surface area and porosity between AC and CB. 
(Taken from the source without modification) . (Used with permission from 
Ref. [86]. Copyright 2018, Elsevier).  

Catalysts BET Surface Area 
(m2/g) 

Average Pore Width 
(nm) 

Pore Volume (cm3/ 
g) 

AC-B 920.2 3.0 0.08 
AC-900 1.7 10.5 0.006 
CB-B 84.8 13.5 0.27 
CB-900 83.0 16.7 0.33  
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pore volume (0.27 to 0.33 m3/g), and average pore width (13.5 to 16.5 
nm) during the 6h interval of the reaction showing its remarkable sta
bility/ durability during CMD. 

As evident, BET is a widely used technology for studying the textural 
properties of both fresh and deactivated catalysts. However, BET alone 
as a characterisation technique comes with some limitations when 
incorporated into CMD. According to Lopez et al. [88], the physical 
surface concentration of the catalyst may vary depending on the cata
lytic composition, surface chemistry and structure; hence, it is unlikely 
that the catalytic performance would be strongly associated with BET 
surface area. As previously observed by Liu et al. [86] , the BET surface 
area measurement provides an overall estimate of the accessible active 
sites; it does not reflect the actual distribution or abundance of these 
sites, significantly influencing the catalytic activity. In order to address 
these drawbacks, it is critical to use various characterisation methods 
like spectroscopy, imaging, TGA, GC-MS and kinetic studies. Combining 
these methodologies can help better interpret the catalytic activity, 
selectivity and stability. 

3.4. Thermogravimetric Analysis (TGA) 

Typically, thermogravimetric studies (TGA) have evolved into a cost- 
effective, faster, and simpler analytical tool for identifying and analysing 
the thermal stability, purity, and mass of carbonaceous deposits on the 
catalyst surface during CMD [69,89–102]. TGA is primarily utilised to 
characterise the morphologies of carbon deposits on active sites, 
although various other studies have explored its application in CMD 
reactions. The primary purpose of TGA is to subject the catalyst sample 
to rising temperatures to measure the weight change, providing data on 
the spent catalyst’s composition and thermal behaviour [90,91]. 

Ahmed et al. [90] work involved managing a fixed-bed reactor under 
conditions of 700 ◦C, where bimetallic Ni–Mo catalysts were studied, 
and a comparison between CeO2 and CeO2–SiO2 supports was con
ducted. TGA measures the sample’s weight loss as a function of tem
perature and time [91]. Both catalyst types showed a similar trend, with 
no weight loss below 500 ◦C, signifying the absence of amorphous car
bon. Weight loss began at approximately 520 ◦C due to removing water 
vapour at high temperatures, followed by the coke deposition further 
degrading the catalyst and ending beyond 600 ◦C. Additionally, the 
weight loss is directly in conjunction with the amount of methane 
decomposed, where the greater hydrogen yield is directly associated 
with the higher carbon yield. Therefore, according to data from Ahmed 

et al. [90], the catalyst Ni–Mo/CeO2 displayed a higher carbon gener
ation than the Ni–Mo/CeO2–SiO2. These findings demonstrate that the 
addition of SiO2 inhibits the catalytic activity and are extremely 
congruent with the TEM and Raman-Spectroscopy findings. Collectively, 
these studies from Refs. [90,93,98] show that the TGA data are consis
tent with other analytical techniques such as TEM, XRD, and Raman 
Spectroscopy measurements. 

Furthermore, Torres et al. [103], Ibrahim et al. [94] and Fakeeha 
et al. [92] considered the analysis of Fe-based catalysts by employing the 
TGA technique. Torres et al. [103] examined Fe-based catalysts, incor
porating MgO and Al2O3 as textural promoters, with some samples 
doped with Mo. The data portrayed that the loading of Mo on a catalyst 
prepared with Al2O3 had the best catalytic activity due to its highest 
carbon accumulation yield. Therefore, TGA analysis allows for the 
identification of the most effective promoters to enhance the catalytic 
performance during CMD. Additionally, Ibrahim et al. [94] attempted to 
use a fixed-bed flow reactor at 700 ◦C to undergo CMD using a Fe-based 
catalyst. The weight loss profile caused by heating is illustrated in 
Fig. 10. The removal of water vapour and carbonaceous species that had 
developed on the spent catalyst is what caused the successive weight 
loss, where TGA curves levelled off at 640 ◦C, 650 ◦C and 770 ◦C for 20% 
Fe/Al2O3, 40% Fe/Al2O3 and 80% Fe/Al2O3 respectively. The data 
confirms that 100% Fe performed the worst weight loss, explaining the 
significance of catalyst support when maximising the catalyst’s perfor
mance, stability and selectivity. TGA is a valuable tool when interpreting 
the optimal catalyst support and dopant by determining the thermal 
stability (observing the weight gain or loss), identification/ quantifica
tion of adsorbed species, and characterising the porosity (SA and 
dispersion). 

Fakeeha et al. [92] took a distinct approach when using TGA in 
comparison to Torres et al. [103] and Ibrahim et al. [94]. Instead of 
finding the best catalyst support or promoter, the aim was to distinguish 
the best-calcined temperature for 20% Fe/Al2O3 catalyst ranging be
tween 300 and 800 ◦C, as well as the most effective method for catalyst 
preparation: impregnation or co-precipitation. Again, the TGA mea
surements were conducted on the spent catalyst, where the optimum 
calcination temperature was found to be 500 ◦C for both impregnated 
and co-precipitated catalysts. Moreover, the data also confirmed that the 
co-precipitation catalyst produced more carbon per mole of methane 
converted compared to the impregnation catalyst. This signifies that 
different calcination temperatures would alter the textural properties of 
the catalyst; hence, TGA quantification helps determine the best 

Fig. 10. TGA showing the weight loss of 20% Fe/Al2O3, 40% Fe/Al2O3, 80% Fe/Al2O3 and 100% Fe catalysts. (Used with permission from Ref. [94]. Copyright 
2015, Elsevier). 
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calcination temperature required for CMD. 
Overall, the extensive use of fixed-bed reactors with the characteri

sation analysis of TGA in catalysis research has resulted in the mea
surement and understanding of carbon deposition on catalytic active 
sites. The potential for optimising the catalyst support type and 
enhancing regeneration steps is significant, thus playing a crucial role in 
advancing CMD. 

4. Fluidised-bed reactors 

Fluidised-bed reactors are the most widely known configuration 
utilised on laboratory and industrial scales [104]. Their adaptability 
covers a wide range of industries, including the petroleum, chemical 
processing industry, fuel and mineral processing, and waste treatment 
[104,105]. Fluidised-bed reactors outperform fixed-bed reactors in 
several crucial areas, such as promoting vigorous mixing of catalyst 
particles with the fluid and improving mass and heat transfer while 

lowering temperature gradients inside the reactor [106–108]. Due to the 
fluidised-bed reactor’s dynamic behaviour, hot spots—commonly seen 
in fixed-bed reactors from immobilised catalyst particles—can be suc
cessfully managed and kept at a constant temperature across the bed 
[107]. In addition, the loading and unloading of catalysts in a fixed-bed 
reactor is time-consuming, and, from an industrial standpoint, this will 
be costly on a large scale [107]. Fluidised-bed reactors, on the other 
hand, enable continuous CMD by mobilising fresh catalyst particles 
while periodically withdrawing spent ones. This seamless catalyst 
management minimises carbon clogging and considerably improves 
system efficiency [106–108]. An example of an experimental 
fluidised-bed reactor is shown in Fig. 11, where multiple parameters are 
explored in order to optimise the system [109]. 

An insightful study by Qian et al. [110] examined the catalytic ac
tivity and stability of a 40 wt% Fe/Al2O3 between a fluidised-bed reactor 
and a fixed-bed reactor under atmospheric pressure. Both reactors 
initially attained a steady methane conversion of 53%. However, the 

Fig. 11. An experimental set-up that utilises a fluidised-bed reactor to conduct catalytic methane decomposition reaction. (For a more precise understanding, please 
refer to the key in the top left corner, which highlights the components represented in the figure). 
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conversion rate of the fluidised-bed reactor decreased over time and 
reached 47% after 35 min as opposed to 20 min for the fixed-bed reactor 
to attain the same level. The fixed-bed reactor had an exponential 
pressure drop, reaching 400 mbar in 35 min and finally forcing the 
reactor to shut down, but the fluidised-bed reactor showed a slower fall 
in pressure. The fluidised-bed reactor’s exceptional efficiency was 
further shown by the fact that it outperformed the fixed-bed reactor by 
continuing CMD for up to 60 min. This study supports the effectiveness 
and dependability of the fluidised-bed reactor in processing CMD. 

The functionality of a fluidised bed involves introducing the gas 
stream that circulates across the bed at a high velocity and mixes inti
mately with the solid catalytic particles – Fig. 11. The solid particles are 
suspended in the emulsion phase by the upward flow of the reacting gas 
within the fluidised-bed reactor, giving the mixture fluid-like charac
teristics [111–113]. As a result, fluidised bed reactors are highly fav
oured since they promote excellent mixing and offer a wider surface area 
for the reaction to occur [114]. Specific configurations are particularly 
advantageous due to their rapid heating rate, homogeneous heat dis
tribution, efficient mass transfer, and reasonable control of the reaction 
parameters [112]. However, there are some fundamental limitations of 
fluidised-bed reactors [115]. Firstly, there are challenges in scaling up 
the reactor due to complications of moving from a small laboratory-scale 
to a big industrial-scale reactor. As will be seen in due course, no mass 
transfer limitations exist on a laboratory scale. Nevertheless, the design 
and scaling-up of large-diameter reactors remain unpredictable due to 
mass transfer limitations occurring in most fluidised bed processes, 
especially within the bubbling and turbulent regime [113,115]. There
fore, these restrictions may significantly impact the conversion rate and 
total reactor efficiency. 

Despite these limitations, in recent years, tremendous progress has 
been achieved in fluidised-bed reactor research and development. Re
searchers are actively investigating the many hydrodynamic systems 
within reactors to address scaling concerns and improve performance. 
There is a particular emphasis on researching both experimental and 
industrial uses of fluidised-bed reactors to improve their operation and 
maximise their potential. In this review paper, we shall comprehensively 
assess the numerous hydrodynamic systems of fluidised-bed reactors, 
providing insight into the complexities of their behaviour. In addition, 
we will thoroughly examine the practical uses of fluidised-bed reactors 
in both experimental and industrial settings. We hope to unleash the full 
potential of fluidised-bed reactors and promote improvements in their 
application across a variety of industries by resolving the issues and 
comprehending the entire range of their performance. 

4.1. Temperature control 

As already discussed, fluidised bed reactors offer numerous funda
mental advantages, with one of the most significant being excellent heat 
transfer and temperature uniformity across the bed [116]. However, to 
fully realise these advantages, researchers must first discover the 
optimal temperature for a specific fluidised bed structure and catalytic 
type. High temperatures are often necessary to achieve a high methane 
conversion rate, as the temperature strongly influences the reaction ki
netics and the overall performance [113]. Therefore, we will examine 
experimental literature involving different catalyst types in a fluidised 
bed reactor to identify the most suitable operating temperature. 
Through this analysis, we aim to identify the specific goal and meth
odology employed in each experimental study. 

Generally, transition-metal (Fe, Ni, and Co)-based catalysts are 
extensively used in CMD processes, operating at moderate temperatures 
typically ranging from 500 to 800 ◦C [8]. Fe-based catalysts have 
received significant attention in recent years due to their improved 
performance, particularly when operated at higher temperatures within 
the suggested range. At high temperatures, Fe-based catalysts are 
preferred due to their higher efficiency and selectivity in CMD processes. 

Torres et al. [117] specifically worked on a Fe/Al2O3 catalyst that 

underwent CMD using a fluidised bed reactor. The aim was to distin
guish the operational conditions, such as reaction temperature and 
space velocity, that heavily influence the methane conversion rate. 
Regarding the temperature study, Fig. 12 illustrates the methane con
version at various reaction temperatures (ranging between 700 and 
900 ◦C) using a methane flow rate close to Umf (analysed in section 
4.2.1). At 700 ◦C, the methane conversion rate was the lowest at 15%. As 
the temperature increased to 900 ◦C, the initial methane conversion rate 
after 15 min reached 68%. However, the catalyst deactivation at higher 
temperatures was more prominent, as according to Hou et al. [118], 
higher temperatures result in the excessive production of carbon, 
resulting in quicker deactivation from the encapsulation of filamentous 
carbon. When the methane conversion curves in Fig. 12 were examined, 
optimum catalyst performance appeared around 800 ◦C, establishing a 
balance between a relatively high initial reaction rate and sustained 
activity. 

In contrast to a metal-based catalyst, a carbon catalyst generally 
exhibits lower catalytic activity, requiring a higher operating tempera
ture of 800–1000 ◦C [21]. Nevertheless, despite these difficulties, 
carbon-based catalysts have gathered significant attention from the 
scientific communities due to their advantageous characteristics that 
outweigh the drawbacks of a metal catalyst. Notably, carbon catalysts 
have great endurance to high temperatures, which makes them more 
suitable for use in fluidised-bed reactors at industrial scales [21]. 

Jung et al. [119] investigated CMD on activated carbon and carbon 
black within a fluidised-bed reactor. This process was conducted across a 
temperature range of 800–925 ◦C. Initially, the activated carbon 
exhibited higher activity than carbon black. However, a consistent trend 
of rapid deactivation was observed for activated carbon across all re
action temperatures. This suggests that activated carbon’s susceptibility 
to quick deactivation is attributed to filament carbon encapsulation. On 
the other hand, the carbon black commenced with lower initial activity; 
however, the catalytic performance reached a quasi-steady state and 
remained consistent for over 8 h, irrespective of the reaction tempera
tures. Comparatively, the initial activity of the activated carbon catalyst 
was <40%, which was still lower than the initial activity of 68% of the 
Fe/Al2O3 catalyst (as reported in Torres et al. [117]). Conversely, carbon 
black maintained a higher methane conversion rate of >20% during its 
8 h interval at an optimal temperature of 925 ◦C. This contrasts with the 
findings of Torres et al. [117], where conversion remained below 20% 
after the 6 h mark. These observations demonstrate the remarkable 
durability of carbon black in comparison to both activated carbon and 
Fe-based catalysts. 

Fig. 12. Methane conversion at temperatures between 700 and 900 ◦C at 
WHSV: 6 LN/(gcat.h). (Used with permission from Ref. [117]. Copyright 
2012, Elsevier). 
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4.2. Methane velocity in a fluidised-bed reactor 

As the flow rate of methane gas through the catalytic bed increases 
incrementally, the gas would initially flow through the void spaces be
tween the stationary particles, showing characteristics of a fixed-bed 
reactor [120]. However, as the flow rate of methane gas increases, the 
particles start migrating into restricted regions, leading to increased 
voidage and the formation of an expanded bed. Eventually, at a velocity 
surpassing minimum fluidisation velocity (Umf), all the particles are 
simply suspended by the upward-flowing gas, as the stability of 
close-packing is lost [113,120]. In the fluidised state, the gas’s upward 
frictional drag force on the catalytic particles equally counterbalances 
their apparent weight; that is, the actual weight less than the buoyancy 
force, therefore allowing particles to be suspended with the fluid. [113, 
121]. 

At Umf, the pressure drop is just enough to maintain the particles’ 
submerged weight, resulting in catalytic particles being freely sus
pended by the fluid (incipient fluidisation) rather than resting on nearby 
particles; hence, the bed is considered as fluidised [120,122,123]. Umf 
could vary depending on the particles’ size, shape, density and Geldart 
group, as well as the density and viscosity of the gas [124]. Usually, the 
pressure drop as a function of gas velocity is often measured experi
mentally to ascertain the value of Umf [125]. More specifically, when 
particle size and density rise, so does the Umf [30]. 

4.2.1. Experimental classification of Umf 
An experimental investigation is essential when estimating the Umf, a 

fundamental parameter necessary for fluidised-bed reactor develop
ment. Amin et al. [106] and Allaedini et al. [126] independently con
ducted their experimental research on measuring the Umf in the context 
of CMD. This technique was first proposed by Pinilla et al. [109,127]. 

Pinilla et al. [109,127] conducted two distinct studies using a 
NiCu/Al2O3 catalyst to assess the pressure drop across a vertical 
pilot-scale fluidised bed. These studies investigated the experimental 
outcome when increasing superficial velocities while co-currently 
monitoring the time-mean pressure drop [128]. Other parameters, 
such as temperature, remained constant at 700 ◦C. To distinguish the 
Umf empirically, employing inert nitrogen gas rather than methane was 
recommended. Consequently, the velocity determined using nitrogen 
was multiplicatively adjusted by a factor of 1.4 to account for the in
fluence of methane. Fig. 13 illustrates the experimental results visually, 
demonstrating the link between ΔP and the superficial gas velocities. 

This methodology provides valuable insights into the complex dynamic 
of fluidisation behaviour, which contributes to a thorough understand
ing of the system’s performance at different gas velocities. 

Fig. 13 depicts the experimental outcomes for increasing gas veloc
ities, revealing a distinctive curve usually associated with catalyst par
ticles having a broad range of sizes. The research concluded that 
initially, partial fluidisation was obtained, as indicated by an interme
diate pressure drop. This implied that larger particles have not yet 
achieved full fluidisation. As the gas velocity increased further, the 
system eventually approached a point where ΔP neared W/S (W is the 
mass of carbon product (kg); S is the cross-sectional area (m2)), sug
gesting that full fluidisation was achieved and would remain constant 
until the gas reached terminal velocity [109]. According to the study’s 
findings, Umf-pb corresponds to the partial fluidisation of nitrogen gas at 
0.47 cm (STP)/s. Full fluidisation was determined by observing Umf-eb at 
0.72 cm (STP)/s, suggesting a constant pressure drop was maintained, 
confirming the state of complete fluidisation. During the process of 
CMD, the agglomeration of filamentous carbon on the fresh catalyst 
particle disrupts its fluid dynamic behaviour. This is due to the deposited 
carbon materials increasing particle diameter and decreasing density. 
Consequently, both the power of fluidisation and catalytic activity are 
compromised, resulting in the diminishing of hydrogen yield and CMD 
efficiency. Two distinct catalyst types were used, allowing for a com
parison analysis to determine the superior catalyst. 

Moreover, Amin et al. [106] reported that when the superficial ve
locity surpassed Umf, the methane conversion rate observed for 
Ni/γAl2O3 and Ni/SiO2 was decreased. This was attributed to the 
accelerated formation of bubbles in terms of number and size at higher 
flow rates, negatively impacting the efficiency of reactant gas interac
tion with catalyst particles. Beyond Umf, the flow rate tends to encounter 
mass transfer limitations because a bubbling regime influences the 
conversion rate [113,115]. However, Amin et al. [106] made an inter
esting observation: after 3 h from the commencement of the reaction, 
increased flow rates exhibited a similar deactivation pattern collected 
from Pinilla et al. [109,127] data set. This suggests that the deactivation 
pattern is more influenced by the blockage of catalyst active sites from 
carbon encapsulation rather than the bubble formation. 

4.2.2. Experimental examples utilising Umf 
Various research articles were examined to assess the validation of 

the methodology introduced by Pinilla et al. [109,127]: 
Quian et al. [110] investigated CMD using a 40 wt% Fe/Al2O3 

catalyst in a fluidised bed reactor and compared the findings with a 
fixed-bed reactor. Optimising the fluidised-bed reactor necessitated 
understanding Umf, a critical parameter. Therefore, Quian et al. [110] 
adopted the approach of Pinilla et al. [109,127] by linking pressure drop 
and velocity for 40 wt% Fe/Al2O3, examining two distinct bed heights of 
0.4 and 2 cm. Fig. 14 illustrates Umf measurements in two different bed 
sizes (0.4 and 2 cm) using inert nitrogen, explicitly chosen to mitigate 
the agglomeration issue observed with methane. The 0.4 cm bed showed 
no pressure drop (depicted by the blue line in Fig. 14) owing to the gas 
bypass, while the 2 cm bed showed partial fluidisation at a nitrogen gas 
velocity of 24.71 mm/s (Vmf), which corresponds to Pmf of roughly 3.22 
mbar. As the gas flow rate was raised further to 30.06 mm/s, the pres
sure drop decreased somewhat, and the entire bed was fluidised. The 
pressure drop (Pmax = W/A) remained constant and did not vary with 
increasing gas velocity until 45.34 mm/s. Lastly, similar to Pinilla et al. 
[109,127], the nitrogen velocity was corrected by a factor of 1.4 to ac
count for methane. 

In addition, Torres et al. [117] delved into the effects of methane 
conversion using Fe/Al2O3 catalysts at space velocities – 3, 6, and 8 
LN/(gcat.h) – while maintaining a constant temperature of 800 ◦C. The 
velocity at 3 LN/(gcat.h) was below Umf, featuring a fixed-bed charac
teristic. Fig. 15 depicts an enhancement in hydrogen yield rate when the 
space velocity was reduced from 8 to 3 LN/(gcat.h). All the velocity 
curves had a persistent trend, implying a progressive decline in methane 

Fig. 13. The linkage between ΔP and the superficial gas velocities at a tem
perature of 700 ◦C. (Used with permission from Ref. [109]. Copyright 
2007, Elsevier). 
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conversion, indicating continuous catalyst deactivation. As a result, it is 
proven that space velocity is a critical parameter in bed fluidisation. 
From Section 3, when compared to fixed bed reactors, fluidised beds 
provide better mixing conditions that allow exposure of all catalyst 
particles to methane gas, resulting in higher yields. However, as shown 
in Fig. 15, a significant rise in space velocity exceeding Umf has a 
detrimental effect on catalyst bed behaviour. This deviation from 
optimal fluidisation is due to excessive bubble formation leading to 
inadequate catalyst-gas interaction, thus corroborating with Amin et al. 
[106] study. 

4.3. Effect of particle size 

According to a model proposed by Bi et al. [129], an increase in 
particle size and density will elevate Umf. Hence, this section will delve 
into particle characterisation and clarify how particle size and density 
are important parameters to consider when operating an efficient 
fluidised-bed reactor. Geldart (1973) classified fluidisable particles into 
four groups depending on their properties at ambient conditions: A, B, C, 
and D (see Table 6 for explanation) [122,130]. 

In essence, from various literature and experimental reports on 
methane conversion, due to Group A powders having excellent fluidity 
and high mass transfer efficiency, most catalytic particles for catalytic 
cracking fall within this category in terms of mean size and density [19, 
59,125,132–137]. Therefore, selecting Geldart A catalytic particles is 
pivotal for achieving smooth fluidisation and successful methane con
version. This option ultimately ensures superior gas-solid contacting 
efficiency, wherein bubbles at Umb continuously divide and coalesce 
until the maximum stable bubble size is attained [123,134]. On the 
other hand, when compared to particles within Groups B and D, where 
Umf = Umb, bubbles expand without reaching their full size, leading to 
significant pressure fluctuations and poor fluidisation quality [130]. 
However, with this in mind, various reports investigate a range of 
operating conditions and predominately focus on utilising either Geldart 
Type A or B particles to optimise fluidisation. Some experimental reports 
delve into the application of Geldart B particles, particularly concerning 
CMD [138–140]. Additionally, the bubbling fluidisation regime in a 
gas-fluidised system is the most prevalent in various industrial sectors 
such as methane cracking, olefin production and manufacturing of 
carbon nanotubes (CNT); therefore, this will be further explained in 
Section 5.1 123. 

However, the fluidisation quality can vary depending on the specific 
reaction and elevated temperatures. According to Geldart’s classifica
tion, the fluidisation behaviour of powders under different groups can 
easily be anticipated under ambient conditions. Yet, researchers must 
consider that during CMD at temperatures exceeding 500 ◦C, the fluid
isation properties of the catalytic particles may differ significantly from 
those at ambient temperature [125]. This discrepancy is a consequence 
of how gas properties influence Geldart catalytic grouping, potentially 
having a significant impact on fluidised bed operations. Furthermore, 
alteration in bed conditions, driven by factors like “elutriation of fines; 
attrition; agglomeration of particles; bed solid characteristics change 
due to reaction; density and viscosity of fluids alteration due to reaction 
and temperature”, can considerably impact Umf [125]. Therefore, cata
lytic particles may fall under different Geldart group types at conditions 
that significantly deviate from the ambient state. 

4.3.1. Experimental studies involving particle characterisation 
As previously emphasised, Geldart A particles are usually preferred 

when the objective is to achieve smooth and extensively expanded flu
idisation. However, only a few researchers have explored comparing 

Fig. 14. Umf measurements in two distinct bed sizes (0.4 and 2 cm) using inert 
nitrogen and a temperature of 750 ◦C. (Used with permission from Ref. [110]. 
Copyright 2019, Elsevier). 

Fig. 15. A correlation between methane conversion (%) and time (h), where 
the space velocities are altered between 3, 6, and 8 LN/(gcat.h). (Used with 
permission from Ref. [117]. Copyright 2012, Elsevier). 

Table 6 
Classification of powders into Geldart Groups A, B, C, and D based on their 
fluidisation behaviour, with a description for each group.  

Particle Group Description 

Group A 
Particles: 

These particles have a small mean size (20–100 μm) and low 
particle density (<1.4 g/cm3). Under ambient conditions and at 
Umf, a non-bubbling fluidisation regime is initiated. 
Subsequently, as the flow rate increases, the bed undergoes 
significant expansion, followed by minimum bubbling 
fluidisation (Umb) when velocity surpasses Umf [123,130,131]. 

Group B 
Particles: 

These particles exhibit a mean size and dense density ranging 
between 40 and 500 μm and 1.4 g/cm3 – 4 g/cm3, respectively 
[131]. As opposed to Group A, little to no bed expansion was 
noticed. Only at or slightly above Umf does bubbling fluidisation 
occur (Umf = Umb). 

Group C 
Particles: 

These particles have characteristics of being very fine and 
cohesive [131]. In this scenario, achieving normal fluidisation is 
tremendously difficult due to fine particles having stronger 
London-van der Waals (cohesive forces) that form stable 
conglomerates. These forces are more substantial in comparison 
to the drag and buoyancy force exerted by the fluid onto the 
particles [113,131]. 

Group D 
Particles: 

These particles are large and/or excessively dense. Therefore, 
their fluidisable capability is poor, leading to the formation of 
deep spouting beds as a substitute [123,130]. Similar to Group B, 
there is little bed expansion, resulting in (Umf = Umb).  
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diverse catalytic particle sizes across different characterisation groups 
under the same reaction conditions. Among these selected researchers, 
Lee et al. [134] conducted an in-depth study evaluating various particle 
sizes of activated carbon that belonged to different Geldart Group. The 
intention was to find the optimum particle size required to enhance the 
operation of a fluidised bed reactor. A fixed reaction temperature of 
850 ◦C was utilised, while the particle size varied from 49.5 to 300 μm. 
As seen in Fig. 16, a clear trend was distinguished, where smaller par
ticles exhibited a higher methane conversion rate. This phenomenon is 
attributed to smaller particles’ larger surface area-to-particle volume 
ratio, allowing for more effective mass transfer. However, the influence 
of particle size on CMD is diminished as the reaction advances over time, 
refer to Fig. 16. 

Additionally, the particle size of 108 μm consistently demonstrated 
the most favourable and stable during CMD. This particle size falls 
within the Geldart A particle characterisation range, as detailed in 
Section 4.3. As a result, the combination of increased surface area and 
the superior fluidisation quality from 108 μm activated carbon particles 
ultimately led to a higher methane conversion within the fluidised bed 
reactor. 

Additionally, as previously stated, the Umf is experimentally quan
tified by analysing pressure drop as a function of gas velocity. This 
measure is dependent on factors like particle size, density, Geldart 
Group classification, and fluid characteristics [125]. Therefore, this link 
has allowed researchers to compare different catalyst types by altering 
the superficial velocity. In ambient conditions, Li et al. [133] initially 
explored fluidisation behaviour using pure Ni/Al2O3 (particle size 
10–100 μm) and Ni/Al2O3 mixed with Al2O3 particles. Data collected for 
pure Ni/Al2O3 (Fig. 17a) and Ni/Al2O3 mixed with Al2O3 (Fig. 17b) 
concluded that increasing superficial velocity led to catalytic particles 
undergoing stages of “slugging, channelling, disrupting and agglomer
ating fluidisation”. Fig. 17a establishes that as the superficial velocity 
surpasses Umf, the pressure drop would remain constant at 46 Pa, 
significantly below the theoretical bed pressure drop of 65 Pa. This 
suggests poor fluidisation quality attributed to cohesive catalyst parti
cles agglomerating, a characteristic often associated with Geldart Group 
C particles. Therefore, Li et al. [133] enhanced the fluidisation quality 
by thoroughly mixing Al2O3 with Ni/Al2O3 catalyst to introduce 

particles of different sizes, where the cohesive problem was solved. As 
depicted in Fig. 17b, the bed pressure drop corresponded with the 
theoretical value and surpassed that of the pure Ni/Al2O3. These find
ings highlight that adding Al2O3 particles significantly enhances the 
fluidisation quality by expanding the fluidisation, resulting in a high gas 
dispersion coefficient [141]. 

In experimental research, Group B catalytic particles are frequently 
used to investigate fluidisation behaviour, as they include features that 
transition the fluidisation characteristic from Group A to Group C [141]. 
Usually, as the reaction is processed in CMD, the Umf particle size and 
density would vary drastically due to carbon encapsulation, particle 
agglomeration, and attrition. These phenomena were emphasised in 
work done by Hadian et al. [140], who used 56 wt% of Ni on silica 
support to conduct thermocatalytic methane cracking. Their research 
sought to comprehend the catalyst’s performance throughout the re
action’s lifecycle. The catalyst’s particles were initially categorised as 
B-type in their fresh condition but changed to D-type when their activity 
diminished. Catalyst characterization included measuring parameters 
such as BET surface area and pore volume with a Thermo Fisher Sci
entific Analyzer (as discussed in Section 3.3). The findings demonstrated 
a considerable decline in specific surface area and pore volume, sug
gesting that limited catalyst pores were occupied by carbon. This 
resulted in an increase in particle size and a significant 32% decrease in 
bulk density of the catalyst particle, attributed to carbon layering on the 
catalyst. 

Moreover, Parmar et al. [139] recently aimed to investigate the CMD 
in a bubbling fluidised-bed reactor to produce blue hydrogen and CNT. Fig. 16. Effect on methane conversion (%) when the AC catalytic particle size 

is altered. (Used with permission from Ref. [134]. Copyright 2004, Elsevier). 

Fig. 17. Bed pressure drop curves of (a) pure Ni/Al2O3 and (b) Ni/Al2O3 mixed 
with Al2O3. (Used with permission from Ref. [133]. Copyright 2013, Elsevier). 
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Group B catalytic particles are often found when a bubbling fluidised 
bed is being employed due to the characteristic of having Umf = Umb. 
They utilised a catalytic composition of (60%Ni–5%Cu–5%Zn/Al2O3) 
characterised as Group B, with an average particle size and density of 
125 μm and 1.1 g/cm3, respectively. Bubbling fluidisation was achieved 
at a superficial velocity of 1.8Umf; however, over time, the catalytic 
activity was eventually diminished, with reasons similar to what was 
observed by Hadian et al. [140]. 

5. Fluidisation regimes 

Muradov et al. [59] highlighted that when the gas velocity increases, 
the system is likely to go through numerous regimes, including: “the 
bubbling regime, the slugging regime (occurs only in the reactors with 
small diameters), the turbulent regime, fast fluidisation and pneumatic 
transport” (see Fig. 18 for visualisation). Zhou et al. [142] portrayed 
gas-solid systems at different stages, where the movement of catalytic 
particles becomes more vigorous as the superficial velocity increases 
beyond Umf and Umb. This section will further explore the relevant flu
idisation regimes beyond the Umb point that complement CMD. 

5.1. Bubbling regime 

As the gas velocity increases and surpasses the Umb, gas bubbles 
begin to form [113]. Generally, the majority of gas-fluidised beds run on 
a bubbling regime [123]. Toomey and Johnstone’s (1952) [130] 
two-phase fluidisation hypothesis notation provides a fundamental 
insight into how a bubbling fluidised bed expands. This concept de
scribes the two distinct modes that make up the bubbling fluidised 
bed-the lean/ bubble phase (the gas bubbles), which is characterised by 
the rising gas bubbles detached from the continuous bed particles, and 
the dense/emulsion phase, which is characterised as the bed particles 
fluidised by the high flow-rate gas [113,130]. Additionally, Yasui (1958) 
et al. [143] were among the first to explore the characteristics of bubble 
formation by employing two fluidised bed reactors and gathering 
experimental data using light-transmitting probes. 

When visualising a bubbling bed (see Fig. 19), the solid catalytic 
particles accumulate in the dense continuous phase, establishing direct 
contact with the methane gas. However, the bubble phase transports 
both the gas and catalyst particles through a discontinuous phase, where 
the particle generates a dense phase that is raised within the spherical 
bubble-referred to as the wake volume (see Fig. 19) [123,144]. The 
characteristics of the bed particles, especially their size, influence the 
form of the bubbles; generally, the smaller the particles, the greater the 
ratio of wake volume to bubble volume [123]. Therefore, particles from 
Group A (refer to Section 4.3 Powder Classification) are classified as 

optimum when it comes to bubble fluidisation. 
Additionally, the hydrodynamics and efficiency of bubbling 

fluidised-bed reactors are significantly influenced by several crucial 
parameters, among which bubble size holds great importance. Over the 
years, numerous academic studies have been conducted to examine the 
coalescence of bubbles in a gas-solid fluidised bed reactor [145–151]. In 
an active fluidised bed reactor, bubbles are observed to coalesce and 
split simultaneously when rising from the distributor [123]. Therefore, 
the bubble diameter measurement must be a balance between the 
bubble coalescence and splitting, a state commonly referred to as an 
equilibrium bubble size [123,152]. Darton et al. [153] had initially 
observed that as the bubbles ascend through the system, their sizes tend 
to increase. In particular, Geldart Group A particles can reach and 
achieve their equilibrium bubble size within a small reactor rig. How
ever, Geldart Group B particles are limited in their ability to attain 
equilibrium size in a laboratory-scaled reactor, necessitating the addi
tion of a higher bed height commonly associated with industrial-scale 
application (refer to Fig. 19). 

Nevertheless, both Knowlton [154] and Seville et al. [123] have 
indicated that upscaling a bubbling bed reactor may lead to gas 
bypassing through the system. Gas bypassing will only be susceptible 
when operating a large bubbling bed using Group A type particles, 
which can disrupt the gas-solid interactions. This scenario arises due to 
the pressure difference, where the pressure at the bottom of the reactor 
would be higher compared to the top. As a result, gas compression oc
curs, inhibiting fluidisation to commence. 

5.1.1. Experimental studies involving bubbling-fluidised bed reactor 
Almost every feature of fluidised bed reactors, including gas and 

particle residence periods, particle entrainment and elutriation, heat 
and mass transport, and reaction conversion, is greatly influenced by 
bubble characteristics such as size, shape, and velocity [137]. As a 
result, when examining a bubble-fluidised bed reactor, most reports 
devote their analysis to bubble characterisation. However, this section 
will briefly touch upon some of the current experimental studies that 
have already used bubbling fluidised bed reactors to catalytically 
decompose methane into hydrogen: 

Keller et al. [136] generated porous and fluidisable catalysts using 
spray-drying of 10 wt-% Fe2O3 and 90 wt-% Al2O3. A laboratory-scale 
fluidised bed reactor was utilised, where the gas flow rate was care
fully chosen, allowing vigorous mixing and obtaining characteristics of a 
bubbling bed. A series of 14 experiments were conducted using this 
reactor bed configuration, which had operating parameters including a 
minimum temperature of 750 ◦C, gas velocity exceeding Umf of 0.28 
cm/s and a reaction run time of 90 min. The objective of this study was 
to collect kinetic data that could be incorporated into the design and 

Fig. 18. Flow pattern of various regimes as the superficial velocity increases. (Used with permission from Ref. [142]. Copyright 2013, Elsevier).  
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scaling-up of the CMD process. 
Ammendola et al. [138] conducted CMD experiments using copper 

catalysts with γ-alumina support operating under a laboratory-scale 
bubbling fluidised bed reactor. Their investigation encompassed a 
wide range of variables, including the total flow rate, catalyst quantity 
(contact time), reaction temperature, and CH4 intake concentration. 
This comprehensive report aimed to generate data detailing the con
version of CH4 to H2, the deposition of carbon on the catalyst, and the 
deactivation time. Furthermore, the Umf was experimentally determined 
by analysing the pressure drop curve against the superficial velocity 
with a temperature range of 700–800 ◦C. The obtained gas velocity was 
in conjunction with the Wen et al. [155] literature correlation, 
explaining that the reactor bed certainly operated under a bubbling 
fluidisation regime. 

Subsequently, Ammendola et al. [156] later developed a model to 
consider the behaviour of an individual catalytic particle when under
going each step of methane decomposition within a bubbling 
fluidised-bed reactor. This model offered insights into the reaction 
process in the reactor, hence allowing the optimisation of the 
bubbling-bed reactor. Ammendola et al. [156] acknowledged the 
two-phase theory, explained further in Section 5.1. Further analysis of 

mass transfer between the dense and bubble phases was explored, 
concluding that particle diffusion between the bubble and the dense 
phase led to relatively constant bubble size. However, bubble size and 
volume variations were still noticed, explaining that bubbles are prone 
to coalescence, resulting in the variation of size, and the methane con
version along the bed axis led to changes in volume. Remarkably, a 
strong correlation between the model and experimental methane con
version from the start to the deactivation step was observed, proving the 
significance of the model. 

Similarly, in a parallel study, Muradov et al. [59] developed a 
mathematical model for predicting the reaction performance in a 
bubbling fluidised bed reactor. This study shares many similarities with 
the work of Ammendola et al. [156]. However, a noticeable difference 
was observed in Muradov et al. [59] reports when describing a bubbling 
fluidised bed, which involves having three phases: the bubble phase, the 
wake phase and the dense phase-a modification from the earlier dis
cussed two-phase model. Additionally, for bubbling fluidised beds, a 
countercurrent back-mixing model with solids circulation was also 
implemented. The comparison between the experimental data and the 
model predictions for methane conversion concerning expanded bed 
height is illustrated in Fig. 20. The experimental set-up employed a 

Fig. 19. A typical bubbling fluidised-bed reactor used from an industrial standpoint. (For a more precise understanding, please refer to the key in the top left corner, 
which highlights the components represented in the figure). 

A. Sanyal et al.                                                                                                                                                                                                                                  



International Journal of Hydrogen Energy 72 (2024) 694–715

712

small-scale fluidised bed reactor with activated carbon particles (size 
averaging 50-100 μm) under a bubbling flow regime. On the other hand, 
the modelling considered carbon particles of varying sizes: 25 μm, 50 
μm, and 100 μm. The comparison shows a generally acceptable corre
spondence between model predictions and experimental findings, which 
is especially clear for smaller expanded bed heights. 

Therefore, considering the accuracy of the mathematical modelling 
derived from both Muradov et al. [59] and Ammendola et al. [156], 
there is a compelling indication that the upscaling of a bubbling flui
dised bed could be pursued, employing larger geometric diameters that 
align with established industrial standards. Nonetheless, scaling up still 
poses challenges, as the prediction of Umb can be very challenging when 
the reactor’s geometry is altered significantly. As noted by Pinilla et al. 
[127], an excessively high Umb can lead to the enlargement of bubbles 
within the fluidised bed reactor, causing the gas to pass through the 
particle bed without efficient contact with the catalyst particles. Pinilla 
et al. [127] found the optimum Umb for the appropriate catalytic particle 
by running empirical, experimental studies, where eventually, the 
smallest increase in pressure drop during CMD was found, illustrating 
smooth fluidisation. However, conducting multiple large-scale runs can 
prove costly, making this approach less appealing. Additionally, Chew 
et al. [157] noted that being heavily reliant on laboratory-scale obser
vation may result in missed insight, as at a smaller scale, the occurrence 
of slugging behaviour could potentially lead to inaccurate conclusions. 
Therefore, factoring in scale-up requirements early on can have the 
significant advantage of minimising the time and financial investments 
needed for successful process scale-up. 

5.2. Turbulent regime 

Turbulent fluidised bed behaviour is commonly defined by rapid and 
chaotic small-scale movements, where transient voids flow diagonally 
upward within the column [158]. Pressure fluctuations, unlike those in 
bubbling and slugging beds, are smaller in magnitude and possess higher 
frequencies. The initiation of turbulent fluidisation is believed to occur 
when bubbles or slugs swiftly disintegrate with a slight rise in gas flow 
rate. The disintegration commences when the superficial gas velocity 
surpasses Umb; bubbles expand beyond their maximum size and become 
unstable, resulting in a prevalence of bubble splitting, which is the 
dominant component over bubble coalescence [113]. 

As discussed in Section 5.1, it is already evident that bubbling 
fluidised-bed reactors are dominating the experimental field for CMD. 
However, as highlighted by Chew et al. [157], turbulent fluidised-bed 

reactors are more likely to be employed on an industrial scale. The 
chaotic mixing of particles and gas allows for an enhanced heat and mass 
transfer as opposed to a bubbling fluidised bed reactor [159]. Chew et al. 
[157] conducted a comparative analysis of first-order reaction conver
sion across various fluidisation regimes (see Fig. 21). It is apparent that 
the bubbling bed reactor only achieved a conversion of approximately 
30%, while the turbulent fluidised bed reactor reached an impressive 
conversion rate of over 80%. This again validates the superior mass 
transfer capabilities of the turbulent regime in contrast to the bubbling 
regime. 

5.2.1. Experimental studies involving turbulent fluidised bed reactor 
As previously discussed, a turbulent fluidised bed reactor offers 

distinct advantages over bubbling bed reactors on a commercial scale for 
CMD. However, there is limited literature that specifically addresses 
experimental studies regarding turbulent bed reactors and hydrogen 
production through CMD. So far, researchers have thoroughly examined 
and recognised the bubbling, slugging and fast fluidisation flow pattern, 
while the turbulent fluidisation flow pattern has not been widely rec
ognised as a unique flow regime [160]. It is noteworthy that some re
searchers have explored the application of turbulent fluidised bed 
reactors for CNT production [161–168]. Interestingly, CNT production 
involves the requirement of converting methane to produce high-purity 
CNT and hydrogen by-products. 

Yun et al. [162] introduced an innovative approach by integrating a 
Downer reactor with a turbulent fluidised bed reactor for synthesising 
single-walled carbon nanotubes (SWCNTs) from CH4 using a Fe/MgO 
catalyst. This coupling of the two reactors improved both the selectivity 
and yield of SWCNTs. Notably, enhancing the yield of SWCNTs will 
subsequently elevate the production of hydrogen (the required product), 
as per Equation (4). In this two-stage process, methane was initially 
mixed with the catalytic particles in the Downer reactor, where the 
catalyst underwent reduction by methane gas at a temperature of 900 

◦

C. 
The resulting mixture containing the used catalyst, SWCNTs and gases 
was subsequently directed into the turbulent fluidised bed reactor, 
which was also maintained at 900 

◦

C. Here, a fresh gas feed was also 
introduced into the system at a gas velocity of 0.3 m/s, and with a 
catalyst residence time of 3–6 min, a sufficient quantity of SWCNTs was 
collected. The influence of the catalyst and the size distribution of 
SWCNTs were investigated using various techniques such as Raman 
spectroscopy, TGA, and TEM. The findings indicated that the coupling of 
the turbulent fluidised bed reactor had increased the production of 
SWCNTs by 50 folds, suggesting the potential of upscaling this tech
nology and, therefore, enhancing the synthesis of both SWCNTs and 
hydrogen. 

Hao et al. [165] conducted an experimental study on generating 
agglomerated CNT through propylene pyrolysis, utilising a 
Fe/Mo/Al2O3 catalyst. A turbulent regime was achieved in the fluidised 
bed reactor when the gas flow rate surpassed 0.05 m/s. This specific flow 
rate of propylene, diluted with nitrogen, was carefully controlled to 
ensure the attainment of turbulent conditions at the reaction tempera
tures of 923 K. Hao et al. [165] have specifically highlighted the 
favourable transfer characteristic inherent in turbulent fluidisation, 
therefore, to obtain high selectivity and yield of CNT production, the 
reaction conditions were carefully maintained. Similarly, Wei et al. 
[164] also investigated the formation of CNT agglomerates and the mass 
production of CNT. Their approach was similar to that of Hao et al. 
[165], as here propylene decomposition was again conducted using 
Fe/Mo/Al2O3 catalyst to mass produce CNT materials. The insightful 
data gathered concludes that the turbulent regime displayed a highly 
expanded and smooth fluidisation behaviour. 

If the application of turbulent bed reactors proves to be a success 
when undergoing propylene pyrolysis to produce CNT experimentally, 
then implementing/ retrofitting this regime behaviour towards 
hydrogen production could be further explored. This approach could 
involve further investigation and optimisation of the reactor behaviour, 

Fig. 20. The contrast between experimental data and model projections for 
methane conversion using AC at particle sizes of 25, 50 and 100 μm (Used with 
permission from Ref. [59]. Copyright 2005, Elsevier). 
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with the goal of eventually achieving successful upscaling of the reactor 
for commercial use. Muradov et al. [59] have already developed a 
mathematical model that explored and simulated the reactor perfor
mance of a turbulent fluidised bed reactor when undergoing CMD. In 
this particular study, the carbon flow rate was calculated using a 
methane conversion rate of 38%, which corresponds to the highest 
achieved conversion rate seen in lab-scale tests using activated carbon. 
Importantly, the outcome of the model prediction was comparable with 
the actual experimental outcome. Therefore, future research could 
involve using this already established model as a foundation for ana
lysing and comparing experimental data gathered using a turbulent 
fluidised bed. 

6. Future perspective and conclusion 

Methane cracking technology is not commercially available due to its 
lack of economic viability compared to SMR technology. Nevertheless, 
methane cracking has gained much interest from both panels of scien
tists and government agencies as optimising its efficiency and durability 
could lead to low to near-zero CO2 emissions on an industrial scale. It 
has been emphasised that fixed-bed reactors are the most common and 
basic configurations used for performing CMD in laboratory-based set
tings. Thus far, characterisation methods such as SEM, TEM, XRD, BET, 
and TGA have proven essential for understanding catalyst behaviour and 
the deactivation phenomena. A comprehensive analysis revealed that 
most experimental literature utilises multiple characterisation tech
niques to gain complementary insights into various aspects of catalyst 
morphologies, composition and surface properties upon deactivation. 
Furthermore, fluidised bed reactors are more suitable for industrial- 
scale applications when interpreting CMD. Consequently, extensive 
analysis has been conducted to understand the fluidisation characteris
tics, which focuses on the optimisation of temperature, superficial gas 
velocity, and particle size/density. Upon investigating various experi
mental reports, techniques for optimising each parameter were distin
guished, thereby enabling efficient operation of the fluidised bed 
furnace. However, scaling up fluidised bed reactors remains challenging 
due to mass transfer limitations. 

Finally, different fluidisation regimes were interpreted, with the 
bubbling regime appearing more promising for upscaling a fluidised bed 
reactor from both an experimental and modelling perspective. However, 
there is a lack of experimental studies that highlight using turbulent 
fluidised bed reactors when achieving high hydrogen yield from CMD. 
Although some studies have explored pyrolysis reactions in the context 
of CNT production, it is reasonable to assume that since CNT production 
has reached a commercial level, there is potential for utilising turbulent 
fluidised beds. Nevertheless, the scarcity of experimental studies 

investigating CMD using turbulent fluidised bed reactors can be attrib
uted to their non-commercial availability. Therefore, future efforts could 
focus on incorporating turbulent fluidised bed reactors into experi
mental studies. The data from such studies could then be used to 
extrapolate and compare with industrial-scale reactors. 

Industrial manufacturing of CNT is the closest and most similar 
technique to conventional methane cracking; thus, integrating these 
technologies is highly plausible and may prove successful. However, 
substantial expenses are incurred when experimentally testing the 
various CNT methodologies on methane cracking. Therefore, it is 
advisable to propose a computational fluid dynamic (CFD) simulation 
tool to design an optimally performing reactor using pre-existing tech
nologies. The hydrodynamics of fluidised bed reactors are known to be 
highly complex, necessitating an empirical design process. CFD software 
can enhance the reactor efficiency by optimising bed parameters, tem
perature, gas superficial velocity and particle characteristics. Nonethe
less, CFD simulations pose a challenge due to the requirement of 
experimental data for validation, which increases the overall cost. 
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[21] Sánchez-Bastardo N, Schlögl R, Ruland H. Chem Ing Tech 2020;92:1596–609. 
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