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ABSTRACT

Gas-liquid annular two phase flow in pipes is important in the oil and gas,
nuclear and the process industries. It has been identified as one of the most
frequently encountered flow regimes and many models (empirical and
theoretical) for the film flow and droplet behaviour for example have been
developed since the 1950s. However, the behaviour in large pipes (those with
diameter greater than 100 mm) has not been fully explored. As a result, the two-
phase flow characteristics, data, and models specifically for such pipes are
scarce or non-existent such that those from smaller pipes are extrapolated for
use in design and operation. Many authors have cautioned against this
approach since multiphase pipe flow behaviour is different between small and
large pipes. For instance the typical slug flows seem not to occur in vertical
upwards flows when the pipe diameter exceeds 100 mm. It is therefore
imperative that theoretical models and empirical correlations for such large

diameter pipes are specifically developed.

In this thesis, four new empirical correlations have been proposed that
exclusively model large diameter annular two-phase flow. They concern
interfacial friction factor, entrained droplet fraction in upwards flow; film
thickness and interfacial friction factor in downwards flow. In all four cases
experimental data obtained from the 101.6 mm diameter Serpent Rig flow loop
which consists of both upwards and downwards flowing sections connected by
a 180° U-bend, was used for model development. In order to screen the data so
as to limit to only those in the annular flow region, reconstructed images

obtained by a 32 x 32 capacitance wire mesh sensor (WMS) were used to



corroborate visual observations for flow regime identification. In the case of
obtaining circumferentially averaged film thickness measurements, conductance
probes were used. Comparisons made between these measurements and the

predictions of many published models produced unsatisfactory results.

Consequently, physical considerations were used to carefully select groups of
dimensionless numbers that capture the features of the flow and nonlinear
regression used to find the relationship between them. Statistical analyses
showed that the new correlations outperformed the previous ones in predicting
the large diameter data with the least mean errors. Therefore, the new
correlations can provide better closure relationships in numerical simulators
used for the design and operation of two-phase flow systems. This ensures that
better predictions of pressure drop/pumping requirements are made and for

heat transfer processes, boiling crisis or dryout is prevented.

Keywords:

Adiabatic two-phase flow, entrained droplet fraction, falling films, interfacial

friction factor, multiphase flow, pressure gradient.
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Chapter One

INTRODUCTION

1.1 Background

Annular two-phase flow in pipes has been identified as one of the most
frequently encountered flow regimes in practical applications that involve gas—
liquid two-phase flow. It is characterised by the occurrence of a continuous
liquid film flowing on the pipe periphery enclosing a central gas core carrying
entrained liquid droplets. Properly predicting the flow behaviour is crucial for
the safe and efficient design and operation of industrial heat transfer, oil and
gas pipelines and other process transport equipment. Common examples of
applications where annular two-phase flows are encountered include heat
exchangers, deep-water risers in hydrocarbon production, gas condensate
transport pipes, air conditioners, and steam boilers used in thermal and nuclear

power plants.

Due to a number of competing forces influencing its hydrodynamics, theoretical
analysis of annular two-phase flow is highly complex. The presence of inertial,
viscous, and gravity forces heavily influence the liquid film flow, while surface
tension forces and interfacial drag by the flowing gas flow affect the structure of
the gas—liquid interface. Entrained liquid droplets swept into the gas core distort
the hydrodynamics of the gas core since these droplets flow at a different
velocity than the surrounding gas and there is a drag exerted on them. Also, re-
deposition of these droplets can occur. Under steady state or equilibrium

conditions, the rate of droplet entrainment balances the rate of deposition



resulting in zero net mass transfer but not momentum transfer. These are
further complicated by the flow direction: co-current or counter-current upwards
or downwards flows. As shown schematically in Figure 1-1, the velocity of the
droplet laden gas core in upwards two-phase flow is always greater than that of
the liquid flowing along the pipe wall. This is due to the liquid being the denser
phase flowing against gravitational forces and can give rise to a highly irregular
interface in the churn—-annular flow regime. Conversely, in co-current
downwards flow; either phase can have the higher velocity. In cases of high
pressure systems, the compressible gas phase tends to travel at a faster
velocity thereby reversing the direction (and sign) of the interfacial shear forces.
All these considerations are the reasons why annular two-phase flows does not
easily lend itself to theoretical modelling (Levy, 1999; Tong & Tang, 1997) and
as such Cioncolini et al. (2009a) noted that investigators have resorted to

empirical modelling instead.

Gas flow . .m flow Gas ﬂOWT "iT'id fow Gas flow Liquid flow Gas flo
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Figure 1-1: Structure of annular two-phase flow in upwards and downwards
directions in vertical pipes (from Klausner et al. 1991).



Over the past five or so decades, there has been an enormous amount of work
carried out on upwards and downwards two-phase annular flow with air — water
being the two most studied gas-liquid combination, mostly using circular pipes
of diameter less than 100 mm. However, over the past two decades, several
investigators ((Oliemans et al. 1986); Kataoka & Ishii 1987;0mebere-lyari 2006;
Kaji & Azzopardi 2010; Lao et al. 2012; Schlegel et al. 2012) have noted that
the flow structure of flow in large diameter pipes (pipes with diameter > 100
mm) is different. For example, the conventional slug flow characterised by bullet
shaped Taylor bubbles does not manifest and instead, there is a gradual
transition from bubbly to churn flow. For such pipe systems, there is dearth of
data since the majority of data available and empirical models in the open
literature were developed from smaller pipes, which especially in the case
where highly turbulent systems are concerned, do not adequately model the
conditions in larger pipes of internal diameters greater than 100 mm. It is

therefore imperative to expand the knowledge to large pipe systems.

In this thesis, empirical modelling is used to study co-current upwards and
downwards air—water two-phase annular flow using data obtained from the
Serpent Rig, a 101.6 mm internal diameter flow loop at Cranfield University’s Oil

and Gas Engineering Centre.

1.2 Aim of study

To improve the understanding of wall film and droplet behaviour in co-current
vertical upwards and downwards annular flows in large diameter pipes by
performing carefully controlled experiments to collect data and evaluating the

accuracy of existing prediction methods.
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1.3 Objectives

The above aim of improving knowledge and evaluating the accuracy of existing
methods in vertical annular flow will be achieved by (a) collecting data:
experimental and secondary from the open literature; both for large and small
pipes (b) comparing small pipe correlation predictions with large pipe
experimental and literature data (c) deriving new correlations for large pipe data
or a combination of large and small pipe data. These will be done for the

following:

1. Falling film thickness in downwards annular flow

2. Interfacial friction factor in downwards annular flow

3. Interfacial friction factor in upwards annular flow

4. Entrained droplet fraction in upwards and downwards annular flow

5. Additionally, pressure gradient behaviour in downward co-current annular

flow in large pipes will be examined.

1.4 Structure of thesis

The remaining part of this thesis is divided into five chapters in the following

structure:

Chapter 2 presents a review of the relevant literature on gas — liquid two-phase
flows, particularly focussing on vertical flows. Specific attention was given to the
different modelling approaches that have been applied to vertical annular two-
phase flows which are theoretical, numerical, and empirical. Additionally, the

various empirical models that describe annular flow pressure drop, film



thickness, droplet fraction, and friction factor have been discussed vis-a-vis their

application in small and large diameter pipes.

Chapter 3 describes the flow loop facility used to carry out the experiments.
Descriptions of installed instrumentation (Wire Mesh Sensor, film thickness
probes, pressure sensors, etc.) are provided here, their principles of operation,

calibration, and margins of error.

Chapter 4 details the analyses carried out on the experimental data for
downwards two-phase flow. Comparisons are presented here for falling film
thickness and interfacial friction factor with literature models. Arguments are put
forward for the development of new correlations for large diameter pipes,
together with the development procedure and statistical analyses of the new
correlations. Also presented in this chapter is pressure behaviour in the top and

bottom halves of the downcomer.

Chapter 5 concentrates on upwards flow. Here, the data was subjected to
comparison also with the literature models and new correlations were proposed

for entrained droplet fraction and upwards interfacial friction factor.

Chapter 6 summarises the main conclusions drawn from the research work,
based on the analysis of the experimental data. Recommendations for future

work follow.



Chapter Two

LITERATURE SURVEY

2.1 Flow regimes in two-phase vertical flows

The study of multiphase flow and indeed two-phase flow over the decades has
been done via classification of flow structures otherwise known as flow patterns
or flow regimes. Classification into these flow regimes allows separate
treatment of each so that more and more accurate phenomenological models
can be developed. Historically, classifying two-phase flow regimes has largely
been done by visual observation of the flow during experimental campaigns

using transparent pipes.

: I A B 2
Bubbly Slug Froth Churn Annular Bubbly Slug Froth

(@) (b)
Figure 2-1: Regimes in gas-liquid two-phase (a) upwards (b) downwards flow
(from Bhagwat & Ghajar 2012)

Another way is by measuring and estimating fluctuations of the normal flow
variables such as gas void fraction (Jones & Zuber 1975; Barnea et al. 1980;

Vince & Lahey 1982; Costigan & Whalley 1997; Tsoukalas et al. 1997) or in



some cases differential pressure (Tutu 1982; Matsui 1984; Matsui 1986) which

inherently reflect the in situ flow regime.
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Figure 2-2: Examples of probability density functions of void fraction for bubbly,
slug, churn, and annular flow (From Omebere-lyari & Azzopardi 2007)

These methods make use of the peak values and shape characteristics of the
probability distribution function (PDF) and/or power spectral density (PSD) of
measured gas void fraction or differential pressure time series. For the PDFs of
the time series void fractions, single peaks are obtained for annular and bubbly
flows which correspond to the low and high gas void fractions. Bimodal PDFs
characterise slug flows such that there exists a high void value as a result of the

Taylor bubble and a low void value for the passing of the liquid slug body.

2.1.1 Flow regime maps

A flow regime map is a graphical representation when various known flow rates

or superficial velocities of each phase are introduced into the channel and the



flow pattern observed so that boundaries are produced for when one flow
configuration transitions to another. Different investigators have in the past
come up with various flow regime maps each differing due to the quantities
plotted on the axes and the flow direction (upwards, downwards or inclined).
Almabrok (2014) noted that not only have superficial velocities been used to
produce flow regime maps but also mass flow rates, mass fluxes, or
dimensionless numbers such as Reynolds and Froude numbers. Limitations to
the use of flow regime maps include the fact that flow regime transitions rather
than being sharp are gradual and fluid properties such as viscosity drastically

alter where transitions occur.

2.1.1.1 Vertically upwards flow regime maps

For vertical co-current gas—liquid two phase flow, several flow regime maps
have been proposed. These plot a variety of quantities on the vertical and
horizontal coordinates. While the use of dimensionless quantities is preferable
so as to nullify the effect pipe diameter and/or flow conditions, most of the
commonly used ones are dimensional, such as that of Hewitt & Roberts (1969)
and Taitel et al. (1980) for upwards flow which are in terms of the superficial
fluid momentum fluxes and velocities respectively.
a. Griffith and Wallis (1961) flow regime map

Using a 25.4 mm vertical pipe, Griffith & Wallis (1961) invoked a theory to show
that the dimensionless numbers Fr, = uj,/gD and ug,/ug,, (subscript m
denotes mixture) controlled the slug to annular flow transitions. As a result, they
arrived at a dimensional flow regime map (Figure 2-3) where the churn and

annular flow regimes are lumped together.
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Figure 2-3: Griffith and Wallis flow regime map

Taitel et al. (1980) noted that the theory is not complete in that no analytical
expression was derived for the transition curve such that the use of Griffith &
Walllis’ method for other regime transitions (e.g. bubbly to slug) is open to

question.

b. Hewitt and Roberts (1969)
The Hewitt & Roberts (1969) flow regime map was developed at the UK Atomic
Energy Authority at Harwell, using observations made in the 23.5 m long
LOTUS (LOng TUbe System) a 31.25 mm internal diameter vertical flow loop
for air—water studies. Simultaneous X-ray radiography and high speed flash
photography complemented visual observations for flow regime identification.
They also used previous data obtained using steam—water flow to arrive at a
flow regime map in terms of the superficial momentum fluxes of the phases

pyuz, and pu?, shown in Figure 2-4. Hewitt & Roberts remarked that the flow



regime map is limited in scope due to the small number of fluids used and the
flow conditions and that extension over a wider range of parameters will

improve its areas of application.
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Figure 2-4: Hewitt and Roberts flow regime map

Nevertheless, there seem to be little in the literature to suggest this has been

done and the original 1969 flow regime map is still very much in wide use.

c. Yamazaki and Yamaguchi (1979)

Yamazaki & Yamaguchi (1979) carried out experiments in both upwards and
downwards air—water two-phase flow using a 2-m long 25 mm internal diameter
glass tube. They produced flow regime maps for both orientations in terms of
the fluid mass flow rate per unit area (Figure 2-5). As expected, the bubbly flow
region is small which is consistent with that of other maps. Their flow regime

map never gained widespread use.

10



- 10000 . — —
™~
E
e
o B W- AN
5—; \
2
E 1000b—— - - - B B -
: 7\____
@ - -
e
s sL AN
k]
p | |
g | ; ] ] |
100
= 106, 1.0 1o 100

Mass flow rate of gas, Gg {kg/m?.s)

Figure 2-5: Yamazaki & Yamaguchi (1979) upwards flow regime map

d. Taitel et al. (1980)

(Taitel et al. 1980) observed that previous flow regime maps were arrived at
arbitrarily without recourse to any theoretical basis. They noted the existence of
dimensional and dimensionless regime maps further stating a common problem
from previous maps is their empirical nature with the absence of sound physical
models. Based on some theoretical arguments, they obtained flow regime
transition criteria for bubbly-slug, slug—churn, and churn—annular transition from
which they developed the flow pattern map (otherwise known as the Taitel &
Dukler flow regime map) shown in Figure 2-6.
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Figure 2-6: Taitel et al. (1980) flow regime map
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It is one of the most frequently used, the Taitel et al flow regime map is in terms
of the superficial velocities of both phases. They showed that experimental data
of other researchers carried out for 25 and 50 mm pipes were in good

agreement with their flow regime map.

2.1.1.2 Vertically downwards flow regime maps
a. Oshinowo (1971)

Oshinowo (1971) obtained a flow regime map for vertically upwards two-phase
flow in a 25 mm pipe with air and water as the working fluids. Liquid mass flow

rate was plotted against the gas mass flow rate on the horizontal axis.
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Figure 2-7: Oshinowo (1971) flow regime map

As shown in Figure 2-7 Oshinowo identified six regimes including coring-bubble,
bubbly-slug, falling film, falling bubbly-film, froth and annular flow regimes for
downflow. A deficiency of the flow regime map is the lack of a clear boundary

separating annular and falling film regimes at low liquid loading.

b. Yamazaki & Yamaguchi (1979) flow regime map

As stated earlier Yamazaki & Yamaguchi (1979) produced their (upwards and

downwards) flow regime maps in terms of fluid mass flow rate per unit area. An
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important feature of the map is the non-existence of bubbly flow. They
explained this on basis of bubble coalescence being rapid since flow and
buoyancy directions are opposite. Flow regimes observed are slug, wispy

annular, annular, and wetted wall flow in other words falling film flow.
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Figure 2-8: Yamazaki & Yamaguchi (1979) downwards flow regime map. Key: AN
—annular flow, SL — slug flow, W-AN — wispy annular, WW — wetted wall flow

Jiang and Rezkallah (1993) flow regime map

A downwards flow regime map was produced for vertical downward flow in a
9.25 mm diameter pipe by Jiang & Rezkallah (1993). For flow regime
identification, measurements of void fraction using a single beam gamma
densitometer calibrated against hold up from a quick shutting valve. Since they
carried out their experiments for both up and downflow, they were able to

observe that the latter expectedly produced larger void fractions.

13



Liquid superficial velocity, m/s

0.01

0.1 4

\* N Froth
™w,
¥ e -
’ N
R4 \
Bubbly - Slug I Annular
- 1
-
-

- /’
-
-\

- ~
N
\\
Falling film "
A"
1
) )
0.01 0.1 1 10

Gas superficial velocity, mis

100
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a. Bhagwat et al. (2012)

The flow pattern map of Bhagwat et al. (2012) was produced using observations

for air—water downwards flow in a 12.52 mm ID pipe. As can be seen from the

map illustrated in Figure 2-10, there is a large region for annular flow signifying

that annular dominates downward two-phase flow.
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Figure 2-10: Bhagwat et al. (2012) flow pattern map
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2.1.2 Evidence of difference in flow regime transitions in small and
large diameter pipes

The flow regime maps of the various authors outlined in the previous section
are obtainable in pipes of ID < 100 mm, the so called “small diameter pipes”.
Therefore their use for typical field applications where the pipes are at least 150
mm in diameter presents severe challenges since evidence suggests that flow

patterns and other parameters differ in small and large pipes.

Kataoka & Ishii (1987) studied experimental data for steam—water at various
pressures in large diameter 96 and 456 mm vertical tubes and observed
distorted bubbles which are not the conventional Taylor bubbles at conditions
where they occur in 22—75 mm pipes. They then proceeded to derive a drift flux
relationship for pool boiling void fraction in large channels. Cheng et al. (1998)
performed tests in a vertical air—water 150-mm diameter pipe in order to study
the churn —slug transition region. Their findings indicated that conventional
slugs did not exist in the fluid velocity ranges they would normally appear during
steady state operations. As a result, there was a gradual transition from bubbly
to churn flow. Ohnuki & Akimoto (2000) examined upward air—water two-phase
flow at axial L/D positions of 60 in a 200-mm diameter pipe and reported that
churn flow is the dominant flow regime under the conditions that slug flow exist
in small diameter pipes. Based on their observations, they categorised the
observed flow regimes to be bubbly, churn—bubbly, churn—slug and churn—froth.
Detailed wire mesh sensor visualisation studies by Prasser et al. (2003) in their
194-mm diameter TOPFLOW facility corroborates the absence of traditional

slug flow as previously observed. The works of Ali (2009) and Ali & Yeung
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(2014) were conducted in a 254-mm pipe and a distinct shift in the flow regime
map was established for the bubbly—churn transition as compared to previous

studies.

Other works (Kobayashi et al. 2004; Omebere-lyari et al. 2007; Ali 2009; Smith
et al. 2012; Schlegel et al. 2012; Ali & Yeung 2014) all highlight the differences
in flow behaviour between large and small diameter pipes. They have also
stressed that there is danger in tenuously extrapolating small diameter results to
predict large pipe behaviour because the complex interaction of the phases
alter flow regime transitions and result in the wrong use of phenomenological

models to for example predict pressure drop and holdup.

The foregoing has therefore led investigators to question the accuracy of
existing modelling tools and recommend that additional research to be
conducted with larger diameters. Furthermore, the availability of strong
experimental evidence has increased the impetus to extend detailed two-phase
flow knowledge to larger pipes where understanding and models are scarce or
where available, is not fully developed. Nevertheless, to date, very few detailed
models (physical and correlational) are available that exclusively apply to large
pipe two-phase flow. This is especially so for the annular flow regime where
large gas fluxes are required and are as a result expensive experiments to

conduct.
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2.2 Co-current annular two-phase flow

2.2.1 Churn-annular transition and the Wallis (1962) criterion for
annular flow

The churn—annular transition region has been found to be highly complex and a
thorough experimental observation by Hewitt et al. (1984) revealed a large
amount of interfacial activity and that the liquid film near the pipe wall partly
flows upwards and partly downwards under gravity (Owen 1986). As a result it
is highly oscillatory. Analysis of air-water data by Owen (1986) using a
dimensionless pressure gradient (AP*) plot against the dimensionless gas
velocity shows that within the churn—annular transition region is a minimum
dimensionless pressure gradient as shown in Figure 2-11. The dimensionless
gas velocity is given as

. 2-1
Ug = usg/ 9D (p — pg)

which is a modified Froude number, where ug, is the superficial gas velocity,
being the velocity of the gas as though it alone flows in the pipe. As can be
seen the turning point occurs at u; = 1. This is known as the Wallis criterion for
annular flow. (Wallis 1962b) carried out experiments in a 12.7 mm diameter
pipe with an air-water fluid combination and observed the churn—-annular
transition to occur at uy = 1 in both upwards and downward flow conditions.
(Hewitt 1986) explained that the change in slope of AP* in churn—annular flow is
as a result of a switch from a gravity dominated churn flow to a friction
dominated annular flow. Therefore ug; is a ratio of frictional (or inertial) to
gravitational forces and the minimum in Figure 2-11 occurs when these two

forces are equal.
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Figure 2-11: Variation of dimensionless pressure gradient with dimensionless
gas velocity for gas —liquid flow in vertical pipes (from Owen 1986)

Pressure gradient minimum has also been found by (Hewitt et al. 1965; Govan
et al. 1991) as indicative of the churn—annular transition. Hewitt et al. (1965)
have gone further to show that the minimum pressure gradient closely
corresponds to the condition of zero wall shear stress (t,, = 0). Also, they
showed that the film shear stress can be calculated using the universal velocity
profile using a representative average shear stress 7,,, rather than t,, on the
assumption that all the liquid in the pipe flows as a film at the minimum pressure
gradient. Additionally, Wallis (1962) and Barbosa et al. (2002) using similar
sampling probes for entrained droplet fraction measurement found out that a

strikingly similar profile is obtainable for the entrained fraction within the same
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transition region for air—water flows. It is therefore clear that different
hydrodynamics play out as churn flow transits to annular flow and as a result
accurate detection of this transition is imperative so the correct
phenomenological models are applied for property prediction. This is more so
for large diameter pipes where the location of this transition point has been
shown in the previous section, to differ from those of smaller pipes. However,
no indication in the literature has been found on whether the pressure gradient

minimum also occurs at u; = 1 for large diameter pipes.

2.2.2 Annular flow, flooding and flow reversal

Flooding is a phenomenon in vertical pipes that occurs for counter-current flow
of gas and liquid where the liquid flows downward and the gas upward
sweeping chunks of liquid along. This kind of flow configuration is encountered
in oil and gas risers associated with declining reservoir pressure that does not
provide enough head to transport the denser liquid phase. Such a situation is
depicted by (Hewitt & Hall-Taylor 1970) in Figure 2-12 where an initial falling
film under gravity is counteracted by an upward flowing gas. Gradually
increasing the gas flow causes waves to appear on the liquid surface, which are
carried upwards together with the gas. Consequently, this results in liquid
flowing beyond the injection point so that simultaneous climbing and falling film
flow occurs. Sufficiently high gas flow results in no falling film flow. Now
reducing the gas flow causes a point to be reached where partial downflow
occurs along the tube as well as maintaining the upflow. This point is known as

the flow reversal point.
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Figure 2-12: Flooding and flow reversal (from Hewitt & Hall-Taylor 1970)

Three probable mechanisms of flooding have been postulated in the past
namely: wave, droplet and film dynamics (No & Jeong 1996; Guo & Jeong
2014) . Alekseenko et al. (1985) explained that drop dynamics and film flow
dynamics mechanisms depend on local phenomena independent of channel
length and entrance geometry while wave instability has been experimentally
shown to be independent on those conditions. Thus wave instability is the more
plausible flooding mechanism such that small amplitude sine waves with
varying frequencies flowing downwards on the pipe walls compete to absorb the
kinetic energy of the flowing gas. Peng et al. (2010) suggested that the waves
with the quickest growth rates are converted to large roll waves. On the other
hand, No & Jeong (1996) remarked that the appearance of huge roll waves are

not always indicative of the onset of flooding, but their instability is.
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Flooding has been analysed using many models including empirical correlations
with the most widely used group of correlations being either of Wallis or

Kutateladze-type. The Wallis-type are as follows:

o = 22
where
e l P ]1/2 (2-3)
7 gD (o — pg)
= l P r/z (2-4)
= Uy |[————
b gp(p - py)
and the Kutateladze-type taking the form:
Ku;l/z + C3 " Ku;l/z == C4, (2_5)
where
2 1/4
. Pg l (2-6)
Ku, =u I—
7 ga(p - pg)
1 -
, [ p? l " @7
Kuj = ug [—F—=
go(p = py)

In the equations (2-2)-(2-7), us, and ugy are the superficial gas and liquid
velocities with p, and p; being their respective densities, o the surface tension,

D the pipe diameter, and g acceleration due to gravity. The constants C; — C4
are found by regression of flooding data and (Jayanti et al. 1996) note that the
constants are dependent on inlet/outlet conditions and pipe length. A large

majority of flooding investigators working with vertical tubes have correlated

21



their data based on the Wallis-type correlation (Equation (2-2)) while others
working with tube bundles used the Kutateladze-type model. The former type of
correlation involves the use of pipe diameter while the latter does not. As shown
in Figure 2-13 for representative liquid velocities, both correlations seem to give
close predictions with data from a pipe of 50 mm diameter. Values for C; and C,
are 1 and 0.88 respectively as obtained by Hewitt & Wallis (1963); and C3; and

C4 values of 1 and 1.79 obtained by Sun (1979).
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Figure 2-13: A comparison of required gas velocity for flooding as predicted by
the Wallis-type correlation (lines) and Kutateladze-type correlation (points) for
various pipe diameters. As can be seen there is agreement at a pipe diameter of
50 mm (from Jayanti et al. 1996)

Using the physical observations of the occurrence of incoherent waves in large
diameter pipes, Jayanti et al. argued that the wave mechanism cannot be
responsible for flooding in large pipes. This is due to the fact that as incoherent
waves do not occupy the whole pipe periphery, gas flow cannot exert as much
form drag on the wave as when coherent ring-type waves are formed all-round

the pipe circumference. However, in such large tubes, large amplitude waves
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that form over parts of the circumference would be sources of droplets which
are usually ripped off the peaks of the waves thus causing flooding. As a result,

the droplet mechanism may be responsible for flooding in large diameter pipes.

2.3 Droplet entrainment in annular two phase flow

2.3.1 Entrainment mechanisms

A distinctive feature of annular two-phase flow is the complex pattern of gas—
liquid interfacial waves which in certain flow conditions are presented as so-
called disturbance waves. These disturbance waves have long been considered
to be a source of droplet entrainment though the behaviour is still not fully
understood. However, based on visual observations, several mechanisms have
been proposed by which this occurs (Hewitt & Hall-Taylor 1970); these include :

disturbance wave breakdown by way of “undercutting”, “rolling”, and bubble
breakup. In Figure 2-14a, flowing gas undercuts the wave such that a round
liquid bead begins to form. The neck of the developed bead elongates to a point
where it breaks up into droplets. Droplet entrainment by roll wave breakup on
the other hand occurs when a large disturbance wave on a shallow liquid film
becomes steep along the gas flow direction forming a tip which breaks up into
droplets as shown in Figure 2-14b. Liquid breakup leading to entrainment may
also occur by a release of bubbles on the gas-liquid interface Figure 2-14c.
Pioneering work on this phenomenon was carried out by (Garner et al. 1954;
Newitt et al. 1954) in that bubble breakup can occur in one of two ways: gas jet

breakdown for small bubbles and bubble collapse for larger bubbles. Low

surface tension; and liquid viscosity give rise to smaller bubbles being formed.
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The presence of wetting agents reduces the amount liquid droplets entrained by

bubble breakup as well as the production of smaller droplet sizes.
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Figure 2-14: Entrainment mechanisms a. Roll wave b. Wave undercutting c.
Bubble burst d. Liquid impingement (Kuo & Cheung 1995)

Lastly, droplet entrainment by liquid impingement occurs when comparatively
large liquid droplets impinge on the surface of the liquid interface resulting in
further entrainment of lesser droplets (Figure 2-14d). (Kuo & Cheung 1995) also
note that an advancing roll wave may also cause the production of smaller

droplets by impingement.

These mechanisms of entrainment lead to a decrease in amplitude of the
disturbance wave as the gas flow increases, therefore resulting in a reduction in
the thickness of the liquid film as the droplets are entrained. Also, for a given
gas flux, droplet deposition occurs from the gas core to the liquid film and a
dynamic equilibrium is established between droplet entrainment and deposition

hence keeping the liquid film flow rate fairly constant at the specified gas flow.
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2.3.2 Onset of droplet entrainment

The onset or inception of droplet entrainment is the point at which the first liquid
droplet tears from the surface of the liquid after a small change in gas or liquid
flow rate (Hewitt & Hall-Taylor 1970). When the gas phase flows over the liquid
film, the interface becomes unstable with increasing gas velocity due to the
Kelvin-Helmholtz Instability. At adequately high gas flow rates, these interfacial
waves transition into large amplitude disturbance waves. A point is reached
where the shear forces at the gas-liquid interface dominate the competing
surface tension forces within the liquid, culminating in droplets being torn off
and entrained in the highly turbulent gas flow. Thus, the Weber number is
widely used to study this phenomenon since it expresses these competing
forces as follows:

_ pu?D (2-8)
Y

We

Frohn & Roth (2000) noted that the Weber number is particularly useful where
strongly curved surfaces are involved such as in pipes. Experimental
observations by (Wicks & Dukler 1960) found that a critical Weber number
(We,,) of 22 is required for the inception of droplet entrainment. They developed
a correlation based on the Martinelli parameter X and We.. which (Ishii &
Mishima 1989) remarked had reasonable agreement with experimental data but

noted its limitation of application due to its dimensional nature.

(Ishii & Grolmes 1975) studied the onset of entrainment, reporting a critical

liguid Reynolds number (Re;.) of 160 for horizontal and vertical upflow. By
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making a force balance on the crest of a hypothetical liquid roll wave (Figure

2-15) they proposed an inception criterion as follows:
“r |(82) > 11.78N28Re; M for N, < 1/15

and

Hilusg Pg -1/3
e /(pl) > 1.35Re; */* for N, > 1/15

Where the viscosity number N, is defined as

1/2
N, = w/(poya/glp)
while the superficial liquid Reynolds number is defined as

_ plusgD
My

€

(2-9)

(2-10)

(2-11)

(2-12)

A point is reached, which they called the “rough turbulent” regime, where the

critical gas Reynolds number is independent of the liquid Reynolds number and

occurs at Re; < 1635. (Ishii & Mishima 1989) noted the good fit with

experimental data and also the significant scatter around the criterion. They

argued that since there are a lot of droplets along the interface, a modification of

the gas core inertia is required so as to take into consideration the droplet

inertia.
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ENTRAINED DROPLET

ROLL WAVE

Liguitr FiLm

Figure 2-15: Ishii & Grolmes (1975) roll wave entrainment force balance

Despite this shortcoming and the existence of other criteria proposed by other
investigators (such as Wallis 1962; Zuber 1962; Jensen 1971; Kutateladze
1972), it however remains the most complete and well tested criterion against a

large number of experimental data (Kuo & Cheung 1995; Sawant et al. 2009).

2.3.3 Existing empirical models for entrained droplet fraction

2.3.3.1 Paleev and Filippovich (1967) model

One of the earliest published correlations for entrainment fraction is that of
(Paleev & Filippovich 1966). They indirectly measured the entrainment rate by
withdrawing the liquid film in a 40 mm pipe through an “absorbing surface” of 33
mm ID, and measuring the resulting amount of liquid collected. The fraction of

liquid withdrawn (m,f/m,;) was then correlated with the dimensionless group

2
ﬁ(%) which is a product of the Ohnesorge and gas Weber numbers,

p1
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dimensionless numbers that describe the interaction between gas and liquid

droplets in a spray nozzle.

10 fmm .
O—:'k A a x
Q Vo ¥ lx e
» R a
3 .qu A v 9
: . N
vf‘ Ter
. a,
e e - O b
I
v 2 B2
: : 1’ "A\ AA
N

. O~ | ; - , '\&
mlf ! A

'._.._._...._‘_.._.__ ‘o I._.;.

X - 4 .
" -5 1 \
i V-6 i E
10 00
E(.ulUsg)z
P\ O

Figure 2-16: Paleev and Fillipovich (1967) correlation between m,¢/my; and

2
p/p,(musy/0)” (Data: 1-Armand 1964; 2-Hujghe & Mondin 1961; 3-Collier &
Hewitt 1961; 4,5-Paleev & Filippovich 1966 (16mm, 27.7mm ID pipe); 6-Magiros &
Dukler 1961)

Paleev and Filippovich obtained the following correlation which corresponds to

the line in Figure 2-16:

(2-13)

m O Ugg 2
—Y = 0.985 — 0.44log [pﬁ (“ing) x 104]
L

m,

(2-14)
iy (-1 /1)

Fpgusg

Where p = pg [1 +

Where m;; and m,; are the liquid film and total liquid flow rates while F is the

pipe cross-sectional area. They noted the large amounts of scatter in their plot
and attributed it to possible complexities in the different methods the various

data were obtained, and that the data comprises of both horizontal and vertical
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flow. Figure 2-16 shows fairly good agreement with the data, however, the
effects of pipe diameter and liquid Reynolds number have been neglected.

Wallis (1968) however found that the scatter can be greatly reduced by

correlating with pg/pl(/{quSg/J)2 instead of ﬁ/pl(,ulusg/a)z. Nevertheless, Ishii
& Mishima (1989) noted that the dimensionless gas flux Wallis used for the
onset of entrainment suggested that the effect of liquid viscosity is more

complicated than that predicted by their correlation.

2.3.3.2 Oliemans et al (1985) model

(Oliemans et al. 1986) developed a correlation, Equation (2-15) using 727 data
points from the Harwell Databank. The model contains 10 regression constants
Bo — By as shown in Table 2-1 such that the estimate for each constant is given
based on the liquid film Reynolds number interval.

(2-15)

e
(1 — e) = 10ﬁ0pl 1p52‘uf3'u§40'35Dﬁ6u§l7uf§gﬁ9

A restriction on the values of the parameters of the correlation is that the right
hand side constitutes a dimensionless group. The liquid film Reynolds number
is defined as:

(2-16)
Rey = (1 —e)(1 —x)mD/py

Where m; is the liquid mass flow rate. Since the values of each parameter
depends on the liquid Reynolds number (itself a function of the entrained
fraction e) an iterative procedure is required to calculate e. To achieve this, a
first order estimate for e is obtained using the values of B, — 5y for all data

points independent of Reynolds number.
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Table 2-1: Parameter estimates for Oliemans et al correlation

All data points
Corresponding ———— e Parameter estimates film Reynolds number intervals
physical Parameter  Standard
Parameter  quantity estimate error 100-300 300-10°  10°-3 x 107 3x 10°-10*  10*-3 x 10* 3 x 10°-10°
Bo Intercept —-2.52 0.40 —-0.69 -1.73 —3.31 —8.27 —6.38 —0.12
B L 1.08 0.05 0.63 0.94 1.15 0.77 0.89 0.45
B, Po 0.18 0.06 0.96 0.62 0.40 0.7 0.70 0.25
8, I 027 0.04 —0.80 —0.63 -1.02 —0.13 —0.17 0.86
B, Yo 0.28 0.11 0.09 0.50 0.46 118 —0.55 ~0.05
Bs o —1.80 0.08 —0.88 —1.42 -1.00 -0.17 —0.87 —1.51
B D 1.72 0.05 245 2.04 1.97 1.16 1.67 0.91
By LS 0.70 0.03 091 1.05 0.95 0.83 1.04 1.08
B Vs 1.44 0.05 —0.16 0.96 0.78 1.45 1.27 0.71
By 2 0.46 0.03 0.86 0.48 0.41 -0.32 0.07 0.21
No. of points 727 40 206 224 76 102 74

This estimated e is then used to calculate the Reynolds number, the values of
the parameters are then obtained from Table 2-1 and e updated. This is
converges in 2 or 3 steps. The iterative nature of the correlation may make it

cumbersome for use in some flow codes.

2.3.3.3 Ishii & Mishima (1989) model

A correlation was developed by (Ishii & Mishima 1989) in terms of the
superficial liquid Reynolds number a modified Weber number (p, us,/
D)(Ap/pg)1/3 which they termed an “effective Reynolds number for entrainment”
as follows:

e = tanh(7.25 x 1077 We'25Re?%) (2-17)

They identified two different regions of entrainment namely the entrance and the
quasi-equilibrium regions. Equation (2-17) applies to the latter region where the
entrainment rate is balanced by the droplet deposition rate back to the liquid
film. In deriving the correlation, they used an exponential relaxation function to

determine the axial distance from entrance where this occurs.
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2.3.3.4 Hewitt and Govan (1990) model

A non-equilibrium phenomenological model for annular flow was developed by
Hewitt & Govan (1990) using air—water, air—hydrocarbon and steam—water data.
This model can be used for phase change systems and also applies to
developing flow near the entrance region:

0.316 (2-18)

: oy . . Dp . .
E = 5.75 x 10™>my | (1 — mlfC)Za_pg for iy, > 1iyp,

Where E is the entrainment mass flux (in kg/m?s), m, the liquid mass flux and
m,rc the critical liquid mass flux at the onset of entrainment. They obtained a

relationship for m; g as follows:

. 28] Hg |P1
m;r = —exp| 5.8504 + 0.4249 — |—
LF =7 p 0 ’P‘g

2.3.3.5 Pan & Hanratty (2002)

(2-19)

Using the air—water data of (Andreussi & Zanelli 1979; Schadel et al. 1990;
Lopez de Bertodano 1998) in 24, 25.4, 42 and 95.3 mm pipes, (Pan & Hanratty
2002) developed a linear relationship between the entrained fraction and a
dimensionless parameter as follows:

(2-20)

e/ey

2
_ 0.5
T olos . =6x10 5(usg - ugc) (pgpl) D/o

Where u, is the gas core velocity. ey =1 — /1y such that mc.and my,
are the critical liquid film flow rate above which entrainment occurs and the

liquid film flow rate. It should be noted that e = 0 when us,; < u, or m; < 1.
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2.3.3.6 Barbosa et al (2002)
Barbosa et al. (2002) observed that there is a scarcity of data on flow
parameters in the transition region between churn and annular flow. In order to
address this deficiency they carried out adiabatic air—water experiments in a
vertical tube 10.8 m long having ID of 31.8 mm. An isokinetic probe was used to
measure the entrained liquid droplet fraction at system pressures between 1.7
and 5 bara. The range of Ug values covered is 0.012-0.33 m/s. With the
measurements they carried out, an empirical correlation was proposed for the
prediction of entrained liquid fraction at the onset of annular flow. It is as follows:
(2-21)
pimy

e =095+ 342.5 [—— D?

PgMy

The validity of Equation (5-16) is for 0.9 < u; < 1.3 where ug; = ug, /ﬁ ~
g~ Fg

1 at the onset of annular flow; 11 < 1, < 334 kg m? s™. Barbosa et al. noted
that data from (Wallis 1962a; Verbeek et al. 1993; Fore & Dukler 1995) from
tubes of 50.8, 50.8 and 12.7 mm ID were also well correlated with Equation

(5-16).

2.3.3.7 Sawant et al (2008, 2009)

A porous wall feature was used to measure E by (Sawant et al. 2008) in a 9.4 m
vertical pipe. Building on the work of (Ishii & Mishima 1989), they correlated air—
water data using Ishii & Mishima’s modified Weber number, the liquid Reynolds
number and the “limiting” entrainment fraction:

(2-22)
e = eptanh(2.31 x 10~*Re; 23 Wel25)
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(2-23)
Wheree =1 — Relf’lim/Rel

Reyf 1im is the limiting liquid film Reynolds number which is a function of Re;. As
this suggests an iterative solution and the absence of satisfactory relations for
Rejr1im, Sawant et al. (2008) correlated it with the superficial liquid Reynolds
number Re; as follows:

(2-24)
Relf,lim = 250 ln(Rel) — 1265

They cautioned the use of Equations (2-22)—(2-24) for fluids with surface
tension and viscosities very different from air and water as this could introduce

errors with unknown effects on the prediction of the transition criteria.

An improvement was proposed for Equation (2-22) by (Sawant et al. 2009) to
include additional data collected for air — water and Freon-113 in 9.4 and 10.2
mm ducts and also to account for minimum liquid film flow rate at the maximum

entrainment fraction as follows:

- - 0.95
_ (1 _ 13Ng* + 0.3(Re; — Ng*°) >

- Rel (2-25)

X tanh(2.31 x 107*Re; *35(We — We,,)1?°)

1/2
Where N, the viscosity number is defined as N,; = ,ul/<pla /ﬁ) and We,, is

the critical Weber number at the critical velocity preceding entrainment.
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2.3.3.8 Cioncolini et al (2010, 2012)

An experimental database containing 1504 data points was utilised by
Cioncolini & Thome (2010) for the prediction of entrained liquid fraction in
adiabatic gas-liquid annular two phase flow in vertical pipes. The database
comprises of 8 different gas—liquid combinations and 19 different pipe diameters
ranging from 5 to 57.1 mm. They correlated the entrained droplet fraction with a
droplet laden core flow Weber number only and arrived at the following
equation:

(2-26)
e = (1+ 13.18We;0655)=1077

Cioncolini & Thome argued that the strong connection of wall shear stress/
associated frictional pressure gradient with We. makes it a controlling
dimensionless group for correlating entrained droplet in dispersed annular two-

phase flow. Where

, (2-27)

— pCu'C DC

¢ o
D, is the core diameter, p, is the core flow viscosity given by
(2-28)
pe =1 —e)p + €cPyg

The core void fraction ¢, is given by

(2-29)

€
gc_1+y(1—e)

Where
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2-30
. (2-30)

1-¢ x p

Y =E

And the core flow velocity

(2-31)

[x + e(1 —x)]m, /D \?

Ve = %)
Pc D,

As can be seen, p. and U, are functions of e hence an iterative solution is

required.

Because of the complicated nature of prediction using Equations (2-26)— (2-31),
and in order to increase the range of prediction, (Cioncolini & Thome 2012)
developed an improved correlation now including data from evaporating flows
and non-circular channels. The number of data points used increased to 2293
obtained from 38 different literature sources. They have now defined We. as
follows:

3 M (2-32)

e
¢ o

The new correlation now becomes:

(2-33)
e = (1 + 279.6We; 0839%)=2209

And a simple predictor-corrector method was used to implement the
calculations required to obtain E, since E and We_. are dependent on each

other.
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Table 2-2: Summary of literature correlations on entrained droplet fraction

Investigator(s) Pipe Fluids Pressure Reg Rey Minimum  Flow Number )

diameter (bar) range range L/D direction* ofdata  Correlation

ranges points

(mm)

; ; - 2
Paleev & 33 Air/water 40 1 ™ _ 0,985 — 0.441og [ﬁ (ﬂL_Usg) % 104]
Filippovich y oL\ o
(Paleev & o
Filippovich where p = pg [1 + M-ty /i)
1966) Fpgiisg
Oliemans et 9.3-31.8 Air/water, 1-100 72— Laminar/ 200 1 727
al (Oliemans air/ethanol, 99600 turbulent (:E) = 10Fop, 1p52uf3u§4UBSDﬁﬁuffuf;gB" where By — Bo
etal. 1986) z?re/ag]r/} \|I<V|2tneer’ are regression constants depending on film Reynolds
g number ranges
Ishii & 9.5-15.6 Air/water 1-2.7 318 - nla Tl n/a
Mishima (Ishii 6350 E = tanh(7.25 X 1077 Wel?5Re?5)
& Mishima
1989)
Hewitt & Air/water, n/a 1 n/a . e ) ) , Dpy |03 . .
Govan (Hewitt air/hydrocarbon, E =575x107"m, [(mlf — Myge) a_pg] for rius > riyse
& Govan steam/water u w7
1990) where m;r = “2exp( 5.8504 + 0_4249_9\/1
D Hi Al Pg
Pan & 10.6 —57.2  Air/water, n/a 7580— 20 - nla 1 n/a )
Hanratty (Pan Freon/Freon, 65340 12900 E/EM_ _ ¢ 10-5(U.. — U °5h 6
& Hanratty helium/water, 1-E/Ey (Usg = Use) (popr) "D/
2002 air/genklene
) 9 where Ey = 1 — miyec /1y

Barbosaetal 31.8 Air/water 1.3-5 4000- 380 - 283 i 33
(Barbosa et 9500 10500 E =095+ 342.5 |2 p2 for 0.9 < U; < 1.3
al. 2002) Pgmg
Sawant et al 9.4 Air/water 1.2-4 345 110- n/a i 66
(Sawant et al. 2670 1140 E = Eptanh(2.31 x 10™*Re; *35Wel25) where

2009)

Em =1- Relf,lim/Rel and Relf‘“-m =250 ln(Rel) — 1265
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Sawant et al Air/water, 1.2-69 345- 110- 400 1 n/a

(Sawant et al. helium/water, 29100 1140 13N,Iz°'5 +0.3(Re, — N,;l°'5)0'95
2008) air/genklene, E=(1- R
e
steam/water,
Freon x tanh(2.31

X 107*Re; %35 (We — We,,)125)

1/2
Where N, = #z/(PlU /#)

Cioncolini & 9-95 Air/water, 1-70 111- 8700- n/a 1T1l— 1504
Thome steam/water, 266000 14000 E = (1 + 13.18We;0655)~1077
(Cioncolini & air/ethanol, X
L‘UCDL‘
Thome 2010) R113, R12, where W, = pT' pe=0—¢e)p + EcPg » Ec = ﬁ ,
He/water, £ 1-xp 4
y =B and

air/genklene
U - [x+E(1 —x)]mt<D)2

[

Pc D,
5t057.1 Air/water, 2293 E = (1 + 279.6We;08395)=2:209
air/ethanol,
He/water, where We, = pﬁz:gn

air/genklene
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2.4 Modelling annular two-phase flow

Multiphase flow modelling approaches are generally classified into three
categories namely: Empirical, mechanistic, and numerical (Taitel 1994).
Mechanistic models estimate physical phenomena by considering the most
important processes and neglecting other less important effects that can
introduce complications without necessarily improving accuracy. Numerical
methods aim to find rigorous solutions of the multidimensional Navier—Stokes
equations, and empirical approaches make use of experimental data to find
relationships between dimensionless groups. Numerical methods can give rise
to detailed information of the flow such as dynamic and spatial distributions of
the respective fluids, flow regime transition and some measures of turbulent
effects; they are usually computationally expensive even for simple geometries
and solution times can run into days or weeks. As a result, numerical methods
are not suitable for day to day engineering operations; rather, they are more
amenable for design. Conversely, the use of empirical correlational approaches
to multiphase and indeed annular flow is popular. This method involves finding
the functional relationship between dimensionless groups such as Reynolds
and Nusselt numbers using experimental data. Zhao (2005) noted that excellent
results can be obtained using this method, but drawbacks include the validity of
correlations being limited to the data range and the fact that this method does
not take into account much detail concerning the physics of the flow. The
division between the various modelling approaches is not always clear cut as

observed by (Taitel 1994). Also, all these methods complement each other for
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example, correlations are usually required as closure relationships in

mechanistic and numerical models.

2.4.1 Empirical modelling

Many correlations exist for the prediction of pressure drop and liquid holdup in
two-phase flow. The most widely used are those of (Hagedorn & Brown 1965),
(Duns & Ros 1963), (Aziz et al. 1972) for vertical pipes; (Lockhart & Martinelli
1949) for Horizontal pipes; and (Beggs & Brill 1973) for inclined pipelines.
These empirical correlations were derived based on the general momentum
equation. The general pressure gradient equation for 1-dimensional steady

state flow can be written as (Brill 1987; Brill & Mukherjee 1999):

dpP fnPmVin dvp, (2-34)

i Pmg Sinf + D +memE

The right side of the equation consists of three components: the pressure
gradient due to potential energy (the static pressure gradient), frictional loss and
kinetic energy changes respectively; where the subscript m denotes “mixture”.
For two-phase flow, the definition of fluids properties causes many problems. If
phase “slip” (slip is with regards to the different velocities both phases travel) is
taken into account, the liquid holdup should be known initially. This is defined as
the volumetric ratio of the pipe segment occupied by liquid to that of the whole
pipe segment. Therefore, liquid holdup is a very important parameter in
pressure drop estimation, specifically in the case of vertical flow due to the
effect of gravity. Usually, the friction factor is calculated using the standard

Blasius correlation for single phase flow. In the past, mixture velocity was
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calculated using the inlet gas—liquid ratio. Later, in order to improve accuracy,

slip and/or flow pattern were also taken into account.

The Lockhart and Martinelli correlation (1949) related the two-phase pressure
gradient with the single-phase gradient by a correction factor. This approach
was instead of directly evaluating the friction factor. Analytically, (Taitel & Dukler
1976) demonstrated that the holdup and dimensionless pressure drop for
stratified flow were unique functions of the Lockhart-Martinelli parameter X
under the assumption that the ratio of gas friction factor at the pipe wall to that
at the gas-liquid interface was constant. This assumption was shown to be
consistent with experimental data. Recently, not many correlations have been
developed for liquid holdup prediction, flow regime transition and pressure
gradient. Instead, some of the earlier correlations were modified for new

applications. A few instances follow.

Chien (1990) collected wet steam flow regime data in horizontal pipes and using
Taitel & Dukler's method, predicted regimes for two-phase flow. Abdul-Majeed
(1993) developed a new liquid holdup correlation for all pipe inclinations and
flow regimes. Bilgesu & Ternyik (1994) developed a new multiphase flow model
for vertical, inclined, and horizontal pipes and wellbores using a modified Beggs
and Brill (1973) method. Two new correction factors were introduced which
were correlations from experimental data in order to modify the holdup
correlation. The first equation considers pressure changes along the pipe while
the second was developed as a simple function of two-phase Reynolds number.
Friction factor is another important parameter that enhances pressure drop

predictions. Recent correlations may be classified into those that derive two-
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phase friction factor based on homogeneous fluid properties (e.g. Klausner et
al. 1991; Dalkilic et al. 2008; Cioncolini et al. 2009b) and those focussed on the
interfacial friction factor (e.g. Asali et al. 1985; Fukano et al. 1991; Fukano &
Furukawa 1998; Fore et al. 2000). All these were arrived by regressing a lot of
experimental data for air/water, steam/water, air/oil, air/glycerol,

water/hydrocarbon, and refrigerant mixtures.

Artificial neural network methods are being increasingly applied to a large
number of real world problems of substantial complexity including multiphase
flow regime identifiers. They are excellent pattern recognition tools and robust
classifiers with the ability to come up with generalized descriptions of seemingly
random input. Examples of such are (Cai et al. 1994; Ternyik et al. 1995a;
Ternyik et al. 1995b; Tsoukalas et al. 1997; Osman 2001; Tambouratzis &
Péazsit 2009; Tambouratzis & Pazsit 2010; Liu & Zhang 2010; Bar et al. 2015).
Cai et al. (1994) applied a self-organizing neural network to identify flow
regimes in horizontal air-water flow. Ternyik (1995a, 1995b) utilised artificial
neural networks for the combined prediction of liquid holdup, flow regime,
pressure drop and optimal design of pipelines under multiple circumstances.
They maintained that the fundamental problem with conventional approaches is
the inherent sequential rather than parallel information processing methods in
correlation development. They claimed this method performed better than
traditional correlations. Osman (2001) developed a new model for identifying
different flow regimes and predicting the holdup of horizontal gas-liquid flow.
The model was based on a three-layer back-propagation neural network

algorithm. The model well classified slug, annular, and stratified flow. Osman’s
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showed that removing liquid holdup from the neural network inputs did not bring
about a huge loss of accuracy. Tambouratzis & Pazsit (2009, 2010) used ANN
by feeding neutron radiography images of coolant two-phase flow for regime
identification. Features of the photographs were extracted and fed as input to an
ensemble of self-organising maps whose outputs demonstrate quite quickly,
accurate regime classification. Artificial neural networks are adaptive; they learn
from the data and simplify things learned. They extract the essential
characteristics from the numerical data instead of memorizing all of it thereby
offering a convenient technique of data reduction in addition to providing an
implicit model without having to obtain a conventional, physical model of the
fundamental phenomenon. Contrary to traditional models, which are rich in
theory but poor in data, the neural networks are rich in data but poor in theory in

that little or no previous knowledge of the system is required.

2.4.2 Mechanistic modelling

Mechanistic models for two-phase flow have been constructed for many
phenomena such as film thickness in annular flow, bubble translational velocity
in bubbly and slug flow, and of course pressure drop. (Kosky 1971) derived an
expression for liquid film thickness from Prandt’s 1/7" power law velocity
profile:

ut = 8.74y%7 (2-35)
Where u* is the velocity parameter defined as u*™ = u./p/t , with u and t being

the liquid film velocity at distance y* from the wall, and 7 the shear stress within

the liquid film; y* is the friction distance parameter given by y* = (py/u)+/p/T .
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The mass flow rate per unit wetted perimeter of the thin liquid film is

approximately given by

t
g = pi [ wdy (2-36)
0
where t is the liquid film thickness. From definition, the liquid film Reynolds

number is given as Re;; = 41y /u; and combining it with Equation (2-36) yields:

t

Rejr = 4f ut dy”* (2-37)
0

Now substituting Prandtl’s 1/7" law velocity profile law for turbulent films where
Re;r > 1000 or t* = (%t) \/% > 25, into Equation (2-37) and integrating gives the

model for predicting the dimensionless liquid film thickness explicitly as a
function of Re;; as follows:

t™ = 0.0504 Re;?"° (2-38)
It is noted that though Kosky’s film thickness model is mechanistic, it is still

dependent on an empirical velocity profile.

A common mechanistic model that has been used for pressure and holdup
prediction by many investigators is the two fluid model where the liquid and gas
flowing in the pipe are treated as two different fluids with focus on average
guantities for the parameters. This is a simplified form of the Navier —Stokes
momentum equations and in the one-dimensional transient form, it is as follows

(Taitel 1994):

Momentum equation for the liquid phase:
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0 d -
T (plAuy) + EP (pAjuf) — LAU

. 0 94, (2-39)
= —15 + 7,5 — p1A,gsinb — E(plAl) + P, 97
And that for the gas phase:
0 (0atsts) + (i) = 1,40
ot Pgfiglg 0z PglglUy g ; (2-40)
= —TgSg + 1,5; — pgAggsing — &(pgAg) + Rga_zg

Where I is the rate of gas or liquid produced per unit volume; I > 0, U = U, for
condensing flows I' < 0, U = U, for evaporating flows such that I; =—Ij, and
I' = 0in adiabatic conditions. S;, S;, and S, are respectively the perimeters of
the gas-liquid interface, liquid—pipe wall, and gas—pipe wall boundary (for

stratified flow).

Another approach of the multi-fluid model also exists where a third equation is
added to Equations (2-39) and (2-40) for the droplet phase. This approach is
useful where significant amounts of droplets are entrained in the gas core and is
the common practice with nuclear reactor core thermal hydraulics modelling.
Investigators such as (Stevanovic & Studovic 1995; Alipchenkov et al. 2002;
Stevanovic et al. 2007; Alipchenkov et al. 2004; Mikielewicz et al. 2011) used
this formulation. (Bendiksen et al. 1991) extended this method for use in the oil

and gas industry and is the basis for the flow simulator OLGA.

Despite significant simplification, (Taitel 1994) remarked that the use of the two
or three fluid model for the solution of practical problems is difficult. The most
severe problem is that it needs as an input geometrical estimations and

constitutive relations (empirical correlations) that relate the shear stresses to the
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local velocities. These relations depend on the flow regime. Furthermore, other
basic mathematical problems with the model exist as the formulation is not

always well posed.

Simplifications of the multi-fluid model are in widespread use for annular and
stratified flow patterns. (Oliemans et al. 1986; Shoham 2006; Vieira et al. 2015)
used a steady state version for the annular flow regime where the time
derivative vanishes, inclination angle 6 is 90°, I' = 0, and single phase gas core
flow with no entrainment is assumed. The result is a version of the two-fluid
model that has been used by many investigators (Taitel & Dukler 1976;
Oliemans et al. 1986; Xiao et al. 1990; Alves et al. 1991, Taitel 1994; Gomez et

al. 1999; Petalas & Aziz 2000; Vieira et al. 2015); it is given as:

apP
—4, <E>z TSt TS+ pAdg =0 (2-41)
apP
—A <E>g —T;5; + pglgg =0 (2-42)

In order to improve the accuracy of pressure drop estimations, other
researchers account for droplet entrainment albeit not as a separate phase but
as part of a homogeneous core mixture consisting of averaged liquid droplet
and gas phase densities. Following this approach, Equation (2-42) is replaced

with:

opP
~4c(52) — TS+ pedeg =0 (0-43)

Cc

Where p. = pge + p, (1 —¢), with ¢ being the void fraction, is the form of

homogeneous core density favoured by most authors. Others like (Cicchitti et

al. 1960; Ghajar 2005) prefer the reciprocal mean homogeneous density:
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pi=pi+(1p;€). A common assumption made is that the pressure drop is
c g l

constant at each axial cross-section. This equates the gas phase or core
pressure drop with that of the continuous liquid phase hence eliminating the
pressure term in Equations (2-41) and (2-43) yielding a combined momentum
equation. For annular flow this takes the form:

S

1 1
—T;5; (_+ —) + (P = PG — Twg T 0

A, A, (2-44)

Where t,, and 1; are the wall, and interfacial shear stresses respectively defined
as follows:
1 2
Tw = Eflplulf (2-45)

1 2
T = Efipcuc (2-46)

The liquid friction factor f; is calculated using the correlation of Blasius:

fi = 0.046;Re;*? (2-47)

__ piuyy 4t(D-t)
2] D’

Where the liquid film Reynolds number Re;f t being the liquid film

thickness assumed uniform. From mass balances, (Vieira et al. 2015) showed
that the film velocity can be determined from the superficial liquid velocity, liquid
film thickness and droplet entrainment fraction (e) as follows:

ulez (2'48)

The inferfacial friction factor is also estimated by Blasius equation using a core
flow Reynolds number calculated based on the core velocity:
fi = 0.046,Re; % (2-49)

Also, the core velocity is similarly calculated:

46



_ (ug +ugge)D? (2-50)
=TT o2

_ PcUc

Where the liquid film Reynolds number Re, = . In many cases, the gas

HUc

velocity has been used in place of the core flow velocity, but with the core

density and viscosity being averages of the gas and droplet values.

Supplying the shear stresses, together with geometrical relations for S; and S;
into Equation (2-44), a relation implicit in t, the film thickness is obtained which
is iteratively solved. Once this is done, the pressure drop is calculated from any

of Equations (2-41)—(2-43).

2.4.3 Numerical modelling

The basis of numerical modelling approaches in two-phase flow is the two-fluid
model established by (Wallis 1969b; Ishii 1975) which is a simplified form of the
Navier—Stokes equation applied to the two fluids. The equations are expressed
in terms of two sets of governing mass, momentum and energy equations for
each phase with appropriate averaging of local instant variables. As the
average fields of one phase are dependent on that of the other, interaction
terms are also included. For many practical uses, the model advanced by (Ishii
1975) as reported by (Zhao 2005) can be expressed in simplified form as
follows, giving the continuity and momentum equations respectively:

dayp
Jt

(2-51)

+ V- (arpi Vi) = I

daypy
Jt

+ V- (appr Vi V)
i (2-52)
= —a VP + V- ay (T — T) + apprg + Vil + My — Vo, - 7
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Where I, , My, , T; , Vi » @k , Px » Vki » Px , are the mass generation, generalised
interfacial drag (i.e. sum of interfacial forces: drag, lift, virtual mass, etc.), interfacial
shear stress, void fraction, density, interfacial velocity, and pressure of phase & ;

T, and T,’, denote the mean viscous, and turbulent stresses respectively.

Strategies for solving Equations (2-51) and (2-52) are the subject of Computational
Fluid Dynamics (CFD) studies where the numerical solution is achieved by
discretising both the space and time derivatives and providing suitable initial and
boundary conditions. In the pre-processing stage, the geometry is made first, then
meshed into discrete cells. The simulations are performed where an appropriate
method (finite difference, finite element, etc.) is used to iteratively solve the problem
at the node of each cell. A postprocessor is used to analyse the solution and

visualise it.

2.5 Earlier empirical modelling studies on annular two-phase
flow

2.5.1 Review of empirical modelling works on downwards flow
interfacial friction factor

A large number of studies have been carried out on vertical air—water two-
phase annular flow in pipes. This is not surprising considering the huge
importance annular two-phase flow plays in the nuclear, chemical and
petroleum industries where it is generally agreed to be one of the most
frequently encountered flow patterns. To this end, many studies have been
commissioned to investigate annular two-phase flow phenomena with the bulk
of published works focussing on co-current upward annular flow. In sharp
contrast there have been far fewer studies published on co-current downward

annular two-phase flows. This is against the backdrop that co-current downward
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annular two-phase flow is also often encountered in engineering equipment
such as gas absorbers as falling film flow, gas condensate pipelines,
refrigeration systems, and in heat transfer equipment like boilers and heat
exchangers. What little work is available is dominated by pipes of which the
scales are much less than 100 mm in internal diameter. It has been noted that
there is no guarantee that the use of models developed for these small pipes
will predict large diameter flows well; therefore several reported studies
(Oliemans et al. 1985; Kataoka & Ishii 1987; Omebere-lyari 2006; Omebere-
lyari & Azzopardi 2007; Kaji & Azzopardi 2010; Peng et al. 2010; Lao et al.
2012; Schlegel et al. 2012) have addressed that there is need to expand the
knowledge of multiphase flow behaviour to large diameter pipe systems. For
example, Oliemans et al. (1985) compared entrainment correlations with large
diameter test data and concluded there is not much confidence in the predictive
value of the correlations. Kataoka & Ishii (1987) showed that the application of
the conventional drift flux model for pool void fraction prediction to relatively
large vessels was only limited to low gas fluxes, and thus had to develop a new
correlation for such large systems when annular flow for instance occurs at
higher gas fluxes. Disturbance waves which greatly contribute to wall shear
stress and are a source of entrained droplets were observed by Azzopardi et al.
(1982) to be incoherent in large diameter pipes. Careful observations revealed
that in large pipes, the waves were not perpendicular to the flow direction but
were curved “bow waves”. This is in sharp contrast to what is obtained in
smaller tubes where the waves are continuous around the tube circumference.

The study by Omebere-lyari & Azzopardi (2007) on disturbance wave velocity
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provided a strong quantitative indication of pipe diameter effect on the gas—
liquid interface behaviour. They established that Pearce’s coefficient, which is
proportional to wave velocity, increases with pipe diameter such that its value of

0.9 remains fairly constant at large pipe diameters.

The interfacial friction factor has been likened to surface roughness in single-
phase fluid flow (Bergelin et al., 1949; Hewitt & Hall-Taylor, 1970). In addition to
the wall or skin friction in two-phase flow, interfacial friction as a result of slip
between the two phases contributes to the frictional pressure loss. Therefore,
the contribution of interfacial friction to the two-phase frictional component
increases with increasing slip velocity or as the flow pattern moves from bubbly
to annular flow. Klausner et al. (1991) pointed out that the correlations of
Henstock & Hanratty (1976); Andreussi & Zanelli (1978); and Asali et al. (1985)
are the only reported works that proposed relations for determining the
downwards interfacial friction factor. Since then, Hajiloo et al. (2001) and
Dalkilic et al. (2008) have developed downflow two-phase friction factor
correlations, of which the former correlated data obtained from four different
tube diameters ranging from 15.6—41.2 mm. The latter used data obtained for
refrigerant HFC-134a in an 8.1 mm diameter vertical tube-in-tube heat
exchanger and correlated the two-phase friction factor with an equivalent
Reynolds number obtained as a function of gas quality and fluid density ratios.
The physical correlating parameters used by Hajiloo et al. (2001) using the
friction length parameter and gas Reynolds number are similar to that earlier
used by Asali et al. (1985). This method will further be extended in the present

work using data obtained from a 101.6 mm large internal diameter pipe and it is
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envisaged to improve interfacial friction factor predictions for co-current

downward air—water annular flow in large vertical pipelines.

A number of empirical friction factor correlations have been put forward by prior
investigators. Literature is replete with such correlations proposed for upward
gas—liquid flow; however, some recommendations have been made for
downward gas—liquid flow systems. The fluid combination used in most cases is
air and water. Early downward co-current two-phase friction factor correlations
were obtained by Chien & Ibele (1964) and Fedotkin et al. (1979). Hajiloo et al.
(2001) noted that the results of the former study show appreciable qualitative
agreement of the liquid and gas flow rates such that for a certain pipe diameter,
the friction factor, f , always increases with increasing liquid flow rate but at
some point, there is a decrease with increasing gas flow rate. This is also true
when the friction data of Bergelin et al. (1949), Chung & Mills (1974), and
Tishkoff et al. (1979) is plotted against Re; the superficial gas Reynolds
number. The correlation of Fedotkin et al. (1979) is not consistent with the
others as it shows progressive decrease in the magnitude of f with increasing
Re;. Conversely, there is generally poor quantitative agreement between these
studies. It might be partly due to that the different tube sizes used by each set

of investigators greatly affected any agreement.
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Table 2-3: Summary of previous experimental research on downward co-current
interfacial friction factor (All test fluids are air/water at near atmospheric system
pressures except where stated)

Reference D (mm) Reg,range  Re; range L/D ratio Measurement
made
Bergelin et al. 25.4 3100- 0-10,000 130 AP
(1949) 65000
Chien & Ibele 50.8 28000- 1250-22000 63 AP, t*
(1964) 350000
Ueda & Tanaka 28.8 185-13500 6,000-100000 63 AP
(1974)
Tishkoff et al. 28.6 15800- 4040-18600 64 APt
(1979) 86400
Chung & Mills 20.5 8000- 0-8030 77 AP
(1974)** 30000
Fedotkin et al. 30 6000- 2000-30000 79 APt
(1979) 30000
Henstock & 25.4, 50.8, 5000- 20-15,100 n/a AP, t, E
Hanratty (1976) 63.5 255000
Asaliet al. (1985)"  22.9, 42 n/a 20-3000 41-75 APt
Fukano et al. (1991) 10,16,26 12780- 70-2900 269-700 AP, H*
99217
Hajiloo et al. (2001) 15.6, 20.3, 3400- 5100-27200 43-80 AP
34.2,41.2 21600
Present 101.6 8400- 11300-113300 49 AP, t
187000

*Where AP represents pressure drop; t film thickness; and H, liquid holdup
**Fluids used are water and carbon (IV) oxide
"Re,r is based on wetted pipe cross-section not Re; based entire pipe diameter (superficial)
" Fluids used are refrigerant R11 and air-glycerine mixtures
* Fluid used is pure refrigerant HFC-134a during condensation

The correlations found to date factored in the effect of pipe diameter, however,
as will be shown later, they do not provide satisfactory enough predictions for
pipes of 100 mm and over — the so-called large diameter pipes. The summary in
Table 2-3 gives details of previous studies of f with the tube diameters given,

together with the fluid velocity and Reynolds number ranges.

2.5.2 Review of downwards annular flow pressure behaviour

Pressure gradient is an important parameter in both single and multiphase
flows. It quantifies pressure losses along a given length of pipe for a particular

fluid or combination of fluids and hence, together with the required head to be
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overcome, determines minimum pumping requirements. Therefore, accurate
prediction of the pressure gradient is critically important for energy efficient
designs of two-phase flow systems and their operation. In annular flow,
pressure gradient is directly related to the liquid film flow on the pipe walls,
which interacts with the flowing gas at the pipe core. This interaction brings
about intricate wave motion at the gas-liquid interface thus complicating exact
analytical description of pressure gradient with respect to the liquid film. As a
result, the past decades has seen numerous empirical correlations proposed in
a wide variety of studies. Nevertheless, these studies were not carried out in

pipes for dimensionless hydraulic diameter defined by Schlegel et al. (2012) as:

D ]
D; = H > 40 (2-53)

Jo/g(p—pg)

In other words pipes of Dy, > 40 (equivalent to about 100 mm internal diameter
for water/air flows) considered to be ‘large diameter’ pipes, been shown in past
studies not to be able to maintain large Taylor bubbles that bridge the entire
tube cross-section. Kataoka & Ishii (1987) (who observed the transition between
large and small pipes occurred at Dj; = 30) noted that large bubbles are highly
deformed in bubbling and pool boiling in large diameter vessels. Schlegel et al.
(2012) and Smith et al. (2012) explained that responsible for this is the Raleigh—
Taylor instability which causes larger bubbles to be broken down into many
smaller spherical cap bubbles. Subsequently, additional turbulence is

introduced by bubble drag as well as strong flow recirculation.

Hence, as identified by Peng et al. (2010) the hydrodynamics of the flow in such

large pipes are completely changed from those of Dj; < 40. They declared that
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flow regime transition criteria have to be altered since different physical
phenomena in this case dictate the transition mechanisms. Peng and co-

workers then showed that the Hewitt & Wallis (1963) and Wallis (1969) criterion

for transition to annular flow (i.e. wu; =usg\/pg/[gD(pl—pg)] ~1 ) is not

achieved at the same gas superficial mass flux (p,u3) in different pipe scales.
Data obtained for a small diameter pipe of 32 mm from the work of Barbosa et
al. (2002), pyuz was found to be approximately 600, for 67 mm pipe, it was
found to be 1000, while for 100 and 150 mm pipes the value was constant at
1050 suggesting a boundary between large and small pipe behaviour. They
went on to demonstrate that flow regime transition can be observed by slope
change in dimensionless pressure gradient profiles against dimensionless gas

H *
velocity ug.

In fact, as shown previously such pressure drop analysis has previously been
used to study flow regime transitions. Hewitt (1986) described that at low gas
flows (i.e. low void fractions), the total pressure gradient decreases with gradual
increase in gas flow. This decrease in total pressure gradient is as a result of a
reduction in the gravitational pressure gradient component. The flow regimes in
this situation transit from bubbly to plug or slug flow. However, a minimum is
reached at churn flow conditions with increasing contribution of the frictional
component to the total pressure gradient. The pressure gradient then passes
through a maximum as the flow goes from churn to annular and decreases with
increasing gas flow rate in a regime termed “churn — annular flow”. Another

minimum is achieved with increasing gas flow with even more contribution of
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the frictional pressure gradient. Within the annular flow regime, a second

maximum/minimum occurs at very high gas rates.

Flow regime transition associated with pressure gradient slope change has also
previously been observed by (Chien & Ibele 1964; Ueda & Tanaka 1974). Chien
& Ibele observed this change in annular downflow where there is a transition
between annular and annular mist flow. No maximum or minimum occurs, only

a noticeable change to a more positive slope occurs.

In the case of Ueda & Tanaka (1974), pressure gradient and flow regime
transition were indirectly linked by way of friction factor plots. A maximum is
observed at all liquid flow rates (or Reynolds numbers) within a small gas
Reynolds number range. This slope change from positive to negative was also
observed at the same gas phase Reynolds number range for the disturbed

wavy layer film thickness.

Overall, in the aforementioned studies, flow regime transition was monitored by
pressure gradient slope changes. It is however worthy to note that none of the
studies catered for high gas flows in large diameter pipes which are prevalent in
transport pipelines for gas condensates and pipes in boiling water reactor

(BWR) nuclear power plants.

2.5.3 Review of upwards two-phase flow friction factor modelling

A large number of experimental studies have been carried out on vertical air—
water two-phase annular flow in pipes. This is due to the importance annular
two-phase flow plays in the nuclear, chemical and petroleum industries where it

is generally agreed to be one of the most frequently encountered flow patterns.
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In investigating annular two-phase flow, the bulk of published works focussed
on co-current upward annular flow in small diameter pipes, mostly less than 50
mm in internal diameter. In sharp contrast there have been far fewer studies
published on annular two-phase flow in large diameter pipes. This is against the
backdrop that annular two-phase flow in large pipes is often encountered in
engineering equipment such as gas absorbers, gas condensate pipelines, and
in heat transfer equipment like boilers and heat exchangers. It has been noted
that there is no guarantee that the use of models developed for these small
pipes will accurately predict large diameter flows; and several authors
(Oliemans et al. 1985; Kataoka & Ishii 1987;0mebere-lyari 2006; Kaji &
Azzopardi 2010; Peng et al. 2010; Lao et al. 2012; Schlegel et al. 2012) have
addressed the need to expand the knowledge to large diameter pipe systems.
The contribution of interfacial friction to the two-phase frictional component
increases with increasing slip between the phases. Early studies correlated the
interfacial friction factor to the ratio of the average wave height to pipe diameter,
which has been likened to surface roughness in single-phase flow (e.g. Bergelin
et al., 1949; Hewitt & Hall-Taylor, 1970). The interfacial friction factor
correlations of Wallis (1969); Moeck (1970); Asali et al. (1985); Fukano &
Furukawa (1998); Wongwises & Kongkiatwanitch (2001) among others are
based on data from small pipes. It will be shown that these do not sufficiently
model interfacial friction factor data in pipes greater 100 mm internal diameter.
Hence a new correlation of upflow friction factor will be proposed based on data
from pipes of 101.6 mm and 127 mm which improves interfacial friction factor

predictions for co-current air—water annular flow in large vertical pipelines.
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2.5.4 Review of previous studies on large diameter annular two-
phase flow

As earlier stated, studies conducted on gas-liquid annular two-phase flow in
large diameter pipes is scarce. Most of the previous reported works (using pipes
of diameter between 101-480 mm) were conducted for bubbly to churn flow
regimes, i.e. low gas flow rates. This may not be unconnected to the fact that
gas—liquid annular two-phase flow experiments require high gas fluxes in large
tube, hence a massive air delivering capability. Of the few studies found, bubbly
flow dominates. Only a handful were for vertical upwards annular flow (as
shown in Table 2-4), with vertical downwards annular flow works in large

diameter pipes not reported in the open literature.

Studies found for upwards annular flow are for diameters between 101.6 and
127 mm for Zangana (2011) and Skopich et al. (2015) who worked on air/water
upflow annular flow in vertical pipes of 127 and 101.6 mm internal diameters
respectively. Their experiments fall in the annular flow regime. Zangana made
simultaneous measurements of wall shear stress, liquid film thickness, and
pressure gradient. He observed that the onset of annular flow occurred at the
same dimensionless gas velocity as in smaller pipes and that the total pressure
gradient for given liquid and gas superficial velocities fall as the pipe diameter

increases.

Similarly, Skopich et al. (2015) measured time averaged pressure gradient, and
cross-sectionally averaged liquid film thickness for liquid loading studies in gas
transport pipes. Liquid holdup measurements were made using the quick

closing valve method in the middle of the 15.4 m long test section. They
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reported that inconsistencies observed between experimental pressure
gradient, liquid holdup and mechanistic model predictions are due to inaccurate
flow regime predictions resulting from the different regime transitions occurring
at different pipe scales.

Table 2-4: Summary of annular flow large diameter works

D L/D to Flow Measurem P Rey Re, range Flow No.
Study (mm)  sensor Regime ent (s) (bara) range direction  points
(s)
Hills (1976) 150 70 Bubbly— a (void 1 5500- 80000— i n/a
Churn fraction) 34000 440000
Azzopardi et 125 40 Annular E 1.30 195000- 700- 1 19
al. (1982) 336000 2880
Hashemi et 305 9.4 Bubbly— a 1 n/a n/a 1 n/a
al. (1986) churn
Ohnukietal. 200, 60 Bubbly— a 1-2 129- 22000— i 58
(1995 — 480 churn 62000 1000000
2001)
Shouksri et 200 43 Bubbly a, AP 1 258- 0-89000 1 24
al. (2003) 1290
Ali (2009) 254 Bubbly a, AP 1 2900- 50000— 1 130
36500 312000
Zangana 127 60, Churn— Tw, t, AP 3 48460-  1536- 1 110
(2011) 62 Annular 399800 16452
Smith et al. 102, 5-30 Bubbly- a 1-5 980- 16000—- i 95
(2012) 152 Churn 900000 800000
Schlegel et 102, 34 Bubbly— a, AP 1-5 980- 16000— 1 33
al. (2012) 152 Churn 900000 800000
Van der 127 83 Churn— E, t 1.15 67000~ 637- 1 31
Meulen Annular 147500 2861
(2012)
Skopich et 101.6 58— Annular H., AP 1.2 55570- 877- i 20
al. (2015) 92 164780 4300

Azzopardi and co-workers carried out their measurements in a 125 mm
diameter vertical tube at AERE Harwell with the fluids (air and water) flowing
concurrently upwards. Entrained liquid droplet fraction was measured indirectly
by extracting the liquid film through a porous wall feature thereby obtaining the

liquid film flow rate.

Van der Meulen (2012) performed experiments at 2 bar pressure in the vertical
127 mm internal diameter pipe at the University of Nottingham. Measurements

were made for the liquid film thickness using conductance ring probes.
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Measured liquid film velocities at different superficial liquid velocities were also

obtained from which entrained droplet fraction calculations were made.

Based on the literature review conducted above, studies/data on bubbly—churn
flow in large pipes are in relative abundance in comparison to annular flow. In
fact no published study was found that explicitly treated theoretical or empirical
modelling for large diameter pipe film thickness, or friction factor prediction. This
is despite ample experimental evidence revealing a difference in behaviour

between the different pipe scales.

2.6 Summary of the literature review

From the foregoing, the following could be adduced from the literature reviewed:

¢ Flow pattern maps in existence are mainly based on observations of flow
in small diameter pipes, and it is unclear if their regime transitions are
representative of larger pipe behaviour

e Reported studies for annular flow in large pipes are scarce in the open
literature and more work needs to be done to improve understanding
including mechanisms involved and ameliorate the unavailability of data
for design and operation

¢ While mechanistic and CFD approaches capture the physics of the flows,
correlational or empirical methods provide quite accurate results on flow

behaviour and is still a widely used approach.
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Chapter Three

EXPERIMENTAL

3.1 Description of Serpent Rig flow loop facility

3.1.1 Test sections and metering

The experimental apparatus is schematically shown in Figure 3-1. Air and water
are the test fluids. Air filtered and chilled, is supplied via an 8-m® receiver tank
to the test section by two compressors GA55 and GA75 connected in parallel to
deliver a maximum 1200 Sm%h at 7.5 barg pressure. The air flow rate is
regulated by automated pneumatic valves controlled at the DeltaV Plant
Automation system. Water is supplied to the test rig from a 1.2 m® storage tank
and pumped using a Grundfos CRE3-26 variable speed pump delivering a
maximum flow rate 10 litre/s at 6 barg. After mixing both phases flow into the
test section of the flow loop through two inverted U bends on either side of an
upright U-bend before being separated so that the water is recirculated while
the air is vented off. A detailed description of the Serpent Rig facility is given in
(Almabrok 2014). The key components of the rig with respect to this study are
the downward flowing section to the right of the upright U-leg, and the upwards

section to the left.

Each of these test sections include a liquid film sensor spool used for
measuring liquid film thickness at four different circumferential positions, and a
clear section for visual flow observation. All straight sections in the test facility
were made from ABS plastic. The test facility is rated at 10 barg at the ambient

temperature conditions. In addition two PT100 temperature sensors, T; and To,
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with an accuracy of within £0.5% are used to measure the water and air/water

mixture temperatures, respectively.
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Figure 3-1: Experimental serpent rig flow loop
3.1.2 Instrumentation

3.1.2.1 Pressure transducers
Three UNIK 5000 GE Sensing pressure transducers are installed namely P; to

Ps along the upwards and downward flow sections as shown in which measure

with a range of 0—1.5 barg and an accuracy of = 0.02%.
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3.1.2.2 Conductance film thickness probes

Four film thickness probes are mounted on a probe spool is shown in Figure 3-2
(@) and (b). The spool consists of four film conductivity sensors which are
spaced 90° from each other to measure the circumferential distribution of the

liquid film thickness at the pipe axial location where the spool is installed.

As shown in Figure 3-2 (c), the sensing part of the conductivity film thickness
probe comprises a 10 mm diameter stainless steel rod and a stainless steel
sleeve (18 mm outer diameter by 2 mm wall) arranged concentrically. Between
them is a 2 mm thick insulation layer. The end of the sensor is flushed with the
inner surface of the spool. Each conductor is in electrical contact with the liquid
film as it flows over them, such that a conductive bridge forms. The conductivity

between the two conductors changes with the thickness of the water film.

For precise measurements, calibration of the film thickness sensors was carried
out by using acrylic blocks of different diameters concentrically inserted into the
probe spool to produce a liquid layer of known thickness. The temperature
variations against the voltage output were also identified and considered to
perform accurate film measurements. The correction of temperature was
applied for a range of 10-26 C, covering the range of experimental fluid
temperatures. Tests on the repeatability of these liquid film sensors and
pressure drop measurements were carried out by Almabrok (2014) and it was
showed that an uncertainty of 0.1 mm can be attained for measuring a film

thickness up to 3 mm, therefore giving an error margin of +3.3%.
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Figure 3-2: Conductivity liquid film thickness sensor (a) Photograph showing

sensor spool with four flush mounted probes (b) Schematic of sensor spool (c)
Details of individual probe design (All dimensions in mm)
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3.1.2.3 Capacitive Wire Mesh Sensor

A 32x32 WMS, as shown in Figure 3-3, is used for air-water cross-sectional
void distribution measurement at different locations along the pipe axis. The
sensor, accompanying electronics and data processing software were provided
by Helmholtz—Zentrum Dresden—Rossendorf, Germany. The method of phase
fraction distribution measurement in air/water flows using similar WMS systems
has been validated by a number of studies, for example Prasser et al. (2007),
and Da Silva et al. (2010). In the sensor assembly, wire electrodes are
stretched across the flow cross-sectional area with the two sets of wire
electrodes being perpendicular to each other. One set acts as a sender while

the other acts as a receiver.

Figure 3-3: Wire mesh sensor used for study

The wire mesh sensor electronics measures the local permittivity of the fluid in
the gaps of each crossing point by successively applying an excitation voltage
to each one of the sender electrodes while keeping all other sender electrodes
at ground potential and measuring, respectively, the AC electrical current flow to
all receiver electrodes synchronously. Based on these measurements the
cross-sectional fluid distribution across the pipe the sensor is able to be

estimated. More details about WMS can be found in Da Silva et al. (2007). For
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the sensor used in this study, the separation between the sender and receiver
planes of wires is 2.5 mm. The spacing between two wires in parallel is 3.2 mm.
A sampling rate of 1000 frames cross-sectional images per second is used for
the measurement. On the straight upwards section of the Serpent rig, void
fraction measurements by other methods were compared with the time and
cross-sectionally averaged void fraction values obtained from the WMS. The
upwards section was chosen as the flow regimes in this section cover different
vertical flow regimes as the gas flow rate is increased. In the validation tests, a
low liquid superficial velocity of 0.1 m/s was used, while the air velocity varied in
the range of 0.15-30.0 m/s. At an air velocity up to 6.0 m/s, the flow regimes are
bubbly, slug and churn flows. In these flows, the void fraction obtained from the
differential pressure AP using the pressure transducers P; and P, were
compared with the WMS values obtained at the measurement and visual
observation station, which is the middle point between the locations of pressure
transducers P; and P4 on the pipe. The distance L between the two transducers
is 4.1 m. On the assumption that the frictional pressure drop is negligible, the
local time averaged void fraction ¢ at the can be calculated by:

AP/L

e=1——"11" _
g(pr—pg)

(3-1)
where g is the gravitational acceleration, and p,, p, are the densities of water
and air respectively. For the superficial air velocity larger than 10.0 m/s, which
results in an annular flow regime, film thickness (FT) measurements were used
to obtain the void fraction by the equation:

(D — 2t)?
£z (3-2)
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where tis the mean liquid film thickness, D the internal diameter of the pipe.
Apparently here liquid entrainment in the gas core was ignored in the
calculation of the void fraction. Figure 4 (b) shows the comparison of the WMS

void fractions with those obtained using Equations (3-1) and (3-2).
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Figure 3-4: comparison of measured WMS void fractions and other methods

As can be seen, in the low void fractions range (<0.4), the WMS is likely to
overestimate the void fraction by as much as 12% in a relative error. While in
the range of the void fraction between 0.4-0.6, the WMS void fractions can be
up to 20% higher in comparing with the referenced void fractions. In the upper
half range of the void fraction (>0.5), the differences between the referenced

and WMS void fractions are much smaller. As the flow reaches the annular
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regime i.e. beyond about 0.8, it can be seen that void fractions are increasingly
being underestimated by the DP method, indicating the increasing influence of
the ignored frictional pressure gradient. In such cases, it was felt using the
measured film thicknesses to estimate the void fraction is more logical given
that the measurements are within a 3% error band. However, it is worth noting
that the void fractions calculated from the film thickness measurements are
themselves only approximations since entrained liquid droplets in the gas core
were ignored. Nonetheless the relative uncertainty of WMS measurement for
large void fraction (which is the main concern of this study) is estimated to be

within £10%.

Table 3-1 summarises the instrumentation used, their designations as used in
Figure 3-1, manufacturer and model, measuring range, and quoted
measurement uncertainties. Further details can be found in Almabrok (2014).

Table 3-1: List of instruments and experimental measurement uncertainties

Instrument Name Manufacturer & Model Uncertainty Range
Airflowmeter1 ~ FA,  ~osemountMass +0.5% 0-150 Sm%h
Probar “/,

. Rosemount Mass 0 150-4250
Air flow meter 2 FA, Probar 1” +0.5% sm¥h
Water flow meter FW ABB MMSG-Special +0.1% 0.06-16 I/s
Pressure sensors P; to Pg GE Sensing UNIK 5000 +0.02% 0-1.5 barg
Temperature sensors T,-T, PT 100 +0.5% 0°-100°C

. Helmholtz-Zentrum Void fraction
- O/ %
Wire mesh sensor Dresden-Rossendorf *+10% 0-100%
Liquid film FT,-FT, Designed and 0.1 mm 0-3 mm

thickness probes manufactured by PSE (£3.3%)*
* Experimentally determined rather than as quoted by manufacturer

3.1.3 Data acquisition

A LabView program is developed for recording the pressures, film thickness and

fluid temperature. The sampling rate is 100 Hz, which is fast enough to capture
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the fluctuation of these parameters during tests. The LabView system also

provides an online view of the time traces of these parameters.

The DeltaV system was used to set and record gas flow rates. Its sampling rate

was fixed at 1 Hz.

The WMS data acquisition system is exclusively designed for the device to
measure phase distribution over the cross section of the pipe. For the
experiments in this study, a sampling rate of 1000 Hz was used to capture the
void data. Reference permittivities of 80 and 1 were provided for single phase
liquid and gas phases respectively in order for the two-phase permittivity to be

determined by the WMS.

3.1.4 Test procedure

Prior to starting the tests, the test section is first emptied and blown dry. The air
flow is then stopped to record the zero points of the instrumentation. The rig is
then filled with water to record full scale output of liquid film sensors and WMS,
which will be used for the normalisation of the outputs from the sensors and the
WMS, respectively. During the experiments the water flow rate is adjusted for
each test run to a predetermined value before air is introduced to the test
section. The water flow rate is monitored and adjusted to keep it at the
predetermined value while the air flow is slowly increased to the desired value.
The data will not be logged until both the water and air flow rates become
reasonably stable and steady state conditions are assumed to have been
achieved. The recording period for each test run is 120 s for the liquid film and

pressure sensors, and WMS. In order to ensure the quality of the data, zero
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points of the instrumentation are checked regularly, at least once a day during
testing, and the recorded data are offset by the zero points accordingly. The test

matrix of the experiments is provided in Appendix A.
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Chapter Four

DOWNWARDS ANNULAR FLOW

4.1 Effect of pipe diameter on falling liquid film thickness

4.1.1 Importance of falling liquid film thickness

Thin liquid films falling under the influence of gravity are widely encountered in
industries that involve gas-liquid two-phase flow. Instances of this flow structure
include flow in nuclear reactor cores, steam condensers, water tube boilers,
cooling towers, distillation columns, and evaporators. A reason attributed for the
wide range of application may be because this flow regime can deliver high
rates of heat and mass transport per unit volume (Zadrazil et al. 2012). In order
to design more cost effective systems with greater efficiency, accurate

modelling of falling film behaviour is needed.

Falling annular films represent the limiting case of annular two-phase gas-liquid
flows. The liquid film descends on the walls and there is zero net flow of gas in
the pipe meaning that the gas core is at a constant pressure. For the case of
co-current gas flow at low to moderate gas velocities, the shearing effect of the
gas core on the liquid film is minimal and the falling liquid film dominates the two
fluid hydrodynamics. Falling films can generally be classified into laminar and
turbulent film flows. Of greater practical interest is turbulent film flow where
there are random fluctuations in the velocity field and therefore do not lend
themselves easily to theoretical or mechanistic modelling. Unsteady and non-
uniform waves are present on the gas-liquid interface and these enhance the

bulk transport properties of the system. Consequently, simplified energy transfer
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equations fail to adequately describe the flow process and hence correlational

approaches are generally resorted to.

4.1.2 Comparison of the current large pipe downward liquid film
thickness with established models

In comparing the measured mean film thicknesses from this study (obtained at
46D axial position downstream of the upright U-bend) with existing models,
reference is made to earlier theoretical studies on falling films based on

Nusselt's (1916) falling film theory:

. 3v.*Reyy 13 (4-1)
= 10
Where Reys the liquid film Reynolds number based on the liquid film mass flux
my. Nusselt arrived at the equation by taking a force balance on an elemental

liquid film assuming viscous flow and that no shear or waves occur on the liquid
surface. Kapitza's (1965) modification to account for these waves and surface

tension resulted in the following relation:

_ [24v Rey 1 (4-2)
-

A large number of empirical and semi-empirical correlations have been

proposed with the form of Nusselt's theory such that:
t=A(v,2/9)"*Rej} (4-3)

Where A and n are regression constants. Table 4.1 shows the value of A and n

previously obtained experimentally by several investigators. It should be noted
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that differing values of A and n by the various studies over the years only serve
to slightly change the slope or magnitude of the respective dimensionless film
thickness curves within the same Re;; range.

Table 4-1: Some falling film relations and flow conditions

Researchers A n Basis of model Geometry/flow conditions
Brotz (1954) 0.161 2/3 Empirical Pipe/Re;s = 100-4300
Brauer (1956) 0.245 8/15 Empirical Not available

Fiend (1960) 0.532 1/2 Empirical Not available

Kapitza (1965) 0.843 1/3 Theoretical Not available

Kosky (1971) 0.136 7112 Semi-empirical Pipe/Re;r > 1000
Ganchev et al. (1972) 0.137 7/12 Theoretical Not available
Takahama and Kato 0.473 0.526  Empirical Pipe/Re;r < 8000
(1980)

Brauner (1987) 0.104 7112 Theoretical Flat plate/Re; s > 300
Mudawar and El-Masri 0.145 0.58 Theoretical Pipe, Re;r < 10000
(1988)

Karapantsios and 0.451 0.538  Empirical Pipe, Re;r = 370-11080

Karabelas (1995)

This fact is shown in Figure 4-1 (a) where the current data is plotted together
with the models in Table 4-1. It can be seen that only a handful of the
predictions (Nusselt, Kapitza, and Brauner) are within the vicinity of the current
large pipe experimental film thicknesses. The models of Ganchev (1972), Kosky
(1971), Mudawar & El-Masri (1995) have very similar slopes and predictions
due to the close values of their respective A, n; they are in agreement with the

current data up to Re;r = 8000 but dramatically lose accuracy beyond that even
though their range of application are between Re;; ranges of 1000 and 10000.

Kapitza's (1965) theoretical model agrees with the large pipe data up to Re;s =
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10000 while Brauner (1987) predicts well within the range Re;; = 10000-14500.
In fact, only the model of Karapantsios & Karabelas (1995) caters for Re; >
10000 up to 11080 only, while the current measured film thicknesses were
obtained at Reynolds number ranges of 4000—-20200. At high fiim Reynolds
numbers the large deviations produced may be as a result of higher interfacial
friction. As Figure 4-1 (b) shows values of A = 1.4459 and n = 0.3051 fit the
large pipe data best. Therefore the relationship that is appropriate for the large

pipe downward flow film thickness data is as follows:
t* = t(g/vi)'/® = 1.4459 Re[*" (4-4)

This indicates an increase in intercept and a decrease in slope when compared
to the existing relations derived from smaller pipes and is clearly visible in
Figure 4-1 (a). Use of Nusselt-type equations such as Equation (4-4) for two-
phase flow is justified since for downwards flow, gravity ensures that the inertia
of the liquid film dominates that of the gas and of course also dominates surface

tension forces.
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Figure 4-1: (a) Mean film thickness in falling film flow: comparing current

experiments to existing models. Where t* = t(g/v,z)l/3 is the dimensionless film
thickness and Rejs = 4my/p the liquid film Reynolds number (b) Correlation of
large pipe dimensionless film thickness

The value of A for the large pipe may seem quite large in relation to the others
presented in Table 4-1 but is in fact only slightly out of the range of 0-1.22
consistent for smooth falling films as observed by Brauer who categorised the
various flow regimes in falling film flow (Table 4-2). Summarily, agreement of

experiments with data is generally good at high interfacial shear where the films

are thin.
Table 4-2: Falling film flow regimes (Brauer, 1956)

A Flow regime Sublayer state
0-1.22 smooth stratified laminar
1.22-2.88 ripple (sine) wave laminar
2.88-140; Fr—1.0 roll (gravity) wave laminar
140-1600; We—1.0 capillary (surge) wave laminar
1600-2400 capillary (surge) wave turbulent

> 2400 overriding (ring) swell wave turbulent

Conversely, at lower gas flow rates where the interfacial shear stress is lower

and huge waves occur, i.e. towards the transition region from intermittent to
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annular two-phase flow, there is still room for improvement in terms of model

development.

4.1.3 Conclusion

The mean film thickness data from this study was compared to existing
correlations and theoretical models. It was observed that the current data
presented a distinctly different slope to those of the correlations suggesting a

change in the film tendency for large diameter pipes.
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4.2 Downward gas-liquid two-phase flow pressure behaviour
between top and bottom halves of vertical large diameter

pipe
The purpose of this section is to discuss the findings of experimental pressure

behaviour in vertical downwards annular two-phase flows in the large diameter

101.6 mm ID Serpent Rig.

4.2.1 Theoretical considerations

The total pressure gradient for a single phase fluid flowing in a vertical pipe at

steady state is given by the momentum equation:

(4-5)
ap_ 4
L P97
Which for gas — liquid two phase flow is as follows:
(4-6)

AP 4t
7 =g +p(1-8)]g+ 4

Where the first term on the right hand side of Equation (4-6) refers to the
gravitational or static component of the pressure gradient, the second is the
frictional pressure gradient with 7 the shear stress given by 7 = %fpuz; pg and
p; are the gas and liquid densities respectively; ¢ is void fraction, the time-
averaged cross-section occupied by the gas. Where L,p,g,f,D,and U are: the
pipe length, fluid density, acceleration due to gravity, fanning friction factor, pipe
diameter, and fluid velocity respectively. Equations (4-5) and (4-6) are
independent of pipe length. This means that ideally the pressure gradient of any
pipe sections dP;/dL; = constant. Therefore, the ratio of pressure gradients in

any pipe sections for all fluid velocities will be given as:
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(4-7)
AP; /( APk) _ AP; /( APn> _q
L Ly )\ L L,/
Where j, k, n are arbitrary integers 1, 2, ..., n. Knowledge of the extent both

pressure gradients in Equation (4-7) differ from each other could provide better

insight on flow development along the pipe length.

4.2.1.1 Static water pressure tests

Static water pressure tests were carried out by pumping water into the test rig
then locked in by quickly and simultaneously shutting valve VW3 and the water
pump. A vertical water column is maintained in the upright U section. Vent valve
VV1 is opened in order to free the water column of additional pressure from
trapped air. Pressure readings are captured for 2 minutes at a recording rate of
100 Hz via the LabView data acquisition software connected to the pressure
transducers. These were later averaged to obtain mean pressures P;, P; and
P.. The lengths of the pipe section L; and L, were measured with a tape rule to
be 2.3 and 1.8 m which very closely match the differential pressure differences
of AP, = P; —P, =0.2325and AP, = P, — P; = 0.1795 bar respectively. These

serve to confirm the transducers give accurate readings prior to tests.

4.2.2 Results and discussion

4.2.2.1 Single phase water flow
Pressure gradient was calculated from the measured pressure drops AP; and

AP, by dividing by the respective lengths of pipe segments to obtain AP, /L, and

AP, /L, respectively (See Figure 4-2).
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Figure 4-2: Details of downward section of flow rig with nomenclature

The ratio of these pressure gradients for all liquid velocities ug = u; is roughly

unity as can be seen in Figure 4-3.

O T T T T 1
0 0.2 0.4 0.6 0.8 1
U, (m/s)

Figure 4-3: Ratio of single phase top to bottom pressure gradients in downwards
flow
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4.2.2.2 Air—-water two-phase flow tests

Two-phase flow tests were carried out for uy = 0.1 —1.0m/s and us, = 1.5 —
29.8m/s. The obtained total pressure gradients are shown in Figure 4-4.
Initially, positive pressure gradients are obtained which progressively decrease
with increasing gas superficial velocity. This is expected because at low gas
flow rates, the gravitational component of the pressure gradient dominates and
this reduces due to the reducing liquid phase fraction as the gas flow increases.
Close observation of Figure 4-4 (a) and (b) reveals larger pressure gradient at
the bottom part of the pipe. This could be attributed to more rapid expansion
occasioned by increasing energy losses by means of the mixture kinetic energy
increases further downstream as the flow develops. Further increase in the gas
superficial velocity results in rising influence of the frictional component of the
pressure gradient. A point is reached when both gravitational and frictional
components are equal which then results in zero pressure gradients. As can be
seen in Figure 4-4 a and b, this occurs at approximately 7 and 9 m/s superficial
gas velocity respectively for the top and bottom halves of the downward flowing
leg of the Serpent Rig. Beyond 10 m/s, only negative pressure gradients are
obtained and these progressively decrease with the rising dominance of the

frictional component of the total pressure gradient.

The ratio of the pressure gradients in Figure 4-4 (i.e. AP, /L,/AP,/L,) results in
the profile shown in Figure 4-5. As can be seen, except at very high gas flow
rates from approximately 20 m/s, corresponding to regions in the annular flow
regime, Equation (4-7) does not equal unity for all conditions of the gas and

liquid velocities.
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Figure 4-4: (a) Top and (b) bottom half pressure gradients in two-phase flow tests
(c) Error bars for an uncertainty of 42.2 Pa/m in AP/L measurements for 0.1 and
1.0 m/s

Instead, a general trend in the profile for all liquid superficial velocities shows
that there is a drop in the pressure gradient ratios (mostly negative) from

usg = 1.3 m/s up until 7-10 m/s. Then a dramatic switch to positive ratios occurs

of up to 25 meaning large pressure gradients in the top half of the pipe.
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Thereafter there is a generally very steep drop from 10 m/s, finally stabilising at

around a pressure gradient ratio of 1 beyond us, = 20 m/s for all superficial

liquid velocities.

The value of the pressure gradient ratios at the reversal conditions may have
been magnified by the values of experimental uncertainty in pressure drop
measurement. Uncertainty in measured pressure gradient is estimated around
+42.2 Pa/m (full scale). This is depicted by the error bars for A4P; /L, in Figure
4-4 (c) for ugy = 0.1and 10 m/s. For gradients nearer zero, large errors are
propagated in the pressure gradient ratios as can be seen by the error bars for
ug = 0.1and 10 m/s as shown in Figure 4-6. Nevertheless, a change in sign
occurs in the pressure gradient ratios from negative to positive at the specified

conditions.

In order to gain more insight on this “reversal”, an examination of the probability
distribution functions (PDF) of the void fractions (measured using the Wire
Mesh Sensor) at reversal conditions as well as other conditions was done.
These PDFs were for void fractions taken at the middle and bottom positions of
the test section. The PDFs at uy = 0.48 m/s are also shown in Figure 4-5.
While the shapes of the PDFs at u,, = 2.86 m/s and 23.12 m/s are typical of
what is obtained in annular flow conditions with a single peak at high void
fractions, that at u,, =8.67m/s which is in the reversal region shows
characteristics obtainable at transition flow regime conditions with more than a

single peak.
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There also seems to be a connection between the pressure gradient reversal

and liquid film thickness profile. Normally, liquid film thickness declines with

increasing gas flow.
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Figure 4-5: Ratio of bottom to top halves pressure gradients for two-phase flow
tests with PDF of void fractions at selected conditions and liquid film variation

with gas superficial velocity
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Figure 4-6: Bottom to top half pressure ratios showing error bars for (a) usl = 0.1
m/s and (b) usl =1.0 m/s

However, that is not the case here as the measured liquid film thickness initially
rises, reaching a peak at between u,, = 5-10 m/s depending on the ug, then
falling subsequently as expected with increasing gas flow. An understanding of
this behaviour might be reached by considering the velocity slip at the gas—
liquid interface. At low gas superficial velocity, falling film velocity could be
significantly higher than the local gas velocity (for liquid velocity measurements

see Table 4-3 in Section 4.3.2).
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At such conditions the falling liquid film slides past the slower gas entraining
liquid droplets into the gas core, thus reducing the thickness of the falling film.
This entrainment should reach a minimum at zero gas-liquid phase slip
corresponding to a maximum of the liquid film thickness. Conversely, when the
gas superficial velocity is increased leading to gas moving faster than the local
velocity at the interface, there will again be increased entrainment. After the
maxima in the mean film thickness, progressive decrease occurs with

increasing gas superficial velocity.

Since annular flow dominates two-phase flow in a downcomer, the instability
occurring at between 5-10 m/s may well be as a result of reversal in shear

caused by either phase being the driving phase due to its larger velocity.

4.2.3 Conclusion

Experiments have been conducted in downwards two-phase flow where annular
flow is the dominant flow regime even in conditions that will otherwise produce
bubbly or churn flow in upflow. Pressure measurements were made from which
pressure drop hence pressure gradients were determined respectively for the
top and bottom halves of the down-coming two-phase flow. It was observed that
the ratio of the top and bottom pressure gradients produces a unique and
consistent pattern when plotted against the superficial gas velocity. Large
fluctuations from negative to positive pressure gradients (a so-called “pressure
drop reversal”) observed between 5 and 10 m/s gas flow for all liquid velocities
are consistent with a change in direction of phase slip when the liquid initially
has a larger velocity and later on the gas travels faster as its flow rate

increases.
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4.3 Interfacial shear in downwards co-current annular two-
phase flow in large diameter pipes

4.3.1 Film thickness and flow development

The film thickness was measured at three different axial positions downstream
of inverted U-bend. It is a mean value of four circumferential measurements
made on the probe spool. Three such spool assemblies installed on the
downward flowing section of the test rig were used to obtain the mean film
thickness which enables the study of its axial variation. Axial positions at the
top, middle, and bottom of the downward flowing part of the rig are respectively
at 10, 30 and 46 pipe diameters from the inverted U-bend. Figure 4-7 shows
normalised mean film thicknesses obtained from the conductance probes at the
stated axial positions. These normalised film thicknesses are defined as the
ratios of film thicknesses at other L/D positions to that at L/D = 46 (i.e. t,orm =
t/t1/p=46). This means that t,,,,, at 46 pipe diameters is unity. It can be seen
that there is minimal change in the normalised mean film thickness between the
middle and bottom positions. This signifies a reasonably developed flow which
is expected and is due to the prevailing influence of gravity on downwards flow.
Therefore, the film thicknesses used for the analyses in this paper are those at
L/D = 46, representing a film thickness in fully developed downwards annular

flow.

For vertical upflows, liquid film thickness decreases with increasing superficial
gas velocity. In the case of vertical downwards flows, as can be seen from

Figure 4-7, for low liquid flow rates (u, < 0.48 m/s) there is an initial increase
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before the expected progressive decrease in the mean film thickness as the gas

flow rate is increased.
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Figure 4-7: liquid film thickness variation along the axial distance of L/D = 10, 30,
and 49 (top middle and bottom respectively) from inverted U-bend for a. ug = 0.1
m/s b. ug = 0.3 m/s and c. uy; = 1.0 m/s (From Almabrok 2014)

This behaviour might be explained by considering the velocity slip at the liquid
film/gas core interface. In low gas flow rates, falling film velocity could be
significantly higher than the local gas velocity. At such conditions the falling
liquid film glides past the slower gas thereby sweeping liquid droplets into the
gas core and hence reducing the thickness of the falling film. This entrainment
should reach a minimum when no velocity slip at the liquid film/gas core

interface corresponding to a maximum of the liquid film thickness. Conversely,
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when the gas velocity is increased leading to the gas moving faster than the
liquid film in the interface, there will be increased interfacial shear, again
resulting in increased entrainment. After the maxima in the mean film thickness,
it then asymptotically reduces with increasing u,,. For those high liquid flow
rates (u,, > 0.7m/s), annular flow can only be established in the downcomer with
a U bend following it if the gas velocity is significantly high, as reported by
Almabrok (2014). Thus in those annular flows the film thickness progressively
decreases against the gas velocity due to increased film velocity and liquid

entrainment.
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Figure 4-8: Variation of liquid film thickness with superficial gas velocity at
different liquid superficial velocities taken at L/D = 46 from inverted U-bend
entrance region (See Almabrok 2014).

4.3.2 Film velocity measurements and entrained droplet fraction

Film velocity measurements were obtained by way of the electrolyte injection
method. This method is based on injecting sodium chloride electrolyte into the
liquid film in order to increase its conductivity. The transit time between the two

sensors in the integrated probe can be determined by the cross correlation
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method, and then the film velocity calculated by dividing the distance between

two sensors by the transit time or delay between its two electrodes. These are

shown in Table 4-3. It is important to note the large differences in gas velocity

and liquid film velocity (u,) as the superficial gas velocity is increased. An

increase in slip velocity occurs. This in turn brings about rising shear at the gas—

liquid interface. Several mechanisms have been put forward as to how this

shearing contributes to liquid breakup hence entrainment; these include a “roll

wave” mechanism as observed by early researchers such as Green (1950)

using high speed photography and Lane's (1951) wave “undercutting”

mechanism.
Table 4-3: Measured liquid velocities
Usy Usg Ur Ust Usg Uiy Ust Usg Uir
m/s m/s m/s m/s m/s m/s m/s m/s m/s
1.44 1.38 1.39 1.63 4.21 2.43
3.02 1.46 2.92 1.74 5.61 2.65
4.6 1.56 4.47 1.87 8.15 2.91
6.2 1.72 6 1.99 10.5 3.09
0.1 9.38 1.93 0.3 8.94 2.22 0.7 14.45 3.14
12.47 2.06 11.7 2.43 17.91 3.22
18.39 2.34 16.74 2.7 20.59 3.24
23.66 2.45 21.33 2.81
28.87 2.51 25.12 2.84
1.42 1.45 2.86 2.02 5.29 2.87
2.97 1.57 4.36 2.23 7.62 3.07
4.54 1.71 5.84 2.44 9.65 3.26
6.12 1.91 8.6 2.54 13.15 3.26
0.2 9.18 2.14 0.48 11.16 2.72 1.0 15.98 3.38
12.08 2.32 15.63 2.87 18.56 3.38
17.51 2.52 19.62 3.02
22.41 2.68 22.87 2.92
26.61 2.71

These measured velocities were used to calculate the entrainment rate of water

droplets into the gas core. The entrained droplet fraction which is given by

e

_ W _ W= Wy

_Wt_

Wi
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where Wy is the droplet entrainment rate, W; is the total liquid mass flow rate
and W, is the liquid film mass flow rate. The liquid film flow rate W, (in kg/s) is

calculated as follows
Wir = pruipdAir (4-9)

where v, is the measured liquid film velocity and A, is the liquid film wetted

cross-sectional area determined by

4.3.3 Calculation of interfacial properties from experimental
measurements

Eighty data points were obtained for this study in the range of Re, = 8400-
187000 and Re;; = 646-9700. The liquid film Reynolds number is calculated

using the relation
Relf = 4Wlf/7TD‘Lll (4'11)
The interfacial friction factor is estimated from the measured pressure gradient

by taking a momentum balance at the gas-liquid interface with the assumption

that the flow is fully developed

P (4-12)

- pgugg
where 1; is the interfacial friction factor given by

dP D — 2t (4-13)
i <_E+pcg) 4

This equation assumes a uniform film thickness around the pipe cross-section.
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Figure 4-9: Representation and notation of the various phase splits (film, gas and
droplets) occupying the total pipe area (Adapted from Cioncolini et al. 2012)

Here it should be noted that since there is significant droplet entrainment in the
gas core, as is depicted in Figure 4-9, pure gas properties are replaced by

linearly phase-averaged density of droplet laden gas core.
Pc = (1- gc)pl + EcPyg (4'14)

Historically, obtaining a satisfactory mixture rule for viscosity has not been
straight forward, with different authors preferring to define different two-phase
viscosities. Two typical definitions for the viscosity of two-phase mixture are that
of the reciprocal mean by Isbin et al. (1957) and that by Dukler et al. (1962)
using the gas quality. For the present study however, a linear phase-averaged
mixture rule was used as defined by Cicchitti et al. (1960) and Hewitt & Hall-
Taylor (1970); it was recently used by Cioncolini et al. (2009a, 2009b); and

Cioncolini & Thome (2010) as

Ue = (1 - gc),ul + Eclhg (4'15)

where ¢, is the gas core void fraction estimated as
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- (4-16)
e+y(1l—¢)

&

with ¢ being the cross-sectionally averaged void fraction and y the droplet
holdup, estimated by ignoring the slip between the entrained droplets and the
gas as follows

. £ 1l-xpg (4-17)
1-8) x p

14

where e is the entrained droplet fraction defined in Equation (4-8) and x is the
gas quality, ratio of the gas mass flux to the total mas flux. It has been pointed
out that as the homogenous model neglects the phase slip between the gas and
liquid, it is theoretically more suited to two phase flows characterised by proper
mixing between the phases e.g. dispersed bubbly flow and less accurate in the
case of separated flow where slip is more prevalent such as annular flow. Even
so, Hewitt & Hall-Taylor (1970) have shown that it can equally handle annular

flow insofar as the mixture viscosities and densities are appropriately defined.

4.3.4 Comparison of experimental interfacial friction factor with
published correlations

Henstock & Hanratty (1976) described a method to predict the height of the
liquid film and interfacial friction factor in both upward and downward annular
flow in circular pipes. For downward flow, they used pipe flow data from Chien &
Ibele (1964), Charvonia (1959), and Wright & Laufenbrenner (1975) obtained
from 50.8, 63.5 and 25.4 mm diameter pipes respectively. Henstock & Hanratty

argued that the wave surface of relatively thick films is well represented by two
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characteristic lengths t/D and t* which describe Bergelin et al's (1959)

roughened sand surface analogy of the gas—liquid interface.

Entrained
droplets

-2

-dP/dz

A

Figure 4-10: Flow configuration for vertical downwards annular two-phase flow

However, for very thin films the waves are small enough for f; to be
approximated by fs, the friction factor of a smooth pipe. They then reasoned that
at this point, the true shear stress has a magnitude between the wall shear and
the interfacial shear stress. They therefore offered to correct this interfacial
shear with a characteristic shear stress 7, as a weighted sum dominated by the

wall shear stress as

2 1 (4-18)
T = §TW+ 3 T

where the wall shear stress which acts in opposition to the direction of flow

(Figure 4-10), is given as

ZIZJ/Z D [ ~ (D — Zt)zl D (D — 2t>2 (4-19)
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The first term on the right hand side represents the total measured pressure
gradient and the other two are the gravitational pressure gradients as
contributed by the liquid film and the droplet-laden gas core respectively. Here,
it is assumed that the system is at equilibrium and adiabatic, therefore the
accelerational pressure gradient is negligible. The factor [(D — 2t)/D]? is a
measure of the void fraction given the film thickness measurement and
assuming it is uniform on the pipe periphery. The dimensionless film thickness

t; = tv; /v, akin to y* the friction distance parameter is hence re-defined in

terms of the liquid film thickness as follows

a_t F (4-20)
Vi | P1

with a rather lengthy theoretical argument, Henstock & Hanratty were able to
eliminate the dependence of the frictional forces acting on the liquid film on t*

and derived a modified Martinelli flow parameter F defined as

M v
po P (4-21)
Reg” vy [pg

M = [(0.707Re;*%)"" + (0.0379Re,*°)**104 (4-22)

where

It should be noted that this flow parameter only holds for fully turbulent flow

(with entrainment) where Re;r — oo and is negligible for laminar flow as Re;s — 0

where interfacial drag is trivial. They used this approach to study experimental

results where the pressure gradient, film thickness and film flow rate were
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measured and then derived a relation for the interfacial friction factor f; in terms

of F by fitting the data finding reasonable agreement as follows

]@ =1+ 1400F (4-23)

N

where f; is the single phase friction factor given by

fs = 0.O46Reg‘°'2 (4-24)
This was tested against the present experimental data as is shown in Figure
4-11. The correlation exhibits huge deviations resulting in both over- and under-
predictions of the large pipe data by a factor of up to 1500 thereby being
consistent with Asali et al.’s (1985) assertion that the correlation is unsuitable

for capturing the effect of pipe diameter such as the 101.6 mm ID used for this

study.
1E+4 .
OUsl=0.1m/s AD //’ A
1E+3 || AUsl=0.2m/s 1
w3 OUsl=0.3m/s
=
H—;‘ 1E+2 | ©OUsl=0.48 m/s
E X Usl=0.7 m/s
S 1E+1 +Usl=1.0m/s
[oX
x -
[N N) L2
1E+0 -
1E-1 -

1E-1 1E+0 1E+1 1E+2 1E+3 1E+4
Calculated f,/f, (Henstock &Hanratty, 1976)

Figure 4-11: Prediction of interfacial friction factor by Henstock & Hanratty (1976)
vs experimental friction factor

In their attempt to account for pipe diameter, Asali et al. (1985) showed that

(fi/fs —1) « t; is a better representation of the effect of film thickness than
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(fi/fs —1) << for gas velocities greater than 25 m/s. Where t; the

dimensionless film thickness based on the gas properties is defined as

e [0 (4-25)

tt =
Vg \|Pg

g

For the roll wave regime, (at Re;r > Rejs, the critical Reynolds number at the
start of entrainment) they found that t; correlated well with Re;r for downflows

as follows

(4-26)
v T;
£} = 0.19Rel7 - | 2Lt
Vg \|PcTc
This was then correlated with the interfacial friction factor
(fi/fs = 1) = 0.45Re; > (t5 — 5.9) (4-27)

Our data is however not well described by this correlation as shown in Figure
4-12. At high liquid velocities (corresponding to the thick films), f;/f; are far

more over-predicted than at lower liquid velocities.

1E+4 —
OUsl=0.1m/s AD e e
1E+3 AUsl=0.2m/s O L - r
s OUsl=0.3 m/s AD +50% - =
= ©Usl =0.48 m/s At f
= 1E+2 O el
= XUsl=0.7m/s O - -~ -50%
GE) +Usl=1.0m/s DRI <
= 1E+1 Q e
2 b
x //’ O
w Pitg ’O
1E+0 ’,’ ’/’ 8
1E-1 <
1E-1 1E+0 1E+1 1E+2 1E+3 1E+4

Figure 4-12: Prediction of interfacial friction factor by Asali et al. (1985) vs

Calculated £,/ f, (Asali et al, 1985)

experimental friction factor
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This is not surprising given that Asali et al (1985) correlated their data at high
gas velocities above 25 m/s whereas for the present study, the gas velocities
are within the range 1.41 — 28.87 m/s with only a few measurements taken
above 25 m/s. Despite the failure of Asali et al’s (1985) correlation to
adequately describe the present data, it is noted that their scheme of using the

group tfRe; %% (adapted from Asali, 1983) very well correlates friction factor

data with entrainment better than t;.

Fukano et al. (1991) investigated interfacial shear using an air—water system in
three tube diameters of 10, 16, and 26 mm within the range of 20—-60 m/s and
0.006-0.1 m/s superficial gas and liquid velocities corresponding to Re, and Re,,
values of 12720-99218 and 67—2900 respectively. The very low liquid velocities
and relatively high gas velocities (Table 4-3) give large slip ratios hence high
shear potentially leading to large droplet entrainments. Interestingly, Fukano et
al. in their analyses assumed a smooth film with no entrainments.
Measurements were carried out in horizontal annular flow and in both upwards
and downwards vertical flow. They correlated their interfacial friction factor as a
function of the superficial liquid and gas Reynolds numbers and notably, the
Lockhart—Martinelli parameter. They obtained the following empirical model

which they claimed holds irrespective of tube size and pipe orientation
(fi/fs —1) = 8.53 X 107*X252Re2Re; " (4-28)

where X is the Lockhart—Martinelli flow parameter defined as follows
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X = APlo ARQO (4-29)
AL/ AL

The quantities AP,,/AL and AP, /AL are the single phase pressure gradients as

if the phases are flowing alone in the pipe. They are respectively calculated by

the Darcy—Weisbach formulae for single phase pressure loss
APo /AL = 3(fi/D)pyu (4-30)
APyo/AL = 5(f5/D)pguly (4-31)
Where f; and f; are the single phase friction factors for smooth pipes
fi = 0.046Re; %2 (4-32)

fg = fs as defined in Equation (4-24). Figure 4-13 shows the present data

compared to this model. There is no systematic agreement with respect to
superficial liquid velocities; instead, agreement exists at middle points across
most liquid velocities. However, large errors still remain at many data points

with over- and under-predictions of up to 1000 times the experimental values.

Hajiloo et al. (2001) used the same correlating method as Asali et al. (1985) for
interfacial friction data obtained using four pipe diameters ranging from 15.6—
41.2 mm. They used the group tSRe;°” and obtained the correlation for

interfacial friction factor

filfs = 125.2 t}1>1Re, 10> (4-33)
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Figure 4-13: Prediction of interfacial friction factor by Fukano et al. (1991) vs the
current experimental friction factor

The effect of pipe diameter on interfacial friction factor was apparent in their
correlation when plotted against the experimental data obtained from the four
different pipes in the study. They used superficial instead of the liquid film
Reynolds number to calculate t; using Equation (4-26) while noting that their
data was without entrainment. They clearly pointed out that entrainment was
undesirable for the design application (falling films in scrubbers) which
motivated their study and have made no attempt to measure or account for
droplet entrainment. Here, it is stressed that entrainment is important in
dispersed annular flow and is frequently encountered in gas condensate pipe
systems and other industrial applications involving turbulent liquid films flowing

with a gas core as it alters the film hydrodynamics.

Nonetheless, as can be seen in Figure 4-14, their empirical model provides
better predictions with respect to the present data over a wider range of

conditions than Henstock & Hanratty (1976) and Asali et al. (1985).
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Figure 4-14: Prediction of interfacial friction factor by Hajiloo et al. (2001) vs the
current experimental friction factor

Particularly good are the predictions for the thicker films at higher liquid
Reynolds numbers where the velocities of both phases are closer (less phase
slip) and there is less interfacial shear. As a result, the entrainment is minimal.
These conditions very much resemble those in which Hajiloo and co-workers
obtained their data. More importantly, this relative agreement suggests that the
model was able to capture the effect of pipe diameter within this short range of

conditions.

Other investigators have used various approaches in modelling two-phase
frictional pressure drop in downward annular flow by treating both phases as a
homogeneous mixture. In this case the friction factor is termed a two-phase
friction factor and in reality, such methods are flow regime independent notably
in the style of Lockhart—Martinelli (1949). The works of Klausner et al. (1991),
Dalkilic et al. (2009) and Bhagwat et al. (2012) are cases in point. Hewitt & Hall-

Taylor (1970) have shown using the data of Gill et al. (1964) that the
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homogeneous model method is less accurate than flow regime specific

methods.

4.3.5 New empirical correlation

In light of the various shortcomings of the published correlations, it is imperative
to attempt to correlate the large pipe data separately which are characterised by
large entrainment caused by large shear resulting from the significant velocity
differences between the phases. These resemble the premises used by Asali
(1983) and Asali et al. (1985) to correlate their data which were improvements
to the rough sand analogue used by Henstock & Hanratty (1976). As turbulent
two-phase flow consists of complex interaction of forces and phenomena,
Hajiloo et al. (2001) noted that the rough sand analogue is simplistic. However,
none of the correlations developed by these researchers described the present

data satisfactorily.

Attempts have been made to use Asali et al.’s (1985) method, but failed to
collapse the data (Figure 4-15) as well as their modified method as utilised by
Hajiloo et al. (2001) (Figure 4-16). The latter method involves plotting f;/f;
against the dimensionless group t; Re; %7 and fitting a power law curve through
the data points. As earlier mentioned, this is in fact a modification of the
correlation scheme of Asali et al. (1985) where tg;Rego-Z was originally used.
The former scheme produced a correlation coefficient R? value of 0.8078

immensely inferior to the 0.9671 value obtained for the latter method.
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Figure 4-15: Attempted correlation of downward flow air—-water two-phase
interfacial friction factor using the method of Asali et al. (1995)
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Figure 4-16: Correlation of interfacial friction factor for downward annular air—
water two-phase flow

Therefore, the following empirical correlation is proposed for estimating the
interfacial friction factor in downwards air—water two-phase annular flow in

circular tubes for large diameter pipes, those with diameters up to 101.6 mm

/fe = 4801.6¢; 205Re, 14 (4-34)
filfs g g
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Where t; is calculated using

t T;
tr=— |-+ (4-35)
Vg \|Pg

In cases where liquid film thickness measurements t are not available, this can
be estimated with a suitable correlation. Knowledge of the entrained droplet
fraction is needed to calculate the droplet-laden core properties which are in
turn needed to calculate t; given in Equation (4-13). The correlation developed
for entrainment droplet fraction in Section 5.2.7 can be used to estimate this in

the absence of measured droplet fraction data.
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t," Re,

Figure 4-17: Effect of pipe diameter on annular downflow interfacial friction
factor

To give some perspective on the effect of pipe diameter, Haijiloo et al.’s (2001)
correlation was plotted side by side Equation (4-34) in Figure 4-17. A large

difference is seen between the two models which can give quite erroneous
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results if one is used in place of the other for interfacial friction factor

estimations. The use of Equation (4-34) is therefore tentatively suggested.

Also, attempts have been made to find a new correlation for both large and
small pipes using the data of Hajiloo et al (2001) from four different pipe
diameters ranging between 15.6—41.2 mm and the large pipe data of 101.6 mm.
That is one that effectively merges the two curves in Figure 4-17 meaning a
model for interfacial friction factor that holds irrespective of pipe diameter. The
correlation procedure involves the introduction of a factor (; Fr,)~** which is a
dimensionless group comprising the gas phase Froude number characterising
the gravitational wave velocity of the gas—liquid interface and the film thickness
non-dimensionlised by pipe diameter t/D. The index (-1.1) is obtained by

regression analysis to produce the best fit. Both ¢/D and Fry are functions of
the pipe diameter, thereby making the dimensionless group (5 Fr,)~*! an even

stronger function of pipe diameter. This new group remarkably collapsed all the
data producing a reasonably good fit (see Figure 4-18). The data of Chung &
Mills (1974) was also added thus showing that these are fairly consistent with
the current results. The slight under-prediction of Chung & Mills (1974) data can
be attributed to the fact that for their work, the film thickness was not measured
directly but was calculated by a relation developed by Brotz (1954), however,

the consistency with the current data is noted.
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Figure 4-18: (a) Empirical correlation for downward interfacial friction factor
covering both large and small diameter pipes. (b) Test of correlation using the
data of Chung & Mills (1974)

The resulting correlation is as follows
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- 4-36
= = 0.018 Re; %7 t 135 (Fr, 5y~149 (4-30)

fs

Where Fr, the superficial gas Froude number calculated as

u -
P— (4-37)

9= JgD

In the application of Equation (4-36) situations may arise where t/D is not
readily available from measured data and may have to be estimated by
correlation. The film thickness correlation of Almabrok et al. (n.d.) developed for

large pipes (given in Equation (4-4)) can be used
t* = t(g/vi)'/® = 1.4459 Re[°%* (4-38)

Figure 4-19(b) shows that using Almabrok et al's film thickness correlation
produces more scatter than if experimental film thicknesses are used (Figure
4-19(a)); it nevertheless predicts f;/f; with 56.3% of all data points within +50%

of the experimental f;/f .

All data for 101.6 mm ID pipes obtained for this work fell within +90.6% of
Equation (4-36), the developed correlation. In fact, 85.42% of all data points
(large and small) fell within £50% of this equation, thereby outperforming the
other models surveyed (Table 4-4). Hajiloo et al.’s (2001) model was the best
performer among the previously published correlations in terms of predicting the
large diameter data with 39.58% of its predictions within 50% of the data and all
of its predictions within 100% together with having the lowest percentage mean

absolute error.
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Experimental f;/ f,

Experimental £,/ f,

Figure 4-19: Interfacial friction factor calculations: using measured experimental
film thickness data from (top) 101.6 mm ID pipe and (bottom) that predicted with
The other models all produced predictions above 100% mean absolute error
with Fukano et al. recording over 700% as is seen in Figure 4-13 with
predictions exhibiting large scatter. In the case of the new model correlated for
both large and small pipes Equation (4-36), the mean absolute error is slightly
higher than that for large pipes (Equation (4-34)). This could be as a result of
uncertainty introduced by Hajiloo et al’s film thicknesses which were predicted
rather than measured. In any case, Equation (4-36) outperforms all the
previously published correlations and can be used more conveniently

irrespective of pipe diameter, but produces slightly less accuracy when
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(b)Calculated f,/ f, (With t/D from Almabrok et al.)

Equation (4-36)
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compared to the correlations of Hajiloo et al for small pipes and Equation (4-34)

for larger pipes respectively.

Table 4-4: Statistical comparison between large diameter experimental data and
correlations

Present work

Perf Henstock & Asali et Fuk t Hajiloo et
erformance Hanratty sali e ukano € al. _ : Equatio
parameter al.(1985) al. (1991) Equation  Equation
(1976) (2001) (4-34) (4-36) n
(4-36)"

0,
Qr'\c’)'ﬁa” Absolute 295.91 13519  700.45 56.5 31.69 4249  63.93
0, ithi 0,
7o ithin £50% of 20.83 18.75 14.58 39.58 85.42 75 56.25
0, ithi 0,
n t";"h'” +100% of 64.58 81.25 33.33 100 100 875 8333

TUsing t/D calculated from correlation

(Fi/f$)gxp=Ufi/fs)
* Percentage mean absolute error = QZQJ : exp ! model|
n (fi/fs)exp

Despite the improved predictions of the developed correlation, it is worth
mentioning that it must be applied with great caution outside Re; and Re, ranges
of 11300-113000 and 3756-187000 respectively from which the correlation
were developed. Figure 4-20 is a flowchart that summarises the model

development procedure.
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Figure 4-20: Flowchart for model development process
4.3.6 Conclusions
Several investigators have published studies showing that in turbulent

multiphase flow systems, using correlations obtained from small diameter pipe

systems to predict the behaviour of larger pipelines leaves much to be desired.

An important class of such correlations are those predicting friction losses for

the determination of pressure drops. Unfortunately, large diameter friction flow

data is scarce in the open literature for developing new correlations, particularly

108



for downward two-phase flow. This chapter reports new experimental data
obtained in an air—water downward co-current large diameter flow loop in
Cranfield University’s Oil and Gas Engineering Laboratory. The range of
experimental superficial air and water superficial velocities covered are 1.42—
28.87 and 0.1-1.0 m/s corresponding to Reynolds numbers of 8400-187000
and 11300-113000 respectively. Measurements were made for liquid film
thickness, film velocity, pressure gradient and void fraction in the annular flow
regime. All these were used to calculate the interfacial friction factor in a system
characterised by large entrainment. Published correlations did not sufficiently fit
these interfacial friction experimental data. Consequently, a new correlation was
developed that fits the present large pipe data and which has been proposed for
better interfacial friction factor estimations. It was extended for use in pipes for
air—water systems covering 15.6-101.6 mm diameters as results show that

literature data are consistent with the developed correlation.

4.3.7 Chapter summary

Interfacial friction and liquid film thickness are key variables for predicting
annular two-phase flow behaviours in vertical pipes. In order to develop
improved correlations for both in downward co-current annular flow, the
pressure gradient, film thickness, and film velocity data were obtained from
experiments carried out on Cranfield University’s Serpent Rig, an air/water two-
phase vertical flow loop of 101.6 mm internal diameter. The air and water
superficial velocity ranges used are 1.42-28.87 and 0.1-1.0 m/s respectively.
These correspond to Reynolds number values of 8400-187000 and 11000-

113000 respectively. The findings can be summarised as follows:
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Pressure gradient behaves differently in the two halves of a downcomer. In
the ranges of 5—-10 m/s gas superficial velocity,

The mean film thickness data from this study was compared to existing
correlations and theoretical models. It was observed that the liquid film
thickness from large diameter pipes present a distinctly different slope to
those of the existing small diameter correlations/theoretical models,
suggesting a change in the film character for large diameter pipes.
Therefore, new fitting parameters have been obtained for the Nusselt
equation as it applies to larger pipes using the current data from the
downward section of the 101.6 mm pipe.

The proposed interfacial friction factor correlation, takes into account the
effect of pipe diameter by using the interfacial shear data and
dimensionless liquid film thicknesses related to different pipe sizes ranging
from 10 to 101.6 mm, including those from published sources by numerous
investigators. It is shown that the predictions of this new correlation
outperform those from previously reported studies for tubes greater than

100 mm internal diameter in size.
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Chapter Five

UPWARDS ANNULAR FLOW

5.1 Interfacial friction factor in upwards adiabatic co-current
gas-liquid annular two-phase flow in large diameter pipes

5.1.1 Summary of upwards large pipe two-phase flow data obtained
from the open literature

Large diameter pipe annular two-phase flow literature data with respect to
pressure gradient, film thickness and void fraction is scarce. However two were
found in the open literature: the works of Zangana (2011) and Skopich et al.
(2015) who worked on air/water upflow annular flow in vertical pipes of 127 and
101.6 mm internal diameters respectively. As shown in Figure 5-1, their
experiments fall in the annular flow regime. Zangana made simultaneous
measurements of wall shear stress (using uni- and multi-directional hot wire
probes), liquid film thickness (using pin probes), and pressure gradient. He
observed that the onset of annular flow occurred at the same dimensionless gas
velocity as it would in smaller pipes and that the total pressure gradient for

given liquid and gas superficial velocities fall as the pipe diameter increases.

Similarly, in the work of Skopich et al. (2015) measurements were made of time
averaged pressure gradient, liquid holdup, and cross-sectionally averaged liquid
film thickness; in order to study liquid loading phenomenon in gas transport
pipes. Liquid holdup measurements were made using quick closing valves in

the middle of the 15.4 m long test section.
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Figure 5-1: Flow regime maps (a) Taitel and Dukler (1976) (b) Hewitt and Roberts
(1969) showing experimental conditions for data points obtained for this study
and those from the literature.

They noted that discrepancies observed between experimental pressure
gradient, liquid holdup and mechanistic model predictions are due to inaccurate
flow regime prediction resulting from the different regime transitions occurring at
different pipe scales.

5.1.2 Calculation of interfacial properties from experimental
measurements

A total of 45 data points were obtained for this study in the range of Re; =

59000-400000 and Re; = 1100-113000. The interfacial friction factor is
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estimated from measured pressure gradient by taking a momentum balance at

the gas—liquid interface with the assumption that the flow is fully developed:

£ = 21; (5-1)

- 2
pGusg

where t; the interfacial friction factor is estimated from the measured pressure

gradient by

dpP D -2t (5-2)
(= (- o)

S dz 4

This equation assumes a uniform film thickness around the pipe cross-section.
Here it should be noted that since there is significant droplet entrainment in the
gas core, pure gas properties are replaced by linearly phase-averaged density

of droplet laden gas core:

pe =1 —¢e)p, + €cPg (5-3)

Core flow viscosity was also calculated using a linear phase-averaged mixture
rule as defined by Cicchitti et al. (1960); Hewitt & Hall-Taylor (1970); recently
used by Cioncolini et al. (2009) and Cioncolini & Thome (2010); where &, is the
gas core void fraction estimated as:

e 1-xpg

= £ —e—t_ 5-4
&= iy where y = e ;722 (5-4)

And ¢ being the cross-sectionally averaged void fraction; y is the droplet holdup,
estimated by ignoring the slip between the entrained droplets and the gas; e is

the entrained droplet fraction; and x is the gas quality.
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Figure 5-2: Variation of interfacial friction factor with superficial gas Reynolds
number

The experimentally obtained interfacial friction factor was plotted as a function
of the gas Reynolds number as shown in Figure 5-2. It is clear from the figure
that f; monotonically decreases with increasing Re, irrespective of liquid
superficial velocity. However, there is a direct relationship with the superficial
liquid velocity. The inverse relationship with the gas Reynolds number is not
dissimilar with that given in the turbulent flow region of the Moody diagram for
single phase water flow. Here the liquid film acts in a similar fashion to the pipe

wall for the flowing gas core.

5.1.3 Comparison of experimental interfacial friction factor with
published correlations and new empirical correlation

Wallis's (1969) developed a correlation for interfacial friction factor in vertically
upwards annular two-phase flow which solely depends on the relative liquid film
thickness as follows:

f; = 0.005(1 + 300¢/D) (5-5)
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Since then, a number of Wallis-type empirical relations have been developed
such as that by (Moeck 1970) for the disturbance wave regime. Noting that
existing correlations do not adequately cater for thick films at low gas Reynolds
numbers, Fore et al. (2000) combined new data obtained at high pressures in a
5.08 x 101.6 mm rectangular duct with those of Asali (1983) and Fore & Dukler
(1995) to obtain a new correlation for f; as follows:

f; = 0.005[1 + 300(t/D — 0.0015)] (5-6)

In order to account for a change in liquid viscosity, Fukano and Furukawa
(1998) carried out experiments in a 26 mm diameter pipe with air/water and
air/glycerol mixtures; they proposed a correlation which was within +15% of the
experimental data as:

fi = 0.425(12 + v;/v,)(1 + 12t /D)8 (5-7)

Where v, and v,, are liquid kinematic viscosity of liquid and water at 20°C. It is
however illustrated that these equations do not amply represent the present
large pipe friction factor as well as those of Zangana (2011) and Skopich et al.
(2015) as shown in Figure 5-3. While there is reasonable agreement at high
interfacial shear stress regions where the film is smooth, a sharp change in
slope of the experimental data lead to large deviations at lower interfacial shear
stresses due to the rougher gas—liquid interface of thicker films. The reason for
the deviations (apart from the difference in hydrodynamics occurring in different
pipe scales) could be that the increasing influence of the gas velocity has been

ignored.
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Figure 5-3: comparison of measured friction factors with Wallis, Moeck, Fukano
& Furukawa, and Fore et al. correlations.

Therefore another group of relations were proposed that comprise the gas
Reynolds number. These include those of Hori et al. (1978), Asali et al. (1985),
Fukano et al. (1991) and Wongwises & Kongkiatwanitch (2001). Fukano &
Furukawa (1998) noted that the correlation of Hori et al given in Equation (5-8)
over-predicts their data at small t/D values.

fi =1.13 Rego'nge?'GSFTgO'ZSFrl_°'45 (‘ul/'uw)OJ (5_8)

Where u,, is the viscosity of water at 20°C. Here over-prediction in all t/D
regions is reported for the current, Skopich et al.’s and most of Zangana’s data

using Hori et al.’s model (Figure 5-4b).

Asali et al. (1986) derived the following semi-empirical correlation for upwards

flow f; in the roll wave regime:
; t
fi = fg 14+ Reg—O.Z Reg\/é 5_ 4 (5'9)

Where f, is the single phase gas friction factor. They used their upflow

experimental data in 22.9 and 42 mm pipes together with that of (Andreussi &
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Zanelli 1979) (24 mm downflow), Webb & Hewitt (1975) (31.8 mm upflow),
Cousins et al. (1965) (95 mm vertical upflow) and Shearer & Nedderman (1965)

(15.9 mm, 31.8 mm upflow).

Fukano et al. (1991) regressed experimental parameters obtained from pipes of
10, 16, and 26 mm diameter at 1-1.3 bara pressure. The flow inclinations used
were -90°, 90°, and 90° indicating upwards, downwards, and inclined flow. A
correlation for the interfacial friction factor was obtained which they claimed
applies irrespective of flow direction or pipe size:

fi = f,|1+ 853 x 107* X252Re? /Re] (5-10)

Where X is the Martinelli parameter. For the work of Wongwises &
Kongiatwanich (2001), a 3 m-long 29 mm internal diameter pipe was used to
measure liquid film thickness using ring electrodes. They found out that the
interfacial friction factor well correlates with the measured film thickness and the
gas Reynolds number as follows:

fi = 17.172 Re;*7¢8(t/D) 0253 (5-11)
They showed that the correlation predicted to within a +25%.

These correlations do not describe the collected large pipe data satisfactorily
either; with a large part of the predictions of Hori et al. (Figure 5-4a) and Fukano
et al. falling outside the +50% error band. Consistent under-predictions were
obtained using the models of Wongwises & Kongkiatwanitch (Figure 5-4b) and
that of Asali et al. even though the latter gave better predictions at low shear

region.
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Figure 5-4: Experimental vs friction factors predicted with Hori et al., Asali et al.,
Fukano et al., and Wongwises & Kongkiatwanitch correlations

These form the basis for a separate correlation of the large pipe friction data. It
was important to capture the effect of the flowing gas with the insertion of the
gas Reynolds number (based on superficial velocity) in any new correlation
going by the deficiencies of Equations (5-5) — (5-7) (Figure 5-3). Also, the effect
of pipe diameter is represented by inclusion of a gas Froude number. Including
t/Dis based on both the Wallis type correlations (which are sole functions of the
dimensionless film thickness) and that used by later researchers such as Hori et
al., Wongwises & Kongiatwanich, Asali et al., and Fukano et al. who also used
dimensionless quantities such as liquid and gas Reynolds numbers. The
inclusion here of the gas Froude number — a ratio of gravitational and wave

velocity forces — is for capturing different pipe scales; its inclusion also seems
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logical since it is a non-linear and hence strong function of pipe diameter.
Additionally, as Azzopardi et al. (1982) have observed from their experiments,
the liquid wave structure in large pipes is different from that present in smaller
pipes, in that the waves are circumferentially localised and not perpendicular to
the flow and are said to be “incoherent”. As a result, the interface wave velocity
behaviour (affected by the gas flow at the interface) will differ from those
experienced in smaller pipes. Thus, for larger channels, the friction factor is

assumed to follow the power law function:

fi=a RegRez/Frg‘SFrf(t/D)e (5-12)

Initial trials of multiple non-linear regression showed that correlating with the
liquid Froude number had negligible effect on f; prediction. It was therefore
eliminated from the list of dimensionless groups such that the final form of the

power law is as follows:

fi=a Re‘gRez/Frg‘s(1:/D)‘g (5-13)

Application of the regression procedure to determine the factor a and indices
B — € resulted in the following correlation being obtained for interfacial friction
factor:

fi = 6059 Re; %5 Re; *38Fr;16(t/D)%7 (5-14)
Equation (5-14) produces a better fit to the experimental data as can be seen in
Figure 5-5 with 86% of all predicted points within 50% of the experimental
values when compared to the existing correlations. This fact is shown in Table

5-1. Also the new correlation had the least percentage mean absolute error

(PMAE) of 33.9%. The PMAE is defined as PMAE =%Z?|€i|, where |g;| =
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Rexp=Ppred| o 100%. Only the correlation of Asali et al. and Fore et al. come

exp
close producing 58.3 and 58.8% respectively, while that of Fukano et al (1991)
had PMAE of 1675.6%. In the case of the latter correlation, use was made of
the Lockhart-Martinelli parameter X for correlation which treats both phases as
a homogeneous liquid. Homogeneous models are known to work for flows
where there is good mixing of the phases and are assumed to travel at the
same velocity. But in the case of annular flow where phase slip is high,
homogeneous models’ predictive quality degenerates with increasing velocity
difference at the interface.

Table 5-1: Comparison of new correlation with existing ones

New 1 2 3 4 5 6 7 8

PMAE 339 122.0 951 1196 16756 583 91.8 58.8 541.1
% within £50% of data  86.9 333 28,6 500 19.0 643 95 452 0.0
% within +100% of data 100.0 64.3 57.1  54.8 28.6 88.1 833 929 0.0

Where 1. Wallis et al. (1969), 2. Moeck (1971), 3. Hori et al (1976), 4. Fukano et al (1991), 5. Asali et al
(1985), 6. Fukano & Furukawa (1998), 7. Fore et al (2000), 8. Wongwises & Kongiatwanich (2001)

As can be seen, 100% of all predictions of the new correlation are within 100%
of the experimental values with those of Asali et al., Fukano & Furukawa and
Fore et al. coming close at 88—-93% of predictions being within a 100% error

band.
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Figure 5-5: Comparison of new correlation with experimental data
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5.1.4 Conclusion and future work

Experiments were performed to obtain pressure gradient and film thickness
data for annular two-phase flow in large diameter vertical pipes. Published
correlations did not sufficiently describe the interfacial friction factors calculated
from the data and those from other sources. For example, most of the Wallis—
type correlations underpredicted large pipe interfacial friction factors, signifying
that interfacial friction factor in large pipes does not vary with dimensionless film
thickness alone. Therefore, a new correlation has been proposed exclusively for
large pipes from the measurements of this study and those from two other
authors, using the dimensionless film thickness, gas/liquid Reynolds numbers
and the gas Froude number. The new correlation enhanced the prediction of the
friction factors. It therefore provides better frictional pressure gradient estimation
for example in industrial scale gas condensate pipes and boilers. It is simple
and can be easily incorporated into existing flow simulator codes for improved
prediction in the annular flow regime. Incorporation of smaller pipe data will
additionally increase the robustness of the empirical correlation for application

over a wider range of flow conditions and pipe sizes.
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5.2 Correlation of entrained droplets in co-current annular flow
in large diameter pipes

5.2.1 Introduction

Annular flow has been identified as one of the most commonly observed flow
regimes in a wide variety of gas—liquid two-phase flows in industrial applications
such as air conditioning, heat exchangers and wet gas pipelines. This type of
flow pattern is characterised by a continuous flow of liquid film along the pipe
inner periphery with a centralised gas core containing liquid droplets entrained
from the flowing liquid film. Accurate modelling of the amount of liquid entrained
into the gas core (the entrained droplet fraction) is important in correctly
determining pressure drop/pumping requirements in pipes, appropriate design
of facilities downstream of vertical gas well tubing, estimating the inception of
dryout in boiling heat transfer and the efficiency of nuclear reactor core cooling
as well as prevention of Loss of Coolant Accidents (LOCA). These models
(mostly in the form of empirical correlations) are embedded in thermal-hydraulic
codes as constitutive relations (closure relationships) for either the

determination of entrainment rate or entrained droplet fraction.

Correlation of entrained droplet fraction data has been carried out over the
years by many investigators (Paleev & Filippovich 1966; Wallis 1968; Oliemans
et al. 1985; Ishii & Mishima 1989; Hewitt & Govan 1990; Pan & Hanratty 2002;
Barbosa et al. 2002; Sawant et al. 2008; Sawant et al. 2009; Cioncolini &
Thome 2010; Cioncolini & Thome 2012) with a majority using air and water as
the working fluids in their experimental campaigns. However, these studies

were done with pipes of internal diameters (ID) between 5-57 mm smaller than
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typical wet gas risers for example, where the tubes have diameters in excess of
200 mm. Several authors (Oliemans et al. 1986; Pickering et al. 2001; Schlegel
et al. 2012; Lao et al. 2012) have warned of the danger of extrapolating
multiphase flow parameters (such as liquid film thickness, two-phase/interfacial
friction factor, or droplet fraction) from small to large diameters as is done for
single phase flows. Based on a thorough literature search, such correlations

developed using data exclusively from large pipes are not in existence.

The purpose of this section is to do a comparative study of several published
correlations used for the prediction of entrained droplet fraction in vertical
annular two-phase flow; determine their suitability for use in estimating large
pipe (ID>100 mm) data and hence produce a new correlation of droplet
entrainment for use in large diameter pipes as result of the inadequacies of

using reported correlations.

Use will be made of liquid film thickness, velocity and droplet entrained fraction
data from the 101.6 mm Serpent Rig together with that from a 125 mm ID
vertical pipe by (Azzopardi et al. 1982) and from the work of (Van der Meulen

2012) who studied droplet entrainment in annular flow in a 127 mm ID riser.

5.2.2 Visualisation of entrained droplets via reconstructed WMS
images

Wire mesh sensor reconstructed videos and images were used for flow
visualisation. The reconstructed videos, obtained by stacked cross-sectional
images obtained at a recording rate of 1000 Hz, provided corroboration of flow
regimes previously identified by visual observation (See Almabrok 2014).

Furthermore, the time averaged cross-sectional void fraction produced the
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reconstructed images shown in Figure 5-6. The figure shows flow visualised at
ug = 0.48 and 0.7 m/s respectively. As can be seen, the thickness of the liquid
film on the pipe periphery diminishes with increasing gas velocity. Conversely,
droplet entrainment increases as a result; with the entrained droplets in the gas
core clearly visible as indicated by the arrows. The same can be said at similar
gas velocities when liquid velocity increases. The droplet fraction is seen to be
marginally higher at us, = 17.55 m/s, ug = 0.7 m/s when compared to that at
usg = 23.20 m/s, uy = 0.48 m/s. Based on this evidence, the gas and liquid
superficial velocities as well as liquid film thickness — when expressed in
dimensionless form — are good candidates for correlating entrained droplet
fraction data.

Ugg = 11.27 m/s Ugg = 15.86 m/s Ugg = 20.02m/s Ugg = 23.20m/s

o Nt

Entrained droplets

II/‘"'_\I . .
I [
i i | |
. " 1 i
b o . -
— .- - nl o "N
Ugg = 9.32m/s Ugg = 12.50m/s Ugg = 15.25m/s Ugg = 17.55m/s

Figure 5-6: Examples of reconstructed vertical upflow time averaged WMS void
fraction images at uyg; = 0.48 m/s (top row) and ug; = 0.7 m/s (bottom row). Blue
signifies water at low void fractions while white signifies air at high void
fractions nearer 1.
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5.2.3 Flow regime identification and regime maps

For downward flow, the range of the experimental conditions chosen
corresponds to conditions in the falling film and annular flow regime
characterised by liquid film on the pipe circumference and a gas core (i.e.

without liquid droplets entrained) or gas/droplet mixture (i.e. with liquid droplets

entrained) in the central area.
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Figure 5-7: Flow regime maps based on visual observation (a) at top position of
upward (b) at bottom position of downward flowing section of test rig

Figure 5-7(a) shows the flow regime map based on the tested superficial gas
and liquid velocities in upwards flow. As can be seen, regions where annular
flow occurs are between 9 and 30 m/s Usg for the chosen liquid superficial
velocities of 0.1-1.0 m/s. Flow regimes marked as intermittent were
characterised by highly oscillatory and rough gas-liquid interface. These
observations are consistent with the earlier study of Almabrok (2014) who
worked on the same experimental setup. The flow regime identification was
done by way of visual observation of the flow configuration during tests, and by

studying high speed videos and images of the flow. These observations were
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made via transparent Perspex sections provided at the top, middle and bottom

sections of the test rig.

Figure 5-7 (b) shows the flow regime map based on the tested superficial liquid
and gas velocities for downward flow. Unlike for the upwards flow, the region
where annular flow occurs is wider: 1.1-29 m/s u,,. As can be seen, annular
flow dominates, which is due to the over-riding effect of gravity on the flow more
so by increasing the momentum of the denser liquid phase. The other regions of
non-annular flow can best be described as “froth” flow regime, characterised by
severe well-mixed gas—liquid flow thereby leading to a larger interaction of the
phases. This was similarly observed by Usui (1989), Usui & Sato (1989) in 16
and 24 mm pipes; and Bhagwat et al. (2012), Bhagwat, et al. (2012) in a 12.5
mm internal diameter pipe. It is instructive to note that flow conditions producing
frothy behaviour were not used in the analyses subsequently presented in this

study.

5.2.4 Large diameter pipe literature data

Literature data for entrained liquid droplet in large pipes is scarce. However,
data was obtained from the works of Azzopardi et al (1982) and Van der Meulen
(2012) who carried out air/water experiments on vertical pipes of 125 and 127
mm internal diameter. As can be seen in both the flow regime maps of Hewitt &
Roberts (1969) and Taitel & Dukler (1976) (Figure 5-8 (a) and (b)), the
experimental conditions for Azzopardi et al’s entirely fall in the annular flow
region. However, some overlaps occur in both flow regime maps for the case of
Van der Meulen where the data straddles annular and churn flow. The extent of

overlap is higher on the flow pattern map of Hewitt & Roberts where the fluid
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superficial momentum fluxes (pU?) are plotted as against superficial velocities
for Taitel & Dukler’'s. Nevertheless, Van der Meulen noted that the majority of
his data fell in the annular flow region based on visual observation and the
analysis of high speed photographs. In addition, since flow regime transitions
actually occur over ranges rather than the sharp transitions represented by the
lines (Whalley 1996; Kim 2000; Ghajar 2005), all the collected data are treated
as annular flow given that a complete set of data was obtained comprising liquid
film thickness, film velocity, entrained droplet fraction and pressure gradient.
Similarly, annular flow was observed for the majority of flow conditions in
downward flow as previously shown in Figure 5-7 (b). The identified annular
flow conditions are plotted against the flow regime map of Bhagwat et al. (2012)
(Figure 5-8 (c)). Although some of these points fall in the falling film and froth
flow regions of the map, visual observation and analysis of void fraction PDFs

show that the flow regimes are distinctly annular.

Azzopardi and co-workers carried out their measurements in a 125 mm
diameter vertical tube at AERE Harwell with the fluids (air and water) flowing
concurrently upwards. Entrained liquid droplet fraction was measured indirectly
by extracting the liquid film through a porous wall feature thereby obtaining the
liquid film flow rate. Their measured entrained liquid fractions are shown in
Table 5-2. The ranges of liquid and gas mass fluxes covered in their
experiments were 2.6-20.6 kg/m?s and 35.9-61.6 kg/m®s corresponding to
liquid and gas Reynolds number ranges of 579-2341 and 196000-336200

respectively.
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Figure 5-8: Comparison of present and literature annular flow data with the flow
regime maps of (a) Hewitt & Roberts (1969) for vertical flow (b) Taitel & Dukler for
vertical flow (c) Bhagwat et al. (2012) for downward annular flow
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Table 5-2: Fraction of liquid entrained (Azzopardi et al 1982)

Liquid mass flux (kg/mzs) 2.6 5.1 7.7 10.3 20.6
Gas mass flux (kg/m°s)

35.9 0.08 0.21 0.37 0.48

41.1 0.08 0.25 0.38 0.49

46.2 0.08 0.25 0.43 0.51 0.63

51.3 - 0.27 0.45 0.52

56.5 0.1 0.34 0.49 0.57

61.6 0.09 0.36 0.51 0.59

Van der Meulen (2012) performed experiments at 2 bar pressure in the vertical

127 mm internal diameter pipe at the University of Nottingham. Measurements

were made for the liquid film thickness using conductance ring probes.

Measured liquid film velocities at different superficial liquid velocities were also

obtained from which he used to calculate the entrained droplet fraction using

Equation (5-15).

Table 5-3: Summary of large diameter entrained droplet fraction experimental

data
D L/D to Data P Rey Re; Flow No.
Study (mm) sensor(s) type(s) (bara) range range direction points

Azzopardi et 125 40 E 1.30 195000- 700- ) 19
al. (1982) 336000 2880
Van der 127 83 E, t 1.15 67000- 637- 1 31
Meulen 147500 2861
(2012)
Current 101.6 39 E, t 1.50 58000-  11300- 1 26
upwards 187000 113300
Current 101.6 39 E, t 1.50 9000- 22600— ! 39
downwards 162000 113000

5.2.5 Film velocity results and determination of entrained fraction

Film velocity measurements were obtained by way of the electrolyte injection

method. This method is based on injecting sodium chloride electrolyte into the

liquid film in order to increase its conductivity. The transit time between two

sensors was determined by using the signal time delay between its two
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electrodes, the film velocities were determined. It is important to note the large
differences in liquid film velocity (U;r) and superficial gas velocity (Us,) as the
superficial gas velocity for each superficial liquid velocity (Uy;) are increased.
There is then an increase in slip velocity (Us,/U;f) which in turn results in rising
shear at the gas—liquid interface. Several mechanisms have been proposed as
to how the shearing contributes to liquid breakup hence entrainment; these
include a “roll wave” mechanism as observed by early researchers such as
Green (1950) using high speed photography and Lane's (1951) wave
“‘undercutting” mechanism. The measured velocities were used to calculate the
droplet fraction using the relationship:

. . (5-15)
e_&_ml—mlf_ 1_4ulft
m m ug D

Where mg, m,;, and m;¢ are the entrainment rate, total liquid flow rate and liquid
film flow rate respectively, while E, t, u;f, ug, and D, are the liquid entrainment

rate, measured film thickness, measured film velocity, liquid superficial velocity

and pipe internal diameter respectively.

5.2.6 Comparison of entrainment data with literature models

As mentioned earlier, there is generally a dearth of annular two-phase flow
correlations developed specifically for large pipes. (Pickering et al. 2001) noted
that the existing commercial modelling methods and codes are largely based on
data gathered in smaller diameters, typically 2 inches (50 mm) or less, but the
predictions they provide are nevertheless used to design larger diameter riser

systems in the oil and gas industry. Deepwater fields specifically present
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substantial flow assurance challenges which engineers need to tackle. In the
case of risers in such fields, there is a huge amount of uncertainty in modelling
the complex fluid mixtures. Compounding the problem are the rather
guestionable extrapolations of correlations developed for smaller diameter pipes
to large diameters representative of such deepwater risers typically in the range
of 6 inches (150 mm). In this section, it is shown that for the entrained droplet
fraction, which is important in determining pressure drop in such pipes (and
hence upstream facility design), the commonly used correlations in the literature
do not produce good quality and consistent predictions for large pipe flows. This
is done by comparing experimental data obtained from 4—5-inch pipes (given in
Table 5-3) with the predictions of literature correlations for entrained liquid
droplet fraction (given in Table 5-4).

Table 5-4: Summary of literature correlations on entrained droplet fraction

Correlation Pipe diameter  Fluids Pressure  Reg Rejrange L/D  Flow Number
ranges (mm) (bar) range direction*  of data
points

Oliemans etal 9.3-31.8 Air/water, 1-100 72— Laminar/ 1 727
(1986) air/ethanol, 99600 turbulent

steam/water,

air/genklene
Ishii & Mishima 9.5-15.6 Air/water 1-2.7 318 - Tl n/a
(1989) 6350
Pan & 10.6 -57.2 Air/water, n/a 7580— 20 - 1 n/a
Hanratty Freon/Freon, 65340 12900
(2002) helium/water,

air/genklene
Barbosa et al 31.8 Air/water 1.3-5 4000- 380 - 1 33
(2002) 9500 10500
Sawant et al 9.4 Air/water 1.2-4 345 - 110-1140 1 66
2008 2670
Sawant et al Air/water, 1.2-69 345— 110-1140 400 1 n/a
(2009) helium/water, 29100

air/genklene,

steam/water,

Freon
Cioncolinietal 9-95 Air/water, 1-70 111 8700— 11— 2293
(2012) steam/water, 266000 14000

air/ethanol,

R113, R12,

He/water,

air/genklene

*Flow direction: 1 - Upwards; | - Downwards; — - Horizontal
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All the models as can be seen in Figure 5-9a—g when compared against this

experimental database generally underestimate the entrained droplet fraction.

Only a limited number of predicted points fall within the defined 30% error band.

It is worth noting that here, most of the correlations gathered involve air—water

fluid combination and in some cases, steam-water mixtures, hydrocarbon

mixtures or condensing refrigerants. As such, they involve gas/liquid mixtures

with physical properties not very different from those used for this study.
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Figure 5-9: Comparison of experimental data with model predictions

5.2.7 Correlation of entrainment data for large diameter pipes

Entrained liquid droplet fraction data has been obtained from 101.6, 125 and
127 mm ID pipes, and in the previous section, it has been shown that
conventional entrainment correlations developed using small pipe data do not
satisfactorily describe these large experimental pipe data. This may be due to
the fact that the large pipes — due to the Rayleigh—Taylor instability — are no
longer able to sustain large slug bubbles thereby causing flow regime transition
to occur from bubbly to churn hence producing completely different

hydrodynamics to smaller pipes. (Kataoka & Ishii 1987) have shown this to be
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the case where void fraction is concerned. They compared published small pipe
void fraction correlations with a large number of large diameter pipe
measurements and reported that these were inadequate in predicting large pipe

void fractions.

It has therefore become imperative to correlate entrainment fraction data
exclusively using large pipe measurements for such channels. Use of the
Reynolds numbers as candidates for correlation is natural as they capture
inertia changes resulting from changes in fluid superficial velocities. The weber
number is especially used in the investigation of multiphase flows characterised
by an interface separating two fluids. It is a particularly important dimensionless
number generally used in spray theory. It is used in studying liquid atomisation
and in the study of surface tension waves on shear-driven liquid films. In
annular two phase flow, the core flow can be considered as a spray interacting
with the liquid film, which is shear-driven by the core flow and characterised by
surface tension waves appearing at its surface. The crests of such waves are
atomised by flowing gas in the core hence producing entrainment. Therefore,
the selection of the Weber number here as a correlating group is consistent with
the phenomena of annular flow. On the other hand, inclusion of the gas and
liquid Froude numbers is intuitive, based on the fact that the Froude number is a
ratio of inertial forces of pressure driven gas/liquid flow to the opposing
gravitational force, particularly for high velocity gas flow such as is the case in

annular two-phase flow where the inertial forces dominate resulting in Fr, > 1.

This is termed supercritical flow and the gas Froude number inclusion is

reasonable. From the foregoing, it was assumed that the entrained droplet
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fraction is a function of the liquid and gas Reynolds numbers, Weber number,
and the liquid and gas Froude numbers:

(5-16)
e = f(Re, Reg,We, Fry, Fry)

Therefore, Equation (5-16) can be explicitly rewritten assuming the
dimensionless numbers relate to the entrained droplet fraction in a power law
form as follows:

(5-17)
e = ARef'RelWe FrfFrf

Where Re; = pjugD/u, is the superficial liquid Reynolds number; Re, =
pyUsgD/ 1y the superficial gas Reynolds number; We = p, u,D /o the Weber

number; while Fr; = usl/\/g_D and Fr, = usg/\/g_D are the liquid and gas Froude
numbers respectively. The coefficient A and the indices a—e are regression
constants to be determined by multiple nonlinear least squares regression. It
was discovered that the inclusion of Fr; or otherwise does not markedly change
the R? value and the following correlation is finally arrived at:

(5-18)
e = 483 X 10—4- Re?'143R€g'64W60'66Frg_2'024

Rearranging Equation (5-18) such that a straight line relationship can be
established between e Fr7%%* and Re/'**Rel**We¢° as shown in Figure
5-10 which shows that the new correlation describes 97% of this study’s large
diameter entrained fraction and those from Azzopardi et al (1982) and Van der

Meulen (2012).

135



10000
O Current data, 101.6 mm
1000 OVan der Meulen (2012), 127 mm
¢ Current data, 101.6 mm downwards
A Azzopardi et al (1982), 125 mm

100
[\
<
N&Q
o 10 y =0.00048 x
v R?=0.97014
1
0.1
1.E+0 1.E+1 1.E+2 1.E+3 1.E+4 1.E45 1.E+6 1.E+7

Re?'14R€§'64W90'66

Figure 5-10: New correlation of entrained droplet fraction data

In addition, when compared with the various predictions of previous correlations
as shown in Figure 5-9a—g, the new correlation has 89.6% of its predictions
within £30% of experimental data as shown in Figure 5-11. Comparatively, the
previous correlations had between 18 and 42% within the +30% error band

(Table 5-5) with the best performing being that of Barbosa et al.
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0.9 - mvan der Meulen (2012), 127 mm
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0.7 A Azzopardi et al (1982), 125 mm
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Figure 5-11: Comparison of new empirical model predictions with experimental
entrained droplet fraction
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However, in the £60% error band, Oliemans et al's correlation performed best

among the existing correlations having 67% of its predictions within a +30%

error band. This is notwithstanding inferior to that of the new correlation which

has 91.3% of its predictions in the £60% error band.

The statistical parameter mean percentage absolute error (PMAE) shows that

the new model produces the least overall average deviation from the

experimentally measured entrained liquid droplet data. A comparison of the

PMAE for the new model and the previous ones is given in Table 5-5. The

PMAE values are calculated as follows:

where |€;| =

n
1
PMAE =—Z|ei|
n r]
l

E exp — Epred

X 100%

E exp

(5-19)

(5-20)

where ¢; is the error calculated at each data point i, n is the total number of data

points and subscripts exp and pred denote experimental and predicted values

of the entrained droplet fraction respectively.

Table 5-5: Performance evaluation of present and existing correlations

Model
Performance Oliemans Ishii & Pan & Barbosa Sawant Sawant  Cioncolini
Parameter et al Mishima Hanratty et al et al et al etal Present
(1986) (1989) (2002) (2002) (2008) (2009) (2012)

PMAE* 49.08 7480 5986 5692  77.83 7497 6418  24.22
% within +30%

exp. data 37.39 21.74 35.65 42.61 29.57 18.26 30.43 89.57
% within +60%

of exp. data 66.96 29.57 48.70 44 .35 35.65 20.87 43.48 91.30

* PMAE is defined in Equation (5-20)
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5.2.8 Conclusions and future work

Entrained droplet fraction has been measured in a 101.6 mm large diameter
pipe flow rig sing film velocity measurements in the annular flow regime.
Together with literature data on droplet entrainment obtained from Azzopardi et
al. (1982) and Van der Meulen (2012) in 125 and 127 mm pipes respectively.
These produced an experimental database of 115 data points, and comparison
was made with predictions of several empirical correlations in the open
literature. It was established that there were large deviations between the
experimental data and these predictions. A possible reason for these deviations
in droplet fraction is the difference in hydrodynamics of small pipe flow (5—-95
mm diameter, from which most of existing correlations are based) and large
pipe hydrodynamics. In order to cater for these inadequacies of existing
correlations, a new prediction method for entrained liquid fraction in annular two
phase flow was proposed by assuming its power law relationship with the liquid
and gas Reynolds numbers, Weber number, and the gas Froude number. The
new correlation is explicit, easy to use, hence enabling its implementation as
closure into existing flow simulator codes. It has been shown that this new
model reproduces the available data better than existing empirical correlations
and can be used for better prediction of pressure drop in gas condensate pipes,
and dryout in industrial heat exchanger tubes. However, more data needs to be
collected for even larger pipes: 150 mm ID and above and at higher gas
velocities of 30—-100 m/s. This better replicates conditions within the early life of

gas wells when reservoir pressures are highest.
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5.3 Chapter summary

This chapter has focused on the pipe diameter effect on vertical upwards
annular flow. Firstly, interfacial friction factor which is directly related to the
frictional pressure drop in gas-liquid annular two-phase flow was obtained from
pressure drop and liquid film thickness measurements with the fluids co-
currently flowing upwards through a 4-m long test section. Significant
discrepancies were found between the published correlations derived using
small pipe measurements and the current experimentally determined interfacial
friction. Most of the published correlations are Wallis-type which are only
functions of the relative film thickness, while others are not, in that they also
correlate the friction factor with the gas and liquid Reynolds numbers for
example. Attempts were therefore made to develop a new correlation using a
dimensionless liquid film thickness and gas Reynolds number function where
the results obtained show that this correlation well fits the large pipe interfacial

friction factor data.

Secondly, entrained droplet fraction, also important in determining pressure
drop and liquid holdup in many industrial pipes such as wet gas production
pipelines was measured in the 101.6 mm pipe. A literature review has revealed
that gas/liquid two-phase flow behaviour in large pipes (with diameter >100 mm)
is different from that of smaller pipes based on the investigation of many
authors in the last 30 years. Correlations derived from such small pipes when
used as closures in numerical flow simulator codes may not give accurate
predictions for typically large industrial pipes. Trial and error therefore results,

which may include model tuning and/or the use of correction factors. Here the
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entrained droplet fraction measured using liquid film velocity and gas void
fraction measurements. Probability distribution functions of the void fraction
measurements from a capacitance Wire Mesh Sensor coupled with visual
observations were used for flow regime identification. It was observed that
published droplet fraction correlations derived using small pipe data when
compared to the present experimentally determined entrained fraction produced
large deviations. These can lead to inaccurate holdup and total pressure drop
predictions and could have serious consequences for design and operation of
oil and gas pipeline systems, particularly wet gas risers where annular flow is
the prevailing regime. A new empirical correlation for droplet entrainment has
been proposed that fits both the current large pipe measurements and two

others of 125 and 127 mm internal diameter.
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Chapter Six

CONCLUSIONS AND RECOMMENDATIONS

6.1 Conclusions

This work is an experimental study carried out on gas-liquid two-phase flow in a
4-inch (101.6 mm) large diameter flow loop. The working fluids are air and water
at pressures of between 1-1.9 bar. The flow regime of interest is annular in both
vertically upwards and downwards flow directions. A capacitance Wire Mesh
Sensor was used to obtain the cross-sectional void fraction distribution for air
and water superficial velocity ranges of 1.42-28.87 and 0.1-1.0 m/s
respectively. A probe operating based on the principle of conductivity difference
between the phases was used to measure the thickness of the liquid flowing on

the pipe walls.

Conclusions drawn are as follows:

i.  Vertical downflow

e Liquid film thickness characteristics in downwards annular flow in large
diameter pipes differ from those obtained in small diameter pipes. This is
evidenced by the distinctly different slope and intercept obtained when
Nusselt's dimensionless film thickness t* for this study together with
those of existing correlations are plotted against the liquid film Reynolds
number. This may suggest a different local turbulence structure within
liquid films flowing in downwards large diameter pipes.

e The ratio of the top and bottom pressure gradients produces a unique

and consistent pattern for all liquid flow rates when plotted against the
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superficial gas velocity. A pressure gradient reversal characterised by
large fluctuations from negative to positive were observed between 5 and
10 m/s gas superficial velocities and may be related a change in flow
regime from churn-annular flow to annular two-phase flow

It was found that the interfacial friction factor in downwards annular flow
is a function of Re;*? ty (Fr, )~ for large diameter pipes rather than
Re;°?tS as established by earlier researchers for small diameter pipes.

The former group was shown to also well correlate small diameter pipe

interfacial friction factor.

Vertical upflow

Most Wallis—type correlations underpredict large pipe interfacial friction
factors, signifying that interfacial friction factor in large pipes does not
vary with dimensionless film thickness alone. A new correlation was
derived exclusively for large pipes from the measurements of this study
and those from two others. In doing so, use was made of the
dimensionless film thickness, gas and liquid Reynolds numbers, and the
gas Froude number. The new correlation improved the prediction of the
friction factors and therefore provides better frictional pressure gradient
estimation for applications such as industrial scale gas condensate pipes
and heat transfer equipment.

Large deviations were observed between entrained droplet fraction (e)
experimental data and empirical model predictions from the open

literature. This further reinforces previous observations by other
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investigators of the difference in hydrodynamics between small pipe flow
(< 100 mm diameter, from which most of existing correlations are based)
and larger pipes. In order to cater for these inadequacies, a new
prediction method for entrained liquid fraction in annular two phase flow
in large pipes was proposed. By assuming a power law relationship
exists with the liquid and gas Reynolds numbers, Weber number, and the
gas Froude number and it was found that a simple straight line

relationship exists between e Fr2°%* and Re/'**Re-6*0We 0660,

6.2 Recommendations

The following recommendations are hereby proposed in order to further two-

phase flow knowledge in large diameter pipes.

Use of a straight pipe section without the bends will allow for the
collection of data from annular flow region that is more developed. This
could also serve for studies quantifying the effect of the bend on flow
development and assessment of existing correlations. Appendix C
provides some details on work that has commenced on this
recommendation.

Further correlations could be developed for other annular flow
parameters in large pipes, such as pressure drop, and void fraction using
the available data.

As stated throughout the thesis, annular flow data for large pipes is very
scarce. Therefore, higher gas velocities need to be explored, beyond the

30 m/s of this study. Furthermore, the use of even larger diameter pipes
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(6 inch and above) is recommended. These expand the application range
of any empirical models derived.

Mechanistic modelling approaches for large diameter pipes also need to
be researched. For example the Two or Three Fluid Model that has been
extensively used for smaller channels can also be applied for pressure

drop, and holdup predictions in large diameter pipes.
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Appendix A : Experimental matrix

Table A-1: Flow conditions used throughout this study

Ug, m/s 0.1 0.2 0.3 0.48 0.7 1.0

Qg, Sm*h Ugg, m/s Ugg, m/s Ugg, mIs Usg, m/s Ugg, mis  Usg, m/s

6 0.16 0.15 0.14 0.14 0.14 0.15
10 0.25 0.25 0.25 0.25 0.25 0.25
20 0.54 0.54 0.52 0.51 0.51 0.52
30 0.83 0.82 0.80 0.78 0.77 0.77
40 1.12 1.12 1.09 1.06 1.08 1.02
50 1.43 1.42 1.39 1.36 1.33 1.32
80 2.38 2.34 2.30 2.25 2.19 2.13
100 3.01 2.96 291 2.86 2.76 2.70
150 4.59 451 4.43 4.36 4.18 3.99
200 6.23 6.12 5.96 5.81 5.57 5.27
300 9.35 9.10 8.87 8.50 8.10 7.62
400 12.47 12.03 11.62 11.15 10.47 9.80
600 18.36 17.43 16.72 15.58 14.38 13.44
800 23.64 22.30 21.26 19.59 17.80 16.04
1000 28.81 26.57 25.02 22.55 20.78 18.53

Where Q4, usy and uy are respectively the gas (air) flow rate, velocity and

superficial liquid (water) velocities
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Appendix B : Downwards film thickness correlation
attempt

This section provides the details of an initial attempt to correlate the downwards
film thickness using multiple nonlinear regression of several dimensionless

numbers whose rational for inclusion follows.

Along with the liquid film Reynolds number, in a proposed correlation, the
inclusion of the gas Reynolds and the Ohnesorge numbers based on the liquid
properties are therefore introduced. While the former accounts for the effect of
the flowing gas on the liquid film thickness the latter captures the effect of
entrained droplets. Also, the inclusion of the gas Froude number attempts to
account for the pipe diameter scale effects owing to the different pipe sizes of
the aforementioned literature experimental data which the present correlation
will be obtained. The Ohnesorge number is defined as the ratio of viscous

forces to inertial and surface tension forces given as:

Oh, = 1 (B-1)

VpioD

Smaller Ohnesorge numbers signify decreasing significance of viscosity and a
greater proclivity to form droplets. The current experiments have Oh; = 0.00033

which match the large entrainments observed. Additionally, the gas Froude
number (Fr, = U,/,/gD) is the ratio of a characteristic velocity to a gravitational

wave velocity and is useful in characterising flow involving different length
scales which in this study are the different pipe diameters utilised by Webb &
Hewitt and Chien & Ibele (see Table 2) whose data is used to produce the new

empirical correlation.
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Assuming the dimensionless film thickness is a power law function of the gas

and liquid Reynolds numbers, the Froude number and the Ohnesorge number,

t -

o = ARe{RegFrg Oh{! (B-2)
Multiple Linear Regression was used to obtain the best values of the coefficient
A and the indices a, b, ¢, and d that minimises the error with experimental data.

Application of the regression procedure resulted in the following correlation:

t -
o = 2315 Re{*"Re; "°Frg® Oh; (B-3)

Figure 18 shows that the new correlation well collapses the dimensionless film
thicknesses from the current studies covering 4 pipe diameters namely: 31.8,

38.2, 50.8 and 101.6 mm spanning the range of both small and large diameter

pipes.
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Figure B-1: Comparison between film thickness datasets in downward annular
flows in different pipe sizes with prediction using the new proposed correlation

Only two out of 72 data points were out of the 30% error band between the
predictions and experimental data. The index of 0.37 for Re; is close to the 1/3
in Nusselt’s theory. In summary, the new model is at a reasonable consistence
with previously propounded theories such as the celebrated Nusselt theory and

with the current experimental observations.
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Appendix C : Serpent Rig modification

In order to quantitatively study the effect of the U-bend on the structure of two
phase flow in upwards and downwards annular flow, a modification has been
proposed. The modification involves modifying the experimental rig as shown in
Figure C-1 so that water is injected, through a porous wall feature, into the
upward flow pipe section. Due to practical considerations of space and being
able to revert the rig to its original configuration, this has been updated so that
the U-bend is completely removed and the air connection is made using the

existing flange as shown in the figure.

163



3" Floor

Air
Compressors

¥

Air
Receiver
Tank

6m

Air Supply
Section

Vol

1* Floor

Key
P1-P6& — Pressure transducers

T1, T2 = Temperature sensors

FT — Film thickness probes

FT-v = Film thickness/velocity probes
[] Filter All FAs — Air flow meters

EE AllVCs — Automatic valves

e = C All VAs — Air valves

- T . i All VWs — Water valves

, Porous sinter 5 WMS — Wire mesh sensor

| injector

Colour Key

Red indicates additional pipe or
Secli.o.n to be fitting
maodified

Ground Floor

Water Tank Water Pump

Figure C-1: Proposed rig modification to study bend effect on upwards two-
phase flow

C.1 Porous sinter injector design, fabrication and installation

In designing the porous sinter injector to be fitted on the upwards section of the
modified rig, various engineering drawings were produced, a sample of which is
presented in Figure C-2. The porous sinter injector consists of a 350 mm-long
outer T-section casing with an internal diameter of 165.1 mm machined to 171.5
mm for 50.9 mm from the edge to hold the clamping ring shown in Appendix A.

The clamping ring serves both as a smooth transition from the 165.1 mm ID to
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the 128 mm ID of the porous stainless steel cylinder and a stopper to prevent

the porous cylinder buckling under the weight of downstream pipework.
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Figure C-2: Sample engineering drawing of the porous sinter injector PVC casing
with all dimensions given in mm.

PVC was chosen as the material for the external casing as against stainless
steel or other steels due to cost, ease of machining, corrosion damage and
weight. Figure C-3 shows the side and top views of the fabricated porous sinter
injector. Installation of the injector on the modified rig together with the

associated pipework will provide useful data on fully developed annular flow.
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Figure C-3: Fabricated porous sinter injector (a) side view with the porous
stainless steel cylinder fitted which can be clearly seen (b) top view.

C.2 Effect of the U-bend

Data was collected in the first two years of the PhD study on upward and
downward two-phase flow in the Serpent Rig facility. The theory is that data on
film thickness/velocity, instantaneous/differential pressure, and void fraction are
one way or the other affected by the bend but by how much is not yet known. It
is especially so for upwards flow which unlike downflow does not develop as
quickly due to being against gravitational forces. Therefore, it is envisaged that
the rig modification proposed which discards the U-bend upstream of the
upward section will provide valuable data for large diameter two-phase annular

flow from which the effect of the U-bend can be quantitatively studied.
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