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Abstract

Waste-to-fuel coupled with carbon capture and storage is forecasted to be an effective way to
mitigate the greenhouse gas emissions, reduce the waste sent to landfill and, simultaneously, reduce the
dependence of fossil fuels. This study evaluated the techno-economic feasibility of sorption enhanced
gasification, which involves in-situ CO, capture, and benchmarked it with the conventional steam
gasification. of municipal solid waste for H, production. The impact of a gate fee and tax levied on the
fossil CO, emissions in economic feasibility was assessed. The results showed that the hydrogen
production was enhanced in sorption enhanced gasification, that achieved an optimum H, production
efficiency of 48.7% (T=650 °C and SBR=1.8). This was 1.0% points higher than that of the
conventional steam gasification (T=900 °C and SBR=1.2). However, the total efficiency, which
accounts for H, production and net power output, for sorption enhanced gasification was estimated to
be 49.3% (T=650 °C and SBR=1.8). This was 4.4% points lower than the figure estimated for the
conventional gasification (T=900 °C and SBR=1.2). The economic performance assessment showed
that the sorption enhanced gasification will result in a significantly higher levelised cost of hydrogen
(5.0 €/kg) compared to that estimated for conventional steam gasification (2.7 €/kg). The levelised cost
of hydrogen can be reduced to 4.5 €/kg on an introduction of the gate fee of 40.0 €/tmsw. The cost of
CO; avoided was estimated to be 114.9 €/tCO; (no gate fee and tax levied). However, this value can be
reduced to 90.1 €/tCO; with the introduction of an emission allowance price of 39.6 €/tCO,. Despite
better environmental performance, the capital cost of sorption enhanced gasification needs to be reduced

for this technology to become competitive with mature gasification technologies.
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1. Introduction

Approximately two billion tonnes of municipal solid waste (MSW) are generated worldwide
every year. It is forecasted that this figure can reach 3.4 billion tonnes by 2050 [1]. The MSW
composition varies with the country's economic development, with the developing countries being
responsible for the MSW with higher contents of organic matter [2]. The UK has reduced the
biodegradable municipal waste sent to landfill from 7.4 million tonnes in 2017 to 7.2 millions of tonnes
in 2018 [3]. However, in terms of greenhouse gas (GHG) emissions, these still corresponded to 14.4
million tonnes of CO, equivalent [4]. Therefore, waste-to-energy (WtE) or waste-to-fuel conversion is
a promising route to reduce the amount of waste landfilled. Such processes also have the potential to
support a reduction in GHG emissions, reducing the dependence on fossil fuels via the production of
biofuels, power and/or heat. Therefore, the adoption of clean processes is of paramount importance with
economic, environmental and health benefits [5].

Although H> production from different biomass feedstocks can be achieved via biological or
thermochemical processes, the latter is most attractive as it offers faster process kinetics and leads to
higher H; yields [6]. Among the main thermochemical routes, biomass gasification offers better results
in terms of H» yield when compared with pyrolysis [7]. Biomass conversion into H» via gasification
normally requires temperatures between 700 °C and 1200 °C and a gasifying agent, such as air [8],
oxygen [9], steam [10] or CO; [11]. The use of pure oxygen rather than air leads to higher H> content
and higher calorific value of the final product because there is no nitrogen dilution [12]. Steam
gasification leads to even higher H, yields when compared with O, gasification. This can be attributed
to the decomposition of water and the water gas shift (WGS) and methane reforming reactions[12]. The
addition of steam also moves the equilibrium to the right enhancing the H, formation.

The products of biomass gasification are tars, chars and syngas. The typical syngas composition
includes 30-50%yo of Ha, 25-40%yo of CO, 8-20%ye of CO, and 6-15%yo of CHy4, [13]. The
composition and the H» yield depend on the biomass characteristics, gasification operating conditions,
use of catalysts and reactor design configurations [6]. It needs to be emphasised that the formation of
undesired by-products, such tars and inorganic impurities (H>S, NH3 and HCL), is the key drawback of
biomass gasification. However, the content of tars, which increase the risk of fouling and blockage in
the pipelines and equipment, can be reduced by introducing a catalyst such as Ni nanoparticles
embedded carbon nanofiber/porous carbon [14], perovskite [15] or CaO [16]. Zhang et al. [14] have
found that the use Ni nanoparticles embedded carbon nanofiber/porous carbon enhanced the tar
conversion efficiency to 94.78% at 700 °C. Umar et al. [15] have shown that perovskite dopped with
nanoparticles alkaline metals can be an effective catalyst on steam reforming of glycerol for H»
production. Besides, this catalyst has proven to contribute to the fouling reduction. Jordan and Akay
[16] have compared the syngas composition for the process with and without CaO and concluded that

H, concentration increased from 12.1%yo to 16.5%y0 without and with 6%y: CaO, respectively.



Furthermore, the carbon nanotubes supported Pt-bimetallic catalysts with CaO have proven to be an
effective catalyst for H, production from sorption enhanced aqueous phase reforming of glycerol [18].
Since the WGS reaction is favoured in detriment to methanation reaction, the H; yield increases and the
CH, yield reduces.

Importantly, calcium oxide (CaO) is regarded as a promising catalyst and CO, sorbent due to
its low cost and abundance, and is commonly considered as the sorbent in a carbonate looping (CaL)
technology. The integration of H, production and in-situ CO, capture, called sorption enhanced
gasification (SEG), presents the following benefits: the heat required in endothermic gasification
reactions is provided by the exothermic CaCOs formation reaction and the gasification equilibrium is
favourably affected by CaO presence, leading to higher H» yields [19].

The concept of SEG for H»-rich syngas production has been extensively studied and its
feasibility proved for different types of biomass, including corn stalk [20,21], palm kernel shell [22],
sawdust [23,24], sewage sludge [25], wood [26,27] and by-product/waste of wine production process
[28]. However, only a few publications have studied the feasibility of this technology using MSW as
feedstock. He et al. [29] have evaluated steam MSW SEG for H»-rich gas production using calcined
dolomite as sorbent. The effect of steam/MSW and weight hourly space velocity on gas production and
composition were assessed. The experiments were carried out in a laboratory-scale fixed bed reactor at
the gasification temperature of 900 °C. Their study found that the catalytic activity of dolomite was
enhanced by the steam presence. At steam/MSW of 1.04, the H yield and H> molar fraction reached
the maximum, 42.98 mol Ho/kg MSW and 53.22%, respectively. Zhou et al. [30] have studied the steam
MSW SEG with CaO as CO; sorbent in a batch-type fixed bed. They studied the impact of the
gasification temperature and sorbent/ MSW ratio on the H; yield. They showed that the H, molar
fraction was improved on the addition of CaO. At the gasification temperature of 700 °C and with
CaO:MSW mass ratio of 1:1, the H, molar fraction in the syngas raised from around 35%, without
sorbent, to around 50% with CaO. The CaO sorbent has also been shown to have a catalytic effect on
the MSW devolatilisation and char gasification. Hu et al. [31] studied the effect of the moisture content
in MSW on H; yield using a laboratory-scale fixed bed reactor. Their study showed that the H, mole
fraction in the syngas achieved a maximum value of 49.4% at the gasification temperature of 750 °C, a
molar ratio of CaO to carbon in MSW of 0.7 and a 40% moisture content in MSW. Irfan et al. [32] have
studied the potential of using waste marble powder, whose main component is CaCOs, as a catalyst and
CO; capture sorbent in the MSW gasification. The effect of temperature, steam/MSW and
sorbent/MSW on the gas composition, dry gas yield, tar content and carbon conversion efficiency were
investigated in a laboratory-scale batch-type fixed bed reactor. They found the rise of the four variables
analysed have a positive effect on the production of Hr-rich gas resulting in an increase in the H, molar
fraction, the dry gas yield and the carbon conversion efficiency. On the other hand, the tar content was
reduced. Martinez et al. [33] have studied the feasibility of MSW SEG for the production of synthetic
fuel in a 30kW, bubbling fluidised bed (BFB) pilot plant. The effect of the gasification temperature,
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sorbent/MSW ratio and steam excess were also analysed. The gasification temperature was shown to
have the most significant influence on the syngas composition. Importantly, for temperatures higher
than 680 °C the CaO carbonation is inhibited and the amount of CO; captured is limited. As a result,
the mole fraction of H, decreased and the mole fraction of CO; increased at temperatures above 680
°C. Their study also showed that higher contents of tar (mainly benzene and toluene) were produced
than that reported in the other studies using a dual fluidised bed (DFB) [34,35]. They concluded that
such enhanced tar formation could be associated with the limited low amount of sorbent present in the
freeboard zone of DBF and therefore, the tar formation was promoted. However, this drawback would
be overcome by a cyclic operation, where the BFB is connected to the calciner as this set-up operates
at higher sorbent/MSW ratios, reducing the tar formation [33].

The feasibility assessments of SEG presented in the literature focused mainly on characterising
the CO; capture rate and syngas composition associated with this type of gasification technology (Table
1). However, a comprehensive energy analysis, which would determine the heat required for the
regeneration of CaO sorbent for the cyclic operation of MSW SEG, was not performed. Though SEG
has to be shown a technically feasible option for converting MSW into valuable products, such as Ha,
its commercialisation depends on the H, production costs. The H, production costs based on SEG of
biomass were assessed for the first time by Schweitzer et al. [36], which reported values between 6 and
10 €/kg. However, to date no techno-economic assessment was performed for the SEG of MSW.

Therefore, this study aimed to evaluate the techno-economic feasibility of H, production
through SEG of MSW using steam as a gasifying agent. To understand the benefits of SEG, this study
benchmarked the techno-economic performance of SEG with conventional steam gasification of MSW.
A parametric study was also performed to understand the impact of the steam-to-biomass ratio (SBR;
both technologies) and the gasification temperature (conventional steam gasification only) on the
thermodynamic performance. The impact of the economic assumptions on the economic performance

was also assessed.



Table 1. Literature cases on sorption enhanced gasification of municipal solid waste

Literature Case This work

He at al. [29]

Zhou et al. [30]

Hu et al. [31]

Irfan et al. [32]

Martinez et al.
[33]

Feedstock

Catalyst/sorbent

Agent gasifying
Reactor type

Production
Work type
Sorbent
regeneration
Thermodynamic
analysis
Economic

analysis

MSW

Limestone

Steam

Dual Fluidised

bed

H,

Theoretical

Yes

Yes

Yes

MSW

Dolomite

Steam
Laboratory-scale
fixed bed
Syngas
Experimental
N/A

N/A

N/A

MSW (refused-
derived fuels)

CaO

Steam
Laboratory-scale
batch-type fixed
bed

Syngas
Experimental

N/A

N/A

N/A

MSW

CaO

Steam?
Laboratory-scale
fixed bed
Syngas
Experimental
N/AP

N/A

N/A

MSW

Waste marble
power

Steam
Laboratory-scale
batch-type fixed
bed

Syngas
Experimental

N/A

N/A

N/A

MSW-derived
Limestone
Steam

30 kW, bubbling
fluidised bed
Syngas
Experimental
N/A

N/A

N/A

*Auto generated steam from MSW moisture

"Not assessed but a new cyclic process for direct gasification of wet MSW was proposed



2. Process and model description

This study benchmarked the techno-economic performance of two waste-to-fuel conversion
processes, conventional steam gasification without CO, capture and SEG with CO» capture. The MSW
properties were taken from Wang et al. [37], and the main properties, such as lower heating value
(LHV), moisture content, ultimate and proximate analysis are presented in Table 2. The considered
processes were assumed to have a processing capacity of 500 t/d of MSW, which translates to around
100 MWy, fuel input. The process models for the considered waste-to-fuel conversion processes were

modelled in Aspen Plus®. The following assumptions were considered in both models:

e the process is steady state, isothermal with temperature and pressure uniformity;
e all the gases are ideal;

e char consists only of carbon;

e ash is inert and does not take part in any reactions; and

e tar and higher hydrocarbon formation is not considered.

The Peng-Robinson equation of state with Boston-Mathias modifications was selected to estimate the
physical properties of the components. The syngas composition was determined using the minimisation
of the total Gibbs free energy (RGibbs). The considered gasification processes usually do not achieve
chemical equilibrium, leading to an overestimation of H, and CO production and underestimation of
CO; and CH4 production [38]. For this reason, the equilibrium temperatures for the WGS and methane
reforming reactions were restricted. This method has previously been successfully employed to

accurately represent the gasification process of different feedstocks [39].

Table 2. Ultimate and proximate analysis of municipal solid waste [37]

Properties Value

LHV! [MJ/kg] 19.99

Moisture content [%ow] 9.34

Ultimate Analysis [ % db?]

Elemental composition C:49.51; H:6.42; 0:35.69; N:0.78; S:0.48
Proximate Analysis [%..db?]

Volatile matter 77.52

Fixed carbon 15.36

Ash 7.12

'lower heating value; 2dry basis
2.1. Conventional steam gasification of municipal solid waste (Case 1)
The MSW steam gasification plant consists mainly of a gasification unit, the syngas clean-up
and upgrading units, a heat exchanger network and a gas turbine. The conceptual design of the H,
production via steam gasification of MSW is presented in Figure 1 and the operating conditions are

summarised in Table 4.
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Figure 1. Simplified diagram of municipal solid waste gasification for H: production

Although not presented in Figure 1, it was assumed that MSW was subject to a pre-treatment
before being fed to the gasifier. This is completed in two stages, a primary separation of the recyclables
and a mechanical treatment to produce briquettes [40]. It is noteworthy that the power requirement of
these stages was accounted for and estimated based on the data reported based on the literature data
[40]. A DFB was selected as a gasifier that comprises two distinctive zones, gasification zone and
combustion zone. The gasification unit was modelled using a Gibbs reactor (RGibbs) and a
stoichiometric reactor (RStoich). The process model was developed based on the study by Doherty et
al. [41]. In the combustor, the unconverted char is burnt in the excess amount of air (A=1.12), providing
the heat necessary to maintain a constant temperature in the gasifier. This heat is transferred to the
gasifier by circulating the bed material between the two reactors. The temperature of the combustor was
set to be 55 °C higher than the gasification temperature. Moreover, steam at 350 °C and 1 bar was used
as the gasifying agent. The gasification process was validated with the experimental data reported by
Fremaux et al. [10], considering the gas composition (Figure 2a) and H; yield (Figure 2b) for different
temperatures (700 °C, 800 °C and 900 °C) and steam-to-biomass ratios (0.5, 0.7 and 1.0). The results
presented in Figure 2 show a good agreement between the experimental results and the model
predictions, indicating that the model developed in this study accurately represents the MSW steam

gasification process.
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Figure 2. Validation of the municipal solid waste steam gasification model with experimental data, obtained

at three different temperatures and steam-to-biomass ratios, in terms of a) gas composition and b) hydrogen

yield. Exp and mod correspond to experimental and simulated data, respectively. [10]

Since the activity of the reforming catalysts is negatively affected by the presence of sulphur
compounds, the raw syngas leaving the gasifier is then directed to the syngas clean-up unit to reduce
the HoS concentration to around 1ppm [42]. Before the sulphur removal, the COS present in the raw
syngas is converted to H,S in the carbonyl sulphide (COS) reactor [43]. This was modelled as
stoichiometric reactor (RStoich) with the assumption that 99.5% of COS is converted to CO, and H,S.
In the first stage of the syngas clean-up unit, the H>S concentration is reduced to 11 ppm using a liquid
oxidation catalyst (LO-CAT process). In a second step, a zinc oxide (ZnO) bed is used to remove the
remaining sulphur to achieve the desired level of HoS in syngas. To promote the H, yield, high-
temperature (HTS) and low-temperature (LTS) shift reactors are employed. These reactors were
modelled as equilibrium reactors (REquil) with the WGS reaction, Eq. (1) [44]. The performance of the
WGS reactors was compared with the experimental data obtained in a pilot plant by Materazzi et al.

[45]. Considering the same gas composition and operating conditions, the CO global conversion was
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96.7%. Such performance is comparable with the conversion of 92.1% reported by Materazzi et al. [45].
After this stage, the Hp-rich syngas is further purified in a pressure swing adsorption (PSA) unit. It is
assumed that 99.9% H; purity can be achieved with a H> recovery rate of 85% [42]. Although this unit
is not modelled in detail in this study, its energy requirement and associated costs were accounted for.
The H, stream is then compressed to 60 bar and the tail gas is routed to the gas turbine where is burnt
in the combustor. The flue gas is then mixed with bleed compressed air to reduce the turbine inlet
temperature below 1250 °C. The heated and compressed gas is then expanded in the turbine generating
mechanical work required to generate electricity. Additionally, a heat exchanger network and steam
cycle are also considered for heat recovery and electricity production. The considered steam cycle is
based on a superheated Rankine cycle, which has already been validated and described in detail in
Santos et al. [46].
2.2. Sorption enhanced gasification of municipal solid waste (Case 2)

Similarly to the conventional steam gasification considered in Case 1, SEG also uses the dual
fluidised bed layout. However, the material circulated between the interconnected fluidised beds acts
simultaneously as the heat and CO; carrier. Since the CO> is removed by the sorbent in the sorption
enhanced gasifier, the equilibrium of the WGS, Eq. (1), shifts to the right, leading to an enhanced H,
yield. A simplified diagram of the MSW SEG plant is depicted in Figure 3. As can be seen, the WGS
reactors and the syngas clean-up unit (LO-CAT and ZnO beds) are not present in the SEG process. This
is because these are replaced by the sorption enhanced gasifier where the CO» capture also takes place.
The calciner, PSA unit, CO, compression unit, heat exchanger network and gas turbine are the
remaining main components of the SEG process. Similarly to conventional steam gasification, it was
assumed that a pre-treatment comprising primary separation and mechanical treatment is required to
obtain a feedstock suitable for gasification. Therefore, the power requirement of this treatment was also

taken into account.
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Figure 3. Simplified diagram of municipal solid waste sorption enhanced gasification for hydrogen

production

To model the sorption enhanced gasifier in Aspen Plus®, two reactors (a Gibbs reactor and a
stoichiometric reactor) are connected with a heat stream. The raw syngas produced during the steam
gasification (steam at 350 °C and 1 bar), which occurs in the first reactor, is directed to the second
reactor where the CO, produced during the gasification is captured by the CaO, Eq. (2). As a result, the
energy demand for the gasification reaction is met by the sensible heat carried by the sorbent and the
heat released during the carbonation reaction. The WGS reaction occurs simultaneously during the CO»
capture process, leading to the production of Ho-rich syngas. The decomposition of CaCOs, formed in
the sorption enhanced gasifier, into CaO and CO, occurs in the calciner, Eq. (3). Because the calcination
reaction is endothermic, the unconverted char transported from the sorption enhanced gasifier and part
of the tail gas from the PSA unit are combusted directly in the calciner. To achieve a high-purity CO,
stream, pure O» is used for combustion in the calciner. The O, is produced in a cryogenic air separation

unit (ASU), the energy requirement of which was assumed to be 200 kW h/tO, [47]. The high-purity
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stream of COx is then cooled to 25°C and compressed to 110 bar [48]. The H,-rich stream is fed to the
PSA unit where Ho is separated from other gaseous impurities. Because SEG includes both gasification
and CO; capture, the composition of Ho-rich syngas is different (H2:79.9%+o1; CO:5.6%vo1; CO2:2.7%vo1;
CHa4:11.1%y01) than that received in the conventional steam gasification (H2:68.7%+vo1; CO:0.1%y01;
C02:29%y01; CHa4:1.6%v01) processes. Therefore, it was assumed that a high-purity H» stream (99.9%) is
produced with an H, recovery rate of 93% [49,50]. The tail gas from the PSA unit is used as fuel in the
process. A part of the tail gas is used in the calciner, providing heat for calcination, whereas the
remaining amount is used in a gas turbine to produce electricity. A heat exchanger network is also
considered to recover the high-grade heat of H,-rich syngas, CO»-lean off gas and high-purity CO,
streams that, along with the heat from SEG, are used for steam production. The approach to gas turbine
and steam cycle modelling was described in detail in the previous section. The main input parameters

and operating conditions for SEG are described in Table 4.

Water Gas Shift: CO(g) + H,O(g) — CO,(g) + H,(g) AH =+ 40.9 kJ/mol (1)
Carbonation: CaO(s) + CO,(g) — CaCOs(s) AH = -178 kJ/mol 2
Calcination: CaCO5(s) — CaO(s) + CO,(g) AH =178 kJ/mol 3)

The developed SEG model was validated as two separated processes, the steam gasification process
described in the previous section (Figure 2) and calcium looping (Cal). The experimental results
obtained at a 20 kW, dual fluidised bed by Armbrust et al. [S1] were used to validate the CaL process.
The simulated results were compared with the experimental data obtained at different operating
conditions, such as syngas composition, carbonator temperature and looping ratio
(molCa/(molCO+molCOy)). The operating conditions of each run are presented in Table 3. This

comparison, depicted in Figure 4, shows that the model can well describe the experimental results.

Table 3. Operating conditions of each run used to validate the calcium looping model [51]

Run Parameter Value

1 Syngas mole fraction [%ovolary]  H2:51.4; CO:20.9; CO,:23.4; CH4+CH,y: 4.3
Carbonator temperature [°C] 637
Looping ratio 7

2 Syngas mole fraction [%ovorary] H2:55.9; CO:12.9; C0O,:23.2; CH4+CH,:8.0
Carbonator temperature [°C] 643
Looping ratio 8.6
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Figure 4. Sorption enhanced gasification validation with literature data for different operating conditions:

a) Run 1 and b) Run 2 presented in Table 3. Exp and mod correspond to experimental and simulated data,

respectively. [51]
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Table 4. Main model assumptions used for gasification and sorption enhanced gasification

Unit operation Parameter Value
Gasification Temperature [°C] 650-1000
Pressure [bar] 1
Gasifier type Dual fluidised bed
Steam-to-biomass ratio [wt/wt] 0.5-1.3
Syngas clean-up
COS hydrolysis Temperature [°C] 200
LO-CAT Temperature [°C] 50
Outlet H>S [ppm] 11
ZnO Temperature [°C] 375
Outlet H>S [ppm] 1
Syngas upgrading
HTS Temperature [°C] 350
LTS Temperature [°C] 200
PSA H; recovery [%] 85.0
H; purity [%vol] 99.9
Temperature [°C] 30
Feed pressure [bar] 25
Tail gas pressure [bar] 1
Delivery pressure [bar] 60
Sorption enhanced gasification
Sorption enhanced gasifier Temperature [°C] 650
Steam-to-biomass ratio [mass basis] 0.5-2
Carbonated sorbent fraction [-] 0.7
CO; capture efficiency in carbonator [%] 90.0
Calciner Temperature [°C] 900
Calcined sorbent fraction [-] 0.95
Excess oxygen [%voldry] 2.5
Relative make-up [-] 0.02
H:-rich syngas upgrading
PSA H; recovery [%] 93.0
H2 purity [%vol] 99.9
Temperature [°C] 30
Feed pressure [bar] 34
Tail gas pressure [bar] 1
Delivery pressure [bar] 60
CO: compression
Compressors Polytropic efficiency [%] 80.0
Mechanical efficiency [%] 99.6
Pump Isentropic efficiency [%] 80.0
Mechanical efficiency [%] 99.6
CO:; final stream Temperature [°C] 25.0
Pressure [bar] 110.0
Steam Cycle
Live Steam Temperature [°C] 593.0
Pressure [bar] 154.0
High-pressure turbine Isentropic efficiency [%] 92.0
Mechanical efficiency [%] 99.8
Intermediate-pressure turbine Isentropic efficiency [%] 94
Mechanical efficiency [%] 99.8
Low-pressure turbine Isentropic efficiency [%] 88
Mechanical efficiency [%] 98
Condenser Feed water temperature [°C] 10.0
Gas turbine Compressor outlet pressure [bar] 20
Combustor pressure drop [%] 2
Turbine inlet temperature [°C] 1268
Turbine isentropic efficiency [%] 80
Turbine mechanical efficiency [%] 99.6

Fresh material [52]

Limestone (95.0%: CaCO3, 3.5%w MgCO3, 0.6%w: Si02, 0.4%w:

Fe203, O.S%Wt A1203)
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3. Techno-economic feasibility assessment
To understand the benefits of SEG, the process models described in Section 2 were used to assess
the techno-economic performance of conventional steam gasification and SEG.
3.1. Thermodynamic performance indicators
Four parameters were used to assess and compare the thermodynamic performance of the
considered cases, including H, production efficiency, gross power efficiency, net power efficiency and

total efficiency were the indicators selected for comparison. The H» production efficiency (n Hz)’ Eq.

(4), is defined as the ratio of the H, chemical energy and the chemical energy of MSW. It is noteworthy

that all the indicators are calculated based on the lower heating value of Hy (LHVy,) and MSW

(LHVysw). In Eq. (4), iy, and riygy are the Ho and MSW mass flowrates, respectively.
ty,- LHVy,
~tiygsw - LHY sy

“4)

Mu,

The gross power efficiency (#eigrss), given by Eq. (5), is defined as the ratio of the gross electric
power output (We;r0ss) and the chemical energy of MSW. The former accounts the electricity generated
in the steam cycle and the gas turbine.

_ Wel,gross
lgross—
H8IOSS yswLHV ysw

n &)

The ratio between the net electric power output and the total chemical energy of MSW,
calculated by Eq. (6), defines the net power efficiency (#.xe:). The net electric power output (Weiner) 18

the gross electric power output minus the electric power required to run the auxiliary equipment.

Wel,net

—_ehnel 6
Metner myrswLHV sy ©

Finally, the total efficiency 7., defined in Eq. (7), is the sum of H, production efficiency and
the net power efficiency.

_ (mHZ ' LHVHQ) + Wel,net
mysw -LHV ysw

(7)

tot

3.2. Economic performance indicators
The economic performance of the considered cases was assessed in terms of the levelised cost
of hydrogen (LCOH), and the cost of CO; avoided (AC). The levelised cost corresponds to the minimum
hydrogen sale price at which the net present value (NPV), given by Eq. (8), reaches zero.

— CF,
NPV = Z -- TCR ®)
L (1+7)
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The NPV method estimates the discounted cash flow (CF;) throughout the project lifetime (),
accounting for the total capital requirement (7CR), which was estimated following the approach
described in Table 5, and the project discount rate (r). Since the inflation was not considered, the
material and feedstock prices considered in the beginning of the project were valid for the project
lifetime. These costs and other economic parameters are presented in Table 6. The cost correlations
used on the estimation of capital cost of each unit are shown in Table 7. For the conventional steam
gasification case, the annual operating and maintenance costs, the sum of variable and fixed costs, were
calculated assuming a fraction of the TCR. It was assumed 6.6% of TCR to cover the variable operating
costs (raw materials and utilities) and 6.7% of TCR to account the fixed costs [42]. In the SEG case,
the variable costs account the costs of raw materials, utilities along with the cost associated with CO,
transport and storage. Since the economic assessment of this technology is very scarce in the literature,
the fixed costs were estimated based on the figures reported by Schweitzer et al. [36]. It was assumed
that 10%, 4%, 2% and 1.8% of TCR covered the costs relating to the working capital, maintenance

(labour & material), insurances & taxes and the plant overhead costs, respectively.

Table 5. Economic approach used for total capital requirement estimation [53].

Correlation [€]

Actual capital cost of j-component (C)) B (C EPC 12017)
I1710\ CEPCI,

Total installed cost (TIC) TIC :ZCI'
Engineering procurement and construction (EPC) EPC=10%TIC
Contingency plan (PC) PC=20%(TIC+EPC)
Total plant cost (TPC) TPC=TIC+EPC+ PC
Other capital costs (OCAPEX) OCAPEX=20%TPC
Total capital requirement (TCR) TCR=18%(TPC+0OCAPEX)

Table 6. Main economic parameters and assumptions.

Parameter Value
Unit cost of electricity exported to the grid [E/MW.,ih] [54] 40.0
Limestone unit cost [€/t] [36] 11.6
Clean water unit cost [€/m?] [36] 2.4
CO: transport and storage cost [€/t] [55] 20.0
Others

Expected lifetime [y] [56,57] 25.0
Project interest rate [%] [56,57] 8.8
Capacity factor [%] [56,57] 80.0
Average USD/EUR exchange rate 2017 [58] 0.8898
Average GBP/EUR exchange rate 2017 [58] 1.1418
CO» emission allowance price [€/tCO] [59] 39.6
Gate fee [€/tmsw] [60] 40.0

The cost CO, avoided (AC), represented by Eq. (9), is calculated based on the LCOH and the

CO; emission intensity determined for both plants.
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¢ LCOHspG - LCOHguy

)

€C0,,eq,Gasf ~ €C0O,,eq,SEG

The CO emission intensity accounts the direct (ecoz) and indirect (Pe . eCOZ,e) CO;
emissions, which is defined by the equivalent CO; emissions (€cg, eq)> Eq. (10). The indirect emissions
are associated with the surplus or deficit of electricity generated (P,) and therefore, depend on the
power plant characteristics. In that case, it was assumed the power plant emits 262 Kgco, per 1 MWeh

of electricity generated with an efficiency of 45.9 %, which were determined take into account the

power generation of the 27 EU Member States and UK in 2015 [61].

€C0,eq= €co, t+ Peeco, e (10)
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Table 7. List of cost correlations used on the estimation of capital cost of each unit (C;)).

Unit operation

Cost Correlation

Gasifier [Inlet steam flowrate, Mgeqm(kg/h)] [62]

LO-CAT oxidiser vessel [Sulphur removed flowrate, rirg (kg/h)] [42]

ZnO bed [Inlet syngas flowrate, titgyy,gqs(kg/h)] [42]

HTS reactor [Inlet syngas flowrate, Titgyygqs (kg/h)] [42]

LTS reactor [Inlet syngas flowrate, fitgypgqs (kg/h)] [42]

Pressure swing adsorption unit [Inlet gas molar flowrate, i1pg, (kmol/h)] [63]

H, compressor [Brake power requirement, WHZ,BRK (kW] [63]

Sorption enhanced gasifier [Installed capacity LHV, P;,; (MW)] [36]

Calciner [Calciner heat flux, lec (kWy)] [64]
Air separation unit [O, production rate, 7ig,(kg/s)] [65]

CO, compression unit [Brake power requirement, WCC,,_BRK (kW.))] [66]

Gas turbine [Inlet air flowrate, 14, (kg/s)] [63]

Fuel compressor [Brake power requirement, WFC_BRK (kW.)] [67,68]

Steam Cycle
High-pressure steam turbine [Brake power output, Wipsz, srx (KWer)] [69]

Intermediate-pressure steam turbine [Brake power output, Wpst srk (kW.)] [69]
Low-pressure steam turbine [Brake power output, W, psr, sex (KWe)] [69]

Deaerator [Inlet flowrate, 71z, (kg/h)] [42]

Deaerator feed pump [Condensate flowrate, ritconp (kg/h)] [42]
Low-pressure water pump [Feed water flowrate, i1, py (kg/h)] [42]
Fresh water pump [Fresh water flowrate, ricy (kg/h)] [42]

Heat exchanger GT flue gas cooler/Steam generator [PINCH, Qgr_s¢ (kW)] [42]
Heat exchanger Syngas cooler/Steam generator [PINCH, Q Syngas—SG (kW) [42]

Condenser [Heat exchange area, Aconp (m?)] [70]
Heat exchanger live steam [Heat exchange area, A.s (m?)] [68]
Heat exchanger condensate [Heat exchange area, Aconp (m?)] [67]

Heat recovery steam generator [Steam flowrate, Qugsc (kg/h)] [43]

Air preheater [Heat exchange area, Aaxpn (m?)] [67]

Syngas preheater [Heat exchange area, AS,,g0spi (m?)] [67]

Heat exchanger high-pressure water [Heat exchange area, Appw (m?)] [67]
Economiser [Heat exchange area, Azcoy (m?)] [67]

Pre-treatment [Processing capacity, mygy (t/h)] [40]

Ceev = ].22914e7<

Csyngas-s¢ = 26143(

0.6
mSlmm)

Cagr =6.5€6 (226 3

234. 5)

mSvngas )
81371 7
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Cpo =3.7¢4 (

Cyps =4.65907¢5 ( Msymgas )
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4. Results and discussion

The parameters and design specifications presented in Section 3 were used to evaluate the techno-
economic feasibility of SEG, which was benchmarked with the techno-economic performance of
conventional steam gasification. A sensitivity analysis was also carried out to study the impact of the
main economic parameters on the cost of CO; avoided.

4.1. Thermodynamic performance

To set the baseline for techno-economic assessment, the performance of the conventional steam
gasification was first assessed.

4.1.1.Conventional steam gasification
First, the effect of the gasification temperature on the H» yield and on the overall system

performance was investigated by varying the gasification temperature between 650 °C and 1000 °C
under constant SBR of 1.0. It can be seen from Figure 5 that H» yield increased from 60 g/kg dry MSW
to 78.8 g/kg dry MSW with the temperature rise from 650 °C, to 900 °C, at which the H, production
reached the maximum. At higher temperatures, a slightly decrease in H» yield was observed. This can
be attributed to the reverse WGS reaction that shifts the equilibrium and favours the reactants,
consuming the H, and CO; [71]. As expected, the temperature increase favours the endothermic
reaction, steam-methane reforming, enhancing the H, and CO formation and the CH4 consumption. The
increase of the temperature from 600 °C to 1000 °C resulted in a reduction of the gross power output
from 36.4 MW to 19.4 MW. However, the net power output remained almost constant (between 6 MW
and 7 MW). This can be explained by the reduced amount of the tail gas available from PSA at higher
gasification temperatures, resulting in a reduced electricity production in the gas turbine, but also
reduced compression energy requirement. It should be noted the energy requirement for MSW pre-
treatment was accounted for and was assumed to be constant since the MSW flowrate was kept constant
in all considered cases [40]. While the H, production efficiency (47.3%) reached the maximum at 900
°C, the net power efficiency had varied slightly, changing between 6.8% at 650 °C and 7.0% at 1000
°C. On the contrary, the gross power efficiency decreased from 34.7% to 18.5% within the same
temperature range. Although the maximum total efficiency (53.0%) was obtained at 950 °C, further
assessment will consider the gasification temperature of 900 °C as it maximises the efficiency of H»

production that is the main product of the considered cases.
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Figure 5. Effect of gasification temperature on (a) hydrogen yield, gross and net power outputs, and (b)

hydrogen production, gross power, net power and total efficiencies for conventional steam gasification at

steam-to-biomass ratio of 1.0.

The influence of SBR on the H; yield and the thermodynamic performance was assessed by
varying the SBR between 0.5 and 1.3 at 900 °C. Figure 6 revealed that an increase in SBR led to an
increase in the H, yield. However, the effect of SBR on H, yield was observed to be less pronounced
than that of the gasification temperature. This behaviour is in agreement with the experimental results
reported by Rapagna et al. [72]. The effect of SBR can be explained by the enhancement of the WGS
and steam-methane reforming reactions that shift the equilibrium to the right, enhancing the H»

formation. The increase of the SBR from 1.1 to 1.3 caused a marginal increase (0.4%) in the H, yield,
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from 79.3 g/kg dry MSW to 79.6 g/kg dry MSW. This corresponded to a H, production efficiency
between 47.6% and 47.8%, respectively. In the considered SBR range, the gross power output decreased
from 26.0 MW to 19.6 MW and the net power output increased from 6.0 MW to 6.6 MW. Therefore,
the gross power efficiency decreased from 24.8% to 18.7% and the net power efficiency increased
slightly from 5.7% to 6.3%. The maximum total efficiency obtained was 54.0% at the SBR of 1.3. As
can be seen in Figure 6, the difference between the two last points (SBR of 1.2 and 1.3), for all the
considered indicators, was less than 1%. Therefore, it was concluded that the SBR of 1.2 resulted in the

optimal operating conditions for the conventional steam gasification.
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Figure 6. Effect of steam-to-biomass ratio on (a) hydrogen yield, gross and net power outputs, and (b)
hydrogen production, gross power, net power and total efficiencies for conventional steam gasification at

gasification temperature of 900 °C

4.1.2.Sorption enhanced gasification

Similarly to the conventional steam gasification, a parametric analysis was performed to
evaluate the effect of SEG operating conditions on the H, yield and the thermodynamic performance.
However, in case of SEG, the gasification temperature was assumed to be 650 °C. This was because
the carbonation reaction becomes the limiting factor at temperatures higher than 680 °C [33]. Moreover,
Armbrust et al. [51] studied three carbonator temperatures (606 °C, 637 °C and 697 °C) in CaL for H»
production from syngas and concluded that the maximum CO conversion and CO, capture rate were
achieved at 637 °C. Although the SEG temperature was fixed at 650 °C in this study, the SBR was
varied from 0.5 to 2, which corresponded to a molar steam-to-carbon (S/C) of 0.6-2.4. Figure 7 presents
the effect of the SBR on the thermodynamic performance of SEG. It can be observed that the H> yield
increased gradually on an increase in the SBR, while the gross and net power output reduced. This can
be explained by the fact that less tail gas from the PSA was available to be burnt in the gas turbine,
more energy was required for steam production and CO; compression, and less heat excess was
available for power generation by the steam cycle. Thus, the maximum H, production efficiency
maximum (51.2%) was achieved at SBR of 2.0. However, at such SBR, the gross and net efficiencies
were 13.6% and -1.2%, respectively. The negative value for the net efficiency means that the available
power output of the system was insufficient to meet its power requirement. Therefore, further
assessment of SEG assumes the SBR of 1.8, as at this SBR the SEG process self-sufficient and there is
no need to use electricity from the grid to support its operation (Figure 7b).

Comparing the considered gasification technologies, the H» production efficiency is almost 4%
points higher for the SEG than the optimum value obtained for conventional steam gasification (47.3%).
However, a trade-off between H, yield and power efficiency should also be considered. For the optimal
operating conditions of SEG (SBR=1.8; S/C=2.2), a H, production efficiency of 48.7% and a total
efficiency of 49.3% were obtained. Yet, the latter was lower than that obtained for conventional steam
gasification (53.7%). This can be attributed to the higher power demand by SEG which translated into
a net power efficiency of 0.6% that is around 5% points lower than the figure obtained for conventional
steam gasification. The H, production efficiency is comparable with the SEG performance obtained by
Detchusananard et al.[26], who reported the H» production efficiency of around 56% for a sorption

enhanced chemical looping process operating with a S/C of 3.0.
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Figure 7. Effect of steam-to-biomass ratio on (a) hydrogen yield, gross and net power outputs, and (b)
hydrogen production, gross power, net power and total efficiencies for sorption enhanced gasification at

gasification temperature of 650 °C.

4.2. Economic performance
The breakdown of total capital costs for the conventional steam gasification and SEG are shown
in Figure 8. It can be observed that the gasification units in both cases were the most expensive pieces
of equipment, accounting for 71% and 77% of the total capital cost, respectively. It should also be noted

that the data to estimate the cost of SEG is scarce in the current literature. For this reason, the capital
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cost estimate of the SEG bears significant uncertainty and is subject to sensitivity analysis later in this
study. For the remaining costs, the heat network (12%) and H, purification and upgrading (9%)
accounted for 21% of the total capital cost of the conventional steam gasification unit. For SEG, these
units accounted for 10% of the total capital, with a share of 5% of each. This was due to the higher
share of SEG unit and the additional units required for SEG. These units, ASU (5%) and CO,

compression unit (4%), accounted for 9% of the total capital cost of SEG.
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Figure 8. Split of total capital costs for (a): gasification and (b): sorption enhanced gasification
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As there is still a high degree of uncertainty associated with the carbon capture and storage
(CCS) technologies and the CO, allowances, the economic indicators considered in this study were

evaluated under different scenarios.

Scenario 1: No gate fee and no fossil CO, emissions tax (baseline scenario)
Scenario 2: Gate fee and no fossil CO, emissions tax
Scenario 3: No gate fee and fossil CO, emissions tax
Scenario 4: Gate fee and fossil CO, emissions tax

A gate fee, which is a tax levied by the waste management facility, of 40.0 €/tmsw was assumed
[60]. Although the MSW composition may vary depending on the location or the time of the year, it
was assumed that 40% of the carbon present in the MSW was of biogenic origin [60]. It should be noted
that the CO, released during the calcination of fresh limestone make-up in SEG is of fossil origin [46].
This was accounted for in the economic assessment of Scenario 3 and Scenario 4. Under the current EU
Emissions Trading System (ETS), the biogenic CO» emissions are considered carbon neutral. Therefore,
only the CO» emissions of fossil origin are subject to the CO; emission allowance (EUA) price. The
EUA price has been increasing since the end of 2020, reaching 50.0 €/tCO; for the first time in 2021.
Therefore, an average value for the first 3 months of 2021 was taken, 39.6 €/tCO; [59].

Figure 9 presents the LCOH, which was estimated for both considered gasification
technologies, and the cost of CO; avoided estimated under different scenarios. The economic evaluation
showed that consideration of the CO» capture in SEG increased the LCOH. While for conventional
steam gasification the LCOH varied between 2.1 and 3.2 €/kg, for SEG the LCOH almost doubled (4.5—
5.1 €/kg) under the considered scenarios. This translated into a cost of CO» avoided between 90.1 €/tCO,
and 115.5 €/tCO..

As shown in Figure 9a, the introduction of a gate fee of 40 €/tmsw (Scenario 2) reduced the
LCOH by 20.5% and 11% in case of conventional steam gasification and SEG, respectively. However,
as the gate fee was introduced for both technologies, the cost of CO» avoided remained the same, around
115 €/tCO,. This implies that consideration of the gate fee will not incentivise investment in SEG over
the conventional steam gasification. On the contrary, introduction of the CO, emission allowance price
(Scenario 3) has increased the LCOH of conventional steam gasification by 20.1% (from 2.7 €/kg to
3.2 €/kg), whereas the LCOH of SEG did increase by less than 0.8% (from 5.0 €/kg to 5.1 €/kg). This
can be attributed to the lower CO; emitted in the latter case, since 90% of CO, emissions were captured
in the carbonator. It is clear from Figure 9b that the introduction of the CO, emission allowance price

had a large impact on the CO, avoided cost, reducing it by 21.5% with respect to Scenario 1.

Finally, the simultaneous introduction of the gate fee and the tax levied on fossil CO; emissions
(Scenario 4) did not influence the LCOH for the conventional steam gasification, which remained at

2.7 €/kg. This implies that the reduction in the LCOH as a result of the introduction of the gate fee is
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balanced by the increase in the LCOH due to the tax levied on the fossil CO, emissions. For SEG,
however, the LCOH reduced by 10.2% under Scenario 4. The CO, avoided cost estimated for Scenario
4 was 90.8 €/tCO,, which corresponds to a decrease of 21% with respect to baseline Scenario 1.
Although SEG is not yet economically competitive with the conventional steam gasification, the results
presented in this study demonstrated that SEG can become the preferred option when the EUA price
exceeds 183 €/tCO,. Even though the costs of CO; avoided associated with MSW gasification with CO,
capture and SEG are not available, the figures estimated in this study are comparable with that reported
for the steam-methane reforming (15.3-127.0 €/tCO,), but almost the double of that reported for coal
gasification (16.1-61.4 €/tCO,). This can be explained by the large scale of plants considered in these

studies as well as the low costs of feedstock [73].
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plant, with and without a gate fee and CO: allowance price of 40 €/tmsw and 39.6 €/tCO2, respectively.
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4.3. Sensitivity study

As shown above, the technical and economic assumptions, such as the plant capacity, fuel price, capital
cost or a gate fee, are associated with uncertainty that can influence the economic results. Therefore, a
sensitivity analysis was carried out to understand the effect of the main input variables in the economic
model on the cost of CO, avoided. The capital costs of conventional steam gasification and SEG, as

well as the price of limestone, electricity and CO» transport and storage were varied by +25%.

The results presented in Figure 10 show that the uncertainty in the capital cost had the highest
impact on the CO, avoided cost. Namely, a 25% reduction in the capital cost of SEG was shown to
result in a 47% reduction in the cost of CO; avoided, assuming that the capital cost of conventional
steam gasification remained fixed. On the contrary, if the capital cost of the conventional steam
gasification increased 25% while the SEG cost remained unchanged, the CO» avoided cost would reduce
by 30.5%. This indicates that even small reduction in the capital cost of SEG can significantly improve
its economic viability. Furthermore, the variation in the electricity and limestone prices had shown a
marginal impact on cost of CO, avoided. The £25% variation in these parameters resulted only in +1.6%
and £0.6% change in the cost of CO, avoided, respectively. Finally, a 25% increase in the cost
associated with the CO» transport and storage was shown to result in a 5% increase in the cost of CO,

avoided. Therefore, further work should focus on reducing the capital cost of SEG.

Capital Requirement_SEG [€]

Capital Requirement_Gasf [€]
CO: Transport and Storage Price [€/t] EEZA
Electricity Price [E/MWh] 7]

Limestone Price [€/t] )
-50.0% -25.0% 0.0% 25.0% 50.0%
Change in cost of CO, avoided [%]

Figure 10. Effect of the main economic parameters on the cost of CO: avoided. Stripes: +25% of baseline

parameter, Bubbles: -25% of baseline parameter

5. Technology benchmarks

The techno-economic performance of SEG was benchmarked against the conventional steam
gasification, the comparison is shown in Table 8. The equivalent CO, emissions, estimated by Eq. 10,
were used as an environmental indicator to compare the environmental performance of SEG and
conventional steam gasification (Table 8). As can be seen, the equivalent CO, emissions were reduced

from 21.7 Kgco,/Kgn, (conventional steam gasification) to 1.4 Kgco,/Kgn, (sorption enhanced

gasification). In future works, this analysis should be carried out using advanced sustainability
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assessment tools such as life cycle assessment, exergy analysis and the combination of the latter with

economic and environmental analysis, exergoenvironmental and exergoeconomic analyses [74].

Table 8. Summary of techno-economic performance for both technologies

Conventional Sorption enhanced

Parameter o . . .
steam gasification gasification

Thermodynamic assessment

H: production efficiency [%] 47.7 48.7
Gross power efficiency [%] 18.9 17.0
Net power efficiency [%] 6.0 0.6
Total power efficiency [%] 53.3 49.3
Environmental assessment

Equivalent CO; emissions [kgco,/kgy, 21.7 1.4
Economic assessment

Levelised cost of H, [€/kg] 2.7 5.0
Cost of CO; avoided [€/tCO3] - 114.9

A comparison between the LCOH estimated in this study and the LCOH reported in the
literature for different technologies is shown in Figure 11.

Currently, steam-methane reforming (SMR) is the most commonly used and the cheapest
technology for hydrogen production at scale, although its economic viability is very sensitive to the
natural gas price. For this technology, the LCOH falls in the range between 1.0-1.5 €/kg without CO>
capture and between 1.1 and 2.6 €/kg with CO, capture [73]. It can be seen in Figure 11 that coal
gasification is also a competitive route for hydrogen production. While the LCOH for the processes
without CO; capture varies between 0.9 €/kg and 1.8 €/kg, the integration of CO; capture results in a
33-94% increase in the LCOH (1.2-3.4 €/kg) [73]. Another route to produce hydrogen using renewable
energy is biomass gasification. Yet, it is not a competitive technology at the current stage of
development. The LCOH reported in the literature falls between 1.4 €/kg and 3.2 €/kg without CO,
capture and between 2.1 €/kg and 3.3 €/kg with CO; capture [73,75]. It should be noted that there is a
limited number of economic assessments for this technology in the current literature and, therefore, the
latter figures are based only on the studies by Parkinson et al [73] and Salkuyeh et al. [75]. Shahabuddin
et al. [76] were the first to estimate the LCOH for the MSW gasification without CO» capture. In their
preliminary study, they found that the LCOH depended on the plant capacity and the consideration of
a gate fee of around 45 €/tusw. The LCOH ranged from 2.4 €/kg (with gate fee) to 4.5 €/kg (without
gate fee) for a plant of 75 MWu. An increase of the plant capacity to 150 MWy was shown to reduce
the LCOH to between 1.3-3.5 €/kg. The economic feasibility of biomass SEG, at the plant capacity of
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70 MWy, was studied as a hydrogen production alternative by Schweitzer et al. [36]. They estimated
the LCOH of between 6.1 and 10.1 €/kg, which were assessed for a capital cost between 1000 €/kW,
and 2000 €/kW ..

The LCOH estimated in this study for a 100 MWy MSW gasification plant without CO» capture
(2.0-3.4 €/kg) is comparable with the figures reported above. Regarding the MSW SEG, The LCOH
found in this work (3.9-6.1 €/kg) is lower than the values reported for biomass SEG by Schweitzer et
al. [36]. This which can be primarily explained by no fuel cost associated with the use of MSW and the
higher capacity of the SEG assumed in this work (100 MW,).
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Figure 11. Levelised cost of hydrogen estimated for different technologies. Data from [36,73,75,76]. Values
for biomass sorption enhanced gasification based on the sensitivity analysis of capital cost. Values for

municipal solid waste based on application of gate fee for different size plant.

6. Conclusions

Waste-to-fuel conversion is a promising technology to simultaneously tackle the climate
change and reduce the waste landfilling. In this work, the techno-economic performance of the MSW
steam gasification without CO; capture and SEG, which comprises in-situ CO» capture, was compared.
The LCOH was one of the key economic indicators to assess the economic performance of the
considered gasification technologies. The cost associated with CO, capture, defined by the cost of CO,
avoided, was also determined. It was shown that SEG can deliver a higher H, production efficiency
than the conventional steam gasification. Depending on the operating conditions, the improvement in
H: production efficiency can reach almost 4 percentual points. However, considering the optimal
conditions of both technologies, the total efficiency delivered by SEG was 49.3% compared to 53.3%
for the conventional steam gasification. This can be explained by the energy penalty associated with
the CO» capture. Under the baseline scenario, the LCOH of 2.7 €/kg and 5.0 €/kg was estimated for
MSW steam gasification and SEG, respectively. This corresponded to a cost of CO; avoided of 114.9
€/tCO,. Although the integration of CO, capture resulted in an economic penalty, the cost of CO;
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avoided can be lowered by around 20% (90.1 €/tCO») if a CO; emission allowance price of 39.6 €/tCO,
is levied to the fossil CO emissions. Overall, the LCOH estimated for the MSW SEG was lower than
the figures reported for biomass SEG and the cost of CO; avoided was in the range for steam-methane
reforming, indicating the potential of SEG to produce low-carbon Ha. As the economic analysis was
associated with a high uncertainty, a sensitivity analysis was carried out. The results indicated the capital
cost of both technologies had the highest impact on the cost of CO, avoided. The sensitivity study
showed that the cost of CO, avoided can be reduced by 47% and 30.5% if the capital cost of SEG
decreased by 25% and the capital cost of gasification increased by 25%, respectively.

Although the LCOH was shown to be lower for more technologies, such as natural gas SMR
or coal gasification, SEG can become a competitive technology in the future. This can be primarily
achieved by considering advanced reactors to reduce the capital cost. Moreover, the recent forecasts of
the EUA prices indicate that it will increase in the next decades, promoting application of low-carbon
technologies such as SEG.

It is noteworthy this study research presents some limitations that need to be address in future
research. A quasi-equilibrium approach was adopted to model the gasification. This model does not
account the tar formation and the reaction kinetics. However, this limitation can be overcome in future
work by adopting a kinetic based model and considering the bed hydrodynamics. The performance of
the system was evaluated only from a thermodynamic and economic point of view. Besides, the energy
analysis was based on the first law of thermodynamics, which does not consider the irreversibility of
system. Therefore, the future work on the H, production systems should be simultaneously assessed

under a thermodynamic, economic and environmental perspective.
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Nomenclature

Aj heat exchanger area of equipment j [m?]

AC cost of CO, avoided [€/tCO;]

ASU air separation unit

BFB bubbling fluidised bed

C; capital cost of equipment j [€]

CaL calcium looping

CCS carbon capture and storage

CEPCI Chemical Engineering Plant Cost Index

CF, discounted cash flows through the project lifetime [€]
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COS
DFB
€co,
€co,.e
€co,.eq
ETS
EUA
EPC
GHG
HTS
LCOH
LHV
LO-CAT
LTS
m;
MSW
NPV
OCAPEX
P,

PC
PSA

SBR
S/C
SEG
SMR
t

T
TCR
TIC
TPC

Wel,gross
Wel,net

Wi
WGS

WTE

carbonyl sulphide reactor

dual fluidised bed

direct CO; emissions from the plant [Kgco,/Kgu, ]
specific CO; emissions associated with power generation [kgco,/MW.ih]
equivalent CO; emissions [kgco,/Kgw,
Emissions Trading System

CO; emission allowance

engineering procurement and construction [€]
greenhouse gas

high-temperature shift reactor

levelised cost of hydrogen [€/kg]

lower heating value [MJ/kg]

liquid oxidation catalyst

low-temperature shift reactor

flowrate of component i [kg/s] or [t/h] or [kg/h]
municipal solid waste

net present value [€]

other capital cost [€]

specific energy [MWah/Kgy, ]

project contingency [€]

pressure swing adsorption

discount rate [%]

steam-to-biomass ratio [kg/kg]

molar steam-to-carbon [mol/mol]

sorption enhanced gasification

steam methane reforming

project lifetime [y]

temperature [°C]

total capital requirement [€]

total installed cost [€]

total plant cost [€]

gross electric power output [MW¢(]
net electric power output [MW,(]
brake power requirement/output of equipment j [kW.]

water gas shift

waste-to-energy
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ZnO zinc oxide bed

Greek letters

Nh, H, production efficiency

Nel gross gross power efficiency

Nelnet net power efficiency

Nelnet total efficiency

Subscripts

0 reference value

AXPH air preheater

ASU air separation unit

BRKP brake power

calc calciner

CCU CO; compression unit

COND condensate

CW fresh water

DEA deaerator

eq equivalent

ECON economiser

FC fuel compressor

Gasf conventional steam gasification
GT gas turbine

HPST high-pressure steam turbine
HPW high-pressure water

HRSG heat recovery steam generator
IPST intermediate-pressure steam turbine
LPST low-pressure steam turbine
LPW low-pressure water

LS live steam

OXPH oxygen preheater
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