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ABSTRACT 

In oxy-fuel combustion, fuel is burned in the presence of higher concentrations 

of oxygen diluted with the recycled flue gas (RFG). The nitrogen fraction in the 

air is replaced by the recycled flue gas to moderate the combustion temperature 

in the furnace. Nitrogen is removed from the mainstream by the air separation 

unit (ASU) to provide nearly pure oxygen. However, combustion environment of 

fuel with RFG differs significantly from conventional air combustion due to the 

high heating capacity of CO2. In typical air combustion process, sulfur in fuel is 

converted to sulfur dioxide (SO2), while a smaller fraction is converted to the 

sulfur trioxide (SO3). However, during the oxy-fuel combustion with RFG tends 

to increase the SO2 concentrations in the combustion furnace. Thus, higher 

concentrations of SO3 along with SO2 and steam may increase risks associated 

with the corrosion of metal surfaces in the boiler. This occurs as the fraction of 

SO3 reacts with steam to form sulfuric acid at low temperatures. 

The aim of this PhD thesis is to evaluate the formation of SO3 concentrations 

during the oxy-fuel combustion. Thus, SO3 concentrations were measured 

experimentally under air and oxy-fuel environments. To reach the goals of this 

work, bench-scale bubbling fluidised bed and fixed bed rigs were used to 

measure SO3 concentrations. At a larger scale, a pilot-scale 50 kW circulating 

fluidised bed rig (CFB) was employed. The PhD thesis provides a literature 

survey on SO3 formation in air and oxy-fuel combustion environments, the 

development of SO3 sampling train and an experimental description of the tests. 

Finally, the results obtained from each rig have been discussed. As supporting 

case, fly ashes were analysed in TGA to investigate the amount of unburnt 

carbon content. The collected fly ash after the tests was scanned by using X-ray 

fluorescence (XRF) to evaluate the change of metal oxides.  
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1 INTRODUCTION 

According to the IEA, (2014);(2015), coal accounted for almost 30% of the 

world’s total primary energy consumption in 2012 and 44% of global CO2 

emissions. The energy produced from renewable sources such as wind, 

biomass, geothermal or solar energy is unlikely to replace energy provided by 

fossil fuels in the near future. In this context carbon capture and storage (CCS) 

concept has been proposed as an alternative option to mitigate greenhouse gas 

emissions (GHG) from coal-fired power plants and industrial processes. It is 

reported by (IPCC, 2005) that CCS could potentially reduce CO2 emissions by 

80-90%. The CCS process involves the production of a highly enriched CO2 

stream from a fuel combustion followed by transportation and storage of CO2 in 

storage facilities such as saline aquifers, depleted oil or gas reservoirs and 

mines. A number of studies are underway to evaluate the feasibility of CO2 

storage and the associated environmental issues.  

The principal concept of oxy-fuel combustion is to burn fuel in a mixture of 

oxygen and recycled flue gas (RFG), see Figure 1-1. Thus, the combustion 

environment differs significantly from the typical air combustion. The nitrogen in 

the oxidiser stream is replaced by the RFG that typically contains mainly carbon 

 

Figure 1-1 Principal scheme of oxy-fuel combustion process 



 

2 

dioxide and steam (Toftegaard et al., 2010); (Wall et al., 2009). The amount of 

RFG in the main stream is controlled to moderate the combustion temperature 

in the boiler and keep it at levels similar to the air combustion (Buhre et al., 

2005). As a result, a comparable heat transfer profile can be achieved along the 

vertical section of the boiler as in the typical air combustion (Buhre et al., 2005). 

However, the impurities contained in the flue gas increase sulfur dioxide, 

nitrogen oxides and steam concentrations considerably, due to the RFG (Liu 

and Shao, 2010). As a result, SO2 concentrations in the oxy-fuel combustion 

can be several times higher than in the air combustion (Croiset and 

Thambimuthu, 2001);(Croiset et al., 1998). Thus, an increase of SO2, O2 and 

H2O species could enhance SO3 concentrations to a greater degree. This can 

lead to serious operational risks associated with the corrosion. The reaction of 

SO3 and H2O lead to the formation of sulfuric acid that condenses on the down-

stream of the boilers (Moser, 2006);(Cao et al., 2010). In order to evaluate the 

formation of SO3, several experimental tests are examined in this thesis during 

the combustion and post-combustion environments of air and oxy-fuel.  

1.1 Influence of sulfur compounds in combustion systems 

Sulfur-in-coal may vary from 0.2 to 11%, depending on the location and rank 

(Attar, 1978)(Raask et al., 1982). However, typical values fall generally between 

0.3 and 4.3% (Glarborg, 2007). Typically, sulfur in coal is classified into two 

forms: organic and inorganic (Attar, 1978);(Cullis and Mulcahy, 1972). The 

amount of organic sulfur is approximately one-half to one-third of the total sulfur 

in coal (Cullis and Mulcahy, 1972);(Glassman and Yetter, 2008). Most organic 

and pyritic sulfur in coal is converted to sulfur dioxide during combustion and a 

part of the sulfur is retained in the ash. In this regard, studies on North Dakota 

coals has reported 83 to 93% conversion of sulfur in fuel to SO2, depending on 

sulfur content in the coals (Zygarlicke et al., 2006). Similarly, 91% of S to SO2 

conversion for a US eastern bituminous coals was observed by Croiset and 

Thambimuthu, (2001). Swedish lignite was also investigated in a pilot-scale 100 

kW oxy-PC unit and showed 67% of conversion (Fleig et al., 2011). Depending 

on the alkalinity content in the ash, part of sulfur reacts with alkaline or alkaline 
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earth metal compounds such as calcium, magnesium carbonates and sodium 

chloride (Cutler and Raask, 1984). As a result, roughly, 10 to 15% of SO2 can 

be trapped by the alkaline compounds (Zygarlicke et al., 2006); (Cutler and 

Raask, 1984). The main challenge with burning sulfur contained coals in the 

boiler is associated with the corrosion aspects. The impact of sulfur in 

conventional PC boilers has been studied and reviewed extensively in the past 

(Attar, 1978);(Raask, 1982);(Cutler and Raask, 1984) and more recently in oxy-

fuel combustion (Stanger and Wall, 2011). Most of the corrosion mechanisms 

due to the sulfur in conventional PC combustion are well known and apply  to 

oxy-fuel combustion (Stanger and Wall, 2011). 

Corrosion at high-temperatures is known as fireside corrosion (FC) that is 

caused by low melting points of alkali salt deposits. FC is one of the key 

reasons for tube failures in combustion systems that is caused by utilisation of 

coals with rich organically-bound sulfur, chlorine and sodium compounds 

(Bryers, 1996). This will lead to a damage of heat exchangers by loss of metal 

or formation of cracks which will be followed by mechanical damage (Harb and 

Smith, 1990). Corrosion at low temperatures occurs due to the formation of 

sulfuric acid. Sulfur during the combustion, also affects on the flame behaviour, 

significantly (Durie et al., 1970);(Zachariah and Smith, 1987). In fluidised beds, 

SO2 inhibits carbon monoxide (CO) burn out rate and may decrease the rate of 

homogeneous CO oxidation (Miccio et al., 2001);(Schäfer and Bonn, 2000). 

Recent observations from a bench-scale natural-gas fired burner with a 26 kW, 

showed a clear decreasing trend of CO emissions when 100 ppm of SO2 doped 

under sub-stoichiometric conditions (Glarborg, 2007). 

1.2 Formation of SO3 during the combustion 

During the coal combustion a small fraction of SO2 may be further oxidised to 

SO3 (Srivastava et al., 2004);(Glarborg, 2007);(Cullis and Mulcahy, 

1972);(Croiset and Thambimuthu, 2001). As reported by Nielsen et al., (2003), 

from 0.5 to 1.5 wt % of SO2 present in the flue gas may further oxidise to SO3. 

The SO2 to SO3 conversion is dependent on several parameters such as: 

combustion temperature, oxygen concentration and presence of catalytic 
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compounds in the fly ash (Fleig et al., 2009);(Fleig et al., 2012). Formation of 

SO3 is undesirable in combustion process as it enhances corrosion problems 

and formation of aerosol emissions (Srivastava et al., 2004). By its nature, SO3 

is very reactive and converts easily to sulfuric acid in the presence of water 

vapour (Cullis and Mulcahy, 1972). SO3 is thermodynamically favoured at lower 

temperatures. However, due to kinetic rate  limitations and cooling rates in 

practical systems, the SO3/SO2 equilibrium is not observed in practical systems 

(Glarborg, 2007). Tan et al. (2006) has stated that the conversion of SO2 to SO3 

in typical PC boilers may be up to 5%, depending on the sulfur content in the 

coal. SO3 can also cause plume opacity in the stack by forming sulfuric acid 

droplets and particulate sulfate aerosols (Srivastava et al., 2004);(Cao et al., 

2010). According to EPRI estimation, roughly 5 to 10 ppm of SO3 in flue gas 

can result in a plume opacity of 20 and 50%, respectively (Peterson and Jones, 

1994). Moser, (2006) has stated that the deposition of the H2SO4 on 

downstream surfaces can be avoided by increasing the outlet temperature of 

the flue gas. This means that the outlet temperature of the air preheater should 

be kept above the dew point. However, this will decrease the overall efficiency 

of the boiler significantly. An increase of 1.7ºC in the air heater outlet 

temperature results in a decrease of nearly 1% in the unit heat rate. The benefit 

derived from the removal of SO3 and the consequential reduction of corrosion in 

the downstream could exceed $500,000 per year (Moser, 2006). 

Application of selective catalytic reduction (SCR) technology in coal-fired power 

plants can cause further SO2 oxidation (Srivastava et al., 2004); (Moser, 2006). 

This happens due the reduction of NOx to molecular N2 and H2O by reaction of 

NOx with injected NH3. According Moser, (2006), this SO2 oxidation in the SCR 

can vary from 0.3% to 2%. Slightly lower percentage have noted by Srivastava 

et al. (2004) of between 0.25 to 0.5% for bituminous and 0.75 to 1.25% for sub-

bituminous coals. A more detailed study of SO2 oxidation over honeycomb SCR 

catalysts was reported earlier by Svachula et al. (1993). According to these 

authors, the oxidation degree of SO2 in SCR depends on vanadium content and 

wall thicknesses of the catalyst. It is also noteworthy that the reaction rate is of 

variable order in SO2 and increasing with temperature. In addition, the reaction 
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rate is found to be independent of oxygen and water, and is strongly inhibited by 

ammonia and slightly enhanced by NOx (Svachula et al., 1993).  

1.3 Aims and scope 

The aim of the thesis is to extend the knowledge on the SO3 formation during 

the low temperature combustion conditions typically found in air-fired and oxy-

fired fluidised beds. The literature review made in this thesis has pointed out to 

the significant amount of work conducted at high temperature combustion 

conditions. Most of these combustion conditions characterises the SO3 

formation degree in pulverised coal combustors where combustion temperature 

found higher than 1000°C. Thus, the novelty of this thesis is to investigate the 

formation degree of SO3 at the low-temperature conditions. In addition to that, 

oxy-fired fluidised beds combustion conditions are also investigated and 

compared to air combustion environment. As mentioned earlier, oxy-fuel 

combustion scheme has higher levels of O2, H2O and SO2 concentrations 

compare to the air combustion environment. Thus, this could lead to a higher 

formation of SO3 concentrations. The formation of SO3 is an undesirable 

process during the combustion as it turns to convert to a sulfuric acid if the flue 

gas temperature goes below the dew point temperature. Thus, this could lead to 

serious operational risks due to the corrosion.  

The objectives of current work were constructed based on the detailed literature 

survey on the SO3 formation and series of experimental tests. The thesis also 

covers SO3 measurements conducted in a pilot-scale 50 kW CFB unit during 

visit to Southeast University in China. For the bench-scale experiments, flue gas 

composition of oxy-fuel and air were simulated by synthetic gases to evaluate 

SO2 to SO3 conversion degree. Parameters such as O2, SO2 and H2O 

concentrations were varied to investigate its effect on the SO3. In addition to 

that, catalytic effects of fly ash compounds are investigated in this thesis by 

adding 4 different fly ashes in the bench-scale tests. Following objectives were 

derived for current thesis: 
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1. Literature review on the formation of SO3 under air and oxy-fuel 

combustion environments: 

 Homogeneous and heterogeneous SO3 formation; 

 SO3 formation in the pulverised coal (PC) and fluidised beds (FB);  

 Methods of SO3 measurements; 

2. Development of SO3 sampling train, based on EPA method 8A: 

 Controlled condensation method (CCM); 

3. SO3 measurements in a series of experimental rigs such as fixed bed, 

bubbling fluidised bed and pilot-scale oxy-CFB rig: 

 Low temperature SO3 formation in a fixed bed rig; 

 SO2 to SO3 conversion in a bubbling fluidised bed under flue gas 

environments of air and oxy-fuel; 

 SO3 measurements in a pilot-scale circulating fluidised bed; 

 Thermodynamic equilibrium prediction of SO2 to SO3 conversion; 

4. Characterisation of fly ashes by thermogravimetric (TGA) and X-ray 

fluorescence (XRF) analysis;  

1.4 Dissemination of PhD project 

Provided list describes the main contribution of the research project prepared 

during the course of PhD program. The last two studies have been presented in 

the international conferences. 

I. Sarbassov, Y., Zayoud, A., Mahanta, P., Gu, S., Ranganathan, P., Saha, 

U.K., 2015. ‘Hydrodynamic experiments on a small-scale circulating 

fluidised bed reactor at elevated operating pressure, and an O2/CO2 

environment’ Thermal Science; Doi: 10.2298/TSCI150921068S; 

II. Duan, L., Duan, Y., Sarbassov, Y., Li, Y., Anthony, E.J., 2015, ‘SO3 

formation under oxy-CFB combustion conditions’, International Journal of 

Greenhouse Gas Control, 43, 172–178; 

III. Sarbassov, Y., Anthony, E.J., Duan, L., Manovic, V., ‘Medium- and high-

temperature SO3 formation in a bubbling fluidized bed: effect of fly ashes 

under air and oxy-fuel combustion environments’ (Submitted to Fuel 

Processing Technology); 

http://dx.doi.org/10.2298/TSCI150921068S
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IV. Sarbassov, Y., Anthony, E.J., Duan, L., Manovic, V., ‘Review of sulfur 

trioxide emissions in oxy-fuel combustion: effect of flue gas recycling, 

catalytic effect of fly ash and modelling’. (Submitted to greenhouse gas 

science and technology);  

Conference papers: 

I. Sarbassov, Y., Zayoud, A., Mahanta, P., Gu, S., Ranganathan, P., Saha, 

UK., Circulating fluidised bed hydrodynamics study at elevated pressure 

and atmospheric O2/CO2 environment, 22nd International Conference on 

the fluidised bed conversion, June 2015, Finland (Proceedings of the 

22nd International Conference on the fluidised bed conversion); 

II. Zayoud, A., Sarbassov, Y., Mahanta, P., Gu, S., Saha, UK., Influence of 

aeration on the hydrodynamic behaviour of pressurised circulating 

fluidised bed, 5th International and 41st National Conference on Fluid 

Mechanics and Fluid Power, Indian Institute of Technology Kanpur, 

December 2014, India (Proceedings of the 5th International and 41st 

National Conference on FMFP 2014, Fluid Mechanics and Fluid Power – 

Contemporary Research, Springer-2017, pp.105-114); Doi: 10.1007/978-

81-322-2743-4_11; 

The author of this thesis is the first author in three journal papers and in one 

conference paper. The first journal and two conference papers focused on the 

hydrodynamic aspects of solids circulation in the lab-scale circulating fluidised 

bed. Therefore, the author has not included these works into the main body of 

the thesis and placed journal paper in the Appendix G and H. The author of this 

thesis was the co-author in the second paper, which were conducted during the 

visit to Southeast University.  

1.5 Content of the thesis 

The current thesis consist 5 Chapters and Appendixes. XRF analysis of fly 

ashes are summarised in the Appendix. Chapter 1 provides an introduction into 

the thesis by describing the research aims and objectives and highlighting the 

key issues of sulfur during the combustion processes. The chapter also covers 
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a brief introduction to the SO3 formation in the combustion. Chapter 2 provides 

the literature review for the oxy-fuel combustion technology, background on the 

SO3 chemistry. Influence of oxy-fuel combustion environment on SO3 

concentration and SO3 sampling methods are also provided in this section. 

Following chapter 3 describes the research methodology for each experimental 

test. Results and discussion are given in the Chapter 4. Finally the conclusion of 

the thesis is formulated in last Chapter 5.  
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2 LITERATURE REVIEW 

The literature review in this thesis is divided into the following major sections:  

- Oxy-fuel combustion concept including flue gas recirculation and 

emissions;  

- Oxy-fuel combustion technology development in large-scale fluidised bed 

units;  

- SO3 formation in combustion and SO3 sampling methods. This part is 

described by homogeneous and heterogeneous SO3 chemistry along 

with the description of most available SO3 sampling techniques.  

- Effect of an oxy-fuel combustion environment on the formation of SO3 is 

also discussed.  

2.1 Oxy-fuel combustion technology 

Oxy-fuel combustion is one of the CCS concept that was proposed by Abraham 

in 1982, to produce highly concentrated flue gas for enhanced oil recovery 

(Toftegaard et al., 2010); (Buhre et al., 2005). Later, Argonne National 

Laboratory carried out oxy-fuel investigations at a pilot-scale facility (Abele et 

al.,1987). In 1990, comprehensive work started on CCS technologies 

throughout Europe and USA (Edge et al., 2011). Babcock Wilcox and Air Liquid 

continued research on oxy-fuel in a collaboration with CANMET (Wall et al., 

2009). A number of research publications can be found in the literature for oxy-

fuel combustion in the pulverised coal combustors (Toftegaard et al., 2010). As 

noted in the previous section, the generated flue gas mainly consists of CO2 and 

H2O, plus small amount of contaminants such as NOx and SOx. The flue gas 

then goes through a cleaning process that occurs via a series of units such as 

electrostatic precipitator (ESP), flue gas desulfurisation (FGD) and selective 

catalytic reduction (SCR). Ash particles from the flue gases in downstream of 

boiler are removed by ESP unit before SCR. In practice, ESP system prevents 

degradation of catalyst in SCR unit. However, to avoid an accumulation of sulfur 

in the SCR system, a FGD unit must also be placed before SCR (Toftegaard et 

al., 2010). Due to the additional equipment for O2 separation and flue gas 
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compression studies to date suggest that the net combustion efficiency points of 

oxy-fuel technology drops roughly from 7 to 11% (Davison, 2007); (Müller et al., 

2012); (Wall et al., 2007). However, it should be mentioned that these studies 

are based on number of yet to be verified assumptions on plant performance 

and availability. The cost of technology can vary significantly depending on the 

plant location and type of coals (Davison, 2007).  

Liu and Shao, (2010) have predicted the level of flue gas impurities in oxy-fuel 

combustion for CO2 storage. The authors concluded that N2/Ar levels in the flue 

gas varied from 1 to 6%, depending on O2 purity from the ASU. O2 

concentration varied from 3 to 5%, depending on the combustion stoichiometry. 

Also, the water concentration in the flue gas fluctuated from 10 to 40%, 

depending on the fuel properties and partitioning of the RFG between dry and 

wet (Liu and Shao, 2010). Typical pollutant levels from modern coal and gas-

fired power plants (SO2, NOx and particulate matter-PM) are provided by IEA 

(2012), see Table 2-1. It can be seen that fluidised beds offers better solution 

with a comparatively low emission levels of SO2 and NOx. However, to maintain 

the same level of emissions in pulverised coal (PC) technology, additional 

clean-up is required.  

The produced CO2 goes through purification and cleaning processes where the 

CO2 is compressed and transported for storage at relatively high pressures 

(Anheden et al., 2008);(Anheden et al., 2004). The geological conditions for 

delivering the CO2 stream have been reported by several authors (Dillon et al., 

2005). The CO2 requirement for transportation and storage was assessed by 

(Anheden et al., 2008). These authors noted that SO2 content in CO2-enriched 

gas must be < 200 mg/Nm3 in aquifer storage and < 50 mg/Nm3 for on-shore 

storage. Markewitz et al. (2012) has reported SOx levels during the CO2 

transportation and noted that SOx concentrations should be limited to 100 ppm. 

This level is associated with the emission limits in the event of gas leakage 

(Visser et al., 2008). SO2 may also cause problems due to its sulfation 

behaviour in the presence of calcium containing ashes in the underground 

storage. If sulfates are formed in saline aquifer they will decrease the storage 
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porosity and consequently may affect the storage capacity parameters. Also, 

nearly complete dehydration of the flue gas is crucial, as it will reduce the mass 

flow rate and inhibit corrosion (Andersson and Johnsson, 2006);(Aspelund and 

Jordal, 2007). The change of mass flow is associated with the density of CO2 

stream which tends to decrease by increase of impurities (Burnol et al., 2015). 

Presence of SO2 results in higher heat capacities of CO2 (Li et al., 2009). In 

addition, the isothermal compression work was found to be more sensitive for 

SO2 than other species (Li et al., 2009). The presence of both SO2 and water in 

                                            
a
 Cap fac-capacity factor  

b
 PM-particulate matter 

c
 In operation (sliding pressure-type) 

d
 In operation (Poland) 

e
 Under development 

f
 At temperature of 700 ºC 
g
 NGCC-Natural gas fired combined cycle plant 

Table 2-1 Performances of coal and gas-fired power plants (IEA 2012) 

Plants 

(MW) 

Cap 

faca 

(%) 

CO2 

emission

s (g/kWh) 

NOx 

emission 

(mg/Nm3) 

SO2 

emission 

(mg/Nm3) 

PMb 

emission 

(mg/Nm3) 

CCS 

penalty 

(%) 

PC-Ultra 

Super 

Critical 

(1050)c 

80 740 <50 to 

100 (by 

SCR) 

<20 to 

100 (by 

FGD) 

<10 

7 to 10 

(post & 

oxy-fuel 

combust

ion) 

CFBC 

(460)d 

80 880 to 

900 

<200 <50 to 

100 (in 

situ) 

<50 

PC A-Ultra 

Super 

Critical e 

<(1000) 

- 669f  <50 to 

100 (by 

SCR) 

<20 to 

100 (by 

FGD) 

<10 

IGCC 

(335) 

70 669 to 

740 

<30 <20 <1 7 

NGCCg 

(410) 

80 400 <20 Almost 

none 

0 8 



 

12 

the CO2 stream may increase the risk of corrosion by formation of sulfuric acids 

(Anheden et al., 2008). For that reason, removal of impurities from the CO2 

stream by flue gas condensers and FGD units is necessary before the 

transportation (Anheden et al., 2008). 

The impurities derived from three CCS technologies as compared by the IEA, 

(2012), was illustrated in Table 2-2. Three CO2 purity scenarios were provided 

for an oxy-fuel combustion with 85.0%, 98.0 and 99.9% in the flue gas stream 

(IEAGHG, 2011);(Talman, 2015). It can be noted that the SO2 and SO3 

compounds in CO2 streams were higher in oxy-fuel combustion than in the pre-

combustion and post-combustion CCS schemes. White et al., (2010) has 

                                            
h
 Pur - CO2 purity 

i
 Total concentrations of N2+Ar 
j
 Total concentrations of SO2+SO3 

Table 2-2 Composition of CO2 streams for storage (IEAGHG, 

2011);(Talman, 2015)  

Compounds Pre-combustion Post-combustion Oxy-fuel 

Selexol Rectisol Low 

purh 

Med 

pur 

High 

pur 

Low 

pur 

Med 

pur 

High  

pur 

CO2 (vol%) 97.95 99.7 99.93 99.92 99.8 85.0 98.0 99.9 

O2 (vol%)   0.02 0.02 0.03 4.70 0.67 0.01 

N2 (vol%) 0.90 0.21 0.05i 0.051 0.091 5.80 0.71 0.01 

Ar (vol%) 0.03 0.15    4.47 0.59 0.01 

H2O (ppm) 600 10 100 100 600 100 100 100 

NOx (ppm)   20 20 20 100 100 100 

SO2 (ppm)   102 102 20j 50 50 50 

SO3 (ppm)      20 20 20 

CO (ppm) 400 400 10 10 20 50 50 50 

H2S+COS 

(ppm) 

100 100       
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highlighted that the SO2 and SO3 compounds mainly removed in the form of 

H2SO4 in the CO2 stream. Older data from the IEA on impurities were reported 

by IPCC, (2005). It is also noted that the flue gas should be dehydrated to a 

dew point of 5ºC below the temperature required for transportation in the 

presence of SO2 and CO2. It is believed that under these conditions SO2 will not 

cause corrosion (Andersson and Johnsson, 2006).  

2.2 Flue gas recirculation concept 

The oxygen with >95% purity for combustion is mixed with the RFG before it 

enters the boiler. The amount of RFG is determined by flame temperature 

similar to typical air-fuel combustion. This consequently will give a comparable 

heat transfer profile through the boiler (Buhre et al., 2005). On the other hand, 

to reach similar adiabatic flame temperature in the furnace as in air combustion, 

O2 concentrations in the oxidant stream should be kept higher than 30% (Wall, 

2007);(Hu and Yan, 2012). Typically, this requires 2/3 of flue gas to be recycled. 

According to the previous studies of Toftegaard et al. (2010); Andersson and 

Johnsson, (2006); Handford et al. (2014) and Kather and Scheffknecht, (2009), 

an optimum RFG ratio lies between 0.6 to 0.8. The recycling rate is defined as 

the amount of RFG per mole of fuel (Hu and Yan, 2012): 

RFG rate = 𝑣 (
𝜆RFG

[O2]Oxidant
−

𝜆RFG

[O2]Asu
) Equation 2.1 

where ν is the stoichiometric coefficient of O2 for fuel used. [O2]asu and [O2]oxidant 

are O2 concentration provided to the boiler and ASU, λ and Ɛ are the 

stoichiometric ratio and excess oxygen in the oxidant and flue gas streams as 

seen in Figure 2-1.   

Alternatively, this term can be presented as the recycled flue ratio. 

RFG ratio =
Mol of recycled flue gas stream

Total mol of flue gas stream of boiler outlet
× 100% Equation 2.2 
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Various RFG schemes were proposed by Nakayama and Noguchi, (1992). In 

their studies, the difference between the dry and wet RFG is due to the 

presence or absence of a dehydration (condenser) unit in the system flow as  

can be seen in Figure 1-1. The wet RFG is normally extracted before the flue 

gas condenser. Dry RFG is extracted after passing condenser. Dry RFG is 

required when restrictions on the moisture and SO2 content in the flue gas 

exists (Normann et al., 2009). The model developed by Argonne National 

Laboratory (ANL), has presented a typical SO2 concentration build up with an 

increase of RFG fraction, based on the 1000 ppm without recycled case, see 

Table 2-3 (Molburg et al., 2001). 

In this regard, EPRI, (2007) reported that wet RFG can be employed after 

passing through the FGD unit if the SO2 concentration in the flue gas exceeds 

3000 ppm. RFG can be separated into primary and secondary streams for coal-

fired power plants. This makes it advantageous to utilise low reactive 

bituminous coals. Primary recycle should be scrubbed, dried and cooled to a 

temperature of around 250ºC or more before entering the feeding mills 

(Toftegaard et al., 2010);(EPRI, 2007). This required for coal transportation and 

removing the moisture (Kather and Scheffknecht, 2009); (Zanganeh and 

Shafeen, 2007). Thus, the removal of water-soluble acid gases such as SO3 

and HCl could be ensured to reduce the risks of corrosion (Hu and Yan, 2012); 

(EPRI, 2007). Roughly, around 20% of the flue gas is taken as primary recycle, 

whereas the majority of the gas stream is extracted as the secondary recycling 

 

Figure 2-1 Simplified recycled flue gas scheme in oxy-fuel combustion 

(Hu and Yan, 2012) 
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stream (Toftegaard et al., 2010); (Dillon et al., 2005). In this regard, Kather and 

Scheffknecht, (2009) have suggested that the temperature of the RFG should 

be maintained between 200-300ºC. Similar temperature levels were also 

suggested elsewhere (Normann et al., 2009);(Günther et al., 2013). RFG 

temperature is determined mainly by technical parameters such as dimensions 

of the recirculation duct, recirculation fan and ESP (Kather and Scheffknecht, 

2009). Higher flue gas temperature in the system can lead to a higher 

maintenance cost of hot recirculation fun (Kather and Scheffknecht, 2009).  

2.3 Fundamental studies of the oxy-fuel combustion 

2.3.1 SO2 emissions 

It is reported that in oxy-fuel combustion, SO2 concentration (in ppm) is 

significantly higher compared to conventional air combustion (Croiset and 

Thambimuthu, 2001); (Stanger et al., 2011). Higher concentration of SO2 in the 

oxy-fired flue gas occur due to the change of volumetric flow through the 

combustion furnace and RFG (Handford et al., 2014). However, in (mg/MJ) 

normalised basis SO3 emissions found lower in oxy-fuel than in air combustion 

(Croiset and Thambimuthu, 2001); (Stanger et al., 2011); (Dhungel et al., 2011). 

Table 2-3 Effect of RFG on SO2 concentration in the flue gas, 

based on 1000 ppm without RFG (Molburg et al., 2001). 

RFG fraction Sulfur concentration (ppm) 

0.7 3110 

0.6 2370 

0.5 1920 

0.4 1650 

0.3 1390 

0.2 1230 

0.1 1080 

0 1000 
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This is mainly attributed to higher retention of sulfur by the ash, removal of 

sulfur with condensate during the dry flue gas recycle (Croiset and 

Thambimuthu, 2001); (Dhungel et al., 2011). According to Liu and Shao, (2010), 

SO2 concentrations of oxy-coal fired plant can be 6 times higher compared to 

an identical air combustion unit. The effect of RFG on combustion 

characteristics of US eastern bituminous coals was studied by Tan et al. (2006). 

The authors concluded that SO2 concentrations in the furnace were 3-4 times 

higher than in air combustion (Tan et al., 2006). An almost identical level was 

noted by Fleig et al. (2011) in a lignite fired oxy-PC unit. However, 

comparatively lower concentrations of SO2 were measured by Duan et al. 

(2014) in a 50-kW oxy-fired CFB unit. It should be noted that the SO2 

concentrations in this study were still higher than SO2 seen in air combustion. 

Croiset and Thambimuthu, (2001) have observed almost double the SO2 levels 

in the RFG tests compare to once-through tests in a 210 kW experimental unit. 

In addition, the authors indicated a decreasing trend of S to SO2 conversion 

from 91% in air fired case. However, conversion in O2/CO2 atmosphere was 

74% on average and 64% in the RFG tests. According to these authors, a 

possible reason for lower conversion could be due to the sulfur retention in the 

ash. This can be up to 3% of the initial sulfur contained in the coal and small 

fraction that oxidised to SO3. Higher sulfur retention by ash was also noted in 

experimental tests in a 100 kW under oxy-fired unit (Fleig et al., 2011). 

Relatively, low conversions of S to SO2 were noted by these authors reaching 

around 43% in oxy-fuel and 67% in the air tests. They also concluded that the 

low conversion occurs due to the sulfur retention in fly ash in the oxy case and 

suggesting that lignite has a higher self-retention performance under these 

conditions (Fleig et al., 2011). 

At higher temperatures, sulfur species could decrease nitric oxides 

concentrations in the post-flame regions (Wendt et al.,1983);(Corley and Wendt, 

1984);(Wendt and Ekmann, 1975). This occurs due to the catalyses of oxygen 

atom recombination reactions by SO2 (Wendt and Ekmann, 1975). These 

mechanisms are described by Glarborg et al. (1996): 
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 X +  SO2 +  M →  XSO2  +  M (1) 

 Y +  XSO2  →  XY +  SO2 (2) 

where X and Y may be H, O or OH, M – represents the third body. Typically, a 

third body is necessary to remove an excess energy from reaction to complete 

recombination and dissipate it as heat (Glassman and Yetter, 2008). It is 

reported that under fuel-lean combustion conditions, the inhibition is mainly 

governed by the recombination of O radicals involving SO3 (Glarborg, 2007), 

while under fuel-rich or stoichiometric conditions the interaction of SO2 with 

radicals is believed to be more complex (Lund et al., 2007);(Giménez-López et 

al., 2011). The most important radical removal step under stoichiometric and 

reducing conditions is caused by the recombination of SO2 with hydrogen (H) to 

form an H/SO2 adduct (Lund et al., 2007): 

 SO2 + H + M ↔  H/SO2  +  M (3) 

This followed by recycling of this adduct to SO2 by reaction with H or OH. H/SO2 

is expected to be HOSO (hydroxidooxidosulfur) radical than HSO2 due to its 

thermal stability (Lund et al., 2007). 

The presence of SO2 also has an inhibition effect on moist CO oxidation in N2 

diluted environments. The inhibition was more pronounced at high O atom 

levels; however the presence of NO in the system significantly reduced the SO2 

effect (Glarborg et al., 1996). This work has been extended recently by 

Giménez-López et al. (2011) who explored this phenomenon experimentally 

under CO2 diluted atmosphere to simulate oxy-fuel conditions. The authors 

concluded that an important inhibition effect was evident in a CO2 atmosphere 

as compared to N2 rich environment. This was due to the competition between 

CO2 and O2 for H radicals that reduces the formation of chain carriers via the 

O2+H chain branching reaction. Lower inhibition was seen when the 

stoichiometry becomes oxidising. 
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2.3.2 NOx emissions 

Major review of nitrogen oxides in oxy-fuel combustion were reported previously 

by Normann et al. (2009) and Toftegaard et al. (2010). Therefore, this thesis 

reports only on latest investigations of NOx emissions in oxy-fuel combustion. 

For more detailed review and the fundamentals of NOx formation, the reader is 

referred to above mentioned review papers. It should be highlighted that most of 

the investigation in this aspect have concluded that there are reduced NO 

concentrations in the O2/CO2 atmospheres than in the air. This occurs due to 

the replacement of N2 by CO2, which does not favour the prompt and thermal 

reaction for NOx formation (Normann et al., 2009); (Toftegaard et al., 2010). In 

addition to that higher concentrations of CO2 and CO derived from oxy-fuel 

combustion contributes to the reduced of NOx emissions in contrast to the air 

combustion environment (Toftegaard et al., 2010). Results from 50 kW oxy-CFB 

unit has also confirmed lower NOx in 21% O2/79% CO2 compare to conventional 

air case which occurred due to the lower temperature and presence of CO 

(Duan et al., 2011a). Stadler et al. (2011), indicated 50% of NOx reduction for 

swirl flame oxy-coal combustion and 40% with flameless combustion mode. The 

oxygen concentration of 18 to 27% in swirl flames resulted to a slight NOx 

reduction under dry RFG condition. However, in wet RFG condition NOx were 

much lower. Lately, a few studies on this aspect have been carried out such as 

the one by Brix et al., (2013) who studied NOx formation at a fundamental level 

to see the effect particle temperature from single and group of char particles. It 

was shown that the formation of NO from lignite char was not influenced from 

the switching of gas between N2 to CO2. NO yield was lower for bituminous coal 

in O2/CO2 environment. The conversion to NO for both lignite and bituminous 

chars decreased with an increase of O2 and particle sizes (Brix et al., 2013). 

Effect of impurities as NO and N2O concentrations of fuel derived NOx 

concentrations were tested by Yoshiie et al. (2015). The authors concluded that 

N2O concentrations were slightly higher in oxy-fuel atmosphere due to the 

recirculated N2O. This conclusion was supported by Roy et al. (2014) and Wang 

et al. (2015). However, no significant effect of impurities was noted in their work 

at 21% of O2 concentration. In this regard, the early work reported by Shaddix 
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and Molina, (2011) has illustrated the net NOx production when 550 ppm of NO 

injected. The NO reburn were between 20% and 40%, depending on the type of 

coal and this difference noted only when O2 concentrations increased to 36%. 

Moreover, along with an independent effect of temperature on N2O reduction, 

the catalytic effect of Fe2O3 provided an obvious contribution on N2O reduction 

in the presence of CO (Wang et al., 2015). It should be highlighted that the 

presence of steam was excluded in some of these studies and the results are 

limited by the size of the setup. It is highlighted that the addition of steam 

resulted in a 30% decrease in NOx production in oxy-fuel condition, while 44% 

reduction were noted in air combustion CFB unit with nitrogen content of 1.7% 

in coal (Stewart et al., 2012). However, these values were less than those 

results noted by Roy et al. (2014). The effect of steam on reduction was 5.5% 

for NOx and 10% for N2O by utilising Victorian brown coal with nitrogen content 

of 0.72% (Roy et al., 2014). The lower nitrogen content of fuels could be the 

main reason for different conversion ratio. More recently Spanish high rank 

coals such as anthracite, bituminous, lignite and three types of Ca-based 

sorbents were investigated in a bench size bubbling fluidised bed (Obras-

loscertales et al., 2015). As noted previously, a reduction of total fuel-N 

conversion to NO and N2O was achieved in oxy-fuel condition. In the case of 

sorbents, it is concluded that lowest NO emissions were seen in the sorbent 

with lowest sulfur retention. In addition bigger particle size and longer residence 

time of sorbents corresponded to the reduction of NO emissions. Moisture in the 

fuel slightly enhanced the reduction of NO emissions further, whereas no 

significant change in N2O was detected. An increasing O2 content to the 

combustor generally increases the NOx emission and was associated with an 

increase of fuel input. Tests in pulverised coal (PC) unit also confirmed an 

increase of NOx emissions with O2 concentration (Ndibe et al., 2013);(Shaddix 

and Molina, 2011). 

2.3.3 Ash and deposit formation 

Transformation of the mineral matter in flame depends on the temperature and 

gas environment (Bryers, 1996);(Sheng et al., 2007). Thus, replacing N2 by CO2 
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in oxy-fuel combustion could result in a different ash composition. The metal 

transformation mechanisms during air-coal combustion was revised by Linak 

and Wendt, (1994). These authors developed a controlling mechanism for 

particle formation which later modified by Suriyawong et al. (2006). Based on 

these studies, the mineral transformation and particle formation pathways in 

typical coal combustion are illustrated in Figure 2-2. Suriyawong et al., (2006) 

tested subbituminous coal in a drop tube furnace (DTF) under N2/CO2 and 

O2/CO2 environments. Their conclusion was that the mean size of submicron 

ash particles (<0.5 μm) under O2/CO2 was smaller compared to the N2/CO2 

firing mode. However, an increase of O2 content in the mixture resulted to 

increase of mean size submicron particles. This occurred due to the faster 

vaporisation rate, which resulted from higher coal particle temperature. 

Sheng et al., (2007) has concluded that the size distribution of the residue ash 

particles was not affected by O2/CO2 environment. However, a significant 

change was noted in submicron particles, including both their composition and 

 

Figure 2-2 Mineral transformation and particle formation pathway 

(Suriyawong et al., 2006) 



 

21 

size distribution. This is consistent with the results of Suriyawong et al., (2006), 

where an enrichment of CaO and Fe2O3 was noted in the fragmentation mode. 

However, their later work with X-ray diffraction (XRD) suggested no significant 

impact of two environments on ash mineral formation (Sheng and Li, 2008). The 

following conclusions were withdrawn from spectroscopic analysis of O2/CO2 

environment: 1) more iron melted into the glass silicates; 2) less iron oxide 

formed due to the low char combustion temperature and 3) a high CO 

concentration within the particles slowed the transformations of pyrite and 

siderite to the oxides. Thus, this situation favoured transformation to form iron 

oxides (Sheng and Li, 2008). A similar particle size distribution (PSD) of bulk 

ash particles was noted by Li et al. (2013), in a 25 kW down-fired PC 

combustor. A higher formation of PM was seen in O2/CO2 than in air 

combustion at identical temperatures. This could be due to the higher 

vaporisation and nucleation under enriched O2 concentration and longer 

residence time. However, the lower ash deposition rate was noticed in oxy-fuel 

than in air. These authors believe that the ash deposition should be attributed to 

the aerodynamics between combustion mode rather than chemical or physical 

differences (Li et al., 2013). These conclusions agreed with Yu et al. (2011), 

who has tested three US coals for ash and deposition formation. An enhanced 

deposition rate was seen in oxy-fuel combustion that was indicated by larger 

thickness of the ash layer. Fly and bottom ash characterisation from 100 kW 

oxy-fired CFB unit showed a higher degree of unburnt carbon (UC) in the fly ash 

than that found in bottom ash. According to these authors, this is due to the 

short residence time of CFB unit (Wu et al., 2011). It was also concluded that 

CaCO3 content in fly ash was higher than in the ash from conventional 

combustion mode. This was confirmed by TGA analysis where char reacted 

with CaSO4 at the temperatures higher than 880ºC. The Brunauer-Emmett-

Teller (BET) surface area and pore volume of fly ash were much higher than in 

bed ash (Wu et al., 2011). More recently, the vaporisation of organically bound 

metals and ash agglomeration of Victorian lignite, brown and Chinese 

bituminous coals were tested in a DTF rig (Zhang et al., 2011). Experimental 

condition included the influence of impurities such as HCl, SO2 and steam at 



 

22 

1000ºC (Jiao et al., 2011). These authors highlighted the fact that organically 

bound metals are the main source for ash agglomeration as well as the effect of 

impurities. Vaporisation of metals via chlorination was favoured mainly due to 

the presence of HCl. The vaporisation of Al and Ti oxides was also notable. The 

presence of SO2 promoted sulfation of Na to condensed into liquid droplet 

which increased the fine ash yield, while steam in the presence of HCl and SO2 

favoured the transformation of chlorides into molten alumina-silicates (Jiao et 

al., 2011). These authors explored a similar approach using Victorian brown 

coal at different temperatures and as expected, a different transformation of 

metallic vapours was noted. At 800°C, the transformation of inorganic vapours 

was governed by pyrolysis (Zhang et al., 2011). It was also noted that higher 

concentration of SO2 could lead to the formation of secondary products, 

including sulfur retention in the fly ash (MacDowell et al., 2010). 

2.4 Development of oxy-fuel in large scale pulverised coal and 

fluidised beds 

2.4.1 Pilot-scale oxy-fired pulverised coal plants 

At the industrial scale, the world’s first full scale oxy-fuel PC Schwartz Pumpe 

30 MWth plant has been demonstrated in 2008 by Vattenfall (Faber et al., 

2011). According to Strömberg et al. (2009), CO2 is transported by refrigerated 

trucks to industrial and storage sides. Later in 2009, natural gas-fired 30 MWth 

Lacq project was commissioned by Total. This project for the first time 

connected to the sequestration pipeline. The Lacq project does not include any 

inert-removal, and injects CO2 with 92% purity down to the depth of 4500 m into 

a depleted gas field (Aimard et al., 2008). The Callide oxy-fuel project with 30 

MW output has also been operating for some time in Australia. This project is 

the first demonstration of retrofit to an existing coal-fired power plant (Spero et 

al., 2008). On-going projects at commercial demonstration-scale include the 

Jaenschwalde 250 MW by Vattenfall. A list of on-going CCS projects can be 
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found in the updated database of Massachusetts Institute of Technology Energy 

Initiativesk.  

2.4.2 Progress of oxy-fired fluidised beds 

By 2009, around 900 air-fired CFB boilers were in operation or under 

construction worldwide with a capacity range of 50 to 400 MWe (Suraniti et al., 

2009). This represents a remarkable progress of technology in a short period of 

time. On a larger scale, a 100 MWe oxy-CFB demonstration plant has been 

announced by Alstom. However, at present no further information is available in 

the open literature on this project. Foster Wheeler (FW) has conducted 8 

months of trial runs at CanmetENERGY in a 0.8 MWth pilot-scale CFB unit and 

demonstrated excellent combustion performance (Kuivalainen et al., 2010). 

CanmetENERGY conducted a number of oxy-fired tests since 2003 onwards in 

FB reactors with the capacity range of 0.1 to 0.8 MW (Jia et al., 2011). FW 

introduced a first supercritical CFB plant (Lagisza power plant) in Poland and 

also successfully commissioned 30 MW oxy-fired CFB plant in Spain (Anthony, 

2013);(Wall et al., 2012). Preliminary results of 30 MW oxy-CFB unit have been 

published by Lupion et al. (2013) and more recently from Gómez et al. (2014). 

According to Gómez et al. (2014), over 90% of sulfur capture was achieved by 

limestone addition. Foster Wheeler has also announced a plan to develop 300 

MW supercritical Flexi-burn CFB demonstration plant in cooperation with 

ENDESA (Kuivalainen et al., 2010). At pilot-scale level, oxy-fuel tests on CFB 

units were also being carried out by Technical research centre in Finland (VTT) 

and Lappeenranta University of Technology. Oxy-fuel combustion is also being 

investigated by a number of research groups using bubbling and circulating 

fluidised bed units and these are summarised in Table 2-4.  

                                            
k
 Carbon Capture and Sequestration Technologies, MIT Energy Initiatives  
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Table 2-4 Pilot scale oxy-fired FB studies on emissions (modified from Wall et al., (2012)) 

Organisation Cap Aim of research Type of 

fuel 

RFG 

mode 

Other information References 

Alstom, Windsor,  

CT, USA 

3 MW 

(FB) 

Feasibility study of 

oxy-fuel in fluidised 

bed 

 Not 

consider

ed 

Not available in open 

literature 

Wall et al., (2012) 

CanmetENERGY, 

Canada 

0.1 and 

0.8 MW 

(CFB) 

CO2, 

NOx, SO2 and 

Combustion 

characteristics, 

NOx, SO2 

emissions, ash 

characterisation 

Anthracite, 

petroleum 

coke 

Dry/Wet Support of national 

Canadian program on 

oxy-fuel CFB 

Jia et al., (2012) 

Foster Wheeler, 

VTT and 

Lappeenranta 

University 

0.1 MW 

(CFB) 

Provided design and 

operational data for 

oxy-fuel operation 

 Wet FW used VTT and 

CanmetENERGY units 

to test numerous fuels 

and limestones as a 

prelude to their 

demonstration plant at 

CUIDEN. 

Eriksson et al., 

(2007) 

Metso power 4 MWth  Developing N/Alm Wet Cooperation between Seddighi et al., 

                                            
l
 CAP-Capacity 
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Organisation Cap Aim of research Type of 

fuel 

RFG 

mode 

Other information References 

(present name 

Valmet 

Corporation), 

Finland 

(CFB) commercial 

technology 

Metso and Fortum, with 

fundamental studies 

performed by Chalmers 

University, Sweden.  

(2013); (2015) 

CIRCE, University 

of Zaragoza, Spain 

90 kW 

(BFB) 

Fundamental 

studies, NOx, SO2 

emissions 

Bituminous 

high-sulfur 

lignite 

  Lupiáñez et 

al.,(2011); 

(2013) 

ICB-CSIC, Spain 

 

3 kWth 

(BFB) 

Fundamental 

studies, NOx, SO2 

emissions 

Anthracite, 

Bituminous, 

Lignite 

  Obras-

Loscertales et al., 

(2015) Diego et 

al., (2013) 

 

Czestochowa 

University of 

Technology, 

Poland 

0.1 MW 

(CFB) 

General data,  

including (CO, NOx 

and SO2) 

Bituminous 

coal 

N/A Unit has also been used 

to support Foster 

Wheeler’ program 

Czakiert et al., 

(2006);(2010) 

Southeast 

University, China 

50 kW 

(CFB) 

Combustion 

characteristics, 

NOx, SO2 

emissions, 

US and 

Chinese 

bituminous 

coals, 

Dry/Wet  Duan et al., 

(2011) 

                                                                                                                                                                                                         
m

 N/A –Not available 
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Organisation Cap Aim of research Type of 

fuel 

RFG 

mode 

Other information References 

petroleum 

coke 

Institute of 

Engineering 

Thermophysics, 

Beijing 

0.1 

MWth -1 

MWth 

(CFB) 

Generation of 

fundamental data 

Datong 

bituminous 

coal 

Dry Operation of unit was 

conducted at enriched 

O2 concentration in the 

furnace (50%) 

Li et al., (2015) 

University of 

Stuttgart, Germany 

0.15 

MWth 

(CFB) 

Solid burn out, CO, 

NOx emissions 

El Cerrejon 

bituminous 

coal 

N/A  Hofbauer et al., 

(2014) 

CUIDEN, Foster 

Wheeler 

30 MW 

CFB 

First industrial scale 

flexi-burn CFB unit 

Anthracite N/A Higher sulfur capture 

efficiency at 880-890 ºC; 

Small improvements in 

sulfur capture observed 

for Ca/S molar ratio 

higher than 2.6 

Lupion et al., 

(2013); Gómez et 

al., (2014) 
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2.5 Background of SO3 chemistry 

2.5.1 Homogeneous SO3 reactions 

Past studies by Cullis and Mulcahy, (1972) and Jorgensen et al. (2007) noted 

that photochemical tests on the direct oxidation have been tried in the past to 

measure SO3. This direct homogeneous oxidation of SO2 can be represented 

by the global reaction: 

                        SO2 +  O2 ⇌  SO3  +  O           +  161.9 kJ/mol (4) 

However, SO3 formation via reaction (4) becomes significantly less important at 

temperature below than 900°C (Cullis and Mulcahy, 1972). While direct 

oxidation of SO2 to SO3 is rather limited, it can be produced in much larger 

amounts catalytically. In addition to that, two dominant reaction pathways are 

recognised for homogeneous SO2 oxidation to SO3. Here primary oxidation is 

the direct reaction of SO2 with oxygen radicals that occurs at post-flame zones 

area of combustor where the temperature is higher than 900°C (Duan et al., 

2015): 

SO2 +  O (+ M) ⇌ SO3 (+ M) (5) 

Burdett et al. (1984) investigated the rate of direct oxidation reaction in the 

temperature range of 630 to 1080°C. These authors tested SO3 formation in 

O2/N2/SO2 flow and proposed following kinetic equation to predict homogeneous 

SO3 (Burdett et al., 1984): 

𝑑[𝑆𝑂3]

𝑑𝑡
=

𝑘1

𝑅𝑇
[𝑆𝑂2][𝑂2] =

𝐴[𝑆𝑂2][𝑂2]

𝑅𝑇
𝑒(−𝐵/𝑇) 

Equation 2.3 

Where k1=A exp(-B/T), A=2.6 (± 1.3) * 1012 mol-1 cm3 s-1, B=23000 ± 1200 K. 

[SO2],[O2] and [SO3] are partial pressures (kPa). More detailed data on kinetics 

of reactions 4 and 5 can be found elsewhere (Mulcahy et al., 1969);(Mulcahy et 

al.,1966);(Yilmaz et al., 2006);(Merryman and Levy, 1979);(Naidoo et al., 2005). 

The second pathway occurs under moist condition, where oxidation of SO2 is 



 

28 

enhanced in the presence of water vapour that increases via O/H radical 

concentration: 

SO2 +  OH (+ M)  ⇌  HOSO2(+ M) (6) 

HOSO2 + O2 ⇌  SO3  +  HO2 (7) 

It is reported that the first route is the main source of SO3 at temperature higher 

than 900°C (Glarborg, 2007), while second route is believed to contribute to the 

SO3 formation during the cooling of flue gases (Glarborg, 2007);(Jorgensen et 

al., 2007). Formation of SO3 based on reactions (5) and (6) is 

thermodynamically favoured when exhaust gases undergoes the cooling 

process. While reaction (7) is found to be insignificant at temperature of 730°C 

and above in terms of producing SO3 (Blitz et al., 2003).  

The thermodynamic equilibrium curves of homogeneous SO3/SO2 conversion 

were plotted with an online calculator developed by Colorado State University, 

 

Figure 2-3 Thermodynamic equilibrium SO3/SO2 conversion 

Air: SO2-1000 ppm, O2-4%, CO2-15%, H2O-6%, N2-balance; 

Oxy: SO2-1000 ppm, O2-5%, H2O-11%, CO2-balance; 
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(2016). Typical air and oxy-fired flue gas compositions were selected with SO2 

level of 1000 ppm both air and oxy flue gases, see Figure 2-3. O2 and H2O 

concentrations were changed from air to oxy, while diluted N2 was replaced by 

CO2 environment to evaluate SO3/SO2 conversion at the temperature ranges of 

400 and 950°C. As noted in the literature, the formation of SO3 is favoured at 

low temperatures and is significantly reduced at high temperatures. It can be 

seen from Figure 2-3 that the SO3/SO2 conversion was 100% at 400°C and 

4.6% at 950°C. This equilibrium curves roughly agrees to the results presented 

by Belo et al. (2014). It is also interesting to point out that the change from air to 

oxy flue gas composition showed similar results at temperatures close to 400 

and 950°C. It can be seen that homogeneous SO3/SO3 conversion of post-

combustion environment for air and oxy provides a small difference with the 

temperature range of 500 to 800°C. 

Early data from power plants have showed the effect of excess O2 

concentrations on the formation of SO3, see Table 2-5. However, operation with 

a lower O2 level lead to a significant reduction of SO3. 

                                            
n
 N/a – Not available 

Table 2-5 SO3 formation at excess and low O2 concentrations (Reid, 

1971) 

Power plants O2 level, % SO3 (ppm) Dew point, (°C) 

Marchwood 
3.0 

0.5 

20 

2-7 

130-160 

116-124 

Poole 
4.0 

<0.6 

45 

5 

160 

82 

Denes 
1.7 

>1.7 

N/an 

N/a 

>130 

130 

Ince 
4.5 

1.0 

18 

7 

N/a 

N/a 
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2.5.2 Heterogeneous SO3 reactions 

There have been a number of investigations on the catalytic oxidation of SO2 

(Urbanek and Trela, 1980). Most of these experimental results indicated higher 

conversion of SO2 to SO3 were achieved via heterogeneous reactions (Marrier 

and Dibbst, 1974);(Zhang et al., 2006);(Tronconi et al., 1999);(Dunn et al., 

1998) Catalytic conversion of SO2 to SO3 by fly ash was investigated in a bench 

scale reactor by Marier and Dibbs, (1974). They concluded that the conversion 

of SO2 to SO3 was strongly enhanced due to the iron oxide in the fly ash 

whereas the reverse effect was noted in the presence of unburnt carbon in the 

fly ash (Marrier and Dibbst, 1974). Similar and supporting results were 

produced by Zhang et al. (2006). The highest conversion of SO2 to SO3 was 

noticed at 700°C with residence time of 1.8 s and free carbon ash test in the 

work of (Zhang et al., 2006). Extended experiments on sulfation of SO2 by CaO 

and MgO mixed with iron oxide indicated direct relation to the catalytic 

conversion SO2 to SO3 (Marrier and Dibbst, 1974). Efficient SO2 capture from 

flue gases by CaO and MgO was due to the catalytic conversion of SO2 to SO3 

in an oxidising condition. Similar work on the kinetics of SO3 adsorption by 

calcium and magnesium oxides were provided by Thibault et al. (1982). These 

authors concluded that uptake rates are controlled by intergranular diffusion and 

independent of gross particle size. Also, the uptake rate was faster for MgO 

than CaO. However, a subsequent study suggested that this may be due to the 

difference of grain size and porosity (Thibault et al., 1982). A modelling 

approach called density functional theory was applied by Benjamin et al. (2015), 

to explore binding mechanisms of SO3 to other metal compounds. CaO, MgO, 

Na2O and K2O minerals that are typically found in fly ashes included in the 

model. The authors observed that SO3 binds strongly with alkali and alkaline 

metals, with the effect being more pronounced  with alkali metals (i.e. 

Mg<Ca<Na<K ) through the formation of a sulfate (SO4
2−) (Benjamin et al., 

2015). Cao et al., (2010) has outlined two main interaction of fly ash with SO3 

based on the temperature. First, fly ash could serve as SO3 adsorbent under 

low temperature typical for the bottom section of the boilers. At temperatures 

lower than the dew point of SO3, SO3 is converted to H2SO4 mist droplets in the 
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presence of the water. Subsequently, these droplets condense on fly ash 

surfaces. The pore structure of the fly ash, which is associated with the carbon 

residue is responsible for condensation or adsorption of SO3. The second 

interaction occurs at the temperature higher than 150°C, where SO3 may react 

with multiple fly ash compounds such as metal oxides (CaO, MgO), alkali metal 

oxides (Na2O, K2O) and ammonia (NH3). Chang et al., (1978) investigated an 

infrared adsorption of SO2 on γ-Alumina (Al2O3 aluminium oxide) outlining two 

main factors: the number of hydroxyl groups and temperature of the catalyst. 

Infrared spectroscopy showed that SO2 adsorbed on Al2O3 in the form of sulfite 

species SO3. SO2 also could be oxidised on Al2O3 to form aluminium sulfate. 

Vanadium catalyst contains a mixture of metal compounds of vanadium and 

alkali metal dispersed on a silica-based support. SO2 to SO3 oxidation by 

vanadia catalysts have been studied widely for SCR technology (Dunn et al., 

1998). The formation of sulfur trioxide, sulfuric acid and sulfates were 

investigated by Walsh et al. (1972) for oil-fired boilers. As a result of this work, 

following illustration was developed for SO3 formation, see Figure 2-4.  
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Figure 2-4 Process contributing to formation of sulfur trioxide, sulfuric 

acid, and sulfates in residual oil-fired boilers (Modified from Walsh et al., 

(1972)) 
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2.6 SO3 sampling methods 

2.6.1 Controlled condensation method 

The controlled-condensation method (CCM) is the most widely used method for 

SO3 measurements (Jaworowski and Mack, 1979). The CCM method is often 

classified as British Standard BS 1756-4:1977 and American Standards D-

3226-73T. The principle of the CCM method is based on the cooling down of 

extracting flue gas to the temperature which lies between the acid dew point 

and water dew point. SO3 is condensed in the quartz filter as well as in glass 

walls of the sampling train as shown in Figure 2-5. As recommended by EPA 

standard, 30 minutes of sampling time are required with a flow rate of 10 L/min. 

After gas sampling, a known quantity of distilled deionised water is used to flush 

out the filter and condenser to collect the H2SO4. The accumulated H2SO4 

concentrations are then determined by the titration method. Barium perchlorate 

(0.005M) solution is used as titrant to produce a quantitative colorimetric 

indication of the sulfur present in the sampling gas stream. As shown in Figure 

2-5, the quartz filter is used to capture particulates before entering the 

  

Figure 2-5 Modified Controlled condensation method SO3 sampling 

scheme (NCASI Southern Regional Center 1996) 
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condenser impingers. The probe and quartz filter should be maintained at 

260°C to avoid the formation of aerosol particles and sulfuric acid condensation 

(NCASI, 1996);(Maddalone et al., 1979). 

The filtration of ash particles from the sampling gas is a crucial step for SO3 

measurements as the interaction of ash and SO3 in the sampling train could 

lead to both positive and negative errors (Maddalone et al., 1979). The glass 

condenser should be maintained at the temperature of 80 to 90°C (Maddalone 

et al., 1979). It is concluded that the series run of CCM at laboratory scale was 

able to collect 95% of H2SO4 with the variation of ±6.7% (Maddalone et al., 

1979). These authors extended experiments in the field and concluded that the 

accuracy of CCM method was less than indicated by results achieved at 

laboratory scale. The mechanism of CCM is well described by Dellinger et al. 

(1980). Sulfur dioxide is introduced into the water, where it can react with water 

and dissociation into bisulfate and sulphite ions (Dellinger et al., 1980): 

SO2 +  H2O →  SO2 ∗ H2O (8) 

However, the oxidation of sulfur dioxide depends on the concentration of sulfite 

ion in the solution, which makes the reaction pH dependent, see Figure 2-6: 

SO2 +  H2O →  H+ + HSO3
− (9) 

HSO3
− →  H+ +  SO3

2− (10) 

SO3
2− +  ½ O2 →  SO4

2− (11) 

Figure 2-6 illustrates the calculated mole fraction of sulfur species as a function 

of pH at 25°C in aqueous solution. It can be seen that sulfites dominate in 

alkaline solution while bisulfite predominates in the pH range of 3-7 (Dellinger et 

al., 1980). It is commonly accepted that at normal sampling condition, the 

impinger solution must be slightly acidic, thus preventing sulfite formation and 

subsequent oxidation (Dellinger et al., 1980). Therefore, purging of impingers 

with the air is recommended by EPA standard to remove SO2. 
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2.6.2 Isopropanol absorption bottle method 

This method is based on EPA Method 8A with some modifications. The 

schematic illustration of the isopropanol absorption method is shown in Figure 

2-7. The iso-kinetically extracted 

flue gas is first cooled down as in 

the CCM by a glass condenser 

and passed through four bottles. 

As shown in Figure 2-7, all 

bottles are kept in the ice bath 

vessel. The first bottle is filled 

with 10 ml of 80% isopropanol 

solution diluted in the water. 

Following two bottles are filled 

with 3% hydrogen peroxide 

solution. The fourth bottle is used 

to capture moisture content of the flue gas with silica gel. According to Cooper, 

(1995), most common error occuring during the sampling of SO3 in this method 

 

Figure 2-6 Effect of pH on the relative concentrations of the SO2 

species in solution (Dellinger et al., 1980) 

 

Figure 2-7 Isopropanol bottle method 
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was the absorption and oxidation of SO2. Similar limitations were mentioned by 

Fleig et al. (2012), where large amount of SO2 were absorbed in the 

isoproponol solution and resulted in positive bias.  

2.6.3 Salt and glass bead methods  

The first description of salt method was provided by Kelman et al. (1952) in the 

early 1950s and this was later applied to industrial plant for SO3 measurements 

by Cooper et al. (1995). The advantages of this method as highlighted by the 

authors were: 1) no interferences from SO2, which is occasionally encountered 

in the isopropanol bottle method; 2) simplicity to conduct sampling. Flue gas 

containing SO2 and SO3 passes 

through the dry layer of sodium 

chloride (NaCl). As a result, 

sulfur trioxide reacts with sodium 

chloride (Kelman et al., 1952). 

This method was applied to 

detect SO3 concentration in 100 

kW rig at Chalmers University 

(Vainio et al., 2013). Schematic 

view of the salt method is shown 

in Figure 2-8, where salt is fixed in the tube with glass wool (Cooper et al., 

1994);(Cooper, 1995). With decrease of the flue gas temperature to 

approximately 500ºC, SO3 starts to react with water vapour to form gaseous 

sulfuric acid (H2SO4) (Fleig et al., 2012);(Vainio et al., 2013).  

SO3(g)  + H2O(g)  → H2SO4(g) (12) 

Further H2SO4 reacts with sodium chloride (NaCl) to form sodium sulfate 

(Na2SO4) and sodium bisulfate (NaHSO4) (Vainio et al., 2013). Reactions 

occurring during the salt method are given as: 

NaCl(s)  +  H2SO4(g)  → NaHSO4(s)  +  HCl (g) (13) 

 

Figure 2-8 Salt tube preparation  

(Vainio et al. 2013) 
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2NaCl (s)  +  H2SO4(g)  →  Na2SO4 (s)  +  2HCl (g) (14) 

 NaHSO4(s) +  NaCl (s)  →  Na2SO4(s)  +  HCl (g) (15) 

4NaCl (s) + 2SO2(g) + 2H2O (g) + O2(g) → 2Na2SO4(s) + 4HCl (g) (16) 

The last reaction is undesirable as it leads to a positive measurement bias 

(Fleig et al., 2012). Sulfation of NaCl is a slow reaction and mainly depends on 

temperature and SO2 concentration. Cooper, (1995) concluded that this method 

could be improved further. Later, this method were extended by Vainio et al. 

(2013), by testing other types of salts (KCl, K2CO3, and CaCl2) along with 

(NaCl). However, the authors concluded that tests with NaCl and KCl showed 

comparable results to the CCM. 

2.6.4 Indirect measurements of SO3  

An indirect measurement is another available method to speed up the analysis 

part of SO3 (Ibanez et al., 2008). Here, a different method for assaying SO3 

concentrations in the flue gas has been described by Ibanez et al. (2008) who 

proposed using a calcium oxalate: 

This method is also dependent on precise temperature control and the reaction 

vessel should be maintained at 325°C. A mixture of gas is passed through a 

plug of prepared CaC2O4 then through two optical cells in series, see Figure 

2-9. The SO2 (g) content in sampling gas is monitored by means of a UV 

spectrometry, while the SO3 concentration in the gas is quantified indirectly with 

CO2 in second cell IR spectrometry. These authors note that the preparation of 

reagent and calibration should be done very carefully to produce reliable 

results. A similar approach has been developed by Fateev and Clausen, (2011). 

However, only preliminary results have been provided by them Fateev and 

Clausen, (2011).  

SO3  +  CaC2O4 → CaSO4 +  CO2 + CO (17) 
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The option of continuous SO3 measurements by Fourier transform infrared 

(FTIR) and differential optical absorption spectroscopy (DOAS) instruments 

were described by EPRI, (2004). Subsequently a modified cross duct probe 

design has been developed to improve SO3 measurements by FTIR. The 

results of 3 days of continuous measurements with FTIR was compared with 

CCM method and the total H2SO4 and SO3 were measured were in good 

agreement, however variation of SO3 across probes were 10% (Himes, 2006). 

An indirect test of SO3 with FTIR has also been attempted by measuring 

hydrogen chloride (HCl) from reaction of NaCl and H2SO4. It is highlighted that 

for the consistent measurement of SO3, the exit gas temperature should be kept 

between 200-400°C. However, at the temperature of 200°C, only about one-half 

of SO3 was converted to HCl (Vainio et al., 2013). Chamberlain et al. (2013) has 

also attempted to measure SO3 concentrations with FTIR under pulverised air 

and oxy-coal combustion tests. However the uncertainty of measurement was 

±20 ppm in absolute values. Given this range of uncertainty, the authors could 

not determine any difference of SO3 concentrations between air and oxy-fuel 

combustion. It should be noted here that an indirect measurement concept will 

have difficulties in achieving high accuracy and repeatability. Therefore, both of 

these methods still need to be improved before they can be used in practice. 

Furthermore, in the case of CaC2O4 technique, it is unclear how to SO3 could be 

 

Figure 2-9 Arrangement SO3 measurements by CaC2O4 (Ibanez et al., 

2008) 
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quantified in CO2 rich environment. Roy et al. (2014) has carried out such tests 

a lab scale oxy-fuel experiments. However, these authors did not comment on 

the consistency of this method and how other combustion parameters could 

affect on the final results. For that reason, supplementary research is required. 

2.6.5 Pentol SO3 monitor 

Previously this device was called the Severn Science reactive gas analyser 

(Jackson et al., 1981). The initial description of this continuous measurement 

method was given by Jackson et al. (1981). The principle of this instrument is 

that SO3 and H2SO4 in the gas sample are absorbed as (SO4
2−) in an aqueous 

solution of isopropanol solution diluted in water. During the sampling, the 

solution is continuously passed through a bed of barium chloranilate where the 

following reaction occurs:  

SO4
2− + BaC6O4Cl2 + H+  →  BaSO4 + HC6O4Cl2

− (18) 

The released acid chloranilate ions absorb at 535 nmo, producing a purple-

coloured solution, and the concentration of this chemical is continuously 

measured by flow photometer. More sulfate in the solution means a higher the 

absorption level. The amount of sulfate in the solution is proportional to the SO3 

concentration entering the analyser (SO3 Monitor brochure). According to the 

Dennis and Hayhurst, (1988), this instrument was slow to achieve steady state 

performance and required moisture in fluidisation gases to ensure reliable 

readings. Cooper, (1995) has applied Severn Science gas analyser at an 

Orimulsion power plant, where the average results were 25% higher than the 

CCM approach. The authors have discussed a possible reasons such as 

absorption of SO2 in the isopropanol and partial oxidation of SO3
2− to SO4

2−. 

These were confirmed by noting peaks for SO3
2− and SO4

2− by ion chromatograph 

analysis (Cooper, 1995). However, the latest study made by Fleig et al. (2012) 

concluded its reliability for longer continuous measurements. However, the 

average readings were still less than 20% compared to CCM (Fleig et al., 

                                            
o
 Nm – nanometres 
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(2012). It is clear from the discussion above that there are still many limitations 

related to accuracy of SO3 measurements which need to be resolved.  

2.6.6 Acid dew point measurements 

The sulfuric acid dew point (ADP) temperature is one of the conventional ways 

to estimate the amount of SO3 and H2O present in the flue gases. Taylor 

(Taylor, 1951) has concluded that the condensation of sulfuric acid is a function 

of surface temperature of sampling tube and water vapour content in the flue 

gases. Previous measurements of acid dew points were conducted by using a 

cooled electrical conductivity probe to determine the temperature where 

condensation occurs (Stuart, 2010). The probe has two electrodes and 

thermocouple attached in the probe. By measuring the temperature of the 

probe, the dew point is determined by a sudden increase in the conductivity 

between electrodes on the surfaces due to the condensed liquid sulfuric 

solution. Currently, a series of advanced portable devices are available in 

market (Lancom 200) to measure ADP temperature of the flue gases (Stuart, 

2010). The ADP temperature changes with the moisture content of the flue 

gases, which is particularly important for oxy-fuel combustion environment. 

Table 2-6 Sulfuric acid dew-point (ADP) correlations: (Verhoff and 

Banchero, 1974);(ZareNezhad, 2009); 

Authors Correlations  
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Available correlations to estimate the ADP temperature are illustrated in Error! 

Reference source not found.. According to Verhoff and Banchero, (1974), two 

methods have been developed to define the vapour and liquid equilibrium for 

aqueous sulfuric acid solutions. First method was determined by measuring the 

vapour-liquid compositions and temperature at the equilibrium. However, the 

second method takes into account liquid and pure components to estimate the 

equilibrium vapour and liquid compositions via thermodynamics. Based on 

these two methods, Verhoff and Banchero, (1974) have proposed a correlation 

to predict the dew point temperature of sulfuric acid. More recently, ZareNezhad 

has proposed a new correlation to predict the flue gas sulfuric acid 

(ZareNezhad, 2009). Based on these correlations, Stanger et al. (2011) has 

compared both correlations for flue gas composition derived from oxy-fuel 

combustion. The authors have concluded that Verhoff and Banchero method 

over-predicts experimental dew points at low SO3 concentrations and high 

moisture content. However, the Okkes’ correlation has been found to be better 

suited for flue gases with moisture content higher than 25% (Stanger et al., 

2011). 

2.6.7 Summary of SO3 sampling methods 

Following subsection provides a comparative information for all described SO3 

sampling methods by highlighting its advantages and disadvantages, see Table 

2-7. It can be noted that the controlled condensation method is found to be the 

most reliable method to measure SO3 concentration of flue gases. In addition to 

that, CCM method typically used as a reference case to the rest available 

methods noted in this section. Salt method is also suitable for SO3 

measurements, however still requires an alternative data for validation. Pentol 

SO3 monitor provides a reasonable data along with CCM method and suitable 

for longer period. In addition, it should be highlighted that all described methods 

require a specific skills for the operator to measure SO3. 
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Table 2-7 Advantages and disadvantages of SO3 methods 

SO3 techniques Advantages Disadvantages 

Controlled 

condensation 

method  

High accuracy within a 

reasonable range; used 

mainly as reference 

method;  

Temperature control of flue 

gas, time for post processing 

if manual titration is selected;  

Isopropanol 

absorption bottle 

method 

Not available SO2 is absorbed and oxidises 

by isopropanol by leading to 

a positive bias; 

Salt and glass 

bead methods  

Easy to handle; less 

expensive to manufacture; 

suitable for measurements 

Needs to be cross-checked 

with CCM; 

Indirect 

measurements of 

SO3  

Expenses can be avoided 

to manufacture  SO3 

sampling train;  

Not reliable; requires to keep 

flue gas temperature 

between 300 and 400°C; 

Pentol SO3 

monitor 

Complete and portable gas 

analyser; suitable for long 

continuous measurements;  

Requires very careful 

precaution. Has a difference 

in contrast to CCM. 

Acid dew point 

measurements 

Provides better results 

close to dew-point 

temperature of the flue gas 

only; 

Provides only a rough 

estimation of SO3 or H2SO4; 

found sensitive to the change 

of the acid dew-point 

temperature 

2.7 Influence of oxy-fuel combustion on SO3 formation  

2.7.1 O2/CO2 environment 

SO3 concentrations under O2/CO2 environment are several times higher than in 

a typical air combustion environment due to FGR and higher concentrations of 

O2 in combustion process (Croiset and Thambimuthu, 2001);(Ahn et al., 2011). 

Higher SO3 and SO2 concentrations along with wet RFG will produce a higher 

ADP temperature. As a result, this could lead to serious corrosion risks in the 
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boilers as noted in section 1.3. At the bench scale level, the formation of SO3 in 

O2/CO2 environment was investigated by several researchers (Fleig et al. 

2013);(Fleig et al. 2011);(Spörl et al. 2014);(Belo et al. 2014). According to 

these authors, an enriched O2 concentration in oxy-fuel combustion contributes 

to the higher SO3 formation. (Belo et al. 2014) has observed that higher O2 

concentrations between 3%, 5% and 10% resulted in SO2 oxidation of the level 

of 3-10%. These results agree well with the equilibrium calculation of Zheng and 

Furimsky, (2003). At higher temperatures, Fleig et al. (2011);(2013) concluded 

that the replacing N2 by CO2 had a strong effect. This might be due to higher 

effectiveness of third-body collisions. At lower temperatures, CO2 found 

thermally more stable and the third-body efficiency of CO2 expected to be low. 

Fleig et al. (2013) has noted that an increase of SO3 formation in the CO2 

environment was more pronounced, reaching values 30% higher value than in 

the N2. A sensitivity analysis at 1027°C indicated that SO3 was enhanced due to 

the increase of radical production in the CO2 atmosphere than in N2 as indicated 

below:  

HO2 (+ M )  ⇌  H + O2 (+ M) (19) 

H + O2 ⇌  O + OH (20) 

The formation of H radicals is increased via reaction (19) which reacts with O2 

to form OH radicals, reaction (20). The hydroperoxyl radicals (HO2) are formed 

via its decompositions in reaction (7). In addition, the RFG which increases the 

level of impurities such as NOx, SO2 and CO are also believed to enhance the 

SO3 formation to some extent. The effect of impurities on SO3 formation during 

the oxy-fuel described below. 

2.7.2 Effect of NOx emissions 

NOx emissions from combustion may have catalytic effect on SO2/SO3 

conversion ratio even at low temperatures (Cullis and Mulcahy, 1972);(Armitage 

and Cullis, 1971);(Wendt and Sternling, 1973). The effect of nitrogen oxides can 

occur either through direct or through indirect route by interaction with the 
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radical pool composition (Glarborg, 2007). At low temperatures, the oxidation of 

SO2 may react directly with NO2 to promote SO3 as (Armitage and Cullis, 1971): 

NO + NO +  O2 ⇌  NO2  +  NO2 (21) 

NO2  +  SO2 ⇌  NO +  SO3 (22) 

According to Wendt and Sternling, (1973) at high concentrations of NO, the SO2 

oxidation was second order in NO and had low activation energy. However, at 

low concentrations of NO, the SO2 oxidation found as first-order in NO with high 

activation energy. At low concentrations of NO, the reaction (21) is slow, and 

the SO2 oxidation could follow the following reactions routes (Wendt and 

Sternling, 1973): 

NO +  O2 ⇌  NO3 (23) 

NO3  +  SO2 ⇌  SO3 +  NO2 (24) 

In addition to the direct SO2 oxidation, during the cooling NO may increase SO3 

indirectly by converting HO2 in reactions (6) and (7) back to OH radicals as 

(Glarborg, 2007): 

NO + HO2 ⇌ NO2 + OH (25) 

This has been noted by Fleig et al. (2011) when small amount of NO (100 ppm) 

favoured the formation of SO3. These authors also noted an increase of SO3 

when more OH radicals were available through reaction (25) at the temperature 

higher than 1027°C. As a result, higher SO3 concentrations were formed 

through reactions (6) and (7) (Fleig et al., 2011). These authors also highlighted 

notable increase of SO3 in the presence of around 50 ppm NO concentrations in 

oxy-fuel environment compare to air. According to the authors, this might be 

due to the difference of reaction rate (26): 

H + O2(+ M) ⇌ HO2(+ M) (26) 
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According to the previous study of Glarborg, (2007), the rate of reaction (26) is 

higher for the CO2 diluted environment than in N2 which favours the HO2 

formation and could reduce SO3 to SO2 by the reaction (-7)p and followed by   (-

6). An excess formation of OH via reaction (25), promotes secondary formation 

of SO3 via reactions (6) and (7). This effect was more pronounced in CO2 

environment (Fleig et al., 2011). Only limited information is mentioned about the 

third-body effect. In the extended numerical work of Fleig et al, (2011), a higher 

value of third-body coefficient of 2.5 for CO2 (instead of 1.0) resulted in 

negligible reduction of SO3 by 2% only. This still was higher than in air case. 

Thus, as noted by Wendt and Sternling, (1973), the impact of SO2 oxidation by 

nitrogen oxide during the cooling is likely to be small and that the effect of NO 

could be assumed negligible in oxy-fuel combustion. 

2.7.3 Effect of CO concentrations  

Previous studies have shown that the CO concentration under oxy-fuel 

conditions is higher than in the air combustion environment (Zheng and 

Furimsky, 2003);(Kühnemuth et al., 2014). The higher O2 concentration in the 

primary gas corresponds to the higher flame temperature. As a result, this 

enhances the formation of CO significantly (Seddighi et al., 2013). It has also 

been noticed that most CO formation occurs in near or close to the burner 

region (Seddighi et al., 2013);(Glarborg and Bentzen, 2007). Under CO2 rich 

environment the thermal dissociation of CO2 could also contribute to a higher 

CO concentration due to the dissociation reaction (Glarborg and Bentzen, 

2007): 

CO2 (+M)  ⇌ CO + O (+M) (27)  

However, this reaction only likely to occur only at temperatures significantly 

higher than 930°C (Glarborg and Bentzen, 2007). The presence of CO2 can 

compete with O2 for the atomic hydrogen, and will lead to the formation of CO 

as (Kühnemuth et al., 2014);(Glarborg and Bentzen, 2007):  

                                            
p
 (-) reverse reaction 
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CO2  + H ⇌ CO + OH  (28) 

Simultaneously, during the formation of high CO concentrations in the flame 

zone, the recombination of CO with OH can take place Merryman and Levy, 

(1979) and this will increase the formation of H radicals (28): 

CO + OH ⇌ CO2 + H  (29) 

Consequently, this will compete with reaction (6) for OH radicals and reduce the 

formation of SO3 as noticed in the experiments of Wang et al. (2015) and Fleig 

et al. (2013). It is worth mentioning that an early experiment from the staged 

combustion of CH4/H2S/air mixture environment showed clear enhanced SO3 

formation in the presence of 1100 ppm of CO (Merryman and Levy, 1979). The 

maximum SO2 oxidation took place at flame temperatures between 1300 and 

1650°C for single and staged combustion. Slightly narrow temperature range of 

1100 to 1300°C was observed for the test with secondary air supply. These 

authors postulated that the maximum SO3 formation was only a transient 

phenomenon. It is highlighted that the SO3 concentration changes as the 

reactions continue in the downstream gas. In addition, there was no 

enhancement of SO3 at the residence time beyond about 0.09 s. These authors 

believe that enhanced SO3 behaviour was dependent on air/fuel ratio of the 

each combustion stage and the delay interval between first and second stages 

(Merryman and Levy, 1979). An similar conclusion was drawn by Bayless et al. 

(2000). Based on the experimental work of Fleig et al. (2013), an addition of 

1000 ppm CO into the system increased the SO3 formation significantly 

compared to the test without a CO addition. The measured SO3 concentrations 

were three times higher at a temperature of 927°C with 3% of O2, while the this 

difference was smaller at 1200°C. However, further increase of CO to 3000 ppm 

showed only a small difference compare to the 1000 ppm added CO. In 

summary, it appears that the maximum SO3 formation in the presence of CO, 

takes place at temperatures between 827 and 1027°C. Whereas, less formation 

of SO3 at temperatures higher than 1127°C was noted by Fleig et al. (2013). 

This indicates that formation of SO3 is affected significantly by the temperature 
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where burn out of the fuel takes place. In general, these results agree well with 

the earlier study of Merryman and Levy, (1979).  

2.7.4 Effect of steam 

The RFG in oxy-fuel combustion can increase the water vapour level up to 25-

35% in the combustion furnace (Hecht et al., 2012). This increase of H2O 

content in the combustion may promote an increase of the secondary SO3 

formation route via HOSO2, see reactions (6) and (7). In the homogeneous test 

made by Fleig et al. (2013), a more pronounced effect of water on SO3 was 

noticed at the temperatures between 1130 and 1200°C. In the presence of 

steam, OH radical can be formed by the reaction of H2O with O radical (Yilmaz 

et al., 2006): 

 H2O +  O ⇌  OH +  OH (30) 

and simultaneously by the decomposition steam as noted by Wine et al., 

(1984): 

 H2O ⇌ OH + H (31) 

As seen, the decomposition of HO2 and higher OH release through reaction 

(19) and (20) concentrations shifts reaction (31) to the right side to enhance 

SO3 formation. This in principle could favour to an increase of SO3 formation via 

reactions (5) and (6). In addition to that the third-body efficiency of H2O is found 

to be higher than the CO2 and N2 (Fleig et al., 2013). Fleig et al., (2013) has 

also pointed out that increase of H2O from 0.1% to 1.1% and 8.7% produces 

higher SO3 concentrations at temperatures between 927 and 1127°C. At 

1174°C and 8.7% of H2O, highest SO3 concentration was reached of around 23 

ppm. However, in the tests with presence of combustibles, the inhibiting effect 

of steam in SO3 formation was observed (Fleig et al., 2013). This observation 

agrees well with the previous conclusion of Glarborg et al. (1996). In contrast to 

that, a less pronounced effect of H2O on SO3 was noted by Belo et al. (2014).  

The effect of steam on SO3 was also investigated recently by Wang et al. 

(2015). In their work, higher concentrations of steam from 15 to 35% were 
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provided to simulate wet RFG. The authors reported that SO3 concentration was 

decreased with increase of steam content in homogeneous tests. Wang et al., 

(2015) have claimed that lower formation of SO3 was due to the inhibiting effect 

of steam. In oxy-fuel combustion tests, further increase of H2O to 35% produced 

a stronger inhibiting effect on SO3 formation. This is consistent with the result of 

by Fleig et al. (2013) obtained in the presence of fuel combustion. The various 

inconsistencies between Wang et al. (2015) and other studies may be explained 

by the fact that there is a complex set of reactions occurring in the 

homogeneous and heterogeneous environments due to the high water content. 

The inhibiting effect of H2O in homogeneous cases can affect SO3 consumption 

reactions as a result of reactions (4), (20) and (31), followed by: 

 SO3 + H ⇌  SO2  +  OH (32) 

 SO3 + O ⇌ SO2  + O2 (33) 

 SO3 + OH ⇌  SO2  + H2O (34) 

According to Hindiyarti et al. (2007) and Glarborg et al. (1996), major 

consumption of SO3 in combustion could be due to reaction (32) and (33). They 

claimed that the rate constant for reaction (32) is several magnitudes higher 

than that of reaction (5) at a similar temperature. In addition, H2O 

concentrations were higher than SO2 concentrations in their experiments. Under 

this condition, steam was more likely to compete for O radical. As a result, O-

radical form OH radicals resulting in lower SO3 formation through reaction (5). 

2.7.5 Temperature and residence time 

Flint and Lindsay, (1951) and Burdett et al. (1984), carried out pioneering 

investigations on the oxidation of SO2 in quartz tube reactors. In both tests an 

there was increasing homogeneous SO3 formation with increasing temperature 

and residence time, see Table 2-8. Later, a similar approach was carried out 

using an air environment by Belo et al. (2014). As shown in Table 2-8, the 

homogeneous conversion ratio increased from 0.04% to 0.77% by increasing 
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temperature from 400ºC to 1000ºC. In their test, a significant increase of 

conversion of SO2 to SO3 was noted when the reaction temperature exceeded 

700ºC. Nevertheless, temperatures higher than 900ºC were required to see 

significant conversion for the residence time in their study of 1 s (Belo et al. 

2014). At this residence time, the maximum conversion was 0.36%. This agrees 

well with the previous results of Flint and Lindsay, (1951) and Burdett et al. 

(1984). 

It is well known that at a lower temperature range, SO3 is formed by oxidation of 

molecular oxidation via the reaction (6) and (7) and that SO3 formation is 

thermodynamically favoured with decreasing temperature. However, the 

reaction rate is very slow and such systems cannot reach equilibrium at a short 

residence time. Fleig et al., (2013) have carried out experimental work on 

homogeneous SO3 formation over a much wider temperature range, see Table 

2-8. These authors concluded that SO3 formation was less than 1 ppm under 

the temperature <727°C. Lower level of SO3 seen in their work was due to the 

short residence time, as noted by Flint and Lindsay, (1951) and the low level of 

H2O (1.11%) in their work.  
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Table 2-8 List of homogeneous SO3 studies conducted in quartz tube flow reactors 

Authors Sizes, mm 

(d x l) 

Temp (ºC) Inlet gas condition Flow rate, 

(L/min) 

Residence 

time, (s) 

Max temp, 

(ºC) 

SO3/(SO2+S

O3)) (%)  

Barret et al., (1966)  25.4 x 610 1030-1530 Air + 0.7% SO2 3.4 5.5-5.7 1530 0.2 

Flint and Lindsay, 

(1951) 

14 x 1829 500-900 Air (+ H2O-8%),  

SO2(1400 ppm) 

1.7-8.5 0.9-9.6 900 0.36 - 4.8 

Burdett et al., (1984) 10 x 450 850-1066 SO2(0-5500 ppm);  

O2 (0-21%); bal-N2/ 

0.5-5 Up to 6 960 0.36 

Belo et al., (2014) 12 x 250 400-1000 Gas mixture (SO2-

1000 ppm, H2O-3%, 

O2-5%, bal-N2)  

0.5-1.5 0.3-0.9 1000 0.14 – 0.77  

Fleig et al., (2013) 50 x 900 527-1400 SO2-1000 ppm, O2-

3%, H2O-1.1%, bal-

N2/CO2,  

1.0 Up to 5  1400 0.1-1.7 

Wang et al., (2015) 50 x 1500 350-1050 O2-5%, SO2 –500, 

1500, 2500 ppm, 

H2O-0.03%, bal-CO2, 

2.0 N/Sq 950 500r-0.11 

1500-0.16 

2500-0.21 

                                            
q
 Not specified (N/S). Based on size of tube  and flow rate, calculation shows long residence time for this work 

r
 500, 1000 and 2500 means tests with SO2 concentration  
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2.7.6 Effect of fly ash  

As noted in section 3.2, the fly ash components are potentially important for 

SO3 formation. It has been reported that metal oxides as Fe2O3, Al2O3 and CuO 

could serve as a catalyst for SO2 oxidation, while some alkali and earth metal 

oxides as MgO, CaO can adsorb SO3 (Marrier and Dibbst, 1974). The catalytic 

effect of fly ash on SO3 formation in oxy condition was investigated by Belo et 

al. (2014), who reported the following conclusions: 1) the total conversion of 

SO2 to SO3 under heterogeneous test 1.8% 2) the effect of Fe2O3 on SO2 to 

SO3 conversion was more pronounced compare to other ash components at 

constant 1000 ppm of SO2 concentration; 3) fly ashes derived from air and oxy-

fuel modes showed no significant difference in conversion ratio under constant 

SO2 concentration, N2 and CO2 atmospheres demonstrated no significant effect 

on the heterogeneous conversion of SO2 to SO3. SO3 concentrations increased 

to 17.84 ppm at 700°C in the presence of ash test, while 0.98 ppm of SO3 was 

observed in the homogeneous test (Belo et al., 2014). Although, the general 

trend of SO2 to SO3 conversion is consistent with past studies of Marier and 

Dibbst, (1974), a stronger catalytic effect at temperatures of 400 and 500°C was 

noted by Duan et al. (2015) compare to the tests of Belo et al. (2014). However 

at 700°C, the catalytic effect in the tests of Belo et al. (2014) was more 

pronounced. Higher concentration of CaO tends to react with SO2. A similar 

result was noted in the pilot-scale tests of Ahn et al. (2011), when PRB coal was 

utilised, which has a CaO content in the ash of 22.2%. SO3 formation from 

burning PRB coal was lowest comparatively to Utah and Illinois coals. By 

contrast, an enhanced of SO3 formation observed for the Illinois coal, which has 

significantly less CaO content (1.9%) in the ash and a high content of sulfur, as 

shown in Table 2-9 and Table 2-10.  

Based on the available information, it may be concluded that a pronounced 

catalytic effect were observed in bench scale tests rather than the pilot-scale 

tests. However, large scale units could perform differently due to the differences 

in heat transfer rates in a large boiler, inconsistency in fuel composition and 

loading requirements. Interestingly, the effect of Fe was not observed in the 
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presence of combustibles at pilot-scale test of IFK (Spörl et al., 2014). For this 

reason, detailed experiments with a wide range of coals are still required under 

oxy-fuel combustion condition to evaluate the degree of catalytic oxidation and 

absorption by fly ash in laboratory experiments. 
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Table 2-9 A list of XRF analysis of fly ashes during the SO3 studies 

 Solid Fuel SiO2 Al2O3 Fe2O3 CaO MgO Na2O K2O TiO2 P2O5 SO3 

Belo et al., 

(2014) 

A 52.9 34 7.13 1.41 0.98 0.16 0.52 2.16 0.28 0.24 

B 69 24.2 2.16 0.87 0.74 0.28 0.60 1.65 0.18 0.28 

C 53 26.5 8.34 4.66 1.67 0.98 1.06 1.13 1.51 0.97 

Sporl et al., 

(2014) 

A 58.9 26.2 6.8 1.2 0.7 0.1 0.4 2.4 0.2 0.3 

B 64.4 21.5 1.2 0.4 0.7 02 0.4 3.9 0.0 7.2 

C 33.2 23.0 11.4 7.0 1.8 1.3 0.9 1.2 1.8 22.7 

Couling et al., 

(2011) 

Williamson coal 50 20.5 15.9 5.18 1.14 0.68 2.41 1.05 0.1 4.78 

Ahn et al., 

(2011) 

PRB coal 30.46 14.78 5.20 22.19 5.17 1.94 0.35 1.30 1.07 8.83 

Utah coal 60.89 14.52 5.09 6.11 1.39 1.41 0.57 0.88 0.59 2.33 

Illinois coal 49.28 17.66 14.57 1.87 0.98 1.51 2.26 0.85 0.11 2.22 

Kenney et al., 

(2011) 

Sub-Bit coal 34.56 16.05 6.16 19.79 4.23 1.24 0.50 1.29 0.81 11.67 

Low-S Bit coal 56.30 30.78 5.58 0.84 0.82 0.23 2.67 1.78 0.15 0.71 

High-S Bit coal 50.85 20.53 15.56 3.52 0.96 1.02 2.11 0.94 0.52 2.81 

Lignite  41.99 13.96 6.47 14.84 4.50 1.56 1.93 0.54 0.18 11.99 

Duan et al., 

(2015) 

Bituminous coal 45.12 34.14 4.16 8.66 1.36 0.46 0.99 1.53 0.09 3.06 

Bituminous coal 37.84 18.52 10.37 19.99 4.51 2.55 0.37 1.09 1.09 3.07 

Wang et al., 

(2015) 

Lignite   64.39 18.04 3.42 4.68 1.27 0.90 0.93 0.48 0.95 4.69 

Bituminous coal 48.82 29.81 3.99 4.57 1.12 1.12 1.17 0.64 0.26 8.23 

Jurado et al., 

(2014) 

Cerrejon coal 60.69 22.01 7.43 2.27 2.90 1.06 2.32 0.92 0.21  

CCP-biomass 44.36 2.49 2.47 7.78 3.96 0.36 24.72 0.12 12.04  
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2.7.7 Pilot-scale so3 measurements 

At the pilot-scale, Ahn et al. (2011) studied sulfur trioxide formation extensively 

in a 1.5 MW oxy-PC and a 330 kW oxy-CFB combustor units. Three types of 

US coal were tested (PRB, Utah and Illinous) in their SO3 test campaign. The 

sulfur content of these coals is provided in Table 2-10. During the Illinious coal 

test with S content-3.98%, the SO3 concentrations increased from 4 to 6 times 

on average at 530°C. However, sampling at higher temperatures close to 

930°C, similar SO3 concentrations were observed for oxy-fuel and air 

combustion in PC tests. The overall SO3 concentrations measured at higher 

temperatures were less than the concentrations found at 527°C. This suggests 

that the secondary formation of SO3 and the catalytic effect of metal oxide 

dominates in pilot-scale tests. In oxy-CFB tests, only Utah coal was 

investigated. The trend of SO3 emissions was consistent with oxy-PC 

combustion, however on normalised base (mass per unit energy input), no 

difference was found between oxy and air-firing modes. Later, SO3 

measurements conducted at IFK in a 500 kW oxy-PC combustor (Spörl et al., 

2014). This system had an ESP was along with a SCR (Spörl et al., 2014) and 

the SO3 sampling was made from inlet and outlet of ESP and SCR, 

respectively. Roughly 62% of the SO3 capture was noted under oxy-fuel 

combustion in the SCR unit. Higher SO3 was noted in oxy-fuel runs and there 

was less influence of the SCR on the ADP temperature in these experiments 

(Spörl et al., 2011);(Monckert et al., 2008). Babcock-Hitachi tested SO3 

emissions in 1.5 MWth oxy-fuel combustion facility which included SCR, Clean 

Energy Recuperator (CER), Flue Gas Recirculation Dry Precipitator (DESP) 

and Wet Electrostatic Precipitator (WESP)(Mitsui et al., 2011). Two different 

coals were used in this experiment with low sulfur, but high ash contents. SO3 

concentrations at the DESP outlet was reduced to less than 1 ppm by 

decreasing the flue gas temperature to 90°C at the DESP inlet. Similar results 

were obtained for air and oxy-fuel combustion. It is worth noting that most SO3 

was trapped in the CER unit (Mitsui et al., 2011). 
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There is a lack of experiments in the literature for SO3 formation from oxy 

biomass or co-firing combustion. In this regard, several SO3 measurements 

were produced by Jurado et al. (2014), in a 100 kW oxy-PC unit during co-firing 

combustion test. Cerrejon coal/Cereal co-products were blended in the 

proportion of 50/50% and 75/25%. Wet RFG was employed in this test with 

varied steam content. Adjusting their results to a comparable SO3 data received 

during air and oxy-fuel combustion environment, SO3 concentrations indicated a 

slightly higher trend with an increase of biomass percentage in the mixture. 

These authors pointed out that this higher conversion seen in their co-firing 

experiments could be due to the higher content of alkali (K2O) in biomass fly 

ash. Other SO3 measurements taken for pilot-scale and industrial-level 

combustors are summarised Table 2-10. Currently it appears for pilot-scale 

tests on SO3, CCM method was mostly applied. 

2.7.8 Modelling studies of SO3 formation  

Only a few numerical studies on SO3 formation are available for the O2/CO2 

environment as compared to air combustion. Burdett et al. (1983) has predicted 

the effect of operating bed pressure on SO2 to SO3 conversion in the (Burdett et 

al., 1983). The predicted plot of bed pressure (600 kPa) and temperature of 

900°C with 10% of O2 in the flue gas clearly indicated an increasing trend of 

SO3 formation. And this work suggests that under such condition, the potential 

increase of sulfur-in-fuel to SO3 could be as high as 20%. However, these 

conclusions still need to be verified experimentally. Later, Burdett et al. (1984) 

has proposed a kinetic model to predict homogeneous reaction rates. Fleig et 

al., (2011) modelled homogeneous gas-phase SO3 formation for oxy-fuel 

combustion condition with a model which is described by Gimenez-Lopez et al. 

(2011) and which was initially developed by Glarborg et al. (1998). CHEMKIN-

PRO was used to model homogeneous reaction by making assumptions such 

as: plug flow reactor, and assuming a pre-defined reaction temperature and 

residence time. The resulting homogeneous model predicts less SO3 at the 

temperature higher than 1400°C. More recently, Belo et al. (2014), implemented 

the kinetic model of Burdett et al. (1984) for residence times of 0.3 to 0.9 s as 
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shown in Table 2-8. Thermodynamic equilibrium calculations showed maximum 

conversion SO2 to SO3 at low temperatures and further increase of temperature 

to 900 and 1000°C decreased the SO3 by about 6.8 and 3.2%, respectively 

(Belo et al., 2014). Gas phase SO3 formation was also modelled by Schneider 

and Bogdan, (2003) for an oil-fired boiler.  
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Table 2-10 A detailed lists of SO3 measurement campaigns under oxy and air fuel combustion 

Authors  Type of fuel and 

sulfur content 

Type of reactor Measuring tools Methodology to 

detect SO3  

SO3 (ppm) 

Abele et al., 

(1987) 

Sub-bituminous (S-

0.57%); 

  CCM  Air-0.03; Oxy-0.76; 

Tan et al., 

(2006) 

East-bituminous  

(S-.95%); Sub-

bituminous (S-0.22%); 

Lignite (S-0.6%);  

0.3 MWth 

Vertical 

combustor 

Data acquisition 

Honeywell Series 

S9000e 

controller; GAs; 

Not specified  Air-27 ng/Jt; 

Oxy-75 ng/J; 

Oxy-0.14 ng/J; 

Ahn et al., 

(2011)  

PRB (S wt.%-0.23),  

Utah (S wt.%-0.53),  

Illinois (Swt.%-3.98) 

1.5 MW PC 

combustor;  

 

SO2 Gas 

analyser (CAI 

Model 601 NDIR) 

and FTIR (Nicolet 

Magna-IR 550) 

CCM  

 

PRB Air: below 5t  

Utah Air: 5u 

Utah Oxy: 5t 

Illinois Air: 31t 

Illinois Oxy: 117t 

Eddings et al., 

(2010) 

Illinois coal pellets       

(Swt.%-4.0) 

BFB reactor FTIR CCM Air: 12t 

Oxy: 10 t  

                                            
s
 GA- gas analyser; 

t
 ng/J-nanograms per joule 
u
 Average value is taking into account 
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Authors  Type of fuel and 

sulfur content 

Type of reactor Measuring tools Methodology to 

detect SO3  

SO3 (ppm) 

Kiga et al., 

(1997)  

Stanger and 

Wall, (2011) 

Australian low sulfur 

coals with: 

A (S-0.45%); 

B (S-0.96%); 

C (S-0.38%); 

1.2 MW IHI Aioi 

facility 

Non-dispersive 

infra-red gas 

analyser 

(HORIBA ENDA-

1610), GC 

(Shimadzu 

14APFP); 

 Coal A: Air-2; 

Coal A: Oxy-7; 

Coal B: Air-9; 

Coal B: Oxy-9; 

Coal C: Air-3 

Coal C: Oxy-11 

 

Fleig et al., 

(2012) 

Propane and SO₃ 

injected to unit; 

100 kW Oxy 

fired test unit 

combustor 

Nondispersive 

infrared (NDIR) 

analysers (NGA 

2000 Fisher 

Rosemount); IC 

(ICS -90 

DIONEX)  

CCM used as 

reference case to 

other methods:  

1. Isopropanol 

absorption 

bottle method,  

2. Salt method;  

3. Pentol SO3 

monitor; 

CCM results:  

Air case: 34; Oxy-case 

25v:9; Oxy-case 30: 56; 

Oxy-case 35: 25 

 

Vainio et al., 

(2013) 

Mixture of gases: 

(SO2, H2O, O2, N2  and 

H2SO4) 

Bench scale 

horizontal tube 

reactor 

ICS-90 Ion 

chromatography 

(DIONEX) 

Salt method: four 

types of salts has 

tested (NaCl, KCl, 

K2CO3, CaCl2) 

Salt method results: 

NaCl: Air – 30t; 

NaCl: Oxy – 46t; 

                                            
v
 Oxy-30:  30 means O2 concentration percentage in the oxidiser stream at the inlet; 
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Authors  Type of fuel and 

sulfur content 

Type of reactor Measuring tools Methodology to 

detect SO3  

SO3 (ppm) 

Spörl et al., 

(2014)  

Australian coals with 

sulfur: (A-0.3%; B-

0.7%; C-0.7%) 

 

20 kW 

combustion rig; 

L x D (2.5 x 0.2 

m); Flow rate: 

11.5 m3/hour; 

IC (DIN EN ISO 

10304) 

CCM Coal A: Air – 2;  

Oxy: 6 – 35w; 

Coal B: Air – 8;  

Oxy: 18 – 50; 

Coal C: Air – 1;  

Oxy: 2– 30; 

Monckert et 

al., (2008) 

Klein Kopje, Lausitz, 

Rhenish, Ensdorf (S-

1%) 

0.5 MW down-

fired  Oxy -PC  

SEM-BSE, SEM-

MAP 

CCM Air: 8; 

Oxy: 85; 

Roy et al., 

(2014) 

Victorian coals Loy 

Yang, Morvell and 

Yallourn (S- 0.5%)  

10 kW oxy-fired 

BFB  

Gas analyser 

(MX6 iBrid)  

GC (Agilent GC 

7890A); 

Calcium oxalate 

with glass beads;  

 

Dry Oxy: 11 mg/MJ; Air: 

15 mg/MJ;    Dry Oxy-

fuel 14 mg/MJ;  

Wang et al., 

(2015) 

Lignite coal (S-0.6%); 

Bituminous coal (S-

3.69%) 

Oxy PC unit ICS -90 DIONEX CCM Oxy Bituminous coal:  

500 to 3000x; 13 to 

105y; Oxy Lignite:  

500 to 3000; 0.5 to 80 

Hemis, (2006) Illinois bituminous coal 

 

Hoosier Energy’ 

Merom Station 

FTIR; IC (Desert 

Analytics); 

FTIR and CCM  Air tests: Day-1 FTIR-

37.33 versus CCM-

30.4;  Day-2 FTIR-

                                            
w
 Range of SO3 values are provided for this particular test as initial parameters were different;   

x
 500 to 3000 means SO2 concentration in the test conditions; 

y
 13 to 105, Corresponding SO3 concentration in regard to SO2 concentrations;    
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Authors  Type of fuel and 

sulfur content 

Type of reactor Measuring tools Methodology to 

detect SO3  

SO3 (ppm) 

37.66 versus CCM-

29.1; 

Cao et al., 

(2010) 

Bituminous & 

subbituminous coals 

(S-3.5%); Three FAs 

Fixed bed rig,  

Full-scale utility 

boilers  

IC (DX-120); Modified CCM Air. Site1: Bituminous 

coal SCR inl-22; SCR 

out–24; APHz out–7; 

ESP in-6; FGD inl–7; 

FGD out–4; Site 2: 

SCR inl-23; SCR out-

24; APH out-21; ESP 

out-17; FGD in-17.5; 

FGD out-15; Site 3: 

Sub-bituminous: below 

2 at all locations      

Kenney et al., 

(2011)  

 

LSBaa (S-0.9%), HSBbb 

(S-3.2%); Sub-

bituminous (S-0.3 %), 

Dried lignite (S-0.7%); 

Oxy fired pilot 

plant; 15 MWth, 

Alstom;   

N/A SO3 executed from 

Economiser outlet 

locations of boiler; 

CCM. 

Sub-bit Air: 0.5t; Oxy 

with SOx control: 1.6t; 

LSB air: 28.8; oxy: 

39.4; HSB air-41; Oxy-

186.3; Lignite air-30; 

oxy-45.9;   

                                            
z
 AHP – air preheater; 

aa
 LSB-low sulfur bituminous 

bb
 HSB-high sulfur bituminous 



 

60 

Authors  Type of fuel and 

sulfur content 

Type of reactor Measuring tools Methodology to 

detect SO3  

SO3 (ppm) 

Jurado et al., 

(2014) 

EI Cerrejon coal (EC) 

(S-0.58%); Cereal co-

product (CC) (S-

0.16%) 

0.1 MW 

pulverised oxy-

fuel combustor 

FTIR, 

ESEM/EDX, XRD 

CCM Air: EC-3.7; EC/CC 

(50/50%)-20.2; CC-

25.4; Oxy: EC-20.6; 

EC/CC (50/50%)-35.9; 

EC/CC (75/25%)-16.8;  

Davis, (2011)  USA Williamson coal 

(S-1.7%); 

E.ON 1 MW 

Combustion 

Test Facility 

XRF, SEM SO3 Monitor 

(Severn Science 

analyser); 

CCM 

Not specified; 

Dhungel et al., 

(2011) 

Medium sulfur 

bituminous Coal 

ERTFcc 0.16 

MW  Oxy fired 

system; 

Dry sorbent 

injection;  

Gas analyser 

CCM Not specified;  

                                            
cc

 ERTF-Emission Reduction Test Facility 
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3 METHODOLOGY 

In this section, the first two experimental tests were conducted during the visit to 

Southeast University and are described first. This work is followed by the latest 

SO3 measurements which were conducted in a bench-scale bubbling fluidised 

bed rig at Cranfield University.  

The data obtained from pilot-scale oxy-CFB tests provide a realistic data on 

sulfur to SO3 conversion during the air and oxy combustion environments. 

However, it should be noted that operation of a pilot-scale CFB unit is difficult 

for a long period of time, as it requires longer time for preparation and analysis 

of the test. The amount of SO3 concentration achieved in the air and oxy 

environments was defined by average value of repeated tests. In contrast, 

bench-scale experiments allowed to gather the SO3 at a wider range of 

parameters which is difficult to obtain in the pilot-scale CFB unit. A second 

study in the bench-scale bubbling fluidised bed represents a typical operation 

parameters of the BFB reactor in air and oxy conditions. The results from both 

bench-scale tests provide a presentable data that simulates and predicts the 

SO3 formation in pilot-scale and demonstration units. Tests were conducted 

three and in some tests two times. Therefore, the final data for the similar test 

condition was presented by average value. In some tests, particularly in 

bubbling fluidised bed rig, few tests were done two times. The methodology 

section also describes the experimental procedure and design of experiment 
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3.1 Experiments in a fixed bed (FB) reactor 

A vertical tube reactor was used for the tests involving homogeneous and 

heterogeneous reactions, as shown in Figure 3-1. The system consists of a 

15.5 mm inner diameter (ID) quartz tube flow reactor placed in an electrically 

heated furnace. The total length of the quartz tube was 1115 mm. A porous 

quartz plate was placed at the centre of the quartz tube to support the solids in 

the reactor. The furnace below the plate is used to preheat the gas into the 

reaction zone. The isothermal length above the plate is calibrated as 420mm. 

Another porous quartz plate was placed at the exit of the quartz tube to prevent 

the escape of solids from the reactor. High purity (>99.99%) reactant gases (O2, 

SO2, and N2/CO2) were supplied by gas bottles and were metered by the flow 

meters before entering the gas mixer. 

Deionised water was 

metered and pumped into a 

steam generator by a 

metering pump (BT 100-2 J, 

Longer Pump, China). The 

steam generator was 

controlled to operate at 

200°C. The steam and other 

gases were mixed in the gas 

mixer which is also heated 

and then sent to the reactor. 

The entire gas line was 

electrically heated to avoid 

condensation. The total gas 

flow rate into the reactor 

was 3.17 L/min (100 kPa, 0°C) to maintain the residence time of gas at 1.5 s 

under the actual condition. Test conditions and variables are presented in Table 

3-1. The amount of SO3 and SO2 present in the condensed acid in the hydrogen 

peroxide solutions were quantified through a titration method using barium 

 

Figure 3-1 Vertical fixed bed reactor system 

(Modified from Duan et al., 2015) 
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perchlorate with a thorin indicator, according to the EPA method 8A. All 

samples were titrated at twice to get accurate results. More details of the SO3 

sampling and measurements are described in section 3.4. 

3.2 Experiments in a pilot-scale circulating fluidised bed (CFB) 

reactor 

Several SO3 measurements were conducted in a 50 kWth oxy-fired CFB unit 

with wet RFG to evaluate the formation of SO3 under real combustion 

environment. The sketch of oxy-CFB unit is illustrated in Figure 3-2. The pilot 

scale oxy-CFB unit consist: riser, fuel feeding system, gas feeding system, 

cooler, bag filter and supply of pre-heated RFG. A bituminous coal was burned 

in air and oxy combustion tests. The ultimate and proximate analysis of the 

bituminous coal used in the test is shown in Table 3-2. The mass flow rate of 

coal was around 7.2 kg per hour. Oxygen concentration in the oxy-fuel 

combustion conditions was 23.4%. This corresponded to the reactor 

temperature of 881°C for air and 891°C under oxy-fuel combustion. More details 

concerning the rig can be found elsewhere (Duan et al., 2014). The following 

gases were monitored during the experiments: 1) oxygen concentrations in the 

inlet and outlet of the reactor were measured by ZrO2 oxygen sensors; 2) SO2 

concentrations were read during the tests by a gas analyser (NGA2000, 

Table 3-1 Test conditions in fixed bed rig (inlet gases per volume on a wet 

basis) 

Variables  Operational values 

Temperature, (°C) 400, 500, 600, 700 

SO2 concentrations (ppm) 2000, 3000, 4000, 5000 

O2 concentrations (%) 3, 6, 11, 16 

Steam concentrations, (%) 5, 10, 15 
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Emerson, USA); 3) H2O concentration in the flue gas was measured by a 

moisture analyser (MAC125, MAC INSTRUMENTS, USA);  

 

Figure 3-2 Oxy-fuel CFB unit with flue gas recycle (Duan et al., 2014) 

Table 3-2 Ultimate and proximate analysis of coal (air dried basis) (Duan et 

al., 2015) 

Ultimate analysis (wt.%) Proximate analysis (wt.%) 

Carbon (C) 65.00 Fixed carbon (FC) 51.68 

Hydrogen (H) 3.85 Volatile (V) 28.38 

Oxygen (O) 9.95 Ash (A) 16.18 

Nitrogen (N) 0.76 Moisture (M) 3.76 

Sulfur (S) 0.50 Heating value (MJ/kg) 25.05 
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3.3 SO3 measurements in a bubbling fluidised bed (BFB) rig 

Fundamental data collection of SO3 formation is continued in a bench scale 

bubbling fluidised bed reactor. A schematic diagram of a bench-scale bubbling 

fluidised bed rig is illustrated in Figure 3-3. The reactor consists of the following: 

inner and outer stainless steel tubes that serves as the reactor, together with 

gas lines for (O2, CO2, SO2, N2) and a water pump, an electrically-heated 

furnace to achieve the desired temperatures and a solids feeding port. At the 

hot exit line, a sintered filter and gas analyser is installed for solids removal and 

gas monitor. The dimension of inner tube (ID) was 25 mm with a height of 550 

mm. The outer tube has an ID of 38 mm and a height of 1180 mm. The 

distributor plate is made of 4 layers of stainless steel (316) mesh clamped with 

an open cap to the bottom part of inner reactor. The reactor temperature and 

the pressure drop across the bed were measured by K-type thermocouple and 

pressure transducers, respectively. The total length of a tube made for an exit 

gas (ID-4.2 mm) was 700 mm. The purpose of using smaller diameter pipe was 

to reduce the residence time of the gas exiting the reactor to prevent SO3 

condensation. The residence time of the exit gas in exhaust section was less 

than 1 s. According to the studies of Lindsay and Flint, (1951), SO3 capture by 

tube wall could be avoided if a short residence time is ensured in the sample 

lines to the SO3 analyser. A similar approach for the sampling line for such 

measurements has been used by Dennis and Hayhurst, (1988). Moreover, the 

whole length of the gas sampling line was heated with a string heating element 

and maintained at temperature 290-300°C. As a result, the exit gas temperature 

was controlled from 185 to 190°C. Another reason for maintaining heater at 

such temperatures is to avoid the formation of aerosols in the quartz filter fitted 

in the SO3 sampling train (Maddalone et al., 1979). 

All readings were recorded by the data acquisition system (Picolog). The 

mixture of gases and steam were fed to the bottom part of the outer tube to 

pass through the pre-heating section. The flow rate of gases to the reactor was 

controlled by calibrated mass flow controllers (MFC-Bronkhorst). N2 and CO2 

mass flow controllers are calibrated by connecting MFC straight to the 
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calibrated wet gas meter under constant flow rate. The calibration of N2 and 

CO2 MFCs are given Appendix C. As a result of calibration procedure, the 

difference between the WGM and MFC was taking into account during the tests. 

Deionised water is provided by a high pressure pump and supplied in a straight 

line to the pre-heated section of the outer tube to avoid a steam condensation in 

the bottom section of the outer tube. 

The water pump is also checked before the tests by running water into to the 50 

ml of glass beaker (Pyrex). The time of flow is fixed and collected volume of 

water was measured visually. After passing the main heated section of the 

reactor, concentrations of an exit gas were measured by a Fourier transform 

infra-red (FTIR, Protea, model FTPA-002). A schematic of the rig and auxiliaries 

is presented in Figure 3-4 (a, b, c). 

 

Figure 3-3 Sketch of bench scale bubbling fluidised bed 
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(a)                        (b) 

  

(c)                          (d) 

Figure 3-4 Photographs of bubbling fluidised bed rig  

(a) Front view that includes: reactor, electrical furnace, oven for glass 

condenser and vacuum pump; (b) side view illustrates control system for gases, 

data acquisition system via PC and FTIR gas analyser; (c) upper part of the rig 

includes pressure gauge, solid feeding port with two valves, exit gas line and 

thermocouple port; (d) riser (reactor) with distributor plate;  
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3.4 Materials  

3.4.1 Materials for fixed bed tests 

Uncatalysed tests in the quartz tube reactor were conducted in the absence of 

solids. During the catalysed tests, three different metal oxides (0-10μm) 

including α-Fe2O3, V2O5 and CuO with purity higher than 99% and two different 

kinds of fly ash-1 and fly ash-2 (0-45μm) were used as the catalysts. 1.6 g 

Fe2O3, 0.795 g CuO and 1.82 g V2O5 were used respectively in the 

heterogeneous tests to make them at the same molar amount. 1.0 g FA was 

used in the FA tests. The chemical composition of the used fly ashes is given in 

Table 3-3. 

3.4.2 Materials for bubbling fluidised bed tests 

Experiments in BFB rig used silica sand with a mean particle size of 260 μm. In 

addition, three different fly ashes (FA) were used to investigate the catalytic 

effect of minerals on the formation of SO3. Fly ashes were supplied from: 

CanmetENERGY (Canada), British power station (UK) and Southeast 

University (China). Further these materials are entitled as Fly ash-3 (Canadian), 

Fly ash-4 (British FA) and Fly ash-1 (Southeast). The last fly ash was produced 

from a 50 kW oxy-fired CFB unit described in the section 3.2. Further details 

about the coal from which the FA was produced and the combustion units 

themselves can be found elsewhere (Duan et al. 2014). The chemical 

composition of the Fly ash-3 and Fly ash-4 is given in Table 3-3 along with the 

fly ashes from fixed bed tests. Due to the low bulk density of FA, smaller 

particles were sieved for the catalysed tests. The particle size (PSD) of fly 

ashes used in this work was between 90 and 212 μm, with a mean diameter 

(dp) of 150 μm. However, a higher particle size was sieved for the Fly ash-1, as 

shown in Figure 3-5. 
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(a) Silica sand 

 

(b) Fly ash-1 
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Table 3-3 Chemical composition of fly ashes 

Composition 
Fly ash 1 

(FB, BFB) 

Fly ash 2 

(FB) 

Fly ash-

3(BFB) 

Fly ash-4 

(BFB) 

Na2O 0.46 2.55 0.2 1.25 

MgO 1.36 4.51 9.02 2.5 

Al2O3 34.14 18.52 9.12 29.5 

SiO2 45.12 37.84 25.44 48.0 

K2O 0.99 0.37 0.78 3.0 

CaO 8.66 19.99 29.95 3.0 

Fe2O3 4.16 10.37 8.59 9.0 

TiO2 1.53 1.09 0.21 0.95 

SO3 3.06 3.07 n/a n/a 

P2O5 0.09 1.09 0.11 n/a 
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(c) Fly ash-3 FA (d) Fly ash-4 FA 

Figure 3-5 Particle size distribution of solid materials 

Four layers of fine metal mesh with the porosity grade of 75 and 120 μm were 

fixed to sustain solids in the reactor. The PSD of solids is shown in Figure 3-5. 

At the exit of the reactor, a thumb type sintered filter with a porosity grade of 60 

μm was placed to prevent solids escape from the reactor. All tubes in exhaust 

section were made of stainless steel. Initial illustration of solids is presented in 

Figure 3-6. 

3.5 Development of SO3 sampling method 

For the next experimental campaign conducted at Cranfield University, a new 

SO3 sampling train was designed based on the EPA method 8A. According to 
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Figure 3-6 Photographs of solid materials 
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previous investigators, the CCM appears to be the most common method for 

measuring SO3 (Jaworowski and Mack, 1979);(Maddalone et al., 1979);(Fleig et 

al., 2012). Due to the size limitations of the rig, the total sampling flow of exit 

gas was several times lower than the sampling flow rate recommended by EPA 

method 8A. Therefore, the sampling time was extended to match a minimum 

gas volume of 300 L. At 950°C, the duration of sampling was around 4 h, while 

only 2 h were required at 400°C. The SO3 sampling train is shown in Figure 3-7. 

The sampling probe of an exit gas is connected to the quartz tube and sealed 

with a high temperature ceramic paste. The exit gas is filtered a second time in 

the glass sampling train by the quartz filter and paper. The quartz filter had a 

porosity size of 100 μm. Secondary paper filter is required to remove fine 

particles from the gas stream as it can result in positive errors. 

 

Figure 3-7 SO3 sampling train based on EPA method 8A 

The probe and filter are maintained at the temperature of 290-300°C to avoid 

the formation of aerosols. After passing the filter, the sampling gas undergoes a 

temperature drop in the glass condenser which maintained at the temperature 

of 80 to 90°C. At this temperature, an existing SO3 in the exit gas condenses at 

the wall of the glass condenser. The image of glass condenser fixed in the oven 

is provided in Appendix E. The remaining gas passes through a 3% of hydrogen 

peroxide (H2O2) solution; here any SO2 is converted to sulfuric acid even at low 

temperature. The gas moisture is removed by silica gel and the gas then goes 

to a wet gas meter (WGM). A calibrated WGM was used in this test to avoid 
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flow measurement errors, see Figure C-1 and C-2 in Appendix C. The WGM 

was fixed in a horizontal plate and positioned by a spirit level. The top of water 

level was monitored in the WGM.  

For the SO3 analysis, a solution containing 1.95 g of barium perchlorate 

trihydrate (99.9%-Ba, CAS: 10294-39-0; Stream Chemicals, Newburyport, MA 

01950, USA) was dissolved in a 200 ml of de-ionised water at room 

temperature. Then, 800 ml pure iso-propanol is added to make 1000 ml of 

barium standard solution. The solution is stored in a 1000 ml glass bottle and 

kept closed at room temperature. The solution is stable for the period of two 

weeks. For the SO2 measurements, the first two bottles were filled with 100 ml 

of solution containing 3% hydrogen peroxide, followed by 100 ml of de-ionised 

water and silica gel in the last bottle. All 4 impingers were maintained at the 

temperature bellow 5°C during the test. The temperature in the water bath was 

monitored by K-type thermocouple during the test and kept at the temperature 

below 5°C, by adding a fresh ice during the sampling period. The glass 

condenser, probe and first two impingers were titrated separately by barium 

perchlorate trihydrate solution. 2-4 drops of thorin indicator was used to titrate 

the solution until a pink colour was achieved. 

Finally, the quality of barium perchlorate trihydrate solution was also determined 

by diluting the standard sulfuric acid into 5, 10, 25 and 50 mmoles as shown in 

Figure 3-8. As a result, a high titration accuracy was achieved.  

The SO3 concentration and SO2 concentrations (C) were defined by the 

following equations 3.7 and 3.8, respectively: 

CH2SO4
= K1

(Vt − Vtb) N (
Vsoln

Va
)

Vm(std)
 Equation 3.7 

CSO2
= K2

(Vt − Vtb) N (
Vsoln

Va
)

Vm(std)
 Equation 3.8 



 

73 

Where:  

- K1 = 0.04904 g/milliequivalent (g/meq) for metric units; 

- K2 = 0.03203 g/milliequivalent (g/meq) for metric units; 

- Vt = Volume of barium standard solution titrant used for the sample, ml; 

- Vtb = Volume of barium standard solution titrant used for the blank, ml; 

- Vsoln = Total volume of solution in which the H2SO4 or SO2 sample is 

contained, 250 ml or 1000 ml, respectively; 

- Va = Volume of sample aliquot titrated; 

- Vm = Volume of gas sample as measured by wet gas meter; 

- N = Normality of barium perchlorate titrant, g-equivalents/liter; 

 

Figure 3-8 Accuracy of titration method 

y = 0.252x - 0.135 
R² = 1.000 

0

10

20

30

40

50

60

0 50 100 150 200

C
o
n

c
e

n
tr

a
ti
o

n
 o

f 
H

2
S

O
4
 (

m
m

o
l/
l)
 

ml of Barium standard 



 

74 

3.6 Experimental procedure for bubbling fluidised bed  

For these experiments, a factorial approach was chosen for the experimental 

design with lower and higher values for SO2 concentrations and bed 

temperatures (Tbed) as shown in Table 3-4 and Appendix B. Two levels of SO2 

concentrations of 1000 and 4000 ppm were used to simulate average and high 

sulfur coal combustion flue gases in BFBs. The 4000 ppm SO2 content 

represents high-sulfur coal combustion in an oxy-fuel combustion environment 

with wet RFG. As discussed above, the wet RFG in oxy-fuel combustion 

increases steam content in the combustion furnace (Liu and Shao, 2010). 

Therefore, this environment was represented by increasing the steam content in 

the reactor from 6% to 11% by volume, as seen in Table 3-5. Here, low 

temperature (400°C) tests represent the formation of SO3 at the back end of 

combustion furnace while, higher temperature case (950°C), represents post-

flame combustion environment in the fluidised bed. Reactant gases were 

supplied by bottles and metered by mass flow controllers. The flue gas 

compositions of these tests are illustrated in Table 3-5. These tests can be 

designated as: 

 Uncatalysed tests: Uncatalysed formation of SO3 under BFB condition. 

These tests were performed in the presence of 20 g of washed and 

                                            
dd

 EPA protocol on measuring sulfur trioxide and sulfur dioxide emissions 

Table 3-4 Test condition of SO3 measurement in BFB rig 

Test parameters: Lower range Higher range 

Operating temperature, °C  400 950 

SO2 inlet, (wet basis) ppm 1000 4000 

Flow rate, L/min 2.6 1.4 

Sampling volume (EPAdd), m³ 0.3 0.3 

Sampling time,  hours 1.9 3.9 
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sieved silica sand and conducted according to the conditions shown in 

Table 3-4. It is assumed that silica sand had no significant effect on the 

formation of SO3.  

 Catalysed tests: Catalysed formation of SO3 tests were conducted in the 

presence of 20 g of silica sand and 10 g of fly ash. Each fly ash was 

sieved and then weighted precisely. However, in this tests fly ash was 

dropped into the hot reactor;  

 Ash characterisation: This part of the study employed a 

thermogravimetric analyser (TGA) to determine the amount unburnt 

carbon in the ashes and XRF analysis of bed ashes after the tests. TGA 

(model TGA Q500) tests were conducted for each ash under air and inert 

gas to investigate the mass change with temperature up to 900°C.  

Uncatalysed tests in the absence of fly ashes conducted according to the Table 

3-5 and were repeated two times. The catalysed tests were also conducted 

according to the Table 3-5, in the presence of 10 g of ashes. For catalysed tests 

with fly ashes, tests with Fly ash-3 were repeated two times while second and 

third fly ashes performed once. Also, the Fly ash-1 was tested only at 950°C 

under SO2 concentrations of 1000 ppm. Single tests were done for this case as 

the results were in an acceptable range. 

Table 3-5 Inlet mixture composition (per volume on a wet basis) 

Test 

runs 
Mode Temp °C SO2 (ppm) O2 (%) H2O (%) N2 (%) CO2 (%) 

1 Air 400 1000 4 6 Bal 15 

2 Air 400 4000 4 6 Bal 15 

3 Air 950 1000 4 6 Bal 15 

4 Air 950 4000 4 6 Bal 15 

5 Oxy 400 1000 5 12 0 Bal 

6 Oxy 400 4000 5 12 0 Bal 

7 Oxy 950 1000 5 12 0 Bal 

8 Oxy 950 4000 5 12 0 Bal 
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Prior to starting each test, all exit gas tubes and metal connections were 

checked for leakages. Afterwards, the reactor heated up at a rate of 20°C/min to 

reach the desired temperature. 20 g of silica sand was dropped to the reactor 

when the set temperature is reached. Once, the steady-state condition was 

achieved as determined by FTIR readings, the exit line are switched to the SO3 

sampling line. The reason for this approach was due to the limitation of 

volumetric flow through the reactor. At typical fluidising conditions (20°C and 

100 kPa), the volumetric flow rate was 2.6 L/min at 400°C and 1.4 L/min at 

950°C, to maintain a similar superficial gas velocity in the reactor. The 

residence time in the reactor was ~3 s under actual conditions which is 

equivalent to a fluidisation velocity (U/Umf) of around 3.8 which corresponds to a 

vigorously bubbling fluidised bed. The minimum fluidisation velocity (Umf) is 

calculated by Wen and Yu correlation (Kunii and Levenspiel, 1991). The 

minimum fluidisation (Umf) velocity value was obtained from Wen and Yu 

correlation and compared with the experimental (Umf) in the BFB rig, see 

Appendix A. Good agreement were achieved between Wen and Yu correlation 

and an experimental data. The apparent density of bed materials was 

calculated by the water displacement method. The apparent density of silica 

sand was 2500 kg/m3, while for Fly ash-3 ash was 950 kg/m3 and roughly 750 

kg/m3 for Fly ash-4 and Fly ash-1 ashes.  

3.7 Pressure drop measurements in BFB  

Pressure drop profiles at 400°C and 950°C are illustrated in Figure 3-9 and 

Figure 3-10. It can be seen from Figure 3-9 that feeding 20 g of silica sand 

increased ∆P across the bed to 0.36 to 0.40 kPa. An addition of 10 g of ash 

particles increased ∆P further to 0.55 to 0.59 kPa. The ∆P during heating stage 

was between 0.01 and 0.05 kPa in the empty reactor. This ∆P was due to the 

resistance of the distributor plate. A fluctuation in ∆P profiles was also noted 

with ash tests. This could be due to the adjustable vacuum pump for SO3 

sampling. A gradual decrease of ∆P profiles was noted in the tests with Fly ash-

4. This could be explained by the lower density of FA particles that escaped the 

reactor and remained in the sintered filter. Similar profiles for ∆P were observed 
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for the test carried out at 950°C. The repeated fluctuation of ∆P in the test with 

Fly ash-4 at 950°C appears to be as a result of split feed of ash.  

 

Figure 3-9 Pressure drop measurements at 400°C in BFB 

 

Figure 3-10 Pressure drop measurements at 950°C in BFB 

However, ∆P for the Fly ash-4 and Fly ash-1 decreased notably after feeding at 
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content in the ash. In order to confirm this, fly ash particles were tested by 

thermogravimetric analyses (model TGA Q500), as illustrated in Figure 3-11 

and Figure 3-12 (a, b and c).  

In a typical experiment, 0.02 g of sample was placed in a platinum based pan 

supported by a balance within the TGA instrument. Filtered air and N2 with the 

purity of 99.987% were supplied from the air compressor and from gas cylinder, 

respectively. The volumetric flow rate of gas was fixed at a rate of 100 mL/min 

(measured at STP). The heating rate of the TGA chamber was set to 20°C/min, 

while the maximum temperature for each test was 900°C. The maximum 

temperature of the TGA chamber was limited by the instruction of the model. 

The off-gas from the TGA was sent to the ventilation system. As illustrated by 

Fan and Brown (2001), the unburnt carbon in the ash is typically determined by 

TGA weight loss. The ash sample is heated till 500°C in an inert environment 

where the weight loss can be 2.5% due to the release of moisture and volatile 

matter. Then, oxidation of solids starts when oxygen is introduced into the 

chamber. The total loss is defined as total change during the TGA test, while 

unburnt carbon in the ash is determined as weight loss after the oxygen is 

 

Figure 3-11 TGA test of FAs under air environment 
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introduced. It can be seen from Figure 3-11 that Fly ash-1 had the highest 

unburnt carbon content, as the total weight loss of the sample dropped almost 

to 30%. The weight loss of Fly ash-1 at 500°C under N2 and air was around 4%, 

see Figure 3-12 (c). As a result, the unburnt carbon of this ash is accounted 

roughly to 26%. Unburnt carbon values for Fly ash-4 and Fly ash-3 were 14% 

and 5%, respectively, see Figure 3-11. The weight losses of Fly ash-4 and Fly 

ash-3 at 500°C were 2%, which found in a good agreement of Fan and Brown 

(2001) studies. Unburnt carbon for the Fly ash-1 could be due to the short 

residence time through the pilot-scale oxy-CFB unit. More details concerning 

this work can be found in the work of Duan et al. (2015). Here, ∆P with Fly ash-

3 showed a more stable profile compared to the Fly ash-4 and Fly ash-1. 

This means that ∆P in the BFB is affected by the oxidation of unburnt carbon in 

the fly ashes. The mass change curves in TGA, provided a reasonable 

explanation of the observed ∆P in the BFB tests. 

 

(a) Fly ash-3 

80

85

90

95

100

0 200 400 600 800 1000

W
e
ig

h
ts

, 
%

 

Temperature, °C 

Canadian FA inert gas

Canadian FA air



 

80 

 

(b) Fly ash-4 

 

(c) Fly ash-1 

Figure 3-12 (a,b,c) TGA tests for Fly ash-3, Fly ash-4 and Fly ash-1 FA 
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4 RESULTS AND DISCUSSIONS 

4.1 Uncatalysed SO3 formation 

4.1.1 Effect of bed temperature in fixed and bubbling fluidised bed  

The SO3 concentration from 400 to 700°C and under different gas compositions 

environments is shown in Figure 4-1. As temperature increases from 400 to 

700°C, SO3 concentration increases for all different atmospheres tested in the 

fixed bed reactor. This trend observed under a constant inlet concentration of 

SO2 at 3000 ppm. As described in the section 2.5, SO3 is formed by the 

oxidation of the molecular oxygen via reaction (6) and (7) for the temperature 

range in this study. The formation of SO3 is thermodynamically favoured as the 

temperature falls, but the reaction rate is very slow and it cannot reach 

equilibrium during the short residence time typically used in most studies. The 

results are consistent with previous studies of Belo et al. (2014) and Fleig et al. 

 

Figure 4-1 Effect of temperature on SO3 formation in fixed bed rig 
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(2013). Replacing N2 by CO2 has showed very slight effect on the SO3 

formation at the tested temperatures, which indicates CO2 serve essentially as 

an inert in the SO3 formation. This behaviour is different from the results of Fleig 

et al. (2013), where CO2 favours SO3 formation at higher temperature range. At 

lower temperature, CO2 is thermally stable and the third body efficiency of CO2 

in reaction (6) under this condition is also expected to be low. 

The effect of temperature on SO3/SO2 conversion from the bubbling fluidised 

bed tests is illustrated in Figure 4-2. The SO3 concentrations were measured 

during the simulated flue gas composition of air. The actual concentrations were 

plotted as SO2/SO3 conversion rate and compared with available studies. It can 

                                            
ee

 Res.t-residence time (SI unit-seconds) 

 

Figure 4-2 Uncatalysed SO3/SO2 conversion in BFB rig and comparison to 

the available data 
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be seen that the SO3/SO2 conversion at 400°C is negligible and found in the 

range 0.1% in both levels of SO2 concentrations. An increase of SO3/SO2 

conversion with temperature was noted. The SO3/SO2 conversion at 950°C was 

1.84% and 2.22%, with SO2 of 1000 and 4000 ppm, respectively. In order to 

ensure the quality of the obtained data, the results are plotted against the 

previous studies from the literature, see Figure 4-2. In the fixed bed SO3 

measurements under oxy-fuel conditions, this trend was 0.12% at 400°C and 

increased gradually to 0.18% at 700°C that corresponds to 3.5 and 5.4 ppm of 

SO3 as shown in Figure 4-1. At the temperature range of 400 and 1000°C, Belo 

et al. (2014) has indicated an exponential curve of SO3/SO2 conversion by using 

the kinetic model proposed by Burdett et al., (1984). According to these studies, 

it can be concluded that the formation of SO3 favours at relatively higher 

temperatures close to 700°C. It is also observed earlier by Lindsay and Flint, 

(1951) that the formation of SO3 at below 500°C is insignificant. Similar 

observation was also noted by Fleig et al. (2013), at the temperatures below 

500°C. The authors have tested SO3 formation in the heated vertical tube 

reactor at different flue gas composition conditions, where O2 and H2O 

concentrations were varied as seen Figure 4-2.  

4.1.2 Effect of steam and oxygen 

Effect of steam concentration over the temperature can be noted in Figure 4-1. 

More pronounced effect was observed at 700°C. This matches with the trend of 

Fleig et al. (2013), who has investigated SO3 at temperature range between 573 

and 1173°C. They suggested that the increase in H2O concentration promotes 

SO3 formation by increasing secondary SO3 formation via HOSO2 and to some 

extent by increasing direct SO2 oxidation. However, Belo et al. (2014) found 

H2O concentration from 3 to 9% at 900°C did not have much effect on the 

conversion of SO2 to SO3. Results of this study confirm that the presence of 

steam contributes significantly to SO2 oxidation, presumably by means of OH 

radical formation. Further results on the steam effect are shown in Figure 4-3. 

As the H2O concentration increases from 5% to 15%, SO3 concentration  



 

84 

 

Figure 4-3 Effect of H2O on SO3 formation under oxy-fuel condition in fixed 

bed rig (Inlet of SO2-3000 ppm, O2-6%, bal- CO2, t-600°C) 

 

Figure 4-4 Effect of O2 concentration on SO3 formation under oxy-fuel 

atmosphere in fixed bed rig (inlet SO2-3000ppm; H2O-10%; bal- CO2 t-600oC) 
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increases from 3.7 ppm to 7.1 ppm, while the SO2 conversion ratio increases 

from 0.24% to 0.46%. Figure 4-4 shows the effect of O2 concentration on SO3 

formation. As anticipated, the oxygen enrichment elevates the SO3 formation 

because there is more molecular oxygen available. At the low temperature used 

in this study, the excess oxygen serves as molecular oxygen which shifts the 

reaction (7) to the right side. As O2 concentration increases from 3% to 6%, SO3 

concentration increases from 3.0 ppm to 4.7 ppm. Further increasing O2 does 

not lead to significant increase of SO3 formation and an increase in the 

associated SO2 conversion ratio.  

4.1.3 Effect of SO2 concentrations 

Effect of SO2 concentrations on SO3 formation during the fixed bed tests is 

shown in Figure 4-5. SO2 concentration varied from 2000 ppm to 5000 ppm in 

this study and was chosen to represent the oxy-fuel combustion condition with 

RFG. A good linear fit can be achieved for the SO3 concentration over the SO2 

concentration. As the O2 concentration (6% in this study) is higher than the SO2 

 

Figure 4-5 Effect of SO2 concentration on SO3 formation under oxy-fuel 

atmosphere in fixed bed rig (O2-6%, H2O-10%; bal-CO2; t- 600oC) 
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concentration, a pseudo-first-order reaction can describe the SO3 formation 

very well. It can be also seen that the conversion ratio decreases as the SO2 

concentration increases, which corresponds to the conclusion in previous 

studies Belo et al. (2014) and Fleig et al. (2013).  

The increasing trend of increasing SO3 formation with increasing SO2 

concentration was also noted in bubbling fluidised bed tests, see Figure 4-6. 

The increase of SO3 concentrations with SO2 were noted at both temperatures. 

At 400°C, the effect of SO2 on SO3 concentrations was higher under air flue gas 

composition. The SO3 concentrations under of an air environment increased 

from 1.6 to 2.2 ppm, while under an oxy-fuel environment the formation was 

less 1 ppm. However, it is expected that oxy-fuel combustion generates higher 

SO3 concentrations in comparison to air. However, the trend of SO3 formation at 

400°C shows gradual increase that agrees with the results seen in the literature. 

It should be noted that the formation of SO3 at low temperatures is significantly 

low. Therefore, some experimental error present in these tests. At 950°C, 

slightly different trend of SO3 was observed under constant concentrations of 

  

a) T-400°C b) T-950°C 

Figure 4-6 Effect of SO2 concentrations in BFB rig (Flue gas composition: 

Air: O2-4%, CO2-17%, H2O-6%, balance-N2; Oxy: O2 -5%, H2O-11%, balance-

CO2) 
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SO2-1000 ppm. The test with oxy environment was higher than the test 

condition of the air. In the case with high SO2 content, 81 ppm of SO3 was 

measured while only 29 ppm of SO3 was seen in the oxy-fuel environment. 

Higher concentrations of SO3 in Figure 4-6(b) could be described by 

condensation of SO2 in the sampling train. This is associated with temperature 

control of the exit line. It could be concluded that SO3 formation increases with 

increase of SO2 concentrations at both 400 and 950°C temperatures. 

4.2 Catalysed SO3 formation 

4.2.1 Catalysed SO3 tests in a fixed bed  

Fe2O3, V2O5 and CuO all play clear catalytic effect on SO3 formation under oxy-

fuel condition, as shown in Figure 4-8. V2O5 acts as a much stronger catalyst 

than Fe2O3 and CuO over the tested temperature range, while Fe2O3 is slightly 

stronger than CuO. According to the investigation of Dunn et al. (1999) on the 

oxidation of SO2 over different metal oxide catalysts, the turnover frequencies of 

sulfur dioxide oxidation (a number of SO2 molecules oxidised per surface metal 

oxide site per second) for V2O5 is found higher than other metal oxides tested in 

their work. This observation of Dunn et al. (1999) could be an explanation for 

higher catalytic effect of V2O5 in this work. Kim and Choi, (1981) suggested that 

SO2 appears to be adsorbed essentially on the O lattice of a-Fe2O3 as a 

molecular species, while O2 is adsorbed on an O vacancy as an ionic species 

and the whole catalysis mechanism of Fe2O3 can be express as: 

 O2(g) + e−  ⇌ O2
−(ads)   (35) 

 O2
−(ads) + e− ⇌ 2O−(ads )    (36) 

 SO2(g) + O2−(latt)  ⇌  SO3
−(ads ) +    e−        (37) 

 SO3
−(ads) + O−(ads)  →  SO3 +    O2−(latt)       (38) 
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V2O5, as the widely used catalyst on SO2 oxidation during the sulfuric acid 

manufacture process, has been extensively investigated on its catalysis 

mechanism (Dunn et al., 1999). The active site for the adsorption pathway of 

sulfur dioxide on the catalyst surface was used proposed which can be express 

as: 

 SO2(g) + (V5+)      ↔      (V5+)SO2(ads) or (V3+)SO3(ads) (39) 

 (V5+)SO2(ads)  or （V3+)SO3(ads)    → SO3(g)  + (V3+) (40) 

 O2  ↔      2 O −  (ads ) (41) 

 O−(ads)  +  (V3+)    →   (V5+) (42) 

CuO has also been confirmed as a catalyst in SO2 oxidation (Macken et al., 

2000);(Tseng et al., 2003).  

 

Figure 4-7 Effect of fly ash on the SO3 formation under oxy-fuel 

condition in fixed bed rig (O2 concentration: 6%, H2O concentration: 10%; 

CO2 balance) 
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(a) 

 

(b) 

Figure 4-8 Effect of metal oxides on the SO3 formation under oxy-fuel 

condition in fixed bed rig (O2-6%, H2O-10%; bal- CO2) 
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The effects of the fly ash on SO3 formation at different temperature under oxy-

fuel condition are shown in Figure 4-7. At 400oC, Fly ash-1 and Fly ash-2 both 

exhibit catalysis effects on the SO3 formation, and Fly ash 2 has a larger 

catalytic effect than Fly ash-1 at 400°C. This is probably because the Fe2O3 

content in ash 2 is higher than in Fly ash-1. At 500oC, the two fly ashes still 

catalyse SO3 formation even though the catalysis effect for ash 2 is minor.  

With a further increase of the temperature to 600°C, SO2 conversion ratios with 

fly ash are even less than those via gas phase reaction, indicating no catalysis 

takes place or the catalytic effect is dominated by other effects. At the highest 

temperature 700°C, the conversion ratios with the two fly ashes are both much 

lower than that from the gas phase. The conversion ratio with fly ash 2 is the 

lowest, which indicates the alkali and alkaline earth metal oxides like CaO can 

absorb the SO3 and causes the SO3 in the gas phase to decrease. This is in 

agreement with experience that the sulfur retention rate by CaO increases as 

the temperature increases. The results are different from the previous 

conclusion by Belo et al., (2014), which may be due to the large difference 

between the compositions of the fly ashes. The materials used in their study 

contain only a small amount of alkali and alkaline earth metal oxide, so any 

retention effect is insignificant. However, in our study, both fly ashes have 

relatively high CaO content, which will retain SO3 rather than catalyse its 

formation (Marrier and Dibbst, 1974). Overall, the effect of fly ash on SO3 

formation seems to be largely decided by the ash composition. 

4.2.2 Catalysed SO3 tests in a bubbling fluidised bed 

Catalytic effect of fly ashes on SO3 formation were demonstrated from the 

uncatalysed SO3 data, see Figure 4-9 and Figure 4-10. Figure 4-9 (a, b) shows 

experimental results with 1000 and 4000 ppm of SO2 concentrations at 400°C. 

A stronger catalytic effects was seen with Fly ash-4 forming roughly 10 ppm 

under both air and oxy-fuel environments. A weaker, but still noticeable effect of 

oxy-fuel environment was observed for Fly ash-3 and Fly ash-4 at 400°C, see 

Figure 4-9(a). Higher SO3 in the oxy-fuel tests can be explained by the 

increased concentrations of O2 and H2O that follow secondary SO3 formation 
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route as in accordance with the reactions (6) and (7). Similar results were seen 

by Fleig et al. (2011); Belo et al., (2014). The reason for the lower SO3 formation 

with Fly ash-3 FA could be due to the adsorption of sulfur by alkaline metal 

oxide compounds such as CaO and MgO. This agrees with conclusions of 

Marrier and Dibbst, (1974) and Cao et al., (2010). 

 

(a) SO₂-1000 ppm 

 

(b) SO₂-4000 ppm 

Figure 4-9 Catalytic effect of FA on SO3 formation at 400°C in BFB rig 

 
 

(a) SO₂-1000 ppm (b) SO₂-4000 ppm 

Figure 4-10 Catalytic effect of FA on SO3 formation at 950°C in BFB rig 
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Similarly, lower SO3 concentrations was also noted by Ahn et al., (2011), in a 

pilot-scale 1.5 MW oxy-PC unit when PRB coal was used with high CaO 

content. At tests with 4000 ppm, 9 to 14 ppm of SO3 concentration was 

detected for Fly ash-3 and Fly ash-4 under air and oxy environments, as shown 

in Figure 4-9(b). The increase of SO2 concentrations from 1000 ppm to 4000 

ppm had a minor effect in the presence of Fly ash-3 ash under both test 

environments. Lower SO3 concentrations under oxy-fuel environment could be 

due to the slow reaction kinetics. The difference between air and oxy-fuel cases 

was roughly 1.5 to 2 ppm. Previous investigations of Belo et al., (2014) and 

Duan et al., (2015), have indicated negligible SO3 concentrations at 

temperatures of 400°C and below.  

Catalysed SO3 formation data at 950°C were presented in Figure 4-10 (a, b). 

The effect of an oxy-fuel environment was more pronounced at 950°C than at 

400°C. The results revealed that higher SO3 were formed under oxy-fuel 

environments compare to air environments. It should be noted that higher 

concentration of SO3 was observed under oxy-fuel tests for Fly ash-3 see 

Figure 4-10 (a). In contrast to air combustion environment, slightly higher than 

SO3 concentration is observed in oxy-fuel environment which is still agrees with 

the previous studies. Higher SO3 concentration could also occur due to the 

temperature drop of the exit gas in the exhaust section resulting reaction of SO2 

and steam to form sulfuric acid in the sampling glass. However, this value 

corresponds to the SO3/SO2 conversation of 5% which found to be similar to the 

thermodynamic equilibrium value of 5%. It is evident from these results that the 

increased O2 and H2O concentrations under oxy-fuel conditions favour the 

formation of SO3.This is in agreement with the results of Belo et al., (2014), Ahn 

et al., (2011) and Eddings et al., (2010). In addition, it could be noted from 

Figure 4.10 (a) that alkaline compounds adsorbed most SO2 and SO3 

concentrations under air environment. Similarly, lower SO3 concentration was 

observed in 4000 ppm tests, see Figure 4.10 (b). The justification of this 

reaction between alkaline metal compounds (CaO and MgO) in Fly ash-3 and 

sulfur could be seen from Figure 4-11 (a). A decrease of CaO and MgO are 

observed before and after the tests at 950°C.  
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As expected, higher SO3 concentrations were seen under oxy tests than in air 

tests, see Figure 4-10 (b). Higher SO3 could be due to the steam, O2 and CO2 

concentrations that favour SO3 formation. Furthermore, the third body efficiency 

in reactions (1) and (2) are higher for CO2 than N2 (Fleig et al., 2013). Another 

reason for lower SO3 under air tests could be caused by an unburnt carbon 

compound in the Fly ash-4 and Fly ash-1. As noted by Marrier and Dibbst, 

(1974), unburnt carbon in the ash leads to lower formation of SO3 as available 

O2 reacts mainly with carbon at high temperatures. To support this hypothesis, it 

should be noted that the stoichiometric estimation of these test conditions 

shows that roughly 20% of O2 was reacted with carbon in the tests with Fly ash-

1. This value was 4% for Fly ash-3 and 9% for Fly ash-4. The level of unburnt 

carbon in the ashes is shown in the TGA analysis in Figure 3-11. In addition to 

that, the absence of SO3 was noted during the coal gasification tests conducted 

by Roy et al. (2014) in a small-scale FB reactor. In their work, Victorian brown 

coal was investigated under pyrolysis, oxy-fuel combustion and gasification 

processes. The authors have noted 10% sulfur conversion to SO3 during the 

oxy-fuel tests, while no SO3 was observed during pyrolysis and gasification 

tests.   

Figure 4-11 (a, b, c) provides the chemical composition of bed materials 

determined by XRF analysis. Only, five metal oxides compounds such as CaO, 

MgO, Al2O3, Fe2O3 and SO3 were selected to compare initial and final states. 

Final states of the fly ashes illustrated in Figure 4-11 (a, b, c) are from high 

temperature tests. CaO in the Fly ash-3 reduced from 25% to an average value 

of 8%, while MgO has dropped from 9 to 2%. These trends for Fly ash-4 and Fly 

ash-1 ashes were only 2% for CaO and 1% for MgO, respectively. The reason 

for the decrease of CaO and MgO was due to its reaction with SO2. This 

reaction result in the SO2 capture as discussed earlier in section 2.5.2. As noted 

in the literature, CaO and MgO adsorb SO2 concentration by forming CaSO4 

and MgSO4 in the presence of O2. This behaviour of SO2 capture was seen in 

separate tests where SO2 concentration was monitored after feeding each fly 

ash into the BFB rig, see Appendix F. Significant reduction of metal oxides such 

as Fe2O3 and Al2O3, were detected with Fly ash-4 and Fly ash-3. This reduction  
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of catalytic metal oxides is also associated with the oxidation of SO2. The 

reaction mechanisms of SO2 oxidation on Fe2O3 catalyst is provided in 

reactions (39–43). Full compounds on XRF analysis of bed material and fly ash 

during the tests are provided in Appendix D. Based on these XRF analyses, it 

could be concluded that fly ash with higher alkaline metal oxide CaO content 

could absorb SO3, while higher Fe2O3 and Al2O3 favours the formation of SO3. 

4.2.3 SO3 tests in a 50 kW oxy-CFB unit  

Concentrations of SO3 and the gases during pilot oxy-fuel CFB combustion with 

a wet RFG are shown in Figure 4-12. The overall oxygen concentration during 

oxy-fuel combustion was kept at around 23.4% to maintain a similar bed 

temperature and a similar exit oxygen concentration to those in air combustion. 

SO2 concentration is observed to be higher during oxy-fuel combustion (Ca/S 

molar ratio = 4) than that in air combustion (Ca/S molar ratio = 2.5) due to the 

accumulation by gas recycle, even though more limestone has been injected 

 

(c) Fly ash-1  

Figure 4-11 Change of metal oxides in the fly ashes (before and after 

tests at 950°C) in BFB rig 
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into the furnace during oxy-fuel operation. Due to the amount of the flue gas 

during oxy-fuel combustion being only about one fourth of that during air 

combustion higher limestone injection can largely decrease the total SO2 

emission amount rather than decrease the SO2 concentration in the flue gas 

under oxy-fuel combustion (Duan et al., 2014). Consequently, SO3 

concentration during oxy-fuel combustion was 7.9 ppm, about 4.5 times that in 

air combustion. Furthermore, H2O concentration in the flue gas during oxy-fuel 

combustion was 17.4% compared with 7.1% in air combustion, which also 

favours the SO2 conversion to SO3 under oxy-fuel combustion. For the fly ash, it 

has been found (Duan et al. 2011) calcium presents more likely in the form of 

CaCO3 rather than CaO due to the higher partial pressure of CO2 under oxy-fuel 

CFB combustion. The absorption reaction between CaO and SO3 is faster than 

that between CaCO3 and SO3 (Anthony and Granatstein, 2001). The combined 

influence of these factors causes a higher SO3 concentration during oxy-fuel 

CFB combustion. This result is also in agreement with the results from fixed bed 

rig, which confirm that SO3 during oxy-fuel CFB combustion is mainly formed 

via the reactions (6) and (7). The higher SO2 and H2O concentration together 

with the low retention ability of fly ash in the flue gas enhances the SO3 

formation. 

 

Figure 4-12 SO3 concentration during oxy-fuel CFB pilot test 
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5 SUMMARY OF THE RESULTS 

The experimental results of SO3 formation are presented from three different 

rigs. The work also includes the characterisation of bed material for metal 

oxides and fly ashes that served as catalysts. Experiments were done 

separately for uncatalysed and catalysed SO3 formation in fixed bed and 

bubbling fluidised bed rigs. For validation purpose of an experimental data, the 

thermodynamic equilibrium curves of SO2 to SO3 conversion were plotted. It is 

seen that the experimental results have not exceed the thermodynamic 

equilibrium. This means that the data obtained during the tests are reliable. The 

thermodynamic equilibrium curves of this work were also validated with the 

results of literature.  

During uncatalysed tests, following parameters as O2, SO2, H2O concentrations 

and reactor temperature were changed to investigate its effect on SO3 

formation. Uncatalysed SO3 formation tests have demonstrated presentable 

results to the data available in the literature. In the fixed bed tests, the increase 

of temperature in the reactor has shown a clear effect on SO3 concentration. In 

addition, the increase of H2O in the mixture gas has also increased SO3 

concentration. As discussed in 2.5.1, this increase occurs due to the formation 

of OH radicals, which favours the secondary formation of SO3. Replacing the N2 

to CO2 at the temperature below 700°C has showed a negligible difference. 

This is explained by third-body effect. It is found that the third body effect of CO2 

at temperatures lower than 700°C is low and CO2 mainly serves as an inert gas. 

SO3 concentration has also increased notably with an increase of O2 and SO2 

concentrations in both bench scale tests. In the bubbling fluidised bed, 

significant increase of SO3 concentration was noted at higher temperatures than 

at lower temperature tests. 

In catalysed tests, metal oxides such as Fe2O3, V2O5 and CuO could play a 

catalytic effect on the SO3 formation under both air and oxy-fuel condition. 

However, catalytic or adsorption effect of fly ash compounds depends on the 

metal oxides and alkaline earth metal oxide compounds. Higher percentage of 

metal oxides and lower percentage of alkaline metal oxides in the fly ash tend to 
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increase the catalytic effect of SO2 to SO3. A reverse effect could be expected if 

a higher percentage of alkaline metal oxides is exists in the fly ash. This was 

noted with Canadian FA tests that had a higher percentage of alkaline metal 

oxides in BFB tests. When British FA is employed with higher metal oxide 

compounds, the higher SO3 formation was observed at 950°C. In addition, fly 

ash with unburnt carbon content has led to a lower formation of SO3. This could 

be explained by the fact that O2 in the mixture mainly reacts with carbon in fly 

ash and only remained O2 will react to SO2 to form SO3.  

During the bituminous coal combustion in a pilot-scale oxy-CFB unit, a notable 

increase of SO3 is observed. SO3 concentration was 4.5 higher in oxy-fuel 

combustion than in air combustion environment. The results observed during 

the pilot-scale tests are in good agreement with data available in the literature.  

5.1 The applicability of the results 

Preventing the formation of SO3 and its conversion to sulfuric acid is a long term 

technical challenge for engineers to design combustion systems. The findings of 

this work could support boiler industry to develop a better concept for oxy-fired 

fluidised combustion process and also controlling the flue gas temperature. The 

results of this work could be beneficial for existing power plants with fluidised 

bed technology, particularly where coals with high sulfur content are utilised.  

In regard to the SO3 sampling methods, the developed controlled condensation 

method in this work has shown a reliable method which could be adopted for 

the field applications. SO3 concentration observed in this work provides a good 

prediction in regards to the SO2 concentration in the flue gas. The effect of flue 

gas recirculation is another important part for controlling the formation of SO3. 

Therefore, special measures should be given to the impurities in the recycled 

flue gas, including the flue gas recirculation condition (dry and wet FGR). 

Results with the fly ash provided a good understanding of the SO3 formation. 

Catalytic effect or sulfur retention depends on the metal composition of the fly 

ash. Higher alkalinity content in the ash could capture most SO3 formed in the 

combustion process, while metal oxides could increase SO3 concentration 

significantly.
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6 FINAL CONCLUSIONS AND FUTURE WORK 

6.1 Conclusions 

In this thesis, the formation of SO3 is investigated under air and oxy-fuel 

combustion environments. SO3 measurements were conducted in a number of 

rigs including a fixed bed, bubbling fluidised bed and pilot-scale 50 kW pilot-

scale oxy-CFB units. Homogeneous SO3 formation was performed in the 

bench-scale rigs and compared with heterogeneous tests in which different 

types of fly ashes and metal oxides were added as catalysts. In a pilot-scale 

unit, SO3 concentration was measured under real coal combustion environment, 

under air and oxy-fuel environments. The controlled condensation method was 

developed method for SO3 concentration and employed in all tests.  

1. The following conclusions can be withdrawn from literature review:  

 Wet RFG results in the higher SO3 concentration than in dry RFG. An 

increased amount of H2O promotes SO3 formation due to the production 

of OH radicals. This in turn promotes the secondary formation of SO3. 

However, when H2O concentration higher than 15% in the system 

strongly inhibits SO3 formation. This was more pronounced in actual PC 

experiments rather than simulated flue gas experiments;  

 Higher and rapid conversion of S to SO3 occurs near the burnout region 

where oxygen is found in excess amount. In this region, gas-phase 

homogeneous formation is found more dominant to promote the 

formation of SO3;  

 The presence of reducing gases as NO, CO is likely to enhance SO3 

formation; however, their effect appear to be small compare to other 

factors such as combustion temperature, excess O2 and presence of 

catalysis;  

 SO3 formation is enhanced due to the metal compounds in fly ash. 

Among the chemical compounds that exist in the fly ashes Fe2O3 and 

V2O5 appear to catalyse SO3 formation strongly. 

 It should be noted that, all the current post combustion SO3 

measurements still have technical challenges as SO3 is a very labile 
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molecule. Thus some of SO3 will be lost when it reaches sampling point. 

At present, the CCM method remains as the most used and reliable 

technique to quantify SO3 concentrations, while other methods such as 

salt method and calcium oxalate with glass beads need to be improved.  

2. Experimental results in a fixed reactor have showed an increasing trend of 

SO3 concentrations under increasing bed temperature from 400 to 700°C. 

A notable effect of SO2 and H2O concentrations on SO3 formation were 

observed during the homogeneous tests. The increase of H2O in the flue 

gas resulted to a higher concentration of SO3 which agrees with the 

literature findings. In the heterogeneous tests, where different the metal 

oxides and fly ashes were tested V2O5 has showed a strong catalytic 

effect. 

3. In the pilot-scale oxy-CFB units, SO3 concentration was 4.5 times higher 

under oxy fuel combustion than in the air combustion environment. 

4. Bubbling fluidised bed tests have showed a strong effect of bed 

temperature on SO3 formation. This was more pronounced in oxy-fuel flue 

gas composition. At temperature of 950°C, the reduction of metal oxides 

before and after the tests supports the hypothesis that the formation or 

absorption of SO3 strongly depends on Fe2O3, Al2O3, and alkaline 

compounds CaO, MgO. It is also noted that the presence of unburnt 

carbon in the fly ash lowers the formation of SO3. The SO3 concentration 

was several times higher than in a pilot-scale oxy-fuel test with a wet RFG. 

6.2 Future work 

A significant amount of effort has been made to evaluate SO3 concentrations at 

the laboratory scale as well as at commercial scale units. However, oxy-fuel 

combustion still requires more attention in terms of better understanding SO3 

formation mechanisms. At this point, the majority of SO3 measurements have 

conducted in conventional PC and gas-fired combustion systems, while there 

only a few results available for oxy-fired FB combustors and pilot-scale studies 

are still sparse. More research should concentrate on the effect of FGR and 

catalysed SO3 formation degree. Uncatalysed and catalysed SO3 formation both 
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depend on reducing gases such as (NO, CO) and their effects may be different 

in oxy-fuel combustion and hence more experiments are needed on SO3 

formation with different types of coals. Development of pressurised FBC 

systems would also require SO3 investigations as the effect of pressure was not 

well studied experimentally. 

In the case of analytical methods, all the current post combustion SO3 

measurements still have technical challenges associated with them because 

SO3 is a very labile molecule. It is revealed that some of SO3 will be lost when it 

reaches sampling point. At present, the CCM method remains as the most used 

and reliable technique to quantify SO3 concentrations, while other methods such 

as salt method or calcium oxalate with glass beads need to be improved.  
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APPENDICES 

Appendix A Minimum fluidisation velocity 

A.1 Experimental evaluation of minimum fluidisation velocity 

(Umf) under increasing and decreasing superficial gas 

velocities 

 

Figure A-1 Experimental validation of Umf (dp – 260 μm; bed material-20 g 

of silica sand) 
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Table A-1 Experimental spreadsheet on Umf  

  Increasing gas velocity Decreasing gas velocity 

∆Pbed, kPa Velocity Test1 Test2 Test3 Average Test1 Test2 Test3 Average 

0 0 0 0 0 0 0 0 0 0 

6.28E-06 0.006794 32 24 27 0.027667 23 24 24 0.0235 

1.26E-05 0.013588 74 62 63 0.066333 60 60 58 0.06 

1.88E-05 0.020382 118 100 101 0.106333 97 97 92 0.097 

2.51E-05 0.027176 160 136 137 0.144333 130 133 124 0.1315 

3.14E-05 0.03397 203 175 176 0.184667 168 169 159 0.1685 

3.77E-05 0.040764 245 212 213 0.223333 201 205 191 0.203 

4.4E-05 0.047558 285 248 251 0.261333 235 233 221 0.234 

5.03E-05 0.054352 328 284 285 0.299 268 275 251 0.2715 

5.65E-05 0.061146 337 320 322 0.326333 304 303 279 0.3035 

6.28E-05 0.067941 343 352 352 0.349 338 321 308 0.3295 

6.91E-05 0.074735 339 335 357 0.343667 337 332 336 0.3345 

7.54E-05 0.081529 337 330 332 0.333 335 333 343 0.334 

8.17E-05 0.088323 338 334 340 0.337333 334 335 336 0.3345 

8.79E-05 0.095117 337 332 338 0.335667 329 335 333 0.332 

9.42E-05 0.101911 335 329 335 0.333 326 333 332 0.3295 

1.01E-04 0.108705 333 324 333 0.33 327 332 332 0.3295 

1.07E-04 0.115499 331 326 330 0.329 325 327 326 0.326 

1.13E-04 0.122293 332 327 325 0.328 326 325 327 0.3255 

1.19E-04 0.129087 330 327 327 0.328 327 326 327 0.3265 

1.26E-04 0.135881 331 329 329 0.329667 330 327 329 0.3285 

1.32E-04 0.142675 334 330 332 0.332 332 334 331 0.333 

1.38E-04 0.149469 335 331 335 0.333667 334 333 334 0.3335 

1.44E-04 0.156263 336 333 336 0.335 337 336 335 0.3365 

1.51E-04 0.163057 339 337 337 0.337667 338 337 339 0.3375 

1.57E-04 0.169851 340 338 341 0.339667 340 338 340 0.339 
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Appendix B Design of experiment 

B.1 Design of experimental tests 

Table B-1 Number of tests 

Variables Extended Reduced 

Flue gas environment for (Air, OXY)ff  4 4 

Bed temperature level 2 2 

Residence time 2 1 

Bed material (Sand, Fly ash mixture) 2 2 

Number of experiments:  32 16 

 

                                            
ff
 Flue gas environment includes high and low SO2 concentrations for air and oxy cases 
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Appendix C Calibration of mass flow controllers   

C.1 Mass flow controller for nitrogen and carbon dioxide 

 

Figure C-1 Calibration of nitrogen MFC (2 l/min) 

 

Figure C-2 Calibration of carbon dioxide MFC (1.5 l/min) 
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calibrated (2011) WGM were connected in series along with the old one. 

However, quite similar flow rate were measured via two WGMs. The difference 

between Bronkhorst WGM and MFC with nitrogen is 6 % and 12% for CO2; 

Therefore, these values were taken into account during the tests in the bubbling 

fluidised bed rig. 

C.2 Analysis of SO2 concentration trapped by the impingers  

In order to check the sulfur dioxide concentration in the third impinger, all three 

impingers were filled with 3% of hydrogen peroxide solution and conducted 

under the same test conditions. The mixture of gas was provided at room 

temperature through these impingers under 1000 and 4000 ppm of SO2 

concentrations. As a result, all sulfur in the exit gas is trapped in the first two 

impingers. Therefore, the third impinger was not required for analysis during the 

tests. 

 

 

Table C- 1 Assessment of SO2 concentration by impingers 

Low and high sulfur Impinger 1 Impinger 2  Impinger 3 

SO2-1050 ppm 

Total flow rate 2.45 L/min 

Mixture gas: SO
2
/O

2
/CO

2
/Bal-N

2
 

97.7% 2.33% 0.00% 

SO2-4500 ppm  

Total flow rate 2.6 L/min 

Mixture gas: SO
2
/O

2
/CO

2
/Bal-N

2
 

95.75% 4.25% 0.06% 
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Appendix D Fly ash composition 

Table D-1 XRF analysis of bed materials after the tests at 950°C 

Fly ash composition: 

Fly ash-3  Fly ash-4 Fly ash-1 

1000 ppm 4000 ppm 1000 ppm 4000 ppm 1000 ppm 

Air  Oxy Air  Oxy Air  Oxy Air  Oxy Air  Oxy 

Na₂O 0.14 0.249 0.123 0.152 0.273 0.193 0.246 0.181 0.237 0.281 

MgO 1.97 2.14 2.22 2.11 0.573 0.436 0.566 0.568 0.479 0.466 

Al₂O₃ 5.01 7.33 4.49 4.47 10.64 7.29 10.18 9.32 8.66 8.46 

SiO₂ 68.69 71.78 66.5 65.29 81.38 86.18 81.77 82.91 83.33 83.9 

P₂O₅ 0.05 0.097 0.054 0.052 0.141 0.096 0.128 0.114 0.041 0.046 

SO₃ 12.31 8.84 14.82 15.22 0.908 0.799 0.911 1.2 2.21 2.15 

K₂O 0.39 0.641 0.384 0.368 0.918 0.639 0.898 0.776 0.604 0.602 

CaO 8.53 5.76 8.56 9.1 1.58 1.23 1.53 1.53 2.31 2.15 

TiO₂ 0.12 0.151 0.107 0.108 0.353 0.256 0.357 0.318 0.228 0.227 

V₂O₅ 0.00 0.0064 0.0055   0.0196 0.0141 0.0193 0.0159 0.0071 0.008 

Cr₂O₃ 0.08 0.091 0.082 0.132 0.066 0.086 0.058 0.086 0.066 0.06 

MnO 0.07 0.049 0.074 0.076 0.044 0.0395 0.049 0.047 0.0215 0.0185 

Fe₂O₃ 2.39 2.57 2.34 2.59 2.78 2.4 2.95 2.62 1.51 1.38 

CuO 0.01 0.056 0.0123 0.0131 0.0153 0.0147 0.0144 0.0101     
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Table D- 2 XRF analysis of fly ashes after the tests at 950°C 

Fly ash composition: 

Fly ash-3  Fly ash-4 Fly ash-1 

1000 ppm 4000 ppm 1000 ppm 4000 ppm 1000 ppm 

Air  Oxy Air  Oxy Air  Oxy Air  Oxy Air  Oxy 

Na₂O 0.15 0.19 0.20 0.14 0.65 0.66 0.20 0.76 0.22 0.33 

MgO 1.42 1.57 1.52 1.04 1.44 1.53 0.48 1.59 1.36 1.29 

Al₂O₃ 11.42 8.64 15.15 5.8 24.79 24.37 8.90 27.31 19.28 21.45 

SiO₂ 49.24 51.58 38.16 68.17 51.03 53.97 73.66 51.42 52.77 52.68 

P₂O₅ 0.16 0.17 0.15 0.13 0.46 0.49 0.13 0.40 0.17 0.17 

SO₃ 8.11 4.99 15.15 5 4.42 2.74 3.59 3.5 3.05 3.49 

K₂O 0.44 0.29 0.66 0.14 2.42 2.08 0.64 2.37 0.26 0.45 

CaO 20.05 10.67 19.73 8.16 4.67 4.59 1.37 4.22 16.7 13.92 

TiO₂ 0.44 0.38 0.49 0.25 1.16 1.02 0.41 1.06 1.04 1.15 

V₂O₅ 0.03 0.06 0.02   0.08 0.07 0.034 0.06 0.04 0.05 

Cr₂O₃ 0.12 0.68 0.18 0.304 0.07 0.13 0.17 0.08 0.11 0.14 

MnO 0.11 0.28 0.11 0.13 0.12 0.12 0.07 0.11 0.10 0.08 

Fe₂O₃ 8.06 18.89 8.11 9.59 7.93 7.35 5.84 6.58 4.21 4.22 

CuO 0.02 0.62 0.02 0.06 0.04 0.08 0.05 0.03 0.017 0.019 
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Appendix E Illustration of glass condenser and sintered 

filter 

E.1 Design of experimental tests 

 

                           (a) 

 

                            (b)  

Figure E-1 Clean glass condenser (a) and with condensed SO3 (b) 

 

Figure E-2 Sintered filter with fly ash 
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Appendix F Sulfur balance 

F.1 SO2 retention test and sulfur balance table 

During the catalysed tests at 950°C, a lower SO2 concentration was noted. This 

change of SO2 concentration was detected using FTIR and later confirmed by 

titration method as noted in section 3.3. Therefore, to measure the amount of 

SO2 captured by the fly ashes, a similar test procedure was performed as in 

SO3 measurements. These tests were conducted in the presence of 10 g of 

each fly ashes. The exit gas was measured by the gas analyser to monitor SO2 

concentration. The only difference between SO3 tests was that the flow rate of 

the gas through the rig was higher in the SO2 tests since this was required by 

the gas analyser. Therefore, the volumetric flow rate of N2 in the final mixture 

gas was increased two times. As a result, an increase of N2 corresponded to 

the equivalent decrease of SO2 to 500 ppm, O2 to 3%, and H2O to 3% 

concentrations through the reactor.  

The effect of fly ashes on SO2 concentrations are illustrated in Figure G-1 when 

10 g of FA was added. SO2 concentration increased suddenly for Fly ash 1 and 

4, and then dropped gradually. Rapid increase of SO2 concentration with Fly 

ash 1 and Fly ash 4 was due to the combustion process of an unburnt char in 

the ashes. This appears to have led to the oxidation of the sulfur left in the 

unburnt char. In comparison to Fly ash 1 and Fly ash 4, SO2 concentration did 

not change when Fly ash 3 is added and but instead started to decrease 

suddenly. It appears that less SO2 concentration is absorbed by Fly ash-1 and 

Fly ash 4 due to their low alkalinity content. The details of the ash composition 

can be found in Table 3-3. By contrast, Fly ash 4 with higher CaO and MgO 

contents absorbed all of the SO2. Therefore, it can be concluded that alkaline 

content of fly ashes can absorb SO2 concentration.  

Following Table F-1 and F-2 give experimental data on the sulfur balance 

including SO3, SO2 in the exit gas and SO2 sink to the ash.  
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Figure F-1 SO2 capture by fly ashes 

Table F-1 Sulfur balance from bench-scale BFB tests (Uncatalysed tests at 

950°C) 

Test conditions Mode 
SO3 

(ppm) 

SO2 

(ppm) 

SO3/SO2, 

% 

SO2 sink 

(ppm) 

SO2-1000 ppm, O2 - 4%, 

CO2- 17%, H2O - 6%, bal - 

N2; 

Air 18.15 965.55 1.88% - 

SO2-4000 ppm, O2 - 4%, 

CO2- 17%, H2O - 6%, Bal - 

N2; 

Air 81.32 3695.00 2.20% - 

SO2-1000 ppm, O2 - 5%, 

H2O - 12%, CO2- bal; 
Oxy 24.4 973.3 2.51% - 

SO2-4000 ppm, O2 - 5%, 

H2O - 11%, bal - CO2; 
Oxy 28.7 4185.9 0.69% - 
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Table F-2 Sulfur balance from the bench-scale BFB (Catalysed tests at 

950°C) 

Fly Ash-1 (Southeast FA) 

Test conditions Mode 
SO3 

(ppm) 

SO2 

(ppm) 

SO3/SO2, 

% 

SO2 

sink 

(ppm) 

SO2-1000 ppm, O2 - 5%, 

H2O - 11%, bal- CO2; 
Air 15.6 785 1.9% 215 

SO2-1000 ppm, O2 - 4%, 

CO2- 17%, H2O - 6%, bal - 

N2; 

Air 17.3 762 2.2% 221 

Fly Ash-3 (Canadian FA) 

SO2-1000 ppm, O2 - 4%, 

CO2- 17%, H2O - 6%, bal - 

N2; 

Air 4.1 353 0.46 647 

SO2-4000 ppm, O2 - 4%, 

CO2- 17%, H2O - 6%, Bal 

- N2; 

Air 12.4 3383 0.31 617 

SO2-1000 ppm, O2 - 5%, 

H2O - 12%, CO2- bal; 
Oxy 50.4 409 5.04% 541 

SO2-4000 ppm, O2 - 5%, 

H2O - 11%, bal - CO2; 
Oxy 86.8 2909 2.17% 1004 

Fly Ash-4 (British FA) 

SO2-1000 ppm, O2 - 4%, 

CO2- 17%, H2O - 6%, bal - 

N2; 

Air 11.0 922 1.2 78 

SO2-4000 ppm, O2 - 4%, 

CO2- 17%, H2O - 6%, Bal 

- N2; 

Air 12.0 4177 0.3 - 

SO2-1000 ppm, O2 - 5%, 

H2O - 12%, CO2- bal; 
Oxy 25.7 1055 2.4 - 

SO2-4000 ppm, O2 - 5%, 

H2O - 11%, bal - CO2; 
Oxy 122 4117 2.9 - 
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Appendix G Coals analysis 

G.1 High heating value (HHV) of South-East Indian coal 

During the visit to an Indian Institute of Technology, low-rank bituminous coal 

from South-East part of India was analysed. This part employed bomb 

colorimeter and CHNS analyser. The results can be seen in Table G-1. 

Table G-1 Ultimate, proximate analysis and HHV of coal 

Proximate analysis Assam coal 

Moisture 2.18 % 

Volatile matter 22.96 % 

Fixed carbon 27.34 % 

Ash 47.52 % 

Ultimate analysis   

Carbon 38.94 % 

Hydrogen 3.76 % 

Nitrogen 0.99 % 

Oxygen 54.74 %  

Sulphur 1.71 % 

HHV 13 500 kJ/kg 
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Appendix H Hydrodynamic experiments on a small-

scale circulating fluidised bed reactor at elevated 

operating pressure, and under an O2/CO2 environment. 
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Pressurised circulating fluidised bed (CFB) technology is a potentially 

promising development for clean coal technologies. The current work 

explores the hydrodynamics of a small-scale circulating fluidised bed 

at elevated operating pressures ranging from 0.10 to 0.25 MPa. The 

initial experiments were performed at atmospheric pressure with air 

and O2/CO2 environments as the fluidisation gas to simulate the 

hydrodynamics in a CFB. A comparison between the effects of air and 

O2/CO2 mixtures on the hydrodynamics was outlined in this paper for 

particles of 160 μm diameter. A small but distinct effect on axial 

voidage was observed due to the change in gas density in the dense 

zone of the bed at lower gas velocity, while only minimal differences 

were noticed at higher gas velocities. The hydrodynamic parameters 

such as pressure drop and axial voidage profile along the height were 

reported at two different bed inventories (0.5 and 0.75 kg) for three 

mean particle sizes of 160, 302 and 427 μm and three superficial gas 

velocities. It was observed that the operating pressure had a 

significant effect on the hydrodynamic parameters of bed pressure 

drop and axial bed voidage profiles. The effect of solids loading 

resulted in an exponential change in pressure drop profile at 

atmospheric pressure as well as at elevated pressure. The 

experimental results on hydrodynamic parameters are in reasonable 

agreement with published observations in the literature. 

Keywords: circulating fluidised bed, pressurised circulating fluidised 

bed, pressure drop, axial voidage profile, O2/CO2 mixture 

1. Introduction 

Currently, 40% of the world’s electricity is generated by coal-fired power plants 

which consequently are a major contributor to climate change due to greenhouse gas emissions, 

mainly carbon dioxide [1]. Further research on development of clean coal technology and 

carbon capture and storage (CCS) technology is required to reduce emissions from heavy 

industry and power plants. Circulating fluidised bed (CFB) technologies, have been developed 

commercially over the past 50 years, and are utilised in clean coal technologies to produce 

electricity [2]. However, the technology is still evolving and it is possible to increase the energy 

efficiency of the CFB power plants. CFB technology has a number of advantages over 

pulverised coal boilers such as the ability to utilise low-rank coals, and provide a wider 

turndown capacity [3-5]. Nowak et al. [5] have outlined the advantages of CFB technologies 
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built in Poland between 1996 and 2003. Recently, CanmetENERGY has developed various oxy-

fuel CFB reactors with capacity range of 0.1 MW to 0.8 MW [6-7]. Moreover, Foster Wheeler 

has commissioned and successfully tested a 30 MW oxy-fired CFB pilot-scale plant in Spain 

[8]. Most experimental research focuses on atmospheric CFB technologies. However, 

circulating fluidised bed technology at elevated operating pressure could prove to be an 

additional option to use in conjunction with clean coal technology. It was reported that overall 

combustion efficiency increases at elevated pressure, due to higher char burn-out rate and higher 

heat transfer [9-11]. Furthermore, building pressurised fluidised bed systems requires less space 

because of their compactness [9]. Taking into account the size advantages of pressurised 

fluidised beds over atmospheric fluidised beds, more research on new design configurations, 

such as the novel design tested by Wang et al. [12], are still desirable for efficient utilisation of 

certain coals. Gupta and Nag [11] have studied bed-to-wall heat transfer including 

hydrodynamic parameters such as voidage and suspension density in pressurised circulating 

fluidised beds (PCFBs). Silica sand was used with particle size of 260 μm and superficial gas 

velocity ranged between 0.25 m/s and 1.25 m/s. These authors have carried out experiments 

mostly in the bubbling fluidised bed regime rather than the fast fluidised or pneumatic transport 

regimes. Li et al. [13] also investigated minimum and terminal velocity of coal gasification 

materials under 2.5 MPa pressure. Results show that minimum fluidisation and terminal 

velocity decrease with pressure. The reported fundamental studies of fluidisation conducted in 

pressurised bubbling fluidised bed (PBFB) reactors are given in tab. 1.  

In addition to the cold flow investigation in PCFB, some notable hot flow 

investigations have been found in the literature. Duan et al. [14] reported that higher operating 

pressure improves both heat transfer and carbon conversion than for atmospheric CFB reactors. 

MacNeil and Basu [15] investigated char combustion rate in a 5.5 kW PCFB reactor. The results 

show a large effect of pressure on combustion rate. Pressurised fluidised bed systems with 

combined cycle have been widely used in Japan, particularly for large-scale electricity 

generation [16]. Hong et al. [17] have investigated the feasibility of oxy-fuel combustion in a 

pressurised coal reactor by different simulation packages such as Thermoflex and Aspen plus. 

Their results show an increase of overall net efficiency by 3% at 1.0 MPa. Previously, a 

parametric study of a pressurised CFB reactor has been investigated by Kalita et al. [18-19] on 

the same unit. The tests have covered the hydrodynamics for blended inert particles and biomass 

under different weight proportions. It is important to notice that these studies were conducted 

with relatively higher parameters, where bed pressure increased from 0.3 to 0.5 MPa while 

superficial gas velocities through the unit were fixed at from 5 to 7 m/sec. Granted that a few 

experimental studies have been conducted on the hydrodynamics of circulating fluidised beds at 

elevated operating pressure; however, studies related to the cold flow hydrodynamics of CFB 

under oxy-fuel conditions at elevated pressure have not been reported in detail. Previously, 

Komorowski and Nowak have tested the effect of air and carbon dioxide as the fluidisation 

medium for glass beads under cold conditions [20]. Their results showed that the axial solids 

distribution was non-uniform at low superficial velocity and gradually tended to uniform with 

increasing superficial gas velocity to 1.25 m/s. Guedea et al. [21] investigated the influence of 
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O2/CO2 mixtures on fluid dynamics in a bubbling fluidised bed (90 kW) at CIRCE, Spain. 

Experiments were conducted under ambient as well as high-temperature conditions. It was 

concluded that larger CO2 concentrations cause greater bed voidage and bed expansion. The 

current work studies the effect of operating pressure on hydrodynamic parameters such as bed 

pressure drop and voidage profiles. Furthermore, cold experiments were conducted with 

O2/CO2 mixtures at atmospheric pressure to simulate oxy-fired CFB hydrodynamics. 

Table 1 Fundamental pressurised fluidised bed studies 

Authors Bed 

material 

dp range 

(mm) 

Pressur

e (kPa) 

Findings 

Llop et al. 

[22] 

Silica 

sand 

0.21-

1.46; 

1500 Prediction of bed expansion has been 

developed; bed expansion increases with 

pressure for both Geldart B and D 

particles. 

Barreto et al. 

[23] 

Silica-

Alumina, 

zeolite 

0.07-

0.09 

2000 Decrease of average particle size and 

bubble velocity observed. Bubble flow 

and hold up decreased with pressure; 

Umf and Umb increase with pressure. 

Wiman et al. 

[24] 

Sand 0.45-

0.70 

1600 Erosion rate and average heat transfer 

coefficient increased with pressure. 

Olowson et 

al. [25-27] 

Silica 

sand  

0.31; 

0.70; 

0.98 

1600 Minimum fluidisation velocity decreases 

with pressure increases. Dense phase 

voidage at Umf does not change with 

pressure for small particles, while slight 

increase is observed for the larger 

particles. 

Carsky et al. 

[28] 

Sand 0.60 1300 Overall bubble size decreases up to 400 

kPa, significant difference in bubble size 

for higher pressure was observed. 

Bubble frequency increases with excess 

velocity of air. 

Sidorenko et 

al. [29] 

Fluid 

catalytic 

cracking, 

sand 

0.08 101-

2100 

No effect of pressure was observed for 

particles group Geldart A, while for 

Geldart B particle group, Umf decreases 

slightly. Bed voidage at Umf found 

independent of operating pressure. 

Richtberg et 

al. [30] 

Glass 

beads 

0.08 100-500 Homogeneous fluidisation was obtained 

as result of bed pressure in PCFB.  

Marzocchella 

et al. [31] 

Glass 

beads 

0.07-

0.20 

100-

8000 

Hydrodynamics at supercritical pressure 

with CO2 ambient studied. Regions of 

homogeneous fluidisation broaden due 

to the density of carbon dioxide fluid; 

fluidisation was smoother under 

aggregative conditions.    

Cao et al. 

[32] 

Polystyre

ne beads 

  1.00 100-

1100 

Average bed voidage increases with 

pressure at same velocity.  

Borodulya et 

al. [33-34] 

Sand 0.13-

1.22 

8000 Heat transfer coefficient increases from 

the bed to the surface. 
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2. Experimental Setup and Methodology 

Hydrodynamic experiments were conducted in a small-scale circulating fluidised bed setup is 

illustrated in fig.1. The CFB system consists of riser, solid separator cyclone, downcomer and 

auxiliaries such as air compressor and gas cylinders. The height of the CFB riser is 2000 mm 

with an inner diameter (ID) of 54 mm. Pressurised air was supplied by an air compressor 

connected to the bottom part of the riser. 

The height of the air plenum is 40 mm. 

The perforated distributor plate had an 

opening area of 17%. When an O2/CO2 

mixture environment was used, the 

oxygen and carbon dioxide gases were 

provided by cylinders as seen in fig. 1. 

Before feeding gases to the reactor, both 

CO2 and O2 gases were well mixed in a 

static cyclone mix. The static mixer has a 

height of 200 mm and diameter of 60 mm. 

Silica sand of Geldart B group was used 

in the experiments with three mean 

particle diameters of 160, 302 and 427 

μm. Sauter mean diameters (SMD) of the 

particles (dp) were determined from sieve 

analysis as noted by Olowson et al. [25]. 

The minimum fluidisation velocity (Umf) 

was determined from the Ergun equation. 

Experiments were conducted at four 

different operating pressures: 0.10, 0.15, 

0.20 and 0.25 MPa. At each operating pressure, three superficial gas velocities were considered 

in terms of non-dimensional value Ugas/Ut as 25%, 50% and 75% of terminal velocity (Ut) 

depending on mean particle size. Actual values of superficial gas velocity are given in tab. 2. 

The terminal velocities of the mean particle sizes were determined following Kunii and 

Levenspiel [35]. The dimensionless 

values of particle size (d*) and gas 

velocity (U*) are approximated for the 

direct evaluation of the terminal velocity 

of particles. It should be noted that the 

gas viscosity is dependent on 

temperature and does not change 

significantly with bed pressure. With 

increase of gas density in the reactor due 

to the increasing bed pressure, the 

terminal velocity is expected to decrease, leading to a change of bed pressure drop. However, 

fixed terminal velocity values of atmospheric pressure are used for all conditions in these 

experiments. Experiments also included two bed inventory weights of 0.5 and 0.75 kg. The 

solid recirculation rate (Gs) was measured by a transparent high-pressure plastic tube in the 

return leg. The accumulated solids height was measured by transparent pipe. The pressure drop 

 

Figure 1. Circulating fluidised bed riser (air 

and O2/CO2 mode) 

Table 2 Calculated gas velocity (m/s) for each 

mean particle size 

Mean particle 

size, μm 

25% 50% 75% 

160 1.1 1.3 1.5 

302 2.1 2.5 2.9 

427 2.7 3.3 3.8 
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along the riser was measured by a water column manometer which was fabricated with 11 

reading taps. A high-pressure transparent plastic tube with ID of 10 mm was connected between 

pressure taps and a U-type water manometer. An extra wire mesh and cotton layer were fixed in 

all 11 taps to prevent escape of solid particles to the water manometer. For uncertainty analysis, 

each experiment was repeated three times and average data of these experiments were taken as 

representative. Pressure drop (∆Pbed) profiles were photographed three times by digital camera 

with 2 s intervals in order to catch ∆Pbed fluctuation. Higher pressure fluctuation was observed 

in the dense zone of the riser than in the dilute zone. This occurs due to the coarse particles 

which were trapped in the freeboard. Similar pressure fluctuations in the dense zone were 

reported by Czakiert et al. [36]. 

3. Results and Discussion 

3.1 Hydrodynamics at atmospheric pressure 

3.1.1 Effect of superficial gas velocity on pressure drop  

Superficial gas velocity ranges in this study were in the fast fluidised bed regime. 

Fig.2 illustrates the effect of superficial gas velocity on bed pressure drop (∆Pbed), for smaller 

particle size of 160 μm at atmospheric pressure. The first two points in fig. 2 represent ∆Pbed 

through the distributor plate. Pressure drop increases with superficial gas velocity which agrees 

well with the literature [37]. It is also found that the increase of superficial gas velocity affects 

the axial particle holdup distribution due to increasing bed expansion. From fig. 2, it can be seen 

that the pressure drop along the bed remains constant for lower superficial velocities, whereas 

for higher gas velocity the 

pressure drop rises slightly along 

the bed height, and tends to reach 

a constant value. The higher 

pressure drop observed at the 

bottom of the bed may be due to 

the fact that the particles are 

being accelerated by the inlet gas 

velocity. The effect of solids 

loading on the pressure drop is 

also plotted in the same figure at a 

gas velocity of 1.1 m/s. It is also 

noticed that the pressure drop 

exponentially increases with bed 

height when the solid loading was 

increased to 0.75 kg. The exponential increase of pressure drop is more pronounced at the 

bottom of the bed and indicates the presence of a dense solid bed. This region is called the 

acceleration zone. Above this region, the pressure drop increases slightly with bed height. This 

 

Figure 2. Effect of superficial gas velocity on ∆Pbed over 

the bed (dp-160 μm, solids loading 0.5 kg) 
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suggests a fully accelerated particle flow in this region. This behaviour is also consistent with 

the literature [38]. 

3.1.2 Effect of superficial gas velocity on bed voidage 

The effect of superficial gas velocity on bed voidage is illustrated in fig. 3(a-b). 

The voidage in the bed was determined using pressure drop calculations. It can be noticed from 

fig. 3(a) that voidage profiles increase with superficial gas velocity (1.1 – 1.5 m/s). Increase of 

superficial gas velocity raises the solids holdup capacity which tends to increase voidage, which 

agrees with other studies [39]. It is also found from fig. 3(a) that lower voidage at the bottom of 

the riser is observed for all gas velocities. This may be due to the fact that the bottom region of 

the riser is mainly affected by particle acceleration and gas distribution. Above this region, for 

all gas velocities, the voidage increases exponentially, approaching constant values near the 

riser exit. This exponential shape occurs when particles entering the bottom of the reactor are 

entrained by aeration [18]. It is clearly seen from fig. 3(a) that the developing flow region with 

low voidage occurs up to 0.2 m and a fully-developed region with relatively high voidage 

begins above 0.2 m. It is important to mention that the exponential shape of the axial profile 

varies with superficial gas velocity. Also, it is observed that the axial voidage profiles move in 

parallel from high voidage toward low voidage with decreasing gas velocity. The effect of 

particle size on the axial voidage profiles in the riser at lower gas velocities U1g=0.25Ut of 1.1, 

2.1 and 2.7 m/s, respectively is shown in fig. 3(b). The results indicate that the increase of 

particle size had an obvious effect on voidage, resulting in a slight difference at the top of the 

riser, but significantly lower voidages at the bottom. It is also found that the voidage at the 

bottom of the riser is higher for the larger particle (427 μm) than for the smaller particle (160 

  

Figure 3a. Effect of superficial gas velocity 

on axial voidage profile (dp-160 μm) 

Figure 3b. Effect of particle size on axial 

voidage profile at lower gas velocity  



 

141 

μm). The voidage tends to distribute more at the riser bottom for the large particles in 

comparison to smaller particles. It has been shown that most particles are mainly found near the 

wall of the riser in the freeboard area (S. Mahmoudi, C. W. Chan, A. Brems, J. Seville, J. 

Baeyens 2012). Solid particles separated by the cyclone were injected into the riser with a small 

amount of aeration which diluted the particles near the wall. Due to the range of mean particle 

size distribution, the larger particles continue to remain in the dense zone at lower gas velocity, 

whereas the smaller particles are expected to be carried out to the top by gas velocity. 

3.1.3 Effect of O2/CO2 mixture on bed voidage 

Industrial-scale CFB reactors operate at temperatures between 800-900°C. The 

dynamic viscosity and density of gases change with operating temperature and pressure, 

respectively. The present case uses mixtures of CO2 and O2 gases to study the effect of density 

and viscosity on the cold flow hydrodynamics in the small-scale CFB riser. Only the smallest 

mean particle size of 160 μm with a solids loading of 0.5 kg was tested. Figure 4(a-b) represents 

the voidage profiles along the height of the bed for different fluidisation gases including O2/CO2 

mixtures and air at superficial gas velocities 1.1 and 1.5 m/s (U1g and U3g). It is important to 

mention that the dynamic viscosity of gases does not change with pressure, while the density 

can be evaluated following by Li et al. [13]. Comparing O2/CO2 mixtures with air, the axial 

voidage profile shows a difference in both the dense and freeboard zones of the riser for the 

lower superficial gas velocity; i.e., in the case of air, the axial profile of voidage is higher than 

that in O2/CO2. This behaviour may be due to the higher density of the O2/CO2 mixture 

compared to air. When superficial gas velocity increased to 1.5 m/s (U3g), no difference in axial 

voidage was observed between O2/CO2 mixtures and air. Identical results were reported by 

Komorowski and Nowak [20]. These authors observed that a low superficial gas velocity of 

O2/CO2 mixture produced a large difference in suspension density profile compared to air, while 

at higher velocity, the profiles were similar. It can be concluded that in the fast fluidisation 

regime, the axial voidage profile of O2/CO2 mixture is similar to that for an air-fluidised CFB. In 

addition, similar heat transfer rates could be expected from identical voidage or suspension 

density profiles in air and O2/CO2 mixture gases. However, it should be noted that, for highly 

exothermic reactions such as occur in coal-fired CFB combustors, good temperature control can 

be achieved because of the intensive mixing and circulation rate. It is also important to highlight 

that CO2 has higher heating capacity compared to nitrogen. For this reason, the combustion 

temperature in oxy-fired furnaces is moderated by flue gas recirculation [41]. 
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3.2 Effect of operating pressure on hydrodynamic properties 

3.2.1 Effect of operating pressure on pressure drop 

Pressure drop (∆Pbed) along the height of the riser was measured at different operating pressures 

from 0.10 to 0.25 MPa. Figure 5 illustrates pressure drop profiles along the bed riser at the 

lower superficial gas velocity of 2.1 m/s (U1g) for the particle size of 302 μm. It can be seen 

from the fig. 5 that operating bed pressure has a clear effect on the bed pressure drop. The total 

pressure drop, ∆Pbed from 0.10 MPa (atmospheric pressure) to 0.25 MPa, increases from 10 cm 

H2O to 15 cm H2O, respectively. Small fluctuations were observed at 0.20 and 0.25 MPa in the 

acceleration zone due to the aeration of gas, while at the fully developed zone it increases 

exponentially over the bed height. As discussed by Yin et al. [40] the operating pressure 

conditions in the bed could lead to the decrease of superficial gas velocity in the reactor. This 

consequently results in a decrease of particle velocity. This means that more solid particles were 

found in the riser, leading to the higher pressure drop in the bed.  

  
Figure 4a. Bed voidage vs O2/CO2 mixture (gas 

velocity 1.1 m/s, solids loading 0.5 kg) 

Figure 4b. Bed voidage vs O2/CO2 

mixture (gas velocity 1.5 m/s,  solids 

loading 0.5 kg)  
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Additionally, the effect of solids loading (0.75 kg) is also illustrated in fig. 5 at the operating 

pressure of 0.25 MPa, which shows higher pressure drop compared to the same case with bed 

inventory of 0.5 kg. This is due to the accumulation of additional bed material mass in the bed 

which leads to the further increase of bed pressure drop. Also it is found that the pressure drop 

gradually increases with the riser bed height. Similar observations were found by Richtberg et 

al. [30]. They observed an exponentially 

increasing trend at higher pressure (0.50 

MPa) for bed pressure drop with glass 

beads. Figure 6 shows the effect of 

particle size of 160, 302 and 427 μm on 

pressure drop (∆Pbed) for the operating 

pressure of 0.20 MPa, at the gas 

superficial velocity (U2g=0.50Ut) of 1.3, 

2.5 and 3.3 m/s, respectively. It can be 

noted from fig. 6 that the increase of 

particle size leads to increasing bed 

pressure drop. This could be due to the 

fact that smaller particles have less drag 

force compared to the larger particles. 

Also, it is found that for all particle 

sizes, the pressure drop increases 

exponentially with riser height. The effect of gas superficial velocity on pressure drop (∆Pbed) at 

elevated pressure (0.20 MPa) for a particle size of 160 μm is shown in fig 7. It is found that the 

bed pressure increases with gas superficial velocity. This may be due to the fact that an increase 

in gas superficial velocity results in an increase of drag force on the particles, which leads to 

increasing solid particle distribution in the bed. As a result, higher bed pressure is generated for 

  
Figure 5. Effect of operating pressure on 

pressure drop at gas velocity 2.1 m/s (dp - 

302 μm, solids loading 0.5 kg) 

Figure 6. Effect of mean particle size on 

pressure drop at superficial gas velocity of 

50% of Ut and bed pressure 0.20 MPa 

 

 
Figure 7. Effect of superficial gas velocity on 

pressure drop at operating pressure of 0.20 

MPa 
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higher gas velocity at fixed operating pressure. It can also be seen from the fig.7 that the higher 

superficial gas velocity results in high fluctuations of pressure drop in the dense zone of the bed. 

3.2.2 Effect of operating pressure on axial bed voidage 

The voidage profiles of the riser are illustrated in fig. 8 for the superficial gas 

velocity of 2.1 m/s (U1g) at different bed operating pressures (0.10 to 0.25 MPa). This plot is 

shown for the particle size of 302 μm. It can be seen that operating pressure in the bed decreases 

the voidage along the riser, particularly in the acceleration zone (dense zone). This could be due 

to the increase of bed pressure. The pressurised state of the bed leads to the decrease of gas 

velocity which results in particle accumulation in the bottom zone of the bed. Similar 

observations were made by Yin et al. [42]. Also it can be seen that the exponential shape of the 

axial profile varies for different operating pressures and the developing flow region; i.e., the 

change from high to low voidage occurs 

mainly up to 0.5 m. The effect of higher 

solids loading (0.75 kg) is also included in 

fig. 8 to demonstrate its effect on the voidage 

profile in the riser. It can be seen from fig.8 

that at the bottom of the riser, the voidage 

profiles show a similar trend, whereas higher 

voidage is observed above the dense zone of 

the riser for higher solid loading. The 

influence of mean particle size on the axial 

voidage profile at superficial gas velocity of 

50% (Ut) is illustrated in fig. 9. As expected, 

the larger particle size develops higher 

voidage at the bottom dense zone of the riser 

 
Figure 10. Axial voidage profile along the 

riser height at operating pressure 0.25 MPa 

(dp-302 μm, superficial gas velocities – 2.1, 

2.5, 2.9 m/s) 

 
Figure 8. Voidage profile along the height for 

the fixed particle size (dp - 302 μm, gas 

velocity-2.1 m/s, solids loading 0.5 kg) 

 
Figure 9. Effect of mean particle size on 

axial voidage (gas velocity 50% of Ut; bed 

pressure 0.20 MPa, solids loading 0.5 kg) 
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than does the smaller particle. It is also found that the voidage tends to distribute more at the 

riser bottom for large particles while for smaller particles, voidage is more or less uniform. The 

effect of superficial gas velocity on axial voidage is plotted in fig. 10, at the higher operating 

pressure of 0.25 MPa for particle size of 160 μm. It is found that the axial voidage profiles 

increase with increasing superficial gas velocity, similar to the atmospheric pressure case. This 

is due to the fact that the increase of superficial gas velocity causes the solids to distribute in the 

riser, which tends to increase the voidage in the bed. It is also found from the fig.10 that low 

voidages near the bottom of the riser are observed for higher gas velocity due to particle 

acceleration and gas distribution. Above this region, for all gas velocities, the voidage increases 

exponentially, eventually approaching a constant value near the riser exit. It is important to 

mention from the fig.10 that the developing flow region occurs up to about 0.35 m and a fully-

developed region with relatively high voidage begins above 0.35 m height. These values are 

different from those found in the atmospheric pressure case. 

4 Conclusions 

A hydrodynamic cold flow study of silica sand was undertaken with air and 

O2/CO2 mixtures as the fluidisation medium at atmospheric pressure. Additionally, experiments 

were conducted with air at elevated operating pressure to investigate the pressure effect on 

hydrodynamic parameters. The increase of bed pressure drop (∆Pbed) along the bed height is 

similar for all three superficial gas velocities. The effect of superficial gas velocity and particle 

size on axial bed voidage profiles shows an increasing trend as expected. These observations 

agree with previously reported studies. In the case of O2/CO2 mixtures, a notable effect of 

different O2/CO2 proportions on axial voidage was seen at the dense zone of the riser, compared 

to the voidage measured when air was used. However, with further increase of superficial gas 

velocity from 1.1 to 1.5 m/s, these differences in axial voidage disappeared. The overall pressure 

drop profile increases with operating bed pressure, which agrees well with the literature. 

Increased solids loading appear to increase hydrodynamic parameters. Also, increase of particle 

size and superficial gas velocity at elevated pressure resulted to increase of bed pressure drop 

and axial voidage profiles, respectively.  

Overall, it can be concluded that operating pressure has a significant effect on 

hydrodynamic parameters in the cold flow environment. It should be mentioned that even at low 

operating pressure as mentioned in this work (0.25 MPa), the pressure drop increased from 10 to 

15 (cm H2O) and 22 (cm H2O in) at increased solids loaded case. According to previous studies 

of hydrodynamics as presented in Table 2, more pronounced effect of hydrodynamic parameters 

could be expected with increase of operating bed pressure. In the case of cold flow 

hydrodynamics of O2/CO2 mixtures, it should be noted that at fast fluidized bed and pneumatic 

transport regimes, no significant differences are noted between O2/CO2 mixtures and air. 

Increasing interest in pressurized CFB over atmospheric CFB and change in size configuration 

should always lead to a detailed hydrodynamic investigation, particularly in cold flow 

environment. 
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Nomenclature 

dp particle diameter [μm] Acronyms  

T temperature [K] CFB circulating fluidised bed 

Ugas superficial gas velocity [m/s] PCFB pressurised CFB 
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Umf minimum fluidisation velocity [m/s] PFBC pressurised FBC 

Ut terminal velocity [m/s] OF oxy fuel 

Gs solids recirculation rate [kg/m
2 
–s] ID inner diameter 

∆Pbed bed pressure drop [cmH2O] CCS carbon capture and storage 

 


